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Abstract 

Energy efficiency and green hydrogen are strategic pathways toward industrial 

electrification and decarbonization. This PhD thesis presents two technological 

approaches for industrial decarbonization: (1) improving energy efficiency in a 

batch distillation unit (BDU) employed in a solvent recovery process and (2) 

enhancing green PEM electrolyzer performance for application under variable 

energy sources.  

In the first part of this study, a heteroazeotropic BDU is employed for dehydration 

of methyl isobutyl ketone (MIBK) as a solvent recovery process. The BatchSep 

module of the commercial package Aspen Plus is employed for simulations. Three 

configurations, namely a conventional BDU (Mode I), a BDU with a decanter 

(Mode II), and a simple refluxless BDU (Mode III), are compared in a wide range 

of operating conditions. According to the results, a perfect decanter offers an 

almost complete MIBK recovery. Mode III offers the fastest process but provides 

the lowest recovery. The aqueous phase return fraction lower than 0.5 does not 

significantly impact MIBK recovery. Applying a decanter (Mode II) with a return 

fraction above 0.5 for the MIBK-rich phase and below 0.55 for the aqueous phase 

yields superior performance over Mode I. A perfect decanter in Mode II improves 

production rate and energy efficiency by 8% over Mode I. Also, Mode III is preferred 

over Mode I with a total return fraction over 0.7. 

In the second part, the impacts of feed quantity, decanter design/control policy, 

decanter holdup volume, and subsequent phase separation quality on the unit 

performance are evaluated. Feed quantity is recognized as a key factor influencing 

unit performance. The decanter holdup volume is subject to optimization, showing 

that a more effective decanter lies on a larger aqueous phase holdup, and a smaller 

organic design can improve the unit recovery by up to 6% and the production rate 

(and energy cost) by up to 7% compared to a conventional BDU. Furthermore, an 

inverted BDU with a gradual feeding policy is applied as an alternative and 

compared to other operation policies. The results reveal that an inverted 

distillation unit equipped with a well-designed decanter provides up to 17% 

improvement in energy and production rate, 7% higher recovery, and 9% shorter 

process time compared to a conventional BDU.  

The third part of this study is aimed at further improvement of the distillation 

operation. Gradual feeding is found to be an efficient approach to upgrading the 

unit operation. Top feeding (inverted BDU) and decreasing feed flow rate proved 
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to be the most efficient feeding, resulting in a 10% improvement in production rate 

and energy cost over a conventional BDU equipped with a decanter. Also, based on 

the gradual feeding strategy, feed preheating is proposed as a feasible heat 

integration technique in the batch distillation process. This strategy is found to be 

effective in process intensification, leading to a maximum of 47% improvement in 

energy efficiency and production rate compared to a conventional BDU equipped 

with a decanter. 

In the fourth part of this thesis, a proton exchange membrane electrolyzer 

(PEMEL) model adaptable to variable power sources is developed. Aspen Plus is 

employed for unit modelling, and the PEM stack model is developed in Aspen 

Custom Modeler (ACM) based on empirical and semi-empirical correlations. The 

results show that the model is in close agreement with the experimental findings. 

In accordance with empirical results, the model shows that lower operating 

pressure improves the electrolyzer performance and increasing the temperature 

from 40 to 80 °C results in about 13.7% lower cell voltage at a current density of 2 

A/cm² (from 2.24 to 1.93). Accordingly, two different operation scenarios of (1) fixed 

circulating water flow rate and (2) fixed operating temperature are proposed for 

operation of a PEMEL unit, and the model is adapted to enable both options in 

simulation. The provided PEMEL model and the proposed scenario are potentially 

adaptable to variable input power profiles. 
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Resumen 

La eficiencia energética y el hidrógeno verde son vías estratégicas hacia la 

electrificación y descarbonización industrial. Esta tesis doctoral presenta dos 

enfoques tecnológicos para la descarbonización industrial: (1) la mejora de la 

eficiencia energética en una unidad de destilación discontinua (UDD) empleada en 

un proceso de recuperación de disolventes y (2) la optimización del rendimiento de 

un electrolizador PEM verde para su aplicación bajo fuentes de energía variables. 

En la primera parte de este estudio, se emplea una UDD heteroazeotrópica para 

la deshidratación de metil isobutil cetona (MIBK) como proceso de recuperación de 

disolventes. Para las simulaciones se utiliza el módulo BatchSep del paquete 

comercial Aspen Plus. Se comparan tres configuraciones: una UDD convencional 

(Modo I), una UDD con decantador (Modo II) y una UDD simple sin reflujo (Modo 

III), bajo un amplio rango de condiciones operativas. Según los resultados, un 

decantador perfecto permite una recuperación casi completa de la MIBK. El Modo 

III ofrece el proceso más rápido, pero con la menor recuperación. Un coeficiente de 

retorno de la fase acuosa inferior a 0,5 no afecta significativamente la recuperación 

del MIBK. La aplicación de un decantador (Modo II) con un coeficiente de retorno 

superior a 0,5 para la fase rica en MIBK y menor a 0,55 para la fase acuosa ofrece 

un rendimiento superior al Modo I. Un decantador perfecto en el Modo II mejora 

la tasa de producción y la eficiencia energética en un 8% respecto al Modo I. 

Además, el Modo III es preferible al Modo I cuando el coeficiente de retorno total 

supera 0,7. 

En la segunda parte, se evalúan los efectos de la cantidad de alimentación, el 

diseño/control del decantador, el volumen de retención del decantador y la calidad 

de separación de fases sobre el rendimiento de la unidad. La cantidad de 

alimentación se identifica como un factor clave que influye en el rendimiento. El 

volumen de retención del decantador está sujeto a optimización, demostrando que 

un decantador más eficaz presenta una mayor retención en la fase acuosa y un 

diseño más pequeño para la fase orgánica. Esta configuración puede mejorar la 

recuperación de la unidad hasta un 6% y aumentar la tasa de producción (y reducir 

el coste energético) hasta un 7% en comparación con una UDD convencional. 

Además, se aplica como alternativa una UDD invertida con una política de 

alimentación gradual, comparándose con otras políticas operativas. Los resultados 

muestran que una unidad de destilación invertida equipada con un decantador 

bien diseñado proporciona hasta un 17% de mejora en eficiencia energética y tasa 
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de producción, un 7% más de recuperación y un 9% menos de tiempo de proceso 

respecto a una UDD convencional. 

La tercera parte de este estudio se orienta a una mejora adicional de la operación 

de destilación. La alimentación gradual se identifica como un enfoque eficiente 

para optimizar la operación de la unidad. La alimentación superior (UDD 

invertida) junto con un caudal decreciente demostraron ser las estrategias de 

alimentación más eficientes, logrando una mejora del 10% en la tasa de producción 

y coste energético respecto a una UDD convencional con decantador. Asimismo, 

basándose en la estrategia de alimentación gradual, se propone el 

precalentamiento del alimento como una técnica viable de integración térmica en 

el proceso de destilación discontinua. Esta estrategia se demuestra eficaz en la 

intensificación del proceso, alcanzando una mejora máxima del 47% en eficiencia 

energética y tasa de producción respecto a una UDD convencional equipada con 

decantador. 

En la cuarta parte de esta tesis, se desarrolla un modelo de electrolizador de 

membrana de intercambio protónico (PEMEL) adaptable a fuentes de energía 

variables. Aspen Plus se emplea para la modelización de la unidad, y el modelo del 

stack PEM se desarrolla en Aspen Custom Modeler (ACM) a partir de correlaciones 

empíricas y semiempíricas. Los resultados muestran una estrecha concordancia 

entre el modelo y los datos experimentales. De acuerdo con los resultados 

empíricos, el modelo indica que una presión operativa más baja mejora el 

rendimiento del electrolizador y que un aumento de temperatura de 40 a 80 °C 

reduce el voltaje de celda en aproximadamente un 13,7% a una densidad de 

corriente de 2 A/cm² (de 2,24 a 1,93 V). En consecuencia, se proponen dos escenarios 

operativos diferentes para una unidad PEMEL: (1) caudal de agua circulante fijo 

y (2) temperatura operativa fija, y el modelo se adapta para habilitar ambas 

opciones en simulación. El modelo de PEMEL propuesto y el escenario operativo 

planteado son potencialmente adaptables a perfiles de entrada de energía 

variables. 
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In 2023, the global average temperature reached 1.45°C above pre-industrial levels 

(1850–1900). This unprecedented warming is accompanied by a series of extreme 

climate events, including intense heatwaves, floods, droughts, and wildfires, 

highlighting the accelerating impacts of climate change. The World Meteorological 

Organization (WMO) has characterized this situation as a "Red Alert," 

underscoring the urgent need for comprehensive and prompt action to reduce 

greenhouse gas emissions and transition to sustainable energy systems [1,2]. In 

response, the concept of a net-zero emission (NZE) strategy has emerged as a 

guiding framework, seeking to balance the greenhouse gas emissions with an 

equivalent quantity removed from the atmosphere, ultimately halting the global 

warming trend [3]. Figure 1-1 shows the global annual greenhouse gas (GHG) 

emission from 1990 to 2023, categorized by sector. According to this figure, global 

GHG emissions, measured in carbon dioxide equivalents (CO₂e) unit, have 

exhibited a significant increase from 38.0 gigatons (Gt) CO₂e in 1990 to around 

51.8 Gt CO₂e in 2023, marking a rise of about 36% during this period. This increase 

reflects the persistent challenges in reducing emissions alongside economic 

development and population growth. Carbon dioxide (CO₂) emissions, 

predominantly resulting from fossil fuel combustion and industrial processes, 

constitute the largest share of GHG emissions. The CO₂ emission of about 22.7 Gt 

in 1990 had risen to about 37.4 Gt by 2023, representing an increase of roughly 

65%. Industrial activities, from manufacturing chemicals and materials to refining 

fuels, significantly contribute to greenhouse gas emissions. They consume a 

substantial quantity of energy (majorly from fossil fuels) and emit carbon both 

directly (via combustion and processes) and indirectly (via electricity use). 

Consequently, without significant emissions reductions across all sectors, the 

objective of global warming control and restricting it to 1.5 °C is at risk [4]. 

 

Figure 1-1. Global greenhouse gas emissions by sector from 1990 to 2023 [5]. 
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Global efforts to address climate change and transform energy systems in recent 

years have prioritized decarbonization and electrification in industrial innovation. 

In addition to the challenges posed by climate change, high fossil fuel prices and 

energy security issues in recent years have highlighted the necessity to expedite 

the transition to sustainable and clean energy systems.  

The necessity of the energy transition is emphasized by international accords and 

targets, from the United Nations Sustainable Development Goals (SDGs) [6] to 

climate conventions like the Paris Agreement [7]. In particular, SDG 7 (Affordable 

and Clean Energy) mandates a doubling of the global rate of energy efficiency 

improvement by 2030, acknowledging that the enhanced energy efficiency is as 

vital as switching to clean sources [8,9]. Similarly, SDG 13 (Climate Action) 

underscores the necessity of immediate action to reduce greenhouse gas emissions, 

noting that global emissions must be reduced to about half by 2030 to avert 

catastrophic warming [10]. In addition, the European Union (EU), as a global 

leader in climate action, is dedicated to achieving climate neutrality by 2050 along 

with stringent interim targets. Under the European Climate Law [10], which 

serves as a cornerstone of the European Green Deal, the EU has legally committed 

to reducing its net greenhouse gas emissions by at least 55% by 2030 compared to 

1990 levels, as proposed in the “Fit for 55” legislative package [11,12]. Achieving 

these cuts will effectively require a complete transformation of the industrial 

energy model in Europe over the next few decades.  

In order to achieve NZE by mid-century, industry and other challenging sectors 

must undergo a major transformation in the next few decades [13]. Various 

pathways and frameworks have been proposed by different organizations for 

policymakers aiming at a fundamental reform of the current energy system. Figure 

1-2 illustrates the global CO₂ emission trajectories to the end of the century under 

different scenarios as listed below: 

1- 1.5°C-aligned scenario (proposed by the International Renewable Energy 

Agency, IRENA): To keep global warming below 1.5°C, a significant and 

sustained reduction in greenhouse gas emissions is essential. 

2- Pledges and commitments: Should countries fulfil their stated emission 

reduction promises, the projected rise in global average temperature could 

be limited to about 2.1 to 2.4°C by 2100. 

3- Current policy trajectory: If only the existing climate measures are 

maintained, global temperatures are expected to increase by around 2.5 to 

3° C by 2100. 
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4- No policy scenario (pre-Paris Agreement): In the absence of climate action, 

global temperatures are projected to rise by approximately 4.1°C to 4.8°C 

by the end of the century. 

 

 

Figure 1-2. Global CO₂ emission trajectories under different scenarios [14]. 

 

There are also estimations stating that each sector should receive a particular 

value of investment, implicitly indicating the importance of each sector in energy 

transition plans. Figure 1-3 illustrates the contribution of various technology 

sectors according to the 1.5°C scenario, developed by IRENA [15]. As this figure 

shows, the targeted CO₂ emission reductions would be achievable through six 

principal technological transformations: (1) expanding the renewable energy 

generation capacity with a 25% contribution; (2) improvements in energy efficiency 

with a 25% contribution; (3) widespread electrification across end-use sectors with 

a 19% contribution; (4) development of hydrogen-oriented technology and using 

clean hydrogen (and its derivatives, including synthetic fuels and feedstocks) with 

a 12% contribution; (5) application of bioenergy in conjunction with carbon capture 

and storage (BECCS) with an 11% contribution; and (6) carbon capture and 

storage/utilization with an 8% contribution. Accordingly, achieving these 

objectives requires fundamental alterations in industries' energy consumption and 

implementation of new technologies to mitigate emissions. 
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BECCS = bioenergy with carbon capture and storage; CCS/U = carbon capture and 

storage/utilization. 

 

Figure 1-3. The six essential technological pathways and contribution of each to mitigate 

emissions by 2050 [15]. 

 

Various energy transition frameworks identify energy efficiency and clean energy 

vectors like hydrogen as pillars of decarbonization plan.  Energy efficiency is the 

most sustainable and economical form of energy saving because each amount of 

energy saved directly reduces emissions, lowers operational costs, and supports 

renewable integration. In addition, hydrogen is recognized as a key factor in 

decarbonization. Green hydrogen, produced via electrolysis, offers a practical way 

to decarbonize industry by electrifying energy use where direct application of 

renewable electricity is not feasible. 

Together, energy efficiency and clean energy vectors like hydrogen form the 

backbone of the global decarbonization strategy. Sustainable Development Goal 7 

(SDG 7) explicitly calls for a doubling of the global rate of improvement in energy 

efficiency by 2030, highlighting its major role in NZE pathways [9]. Also, the 

European Union has recognized efficiency as a strategic priority. The EU’s revised 

Energy Efficiency Directive (2023) mandates at least an 11.7% reduction in final 

energy consumption by 2030 compared to previous expectations. The “energy 

efficiency first” principle applies to the entire energy chain, from generation to end 

use, and it aims to lower energy costs, reduce emissions, and reduce dependency 

on imported fossil fuels [16,17]. 
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In parallel, hydrogen is seen as a strategic solution for industrial decarbonization 

and the long-term energy system transformation. According to the European 

Hydrogen Strategy (2020) and the REPowerEU initiative (2022), the EU aims to 

install 40 GW of electrolysis plants by 2030 and produce 10 million tons of green 

hydrogen and import 10 million tons. Over the longer term, hydrogen is estimated 

to supply up to 23% of the total energy in Europe by 2050 [8,18].  

To achieve the aforementioned objectives, a group of integrated policy packages 

(including the European Green Deal, the Fit for 55 legislations, and the UN SDGs) 

are developed to promote energy efficiency and hydrogen deployment through 

rules, financial mechanisms, and innovation programs. However, policy alone is 

insufficient to meet decarbonization targets. Without scalable technological 

solutions, such as high-efficiency energy-intensive unit operations and advanced 

electrolysis processes, these goals remain out of reach. This underscores the need 

for focused research and innovation, particularly in two high-impact areas: (1) 

improving energy efficiency in industrial systems and (2) developing high-

performance and cost-effective hydrogen production technologies. 

Regarding the hydrogen transition, rapid policy-driven expansion has accelerated 

academic and industrial development at the same time. Ongoing research aims to 

enhance electrolyzer performance via various approaches such as developing 

alternative catalysts, durable membranes, integrated thermal management, and 

novel process designs, ultimately reducing both capital and operating costs. 

Also, energy efficiency as a critical concern across industrial sectors involves 

various fields such as upgrading equipment, optimizing process parameters, 

recovering waste heat, and revamping systems to minimize consumption. The 

thermal separation processes, such as distillation, are among the most energy-

intensive industrial operations. Distillation, as a process relying on boiling and 

condensation, accounts for about 40% of the total energy consumption in chemical 

industries [19,20]. Distillation units, mainly working in high-grade heat levels, 

suffer from low energy efficiency and lose much of the energy as low-grade heat. 

Hence, despite the long history of distillation units, improving their energy 

efficiency remains vital.  

Ultimately, technological innovation is the key to connect the policy to practice, 

whether in updating relatively mature technologies like distillation or advancing 

relatively new technologies like PEM electrolysis.  
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Advances in modelling and simulation enable optimization of reflux ratios, heat 

integration, and batch operation strategies in distillation. Similarly, 

electrochemical and thermal modelling enable us to conduct detailed analysis of 

electrolyzer behavior under different conditions and help next-generation designs 

for better efficiency and durability. In both areas, modelling is not just theoretical 

but a strategic tool of innovation. It enables scenario analysis, system integration, 

and performance optimization, helping reduce experimental costs and accelerate 

development procedure. 

This PhD thesis, titled “New Solutions in Decarbonization and Electrification of 

the Industrial Energy Model,” presents two technological approaches for industrial 

decarbonization: (1) improving energy efficiency in the solvent recovery process, 

exemplified by the dehydration of methyl isobutyl ketone (MIBK) through batch 

distillation, and (2) enhancing green hydrogen production via proton-exchange 

membrane (PEM) electrolyzers. The research focuses on solvent recovery and PEM 

electrolysis as illustrative challenges, intending to produce insights relevant to 

more extensive industrial systems. The ultimate goal can be defined as creating an 

energy model that uses less energy for each quantity of product and is fed by clean 

and renewable energy sources. This will help with SDG 13 (climate action), SDG 7 

(clean energy access), and growth through innovation and energy security. 

 

Structure of the thesis 

In the chapters listed below, we delve deeper into these themes and present the 

research undertaken to contribute new insights and solutions: 

• Chapter 2 - State of the art and literature review: This chapter surveys the 

state-of-the-art in industrial energy efficiency techniques, with emphasis on 

distillation improvements and hydrogen production technologies. Research 

opportunities are identified, particularly in modelling approaches for batch 

distillation and PEM electrolyzers. 

• Chapter 3 - Process design and simulation of methyl isobutyl ketone (MIBK) 

dehydration by batch distillation: A study on unit configuration and 

operational policies: In this chapter, the design and simulation of a batch 

distillation process for the dehydration of methyl isobutyl ketone (MIBK) from 

a water-containing heteroazeotropic mixture is presented. Using Aspen Plus 

and its dynamic BatchSep module, various unit configurations and operational 

strategies are evaluated to optimize product purity, recovery, and energy 
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efficiency. Three configurations, including a conventional batch column, a 

column with a decanter, and a simple unit without reflux, are compared under 

different operating conditions. The study shows that integrating a decanter 

notably improves MIBK recovery and reduces energy consumption, while non-

reflux operation accelerates processing time at the cost of lower recovery. The 

chapter concludes with recommendations on optimal reflux ratios and 

configurations for balancing energy use and product yield. 

• Chapter 4 - Improvement of energy efficiency and production performance in a 

heteroazeotropic batch distillation unit: a study on decanter control and 

feeding strategy: In this chapter, strategies to enhance energy efficiency and 

production performance in the heteroazeotropic batch distillation of methyl 

isobutyl ketone (MIBK) are explored through process simulation. The role of 

decanter design and control, along with feed quantity and separation quality, 

is critically analysed. Key findings highlight that while increasing feed 

quantity improves productivity and reduces specific energy consumption, its 

benefits plateau beyond an optimal point. The study also reveals that decanter 

holdup volume and phase separation efficiency significantly impact recovery 

and operational losses. Moreover, an inverted batch distillation configuration 

with a controlled feeding strategy is introduced and shown to further improve 

recovery (up to 7%) and production efficiency (up to 17%) over conventional 

setups. The chapter provides practical insights into optimizing decanter and 

feeding policies for improved batch distillation performance. 

• Chapter 5 - Heat Integration and Process Improvement of a Batch Distillation 

Unit Using a Gradual Feeding Strategy; A Case Study on MIBK-Water 

Separation: In this chapter, the energy efficiency and production capacity of a 

batch distillation unit for methyl isobutyl ketone (MIBK) dehydration are 

improved through a gradual feeding strategy and heat integration. Using the 

MIBK–water heteroazeotropic system as a case study, the effects of batch size, 

feed rate profiles, and feed locations (top vs. bottom) are systematically 

analysed. Results show that gradual feeding, especially top feeding with a 

decreasing flow rate, enhances energy and production performance compared 

to conventional setups. Additionally, a novel heat integration approach 

tailored to the gradual feeding policy is proposed, demonstrating up to 47% 

improvement in combined energy efficiency and production rate. 

• Chapter 6 - Aspen Plus model of PEM electrolysis system for hydrogen 

production: In this chapter, a semi-dynamic model of a proton exchange 

membrane (PEM) electrolysis unit is developed using Aspen Plus, employing a 
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custom-built stack model integrated from Aspen Custom Modeler (ACM). The 

model incorporates thermodynamic and electrochemical formulations to 

simulate voltage behavior, overpotentials, and Faraday efficiency as a function 

of current density. System components such as separators and heat exchangers 

are modelled using standard Aspen Plus tools. The model is validated against 

literature data and used to evaluate the effects of temperature and pressure 

on performance. Two operational control scenarios, fixed water flow rate and 

fixed operating temperature, are compared, offering insights into voltage 

efficiency, system stress, and thermal control strategies. The model is 

adaptable to fluctuating renewable energy inputs and can support techno-

economic assessments or integration with downstream processes like green 

ammonia or methanol synthesis. 

• Chapter 7 - Conclusions and outlook: This chapter summarizes the key 

findings from both studies on energy efficiency and hydrogen studies. The 

contributions to knowledge and the practical implications are discussed. This 

chapter also outlines recommendations for future research, such as pilot-scale 

testing of the distillation scheme in a real unit, providing a custom-model for 

simulation of batch distillation as well as further improving the PEM model to 

account for degradation, lifetime, utility consumption details, etc. The 

reflections on how these solutions help driving the industries in a more 

sustainable pathway is also discussed in order to link this study to the 

decarbonization goals. 

Through this structure, the thesis systematically addresses how new solutions in 

energy efficiency and electrification (via hydrogen) can contribute to the industrial 

energy model. 
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2.1. Energy efficient solvent recovery via batch distillation 

2.1.1. Distillation 

The globally growing trend of energy consumption and environmental protection 

policies justify the necessity of optimization in energy-intensive industries to 

improve energy efficiency [1]. Distillation is one of the most popular separation 

methods, contributing to about 40% of the energy consumption of the chemical 

industries [2]. Separation processes alternative to distillation, like separating 

molecules according to their chemical properties or size, are still underdeveloped 

or expensive to scale up [3]. 

Despite the high energy intensity and high cost of capital and operation, the energy 

efficiency of distillation units is often too low [4]. Accordingly, despite the long 

history of distillation units in industries, and numerous studies and developments, 

distillation columns are still attractive cases for energy and separation efficiency 

improvement and development works in academic and industrial categories [5,6]. 

Batch distillation (BD) is preferred over continuous distillation in plants that do 

not operate in continuous or that work at small or medium scale [7,8]. BD is 

extensively used for product purification or solvent recovery in pharmaceuticals, 

polymers, fine and high-value market chemicals, and biochemical industries [9,10]. 

While batch distillation developments and applications are limited compared to its 

continuous counterpart, its popularity is growing due to its interesting features as 

listed below [5,6]: 

1- Applicability on small scales, especially for high-value market products. 

2- Low capital cost 

3- Flexibility to handle variable feed composition. 

4- Allowing small-volume production 

5- Providing a wide range of product separation using a single column  

6- Possibility to operate in different configurations. 

 Accordingly, batch distillation can potentially be applied in a wider variety of 

separation processes, but there is still an array of challenges regarding selecting 

proper operation policy, configuration, and design parameters in different steps 

from design to operation [10,11]. The recent advances in computer-aided 

engineering and modelling and process simulation tools have facilitated the 

simulation, optimisation and development of complex operations with dynamic 
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nature [26,30]. Hence, a growing number of studies are being conducted on batch 

operations to provide deeper insights into its complex and dynamic operation. 

  

2.1.2. Heteroazeotropic distillation 

Separation of a heteroazeotropic mixture, involving a liquid-liquid-vapor three-

phase equilibrium, is always associated with complexity and requires specialized 

measures and techniques.  While distillation is one of the most popular separation 

processes, conventional distillation techniques are not applicable for separation of 

azeotropic or close-boiling mixtures. Hence, distillation units are developed in a 

broad spectrum of unit configuration and operation to handle the azeotropic and 

complex systems, including extractive distillation (ED) [12,13],  pressure-swing 

distillation (PSD)[14–18], reactive distillation (RD) [19,20], heterogeneous 

azeotropic distillation (HAD) [21–26],  or a combination of them [27,28]. These 

approaches are generally limited to distinct cases and conditions; the PSD method 

does not need any new component in the feed mixture, but it is only applicable for 

pressure-sensitive mixtures. Also, the ED and HAD methods are associated with 

introducing an additional agent called “entrainer” which offers different 

possibilities for separation: in the ED, which is a homogeneous azeotropic 

distillation technique, the entrainer is used to form a miscible homogenous mixture 

with a more favourable equilibrium condition and modified relative volatility of 

the original mixture and is fed continuously to the column. Alternatively, in HAD, 

an entrainer is added to the feed in order to form a heteroazeotropic system with 

an immiscible mixture (including rich and lean) in the reflux drum/decanter, 

enabling the operator to split the feed components mechanically to a specific extent 

[29,30]. One of the main issues in such techniques is the entrainer selection, and 

due to the necessity of a second separation process for entrainer removal/recovery, 

the distillation is not regarded as an independent unit, but it must be studied as a 

part of the unit. Subsequently, any optimization approach for HAD and ED 

operations shall cover the cost, time, and energy required for the entire separation 

steps. These techniques are also applicable to the batch distillation process of 

azeotropic systems. The HAD can be an efficient approach to improve production 

rate and energy efficiency of a BDU through integrating a mechanical liquid-liquid 

separator into the unit, transforming it to a heteroazeotropic batch distillation unit 

(HABDU). Zhang et al.  [21] proposed using a HABDU for phenol dehydration as 

an alternative to direct distillation, providing higher product quality and 
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approximately 20–25% energy savings. In the last two decades, around 40 works 

related to heteroazeotropic batch distillation have been published in reputed 

journals. These works cover aspects of batch heteroazeotropic distillation such as 

entrainer selection [25,31], distillation regions, strategies and feasibility 

[26,32,33], novel configurations [34–36] or practical applications [22,23,37]. 

Given the complexity of the system, including a batch rectifier and a liquid-liquid 

decanter both with dynamic operation, control strategies are of particular interest. 

Skouras, Kiva and Skogestad have reported a comprehensive study on the analysis 

and control of this operation. They described an indirect temperature control 

scheme, by controlling the temperature in the middle of the column. This 

temperature is related to the reflux flow and subsequently, with the entrainer-rich 

phase holdup in the decanter. This scheme was preferred to the direct holdup 

control in the decanter vessel [38].   

A particularly interesting case of heteroazeotropic distillation is where the 

heteroazeotrope appears with the components of the original feed without adding 

a new component as entrainer to the system. Such systems are known as “auto-

entrained” or self-entrained” systems and their intrinsic phase immiscibility can 

be used to enhance the separation. A well-known and widely studied example of 

such systems is the water-tert-butanol (2-methyl-2-propanol) binary mixture [5]. 

2.1.3. Heat integration and novel configurations of batch distillation 

units 

The energy saving and efficiency improvement methods have been widely applied 

for continuous distillation, but the BD operation have not experienced the same 

development and still needs to be addressed [39]. There are different approaches 

developed for heat integration and process intensification of a batch distillation 

unit (BDU), among which heat pumps have gained more attention recently. As 

representative examples, Nair and Raykar [40] used a two-stage vapor 

recompression (VRC) heat pump to enhance the separation of a ternary mixture of 

hexanol, octanol, and decanol, observing a 52% energy saving and a 12.2% total 

annual cost reduction. Radhika et al. [41] incorporated a double-stage VRC heat 

pump into a BDU to integrate heat and separate the ternary mixture. Their 

proposed integrated configurations resulted in a 41.7% lower energy consumption 

compared with a conventional BDU. Gandu et al. [42] proposed a heat pump-

assisted batch distillation unit for separation of a ternary mixture aiming for 
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reduced cost and carbon emissions. A multi-stage VRC algorithm is introduced as 

an alternative for the single-stage VRC approach due to its challenges with high 

vapor compression ratio (>3.5).  They found that the feed composition determines 

each approach's cost-effectiveness, with the highest reported total annual cost 

reduction in their work being about 10%. Kazemi et al. [43] proposed using the 

bottom flashing heat pumps as an alternative to VRC heat pumps. They reported 

a total annual cost saving of 19%, using a flashing heat pump and lower annual 

costs in the range of 4.2-10.9% compared to the equivalent process with vapor 

recompression heat pumps. Modla and Lang [44] conducted a study on integrating 

different heat pump systems in batch distillation units, concerning the economic 

feasibility of heat integration and payback periods. According to their evaluation, 

direct application of VRC was not economically feasible, as the minimum payback 

period was over 10 years, while they managed to reduce it to about seven years by 

adding a heat exchanger. A conclusion extracted from these studies is that, while 

heat pumps for heat integration in a BDU offer significant improvements in energy 

efficiency, they face key challenges, including high capital costs, long payback 

periods, and complexity in design, control, and operation [44–46]. Alternatively, 

external energy integration by feed stream heating/flashing stands as a simple and 

practical approach in continuous distillation [47,48]; however, since the feed in 

batch distillation units is conventionally charged in the pot before starting the 

operation, there is no feed stream in the unit configuration, making this approach 

infeasible in batch distillation. To this end, gradual feeding to the unit seems to be 

a potential solution to unlock the heat integration possibility within the batch 

distillation units.  

On the other hand, there is also a less popular arrangement of BDU called inverted 

batch distillation or batch stripper with feed charged into the reflux drum at the 

top, and the products are usually withdrawn as bottom product [6,49,50]. This 

configuration has been proven to enhance the operation time for separation of 

mixtures in which the light components present in a small fraction [51]. Moreover, 

it is suggested for the mixtures with a minimum boiling azeotrope [52], the cases 

with a small fraction of light component and some cases in which the regular 

configuration (batch rectifier) is not feasible for that separation [11]. This 

configuration is not a recently emerged batch column configuration, but it has not 

received sufficient attention and has been rarely applied in practice. Here, we have 

modified an inverted batch distillation by adding a decanter, aiming to utilize it in 

separation of a heteroazeotropic mixture. 
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2.1.4. Solven recovery (MIBK dehydration) 

Solvents are widely used in industry, existing different families and applications. 

These applications usually take place in the chemical industry, where they are 

used as separation agent for solid or liquid extraction processes, or as an auxiliary 

or intermediate in manufacturing of paints or polymers, by decreasing their 

viscosity. An important family of solvents are the ketones, characterized by the 

functional group C=O connected to two alkyl groups, which include a large list of 

molecules with excellent properties as solvents, finding applications in adhesive 

and coating industries and other uses that need to dissolve organic substances. 

Methyl isobutyl ketone, ethyl amyl ketone, methyl ethyl ketone, diisobutyl ketone, 

acetone or hexanone belong to this family [53]. Particularly, MIBK is used in 

pharmaceutical industry [39], as well as in paint industries as solvent/carrier of 

organic dyes. The high toxicity of many of these solvents, together with their rising 

prices, originated by the low availability and high cost of feedstocks for their 

synthesis [54], make it of great importance to develop separation techniques in 

order to purify and recover them for further use. Solvent recovery must be an 

effective approach to purify the solvent to the desired level for further use. 

Depending on the specific application of the solvent, different recovery scenarios 

can be employed, i.e., separation of solvents from heavy residues, polymers, or 

inorganic salts; separation of solvent mixtures into their individual components; 

or separation of water (dehydration/drying) from organic solvents. Among these 

approaches, water removal is one of the most common separation processes 

employed for solvent recovery, and various alternatives have been proposed for this 

purpose, including adsorption, liquid–liquid extraction, membrane separation, and 

distillation [3]. Despite the relatively high capital cost and being an energy-

intensive process, distillation still stands out as one of the first alternative when 

selecting a solvent recovery process. 

Methyl Iso-Butyl Ketone (MIBK) is a versatile solvent with a broad range of 

industrial applications. Its outstanding dissolution capabilities, biodegradability, 

and limited water solubility it is utilized in numerous chemical processes and in 

the industrial production of pharmaceuticals, paints, rubber, pesticides, cleaning 

solvents, etc. [55,56]. Specifically, it is used as a solvent in the paint industry, 

where it ends up mixed with water after use. MIBK, used as a solvent, is frequently 

found polluted by a small fraction of water. On the other hand, due to the high 

toxicity, limited availability, and high cost of fresh MIBK, a reliable approach for 
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solvent recovery/dehydration is demanded to meet the sustainable production 

goals in the economic and environmental protection aspects of the process [39,54]. 

The low solubility of water in MIBK (around 2% by weight at room temperature 

and atmospheric pressure) cause forming a heterogenous two-phase mixture, 

which allows mechanical removal of the main fraction of water, by decanting the 

two-phase mixture.  After the initial decanting, the remaining MIBK–water 

mixture forms a self-entrained heteroazeotropic system. Since HABDU is studied 

in numerous research works on separation of self-entrained mixtures [34,57], it 

seems to be a suitable candidate for separation of this mixture, especially in small 

production capacities and low budget for initial investment. Despite the large 

number of industrial operations in which MIBK gets polluted by water after use, 

the only work reported on the dehydration of MIBK for solvent recovery is a 

previous study of our team [58]. In that study a batch distillation unit equipped 

with a decanter was employed and evaluated for MIBK dehydration showing its 

superior performance over a conventional batch distillation. There are other 

studies addressing MIBK separation from different mixtures such as the 

purification of MIBK-toluene mixtures by heteroazeotropic distillation, using 

methanol as entrainer [59], the removal of MIBK from aqueous solutions by 

vacuum membrane distillation, where MIBK is the pollutant (minority compound) 

in residual water streams [60], or the purification of MIBK after synthesis by an 

extractive distillation column followed by a solvent recovery column [61].  

In the HABDU employed for MIBK-dehydration, the aqueous phase in the 

decanter can be discharged, and the organic phase (MIBK-rich phase), as the 

desired liquid phase, can be refluxed for further purification. Here, the study 

continues to address the subject in more detail, provide deeper insight into the 

process, and prepare perceptible guidelines for operators. Wider ranges of 

operation, non-ideal operation of the column and decanter, and various 

configurations including gradually feeding and inverted batch distillation are 

considered in this study. The primary objectives of this study are summarized 

below: 

- To apply, evaluate, and compare different configurations and operation policies 

for separation of heteroazeotropic systems in terms of recovery, process 

duration, and production rate. 

- To evaluate different configurations and operation scenarios in terms of energy 

cost. 
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- To introduce an effective approach for distillation of heteroazeotropic mixtures 

and specify the optimum operation ranges. 

- To improve the process in terms of separation efficiency and energy demand at 

the same time. 

 

2.2. PEM electrolyzer system for green hydrogen production 

2.2.1. Green hydrogen 

As the global population continues to grow and living standards improve, energy 

demand is steadily rising. The estimations shows that global energy demand may 

double by 2050 and potentially triple by the end of the century [62]. The majority 

of energy production still relies on the combustion of fossil fuels, contributing to 

serious environmental challenges and climate change. These challenges 

underscore the urgency of transitioning to cleaner and more sustainable energy 

sources. In this context, hydrogen is gaining attention as one of the most promising 

clean and sustainable energy carriers. It produces only water when used as a fuel, 

without emitting carbon, and offers an impressive energy density of around 140 

MJ/kg, which is more than double that of typical solid fuels like coal or biomass 

[63,64].  In addition, hydrogen plays a vital role as feedstock in key products such 

as fertilizers, petroleum refining, and petrochemicals. Hydrogen can be produced 

through different approaches, from fossil-based methods like methane steam 

reforming and coal gasification to more sustainable ones such as biomass 

conversion and water electrolysis, etc. [65]. The various hydrogen production 

methods are provided in Figure 2-1. Currently, about 96% of hydrogen worldwide 

is produced from non-renewable fossil sources, with methane steam reforming 

being the predominant method [66,67]. Hydrogen produced from fossil fuels results 

in significant greenhouse gas (GHG) emissions, which undermines its potential 

benefits in supporting energy transition efforts. The true value of hydrogen in the 

energy transition lies in producing it from renewable clean sources. Water 

electrolysis, defined as splitting the water molecule under the action of electricity, 

represents the most prominent electrochemical route for producing molecular 

hydrogen, and it is expected to grow substantially in parallel with the expansion 

of renewable energy sources [68]. The hydrogen produced from water electrolysis 

using renewable electrical power is commonly known as green hydrogen [69]. 

Green hydrogen plays a key role in energy transition pathways, not only as an 
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energy vector for storing and transferring renewable power, but also in the 

production of valuable chemicals, especially when combined with essential 

reactants such as carbon dioxide or nitrogen [70]. It is also anticipated to serve as 

a pivotal energy carrier in developing markets, particularly within the 

transportation sector and the integration of renewable energy sources [71]. 

 

Figure 2-1. Various Hydrogen production approaches [65]. 

 

The hydrogen produced from water electrolysis using renewable power sources 

offers a carbon-neutral pathway in which it can be applied in transportation, 

agricultural, industrial, and residential sectors. Figure 2-2 shows a representative 

value chain for green hydrogen, highlighting its production through renewable-

powered electrolysis and its diverse applications across multiple sectors. This 

figure describes how electricity generated from renewable sources is used to 

produce green hydrogen via electrolysis and the hydrogen which can be stored 

during periods of low energy demand or to be transported and   converted into 

liquid energy carriers such as ammonia or methanol [72]. The produced hydrogen 

also supports various end-uses, such as agriculture, fuel for transportation or 

industrial processes, and residential applications for power generation and 

heating. 
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Figure 2-2. Overview of green hydrogen production and its application in different 

sectors including industries, transportation, agriculture, and residential use [73]. 

2.2.2. Water electrolysis 

Water electrolysis is an electrochemical technique applied for decomposition of 

water into hydrogen and oxygen gases through the application of an electric 

current. The electrolysis process is fundamentally driven by redox (reduction–

oxidation) reactions. Generally, the electrons are released at the anode (oxidation) 

and are received at the cathode (reduction) implying that the oxygen is produced 

in the anodic compartment and hydrogen is produced in the cathodic compartment. 

The electrochemical reactions occurring at each electrode depends on the 

electrolyte type (acidic or alkaline) [74]. The electrode-specific reactions, known as 

oxygen evolution reaction (OER) and hydrogen evolution reaction (HER) are 

presented in Table 2-1. The general electrolysis process in an electrolysis cell 

including an anode, a cathode, and an electrolyte is illustrated in Figure 2-3. The 

notations “(g)” and “(l)” indicates that the substances are in the gaseous and liquid 

phases, respectively. 
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Table 2-1. Electrode reactions for different electrolyte types. 

Electrolyte Electrode Reaction 

Alkaline Cathode (HER) 2𝐻₂𝑂(𝑙)  +  2𝑒⁻ →  𝐻₂(𝑔)  +  2𝑂𝐻⁻ 

Anode (OER) 4𝑂𝐻⁻ →  2𝐻₂𝑂(𝑙)  +  𝑂₂(𝑔)  +  4𝑒⁻ 

Acidic Cathode (HER) 2𝐻⁺ +  2𝑒⁻ →  𝐻₂(𝑔) 

Anode (OER) 2𝐻₂𝑂(𝑙)  →  4𝐻⁺ +  𝑂₂(𝑔)  +  4𝑒⁻ 

 

 

Figure 2-3. Overview of a typical electrolysis cell and the associated reactions [73]. 

 

Regardless of the electrolyte composition, the overall chemical equation of water 

electrolysis is the same [75]: 

2𝐻₂𝑂(𝑙)  +  2𝑒⁻ →  𝐻₂(𝑔)  +  2𝑂𝐻⁻ (1) 

According to this equation, for 2 moles of water that undergo electrolysis, an 

equivalent quantity of hydrogen moles and half of that quantity of oxygen are 

generated.  Water electrolysis is not a spontaneous reaction at temperatures below 

approximately 2250 °C [76], and therefore requires an external thermal and 

electrical energy input. The enthalpy changes per mole of water (𝛥𝐻, in kJ/mol) is 

given as follows [76]: 

𝛥𝐻 = 𝛥𝐺 + 𝑇𝛥𝑆 (2) 

These enthalpies representing the enthalpy difference between the reactants and 

products, known as reaction enthalpy, reflects the total energy change required to 

drive the reaction. It includes two terms of reversible and irreversible. The term 
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𝑇𝛥𝑆 represents the irreversible portion of the energy change in system. Since the 

gaseous products, hydrogen and oxygen, possess greater entropy than the liquid-

phase reactants, the overall entropy change 𝛥𝑆 > 0. The term 𝛥𝐺 reflects the 

reversible portion of the energy change in the system. Since electrolysis is 

inherently non-spontaneous and requires external energy input, the Gibbs free 

energy is positive (𝛥𝐺 > 0)[76]. Under standard conditions (P=1 atm. and T=25 °C), 

the Gibbs free energy is  𝛥𝐺0 = −237.2𝑘𝐽/𝑚𝑜𝑙. This energy quantity can be supplied 

by applying a voltage of 𝐸0 = 𝛥𝐺0/2𝐹 ≈ 1.229 𝑉, known as reversible voltage or 

open circuit voltage, which is a function of operating temperature and pressure. 

Depending on the supplied input power, the operating voltage of the electrolysis 

cells may exceed the standard reversible cell voltage, 𝐸0, thereby enabling 

hydrogen and oxygen production while also reflecting the presence of 

irreversibility terms such as activation, ohmic, and concentration overpotentials. 

2.2.3. Water electrolysis technologies 

There are several electrolysis technologies, but alkaline electrolysis (AEL) and 

proton exchange membrane electrolysis (PEMEL) are the most widely adopted and 

commercially mature low temperature electrolyzers and solid oxide electrolyzer 

(SOEL) is the relatively mature high temperature electrolysis technique [77,78]. A 

schematic of these three major categories of electrolyzers is shown in Figure 2-4.  

Another emerging technology is anion exchange membrane (AEM) electrolysis, 

which is a promising alternative in the near future [79]. More details of the 

electrolyzers is provided in the following sections. 

 

Figure 2-4. Schematic illustration of (a) alkaline water electrolysis, (b) solid oxide 

electrolysis, and (c) proton exchange membrane water electrolysis [80]. 
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2.2.3.1. Alkaline Electrolysis (AEL)  

Alkaline electrolyzer (AEL) is the oldest and most widely utilized water electrolysis 

technique [81]. However, it typically operates with lower efficiencies compared to 

two other technologies (PEMEL and SOEL), ranging between 59% and 70% [82]. 

An AEL cell typically consists of two metallic electrodes submerged in an alkaline 

solution as electrolyte. The anodic and cathodic compartments are separated by a 

porous diaphragm. The AEL benefits from relatively simple configuration, high 

stability, durability, and a well-established manufacturing process which 

contributes to its lower production costs [83]. However, the AEL requires high 

chemically resistant materials due to the corrosive nature of the electrolyte, it 

works in low current density which, causes large footprint, and it suffers from 

limited dynamic response to variable power load [68,81]. 

2.2.3.2. Proton Exchange Membrane Electrolyzer (PEMEL)  

Proton Exchange Membrane Electrolysis (PEMEL) employs a membrane as the 

electrolyte located between anode and cathode. The water mainly introduced to the 

anode compartment splits into oxygen molecule and hydrogen proton (H+). The 

proton will be conducted to the cathodic compartment through a membrane. The 

membrane also prevents the mixing of the hydrogen and oxygen gases. This 

technology offers several benefits, including a quick dynamic response, high gas 

purity, high current density and a compact system [84]. The operating temperature 

in this technology maintains in the range of 50 to 80 °C [85] and the PEMEL 

efficiency is typically in range 62 to 80% [78]. Nonetheless, due to the highly acidic 

nature of the membrane, it requires employing precious metal-based catalysts 

(typically iridium for the anode and platinum for the cathode) resulting in 

substantially high capital costs [68].  

2.2.3.3. Solid Oxide Electrolyzer (SOEL)  

Solid oxide electrolyzers operate based on solid oxide materials as electrolytes. In 

this technology steam fed to the cathode compartment undergoes reduction, 

generating hydrogen molecules and oxygen anions (O⁻). At elevated temperatures, 

typically ranging from 500 to 1000 °C, these anions then migrate through the solid 

oxide membrane to the anode, where they are oxidized [86]. The elevated operating 

temperatures significantly lower the electrical energy requirements in comparison 

to low-temperature electrolysis technologies [85]. In theory, solid oxide 

electrolyzers can offer efficiencies approaching 100%. The high-temperature 
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process of SOEL is well-suited for applications involving substantial waste heat 

recovery. While the thermally activated electrochemical reactions in SOEL 

systems results in high efficiency and reversible operation, challenges associated 

with thermal and mechanical degradation have limited their broader commercial 

deployment [87]. 

2.2.4. Electrolysis Technology selection 

A comparative overview of different types of electrolyzers is provided in Table 2-2. 

According to these table, the maturity of AEL and PEMEL technologies and low 

temperature operation in both makes them suitable candidates for commercial use. 

On the other hand, PEMEL offers higher purity of hydrogen, higher current 

density and faster dynamic response compared to AEL technology.   

Table 2-2. Comparative summary of three major electrolysis technologies [77,88,89]. 

Parameter PEMEL AEL SOEL 

Efficiency [%] 65–82 59–70 80–100 

Current density [A/cm²] 1–2.2 0.2–0.8 0.3–2 

Cell voltage [V] 1.4–2.5 1.4–3 1–1.5 

Initial cost [€/kW] 1400–2400 800–1600 >2000-2500 

Operating temperature [°C] 50–80 70–90 500–1000 

Operating pressure [bar] <70 1–30 1–5 

Cold start duration  ~15 min ~50 min Several hours 

Commercial usage Used Widely used Academic, pilot projects 

Durability [h] 10,000–50,000 >100,000 500–2000 

Specific energy consumption 

[kWh/kg H₂] 

45–62 45–65 — 

Hydrogen Purity [%] 99.9999 >99.5 >99.9 

Key advantages - High-purity H₂ 

- Fast cold start 

- Fast dynamic 

- Mature Tech. 

- Low CAPEX 

- Long lifespan 

- High efficiency 

- Suitable for co-electrolysis 

(syngas)- High temperature 

operation 

Key disadvantages - High CAPEX  

- Use precious 

metal catalysts 

- Slow cold start 

- Lower gas purity 

- High CAPEX 

- Degradation 

- Immature technology 

Main challenges - Catalyst 

material sourcing 

- Safety 

- Response time 

- Corrosion 

- Thermal stability of 

electrodes 

- Commercialization 

 

Since the performance of an electrolyzer is closely linked to the input power level, 

a meaningful comparison should be conducted across the entire operating range 
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rather than at a single operating point. Figure 2-5 presents a comparative analysis 

of the three electrolysis technologies in terms of electrolyzer efficiency (based on 

the lower heating value, LHV), operational costs, capital investment, and specific 

hydrogen production per unit cell area, evaluated within their respective current 

density ranges. According to this figure, PEM electrolyzers can work with higher 

current densities and higher efficiency compared to AEL. The SOEL, as a high 

temperature electrolyzer, operates in endothermic mode, which means that the 

electrolyzers stack require external heat source and application of this type is not 

common yet. It should be noted that stack efficiency in this figure is calculated 

assuming an ideal Faraday efficiency (100%), while Faraday efficiency decreases 

drastically in low current density ranges.  A more detailed discussion on 

electrolyzer efficiency including the effect of Faraday efficiency at low current 

density levels is provided in chapter 6. 

 

Figure 2-5. Comparison of different electrolysis technologies in terms of efficiency and 

specific energy consumption in their respective operational current density range 

 

In recent years, significant efforts have been dedicated to advancing low-

temperature electrolysis technologies, particularly PEMEL and AEL, with the aim 

of enhancing their technical performance and reducing hydrogen production costs. 

Table 2-3 summarizes the evolution of key techno-economic indicators for PEMEL 

and AEL systems between 2017 and 2025.   Modern PEMEL systems exhibit 

notable advantages in terms of dynamic response and operational flexibility 
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compared to AEL. Due to the broader operating range and fast response to the 

power variation, PEMEL is well-suited for integration with variable electricity 

supply conditions. 

Table 2-3. Techno-economic features of PEMEL and AEL between 2017 and 2025 [88]. 

Feature 
PEMEL 

2017 

PEMEL 

2025 

AEL  

2017 

AEL 

2025 

Efficiency (kWh per kg of hydrogen) 58 52 51 49 

Lifespan stack (working hours) 40,000 50,000 80,000 90,000 

Low Heating Value Efficiency (%) 57 64 65 68 

OPEX (Initial CAPEX % per year) 2 2 2 2 

CAPEX – overall cost (EUR per kW) 1200 700 750 480 

Lifespan of the system (years) 20 20 20 20 

Output pressure (Bar) 30 60 Atmospheric 15 

CAPEX – replacement of stack (EUR per kW) 420 210 340 215 

 

2.2.5. Dynamic electrolysis operation 

Flexibility of the electrolysis operation can significantly improve its integration of 

renewable electricity. Such adaptation also reduces the need for large-scale storage 

infrastructure or auxiliary systems, making the system more cost-efficient [90]. 

The AEL have generally been used at constant load to meet industrial purposes 

since it was not initially intended to be flexible. However recent efforts have been 

made to adapt the AEL systems with renewable power grid-connected services 

[84,91]. Nevertheless, the AEL system still has lower flexibility and slower 

dynamics compared to the PEMEL technology. The dynamic operation features of 

different electrolysis technologies are presented in Table 2-4 [88]. According to this 

table, PEMEL exhibits significantly shorter response times compared to both 

alkaline (AEL) and solid oxide (SOEL) electrolysis technologies. This superior 

dynamic operation enables PEMEL systems to more effectively accommodate the 

variability of electricity supply, positioning them as a more suitable option for 

dynamic integration with variable renewable energy (VRE) sources [92]. PEM 

electrolysis is selected as the subject of this study due to its superior dynamic 

characteristics compared to other electrolysis technologies.  
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Table 2-4. Summary of the dynamic operation features of different electrolyzer 

technologies [90,93]. 

Function PEMEL AEL SOEL 

Load flexibility 0 to 160% 15 to100% –100 to +100% 

Warm start-up <1 min 1–10 min 15 min 

Cold start-up 5–10 min 1–2 h hours 

Ramp up/down Rate 10-100% per second 0.2%–20% per second - 

Shut down <1 min 1–10 min - 

 

2.2.6. PEM electrolyzer  

 The PEMEL was initially developed in the early 1950s, aiming to overcome the 

limitations associated with alkaline water electrolysis [65,94]. 

In a PEM water electrolyzer, water is supplied to the anode side, where it 

undergoes electrochemical splitting into protons (H⁺), oxygen (O₂), and electrons 

(e⁻). The protons then migrate through a solid polymer electrolyte (SPE) membrane 

toward the cathode. Simultaneously, the generated oxygen, along with any 

unreacted water, is expelled from the anode compartment. The electrons travel 

through an external circuit to reach the cathode, where they recombine with the 

protons to form hydrogen gas [95]. 

A schematic of a single-cell PEMEL structure, its key components and a single 

PEMEL cell assembly is shown in Figure 2-6. A PEMEL cell is comprised of two 

electrodes and a membrane in between, commonly called Membrane Electrode 

Assembly (MEA). Each electrode is composed of a (I) flow field plate or bipolar plate 

(BP) made from conductive materials (e.g., coated titanium on the anode side, 

stainless steel or carbon-based for the cathode), (II) flow channels embedded in the 

BP to distribute water and remove gases, (III) gas diffusion layer (GDL) also known 

as Porous Transport Layer (PTL) placed between the flow field plate and the 

catalyst layer, commonly made of porous titanium (for anode), carbon paper or 

cloth (for cathode) which facilitate the gas and liquid transport, uniform contact of 

catalyst, electron conduction and water management, and (IV) catalyst layer 

coated directly in the membrane or applied separately as distinct later.  



Saber Niazi 

 

30 

 

a 

 

b 

 

Figure 2-6. A schematic view of (a) cross-sectional illustration depicting the key 

structural elements of a PEMEL cell, and (b) a single-cell PEMEL assembly [96,97]. 

 

PEMEL system configuration 

Each electrolyzer system typically includes multiple electrolysis cells, along with 

components for gas drying, purification, and heat removal. To meet product quality 

standards, the generated hydrogen and oxygen gases may need to be purified, 

cooled, and dried before they can be stored or supplied to end users. Also depending 
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on the demanded pressure, compressors may exist in the unit [69]. Figure 2-7 

shows two general configurations of a PEMEL stack.  According to this figure, the 

electrolysis systems may operate with separate water cycles for the anodic and the 

cathodic compartments while many electrolyzers operate with water supplied only 

for the anodic compartment [98]. Supplying water exclusively to the cathode is also 

technically possible and tends to be more suitable for systems with thinner 

membranes, although its application is restricted to the lower power densities 

compared to anodic water feed systems [99]. 

 

Figure 2-7. Schemes of PEM water electrolyzer configurations with (a) water circulation 

on both the anode and cathode sides; (b) incorporating water circulation only on the 

anode side [100]. 

2.2.6.1. PEMEL role in green hydrogen pathway 

Due to the energy transition policies and urgent need to meet climate objectives, 

academic and industrial research on electrolysis and related factors such as 

renewable electricity pricing is progressing rapidly in parallel. These 

developments are occurring within short time intervals, particularly in the context 

of emerging technologies and the advancement of methods for their practical 

implementation.  

As mentioned earlier, among the various electrolysis technologies, the PEM water 

electrolyzer appears to be the most suitable for operating under the intermittency 

inherent to renewable power sources, owing to its rapid dynamic response [101]. 

Moreover, PEMEL possesses unique features that make it stand out as a practical 

tool in the energy transition and hydrogen pathways. These include high efficiency, 

high-purity hydrogen production, low gas crossover, moderate operating 
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temperature, compact design, relatively high current density, and compatibility 

with high-pressure operation [102]. 

The ongoing and expanding research and development on PEMEL aim to enhance 

the efficiency of the electrolysis process and reduce the overall cost of green 

hydrogen production. These efforts target both capital (CAPEX) and operational 

(OPEX) expenditures through various approaches, such as optimization of unit 

operations [103] or enhancing the durability and efficiency of structural materials 

in the membrane and electrodes [65].  

The research works on the performance of PEMEL systems can be categorized as 

(I) improvements in cell chemistry and membrane quality [104–106], (II) 

optimization of cell and stack design [97], (III) deeper insight into key degradation 

mechanisms [107], and (IV) refinement of operational conditions and optimization 

of unit operation [103,108]. Other novelties are also being applied to develop PEM 

electrolyzers, such as applying vapor-fed PEM electrolyzer [109], or elevated-

temperature PEM electrolyzer [96]. It is worth mentioning that the research on 

water electrolysis continues not only to enhance existing technologies but also to 

explore novel approaches in operation and control of the units. 

There are different metrics and methods to evaluate the effectiveness of hydrogen 

production technologies, among which the Levelized Cost of Hydrogen (LCOH) is 

the most popular. The LCOH is a standardized metric used to measure the cost-

effectiveness of hydrogen production technologies over their lifetime, and it 

represents the average cost per kilogram of hydrogen produced, accounting for all 

capital and operational costs and financial factors. The LCOH value can be 

calculated by dividing the total cost of building and operating a hydrogen 

production system, discounted over its lifetime, by the total amount of hydrogen 

produced, also discounted over the same period: 

𝐿𝐶𝑂𝐻 =

∑
𝐼ₜ +  𝑂ₜ +  𝐹ₜ

(1 +  𝑟)ᵗ
𝑛
𝑡=0

∑
𝐻ₜ

(1 +  𝑟)ᵗ
𝑛
𝑡=0

 (1) 

where: 

𝐼ₜ : Investment and capital expenditure in year 𝑡 

𝑂ₜ : Operating and maintenance costs in year 𝑡 

𝐹ₜ : Fuel or electricity cost in year 𝑡  

𝐻ₜ : Amount of hydrogen produced in year 𝑡 (kg/year) 
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𝑟 : Discount rate 

𝑛 : Project lifetime (years) 

Based on the LCOH definition, a lower LCOH can be achieved through various 

strategies, including lowering electricity price (power generation technology and 

management), extending the operating hours of the PEMEL system (planning, 

durability, and lifetime), reducing capital and operational expenditures (CAPEX 

and OPEX), and enhancing overall system efficiency [110,111]. Hence, LCOH is 

considered as a key indicator to assess both the technical and economic aspects of 

hydrogen production and allows for fair comparison across different hydrogen 

production routes. This parameter can be also used to measure and evaluate the 

potentials of a scientific research work on improving a PEMEL system.  

 Figure 2-8 shows the LCOH of green hydrogen at different locations globally. 

According to this figure, the solar and wind resource availability significantly 

influences both hydrogen production potential and associated costs, leading to 

different LCOH values at different geographical locations; in areas with high-

capacity factors of renewable power sources, electricity generation is more cost-

effective, thereby lower LCOH is achievable. 

 

Figure 2-8. Simulated hydrogen production costs based on electricity supplied from solar 

PV or wind energy sources [68,112]. 

 

The impact of key factors on both current and projected LCOH values, including 

electrolyzer CAPEX and electricity price, is illustrated in Figure 2-9. As shown, 

access to lower electricity prices or reductions in electrolyzer capital costs can 

significantly reduce hydrogen production costs, potentially bringing them into a 

range that is competitive with fossil fuel-based alternatives. 
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Figure 2-9. Projected costs for green hydrogen production over time as a function of 

electrolyzer capital expenditure and electricity prices [68,111]. 

2.2.6.2. PEMEL Modelling 

Modelling and simulation serve as essential tools for design engineers and 

researchers, enabling deeper insight, performance prediction, and the 

advancement of hydrogen technologies [113]. A wide range of modelling 

approaches has been proposed in the scientific literature to characterize the 

performance and operational behavior of PEM electrolyzers [114]. The modelling 

may be conducted in a broad spectrum of approaches in cell scale [115–117], system 

scale [118], or integrated multi-systems scale [119–121]. Each model presents 

specific advantages and constraints, and its applicability is typically limited to 

assumptions and operating conditions. Depending on the modelling objectives, the 

model may cover different aspects of PEMEL performance, including 

thermodynamic, electrochemical, energy balance, mass transfer, fluidic, and 

physical aspects of an electrolysis process [114]. The modelling approach must be 

appropriately aligned with the intended objectives to ensure a suitable balance 

between computational accuracy and cost. 

In this study, a model of the PEM electrolyzer unit is developed in Aspen Plus, 

incorporating a subroutine constructed in Aspen Custom Modeler (ACM). The 

model is aimed to be applied under variable renewable energy (VRE) sources for 

long-term system or multi-system scale. The prepared model framework 

established on reasonable assumptions and simplifications allows for flexible 

adaptation of the PEMEL unit to a wide range of power profiles, offering flexibility 
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toward variations in input parameters while minimizing the need for frequent 

adjustment under high-frequency input fluctuations. 
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Abstract          

Heteroazeotropic batch distillation of methyl isobutyl ketone-water binary mixture 

is investigated, seeking a reliable operation for dehydration of methyl isobutyl 

ketone (MIBK). The dynamic batch distillation module (BatchSep) of the 

commercial package Aspen Plus V.12.1® is applied for simulations. An initially fed 

unit at atmospheric pressure is simulated from the heating-up step until it reaches 

the desired MIBK purity of 99.8 wt.%. Three configurations, namely conventional 

batch distillation unit (Mode I), batch distillation unit with decanter (Mode II), and 

a simple distillation unit (Mode III), are compared in a wide range of operating 

conditions. The effects of condenser temperature and the number of theoretical 

stages are also examined. According to the results, applying a decanter (Mode II) 

with a return fraction of over 0.75 for the MIBK-rich phase and below 0.4 for the 

aqueous phase provides higher MIBK recovery than the maximum achievable 

value in a conventional unit (Mode I), with almost no increase in process time. A 

perfect decanter offers an almost complete MIBK recovery, which is about 5% over 

the maximum value by conventional units (Mode I). Moreover, cutting the reflux 

(Mode III) offers the fastest way to the desired product but provides the lowest 

MIBK recovery value. The aqueous phase return fraction does not significantly 

impact MIBK recovery, but if it exceeds 0.5, it remarkably affects the process 

time/energy cost. When maximum MIBK recovery rate/minimum energy cost is 

desired, applying a decanter (Mode II) with a return fraction above 0.5 for the 

MIBK-rich phase and below 0.55 for the aqueous phase yields a higher production 

rate and a lower energy cost per unit quantity of product compared to the best 

achievable values for a conventional unit (Mode I). A perfect decanter 

improves production rate and energy efficiency by 8 % over the best case in a 

conventional unit (Mode I). Also, operation without reflux (Mode III) is preferred 

over a conventional operation (Mode I) with a total return fraction over 0.7 due to 

its superior energy efficiency and production rate. 

Keywords: MIBK-water, Heteroazeotropic Distillation, Batch Distillation, Aspen 

Plus 
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3.1. Introduction 

The globally growing trend of energy consumption and environmental protection 

policies justify the necessity of optimization in energy-intensive industries to 

improve energy efficiency [1]. Distillation is one of the most popular separation 

methods in chemical and associated industries. Despite the high energy intensity 

and high cost of capital and operation, the energy efficiency of distillation units is 

often too low [2]. Accordingly, despite the long history of distillation units in 

industries, distillation columns are still attractive cases for energy and separation 

efficiency improvement. 

The energy saving and efficiency improvement methods have been widely applied 

for continuous distillation, but the batch distillation (BD) operation still needs to 

be addressed due to the growing popularity of batch distillations [3]. With the 

recent advances in computer modelling and process simulation tools for dynamic 

operations, a growing number of studies are being conducted on batch operations, 

and to provide a deeper insight into its complex and dynamic operation. The 

advantages of batch distillation that make it an attractive option, particularly in 

the pharmaceutical, food, and fine chemical industries include [4]: 

7- Applicability on small scales, especially for high-value market products. 

8- Low capital cost 

9- Flexibility to handle variable feed composition. 

10- Allowing small-volume production 

11- Providing a wide range of product separation using a single column  

12- Possibility to operate in different configurations. 

Conventional distillation methods are not practical for separation of azeotropic or 

close-boiling mixtures. Depending on the mixture features, some special 

techniques such as extractive distillation (ED) [5,6], pressure-swing distillation 

(PSD) [7–12], reactive distillation (RD) [13–15], heterogeneous azeotropic 

distillation (HAD) [16–21], or a combination of them [22,23] can be applied. 

The PSD method does not need any new component in the feed mixture, but it is 

only applicable for pressure-sensitive mixtures. On the other hand, ED and HAD 

methods are associated with introducing an additional agent called “entrainer”. 

The principle of adding an entrainer in ED is to form a miscible homogenous 

mixture with a more favourable equilibrium condition for distillation, while in 

HAD, it leads to forming a heteroazeotrope so that the condensed stream appears 

as an immiscible mixture in the reflux drum/decanter, enabling the operator to 
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split the feed components mechanically to a specific extent [24]. One of the main 

issues in such techniques is the entrainer selection, and due to the necessity of a 

second separation process for entrainer removal/recovery, the distillation is not 

regarded as an independent unit, but it must be studied as a part of the unit. 

Subsequently, any optimization approach for HAD and ED operations shall cover 

the cost, time, and energy required for the entire separation steps. 

There is also an interesting category of distillation processes where the 

heteroazeotrope appears by adding no new component to the mixture. The butanol-

water mixture is a well-known instance of this category known as “auto-entrained” 

or “self-entrained” systems [25,26]. 

Methyl isobutyl ketone (MIBK), a well-known aliphatic ketone, is widely used as 

an industrial solvent in paint industries as well as a basic raw material of organic 

synthesis in the pharmaceutical industry [27]. There are many examples in which 

MIBK is polluted with a small fraction of water, especially when applied as a 

solvent. On the other hand, due to the high toxicity, limited availability, and high 

cost of fresh MIBK, a reliable approach for solvent recovery/dehydration is 

demanded to meet the sustainability criteria in the economic and environmental 

protection aspects of the process [28]. The solvent recovery must be an effective 

approach to purify the solvent to the desired level for further use. Despite the high 

energy intensity and capital costs, distillation is still a popular operation for 

solvent recovery. To the best of the authors' knowledge, despite the large number 

of operations in which MIBK utilized as a solvent gets polluted by water, the only 

work reported on the dehydration of MIBK for solvent recovery is our previous 

study [29], where a batch distillation unit equipped with a decanter was introduced 

in response to an inquiry from a paint production factory. Here, the study 

continues to address the subject in more detail, provide deeper insight into the 

process, and prepare perceptible guidelines for operators. Wider ranges of 

operation, considering the most likely non-ideal cases in column and decanter 

operation, are studied. After studying some of the most likely reasons for 

separation failures, some easy-to-apply debottlenecking solutions for practical 

applications are proposed. The primary objectives of this study are summarized 

below: 

- To apply, evaluate, and compare different configurations and operation 

policies for separation of heteroazeotropic systems in terms of recovery, 

process duration, and production rate. 
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- To evaluate different configurations and operation scenarios in terms of 

energy cost. 

- To introduce an effective approach for distillation of heteroazeotropic 

mixtures and specify the optimum operation ranges. 

- To improve the process in terms of separation efficiency and energy demand 

at the same time. 

 

3.2. Methodology and study plan 

3.2.1. Simulation Procedure 

The commercial chemical process simulator Aspen Plus V12.1® was used for this 

study. The UNIQUAC model was applied to model the phase equilibrium of the 

MIBK-water mixture. The relevant phase diagram of the mixture according to the 

UNIQUAC model and experimental values is presented in Figure 3-1a. The 

experimental data points are obtained from the NIST Thermo Data Engine (TDE) 

database [30] and the binary interaction parameters are obtained from APV100 

VLE-IG database, accessed through Aspen Properties V.12.1®. This figure shows 

two immiscible liquid phases in equilibrium with the vapor due to the MIBK-water 

heterogeneous azeotrope formation. This batch distillation process, engaged with 

water removal as volatile component, would have a relatively large energy cost due 

to heat capacity and latent heat of water. Having an azeotropic mixture 

complicates the situation, and accordingly, the energy consumption is relatively 

high for removing a specific amount of water from the studied mixture. 

Specifically, this study aims to assess the batch-mode separation of a binary MIBK-

water mixture with 98 wt.% of MIBK as a typical waste stream in the paint 

industry. This composition (water concentration of 2 𝑤𝑡.%) corresponds to the 

solubility of water in MIBK at room temperature after decanting the main water 

fraction. Further purification up to 99.8 𝑤𝑡.% is demanded as a standard criterion 

for solvent reuse; thus, it becomes the scope of separation in the present study. The 

initial temperature of the feed is 25 ℃, which represents the room temperature, 

and the total initial feed charge is 15 𝑘𝑔. 

Generally, a batch distillation/rectifying unit comprises three main elements: (1) a 

still (or pot) that contains the initial mixture batch charge (feed) and provides the 

heating facilities via an external heat source or embedding a heater within; (2) a 



Saber Niazi 

 

54 

 

column consisting of the mass transfer internals such as trays or packings; and (3) 

a condenser that condenses the vapor leaving the column, partially or totally. The 

unit might also include some accessories, such as distillate collection tanks, reflux 

drums, control systems, etc. The basic distillation unit studied in this project 

presented schematically in Figure 3-1b, comprises a packed column filled with 

Raschig rings of size 1/2 inch, a still of 25 𝐿 volume, and a total condenser that 

provides a constant temperature outlet stream. 

The necessary technical data to define the basic batch distillation model are listed 

in Table 3-1. This table presents the feed properties, process objectives, column 

internals, unit accessories, heater (reboiler), and condenser characteristics applied 

in the simulation model. The contents of Table 3-1 are applied in almost all the 

simulations unless otherwise specified in a particular case.  

 

Figure 3-1. (a) Phase equilibrium diagram of MIBK-water system at 1 atm. and 

temperature range: 0 - 116 ℃ [29,30]. 
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Table 3-1. General operating conditions and technical features applied in the batch 

distillation unit simulation.  

Parameter Symbol Value Units 

Initial charge (Batch size) 𝑟0 15 [𝑘𝑔] 

Operating pressure (Condenser pressure) 𝑃 = 𝑃𝑐  1 [𝑎𝑡𝑚. ] 

Initial MIBK mass fraction 𝑥𝑟0 0.98 [−] 

Final MIBK mass fraction 𝑥𝑟 0.998 [−] 

Valid phases − VLL [−] 

Still diameter 𝜙𝑠 0.3  [𝑚] 

Still volume 𝑉𝑠 25  [𝑙] 

Reboiler duty 𝑊 5040 [𝑘𝐽/ℎ] 

Reboiler type − Jacket Heating [−] 

Condenser type (Total/Partial) * − Total  [−] 

Diameter of condenser inlet 𝜙𝑐 0.1  [𝑚] 

No. of collectors − 3 [−] 

Column diameter 𝜙𝑡  0.1 [𝑚] 

Packing type − Metal Raschig ring [−] 

Packing size 𝜙𝑝 13 (1/2”) [𝑚𝑚] 

Assumed height of the equivalent theoretical plate HETP 1 [𝑚] 

Packing Bed Height 𝐻𝑝  2 [𝑚] 

Dry packing factor  𝐹𝑝 984 [𝑚−1] 

Packing porosity  𝜀 0.85 [−] 

Specific area of packing  𝛼 400 [𝑚2/𝑚3] 

Foaming factor 𝑓𝑓 1 [−] 

* It is a total condenser regarding MIBK and water components (section 3.2.2.1) 

 

Regarding the column internal calculations, the simulator performs the flooding 

and pressure drop calculations via the Eckert model [31]. Since the mixture has a 

low foaming tendency, the system factor applied is equal to 1. A random packing 

bed of 2 m height is introduced to the model, as described in Table 3-1. The 

simulation approach is based on the equilibrium stages, and the 𝐻𝐸𝑇𝑃 is set to 1 

m. Accordingly, the packing bed defined in the model is equal to two equilibrium 

stages. Subsequently, considering the still/reboiler as another equilibrium stage, 

the batch distillation unit comprises three equilibrium stages. Since the 

heterogeneous liquid phases are supposed to be simulated, the model is adjusted 

to recognize three phases: an organic liquid phase (MIBK-rich), an aqueous liquid 

phase (MIBK-lean), and a vapor phase. 

Jacket heating with a constant rate of 5040 kJ/h is continuously applied on the 

still for the entire process duration, and the condenser provides a fixed-
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temperature condition for the outlet stream, which subsequently divides into the 

reflux and top outlet (distillate) streams. 

The main operation scenario in this study is the "constant reflux ratio" [3], and the 

operation continues until the MIBK purity of the mixture within the unit reaches 

the desired value of 99.8 𝑤𝑡.%. The total amount of liquid and vapor in the column 

and the still are considered for stop criteria recognition. In this order, the final 

condition is set to recycle the holdup mixture to the still, and no amount of the 

mixture will be discharged to the distillate receivers after the operation stop time. 

The desired product (high-purity MIBK) will be collected in the still, and the top 

product, mainly composed of the volatile component (water), is generally identified 

as effluent or, in some cases, as an unrefined mixture (section 3.3). In all 

simulations, the top product (distillate) is divided into three phases, and each 

phase is collected in a particular distillate receiver for accurate phase and 

component tracking and a better understanding of observations. The collectors D1, 

D2, and D3 (Figure 3-1b) receive the aqueous phase, the MIBK-rich phase, and the 

vapor product (section 3.2.2.1), respectively. 

The state variables used to evaluate the unit performance and the necessary 

parameters to specify them are presented in Table 3-2. These variables enable us 

to analyse the batch distillation unit performance in different terms. This way, the 

optimum operation approach can be recognized in terms of process time, energy 

consumption, production quantity, or production rate. The ultimate goal in this 

unit is to recover the maximum amount of MIBK with the desired purity of 99.8 

𝑤𝑡.% at the shortest possible time which, in turn, implies the maximum production 

rate and minimum energy consumption, for a case with constant reboiler duty. On 

the other hand, production rate and, in some batch operations, energy consumption 

have varying values during the batch distillation operation, which requires a 

proper way to be quantified. Accordingly, in addition to process duration (𝑡) and 

recovered mass (r), three other parameters, namely fractional recovery (𝜂), specific 

product flow (𝑆𝑃𝐹), and specific energy cost (𝑆𝐸𝐶) are introduced as follows [29,32]: 

𝑆𝑃𝐹 = [
𝑟. 𝑥𝑟

𝑡
] = [

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑

ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛
] (1) 

𝜂 = [
𝑟. 𝑥𝑟

𝑟0. 𝑥𝑟0
] = [

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑

𝑘𝑔𝑀𝐼𝐵𝐾 𝑓𝑒𝑑
] (2) 



3. Process design and simulation of methyl isobutyl ketone (MIBK) dehydration 

by batch distillation: A study on unit configuration and operational policies  

57 

 

𝑆𝐸𝐶 = [
𝑊

𝑆𝑃𝐹
] = [

𝑘𝐽/ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑/ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛

] = [
𝑘𝐽

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑
] (3) 

Where 𝜂 presents the fraction of MIBK recovered in one time running the unit, 𝑆𝑃𝐹 

expresses the average rate of recovery in the batch distillation process, and 𝑆𝐸𝐶 

determines the amount of energy required to recover a unit amount of MIBK, 

which enables one to evaluate (and compare) the effectiveness of different 

strategies in terms of energy cost, regardless of the feed quantity or scale of the 

unit. Table 3-3 presents the studied operational parameters and their associated 

range of variation in this project. The (external) reflux ratio, RR, refers to the ratio 

of reflux to distillate for each liquid phase received in the condenser/decanter. It 

can be calculated as follows: 

𝑅𝑅 =
𝑅

𝐷
 (4) 

Where R and D are the mass flow rate of reflux and distillate streams, respectively. 

The return fraction, RF, refers to the fraction of each liquid phase received in the 

condenser/decanter, that returns to the column along with the reflux stream. This 

definition is identical to internal reflux ratio (L/V) for the top stage in the column 

but applied to each liquid phase. This term and its relationship with reflux ratio is 

as follows: 

𝑅𝐹 =
𝑅

𝐷 + 𝑅
=

𝑅𝑅

1 + 𝑅𝑅
=

𝐿

𝑉
 (5) 

Where L is the mass flow rate of the liquid refluxed to the column and V is the 

mass flow rate of the vapor leaving the top stage of the column. In this work, RF1 

refers to the MIBK-rich phase return fraction and RF2 refers to the aqueous phase 

return fraction.  

Table 3-2. State variables for batch distillation unit assessments. 

Parameter Symbol Units 

Process Duration 𝑡 [ℎ] 

Recovered Mass 𝑟 [𝑘𝑔] 

Fractional Recovery 𝜂 [−] 

Specific Product Flow 𝑆𝑃𝐹 [𝑘𝑔. ℎ−1] 

Specific Energy Cost 𝑆𝐸𝐶 [𝑘𝐽. ℎ−1] 
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Table 3-3. Variable operating parameters and the range of study. 

Parameter Symbol Range of Study Units 

Number of theoretical stages in column 𝑁𝑒 0-5 [−] 

Reflux ratio RR 0.1~20 [−] 

Reflux ratio of MIBK-rich phase (Rich) 𝑅𝑅1 0.1~20 [−] 

Reflux ratio of Aqueous phase (Lean) 𝑅𝑅2 0.1~20 [−] 

Return fraction of MIBK-rich phase (Rich) 𝑅𝐹1 0~1 [−] 

Return fraction of Aqueous phase (Lean) 𝑅𝐹2 0~0.95 [−] 

Condenser temperature 𝑇𝑐  25~85 [℃] 

 

3.2.2. Unit configurations and operation policies 

Employing a suitable operation policy while using an efficient configuration offers 

desirable production and simple operation at a reasonable energy and time cost. 

Based on the previously developed knowledge on MIBK-water distillation [29] and 

potential strategies in heteroazeotropic batch distillation [21,33], three main batch 

distillation configurations are studied under different operation strategies. Figure 

3-2 shows the three configurations entitled Mode I, Mode II, and Mode III. Mode I 

represents a conventional batch distillation unit according to the basic unit 

description in section 3.2.1, Mode II refers to a batch distillation unit equipped 

with a reflux drum on the condenser outlet stream, which enables the operator to 

remove (or return) an intended phase after decanting, and Mode III is an extreme 

case of Mode I (or II) in which the external reflux stream is cut and no part of the 

vapor leaving the column returns back to it. Mode III turns the complex distillation 

unit into a very simple unit. Each mode/configuration is studied in a range of 

operating conditions under different operation policies. The results are discussed 

in detail to characterize the operation sensitivity and its dependency upon the 

operating parameters presented in Table 3-3. As mentioned before, the scope of the 

process for all cases in this study is to recover MIBK at 99.8 𝑤𝑡.% in the still at the 

end of operation. Table 3-4 briefly presents the study plan, including the different 

sections of this study, classified based on the concerned variable parameter and 

the studied range of each parameter.  

Partial reflux, in this table, refers to the condition where a fraction of a liquid phase 

received in the condenser/decanter returns to the column along with the reflux 

stream (0<RF<1). Total reflux refers to the condition where the liquid phase 
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entirely returns to the column (RF=1) and Reflux of 0 refers to the condition where 

the liquid phase totally discharges as top product (distillate). Simulation of all 

three configurations is conducted using BatchSep module provided in Aspen Plus 

V12.1®, and the relevant flowsheet is presented in Figure 3-3. 

 

 

Figure 3-2. Three different batch distillation configurations studied in the present 

investigation. 

 

Table 3-4. Operation policies for different batch distillation configurations 

Case 

no. 
Description Config. 

Total reflux 

as start-up 

MIBK-rich 

phase reflux 

Aqueous 

phase 

reflux 

𝑁𝑒 𝑇𝑐  (℃) 

1 Conventional distillation Mode I Yes Partial Partial 2 85 

2 Start-up procedure assessment Mode I No Partial Partial 2 85 

3 Batch distillation with decanter Mode II No Total 0 2 85 

4 Deficient water removal  Mode II No Total Partial 2 85 

5 Deficient MIBK reflux Mode II No Partial 0 2 85 

6 Simple distillation (Refluxless) Mode III No 0 0 2 NA. 

7 Effect of condenser temperature Modes I-II No Partial Partial 2 25~85 

8 Effect of no. of theoretical stages Mode II No Total 0 0~5 25~85 

9 Troubleshooting approaches  Mode II-III No Total 0  0&2 25&85 

Mode I: Conventional 

distillation  

Mode II: Distillation with 

decanter 

Mode III: Simple  

distillation (refluxless) 
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3.2.2.1. Conventional distillation (two-step operation)- Mode I 

Before addressing the variety of configurations, modes, and strategies applied for 

separation unit assessment, it is necessary to define the basic unit model. 

Conventionally, the first step to run a distillation unit is to start the process in 

total reflux mode until reaching the steady state condition, known as the "start-

up" (or heating) step. Once the steady state is achieved, a finite reflux ratio (known 

as the "production step") is set based on the overall unit objectives and desired 

product specifications. Since there is no production during the start-up step, it 

might be ignored in energy efficiency evaluation. The start-up step energy 

consumption might be significant compared to the total energy consumption in a 

batch distillation process so it should be included in the operation assessment. In 

addition, the largest amount of mixture within a batch distillation unit 

corresponds to the start-up step. Consequently, the energy consumption at the 

beginning seems to be significant due to covering both temperature rise and 

evaporation for a large quantity of mixture. Accordingly, the start-up step is 

considered in the energy and production rate evaluation of all studied cases in the 

present work. For this purpose, “Initial charge” option is applied as initial 

condition of BatchSep Model. While utilizing the "initial charge" option, a pad gas 

must be introduced to fill the empty space within the column/containers. Hence, 

nitrogen gas is assigned as "pad gas", which matches the industrial cases where 

nitrogen is purged in the non-operating equipment for equipment protection, and 

it is also the main air component in a normal case with no purge gas. On the other 

hand, since using a total condenser is not compatible with the pad gas presence, a 

partial condenser with a fixed temperature of 85 ̊C is employed with no reflux 

drum. This temperature is slightly lower than the azeotrope temperature of the 

water-MIBK mixture at atmospheric pressure (88.38 ̊C), and it ensures condensing 

the MIBK and water content at the highest possible temperature that provides a 

saturated liquid outlet with no sub-cooling in the condenser. Regarding the Aspen 

Plus instructions, the distillation unit comprises four theoretical stages, including 

a still/reboiler, two theoretical stages in the column, and a partial condenser. On 

the other hand, since the condenser is a total condenser with respect to the feed 

components (MIBK-water mixture), the model should be literally identified as a 

three-stage distillation unit based on the fundamental knowledge of unit 

operations. 

In simulations conducted by BatchSep module, unsteady-state heat and mass 

balance equations and phase equilibrium relationships are applied by Aspen Plus 
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to simulate the process with details in each element of the unit. The implicit Euler 

integration method is employed for calculations. The initial and minimum time 

step sizes are 10-5 h and the maximum time step is 0.01 h. The absolute and 

relative integration tolerances were set to 10-4. The maximum number of iterations 

for the non-linear solver is set to 100. No convergence issue was raised by applying 

the described solver configuration, calculation methods and adjusted parameters.  

 

 

Figure 3-3. Process flow sheet of distillation unit by BatchSep Module  

 

3.2.2.2. Start-up procedure assessment (single-step operation)-Mode I 

Generally, conducting a batch distillation operation takes a relatively short time 

and consists of two (or more) steps.  In addition to the significant contribution of 

heating/start-up step in total energy consumption, the operator might have a delay 

in recognition of the steady state condition to turn the operating mode "total reflux" 

to "finite reflux" in order to start production [34,35]. Any delay in steady state 

recognition causes an extra energy cost and a longer process time. In addition, the 

total reflux operation mode is fundamentally a crucial stage for a continuous 

distillation unit start-up to reach a steady state condition and fulfil the desired 

product specification from the beginning of production. Hereupon, an assessment 

is conducted in this study to see if this operator-oriented start-up instruction must 

be necessarily followed for a batch distillation unit or if it can be replaced by an 

alternative approach. Accordingly, the simulation described in "conventional 
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distillation" is repeated, skipping the first operation step, "total reflux", to assess 

the necessity of this strategy. The results for both cases are compared at varied 

reflux ratios in the range of 0.1–20 to see the probable advantages of each scenario 

at different reflux levels. 

3.2.2.3. Batch distillation with decanter (perfect decanter) – Mode II 

As explained before, the MIBK-water mixture is a self-entrained binary system, 

which means the heteroazeotrope appears with the original components of the 

mixture with no need to introduce a third component as an entrainer. The liquid-

phase immiscibility in the MIBK-water binary system can be used to leverage the 

distillation unit by installing a decanter downstream of the condenser. This can be 

interpreted as implementing a mechanical separation process to assist the 

distillation process. The distillation using a decanter, refluxing the total amount 

of MIBK-rich phase, and discharging the aqueous phase has already been studied 

and proved to be an effective way for process improvement in terms of production, 

process time, and energy consumption [29]. On this basis, a reflux drum is added 

to the unit to separate the MIBK-rich liquid (organic) and the MIBK-lean liquid 

(aqueous) and also to control the reflux and distillate stream content. The ideal 

case is to consider a perfect phase separation, immediately returning the entire 

MIBK-rich phase to the column as a reflux stream and discharging the entire 

aqueous phase to the distillate collector tank. The column for Mode II is modelled 

with the same adjustments as in the basic distillation unit (Mode I). The reflux 

ratio of 0 for the aqueous phase and total reflux for the MIBK-rich phase are set to 

simulate the perfect decanter. 

3.2.2.4. Batch distillation with decanter (deficient water removal) – Mode II 

Applying a decanter in a heteroazeotropic continuous distillation and achieving a 

perfect phase separation is relatively easy due to the steady-state condition and 

constant stream rates. On the other hand, in a batch distillation unit with dynamic 

behaviour and relatively short time operation, achieving a perfect liquid-liquid 

separation is challenging. In addition, the small scale of the unit and its low capital 

cost are crucial factors for a batch distillation unit. Accordingly, employing a small 

number of control elements is generally preferred. Hence, it is important to know 

if a sophisticated control system for decanter is necessary or an imperfect (partial) 

decanter can sufficiently fulfil the process requirements. 
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On this basis, deficient decanting with two scenarios of "deficient water removal" 

and "deficient MIBK reflux" are studied to assess how decanter accuracy may 

affect the unit operation performance. To simulate the deficient water removal, a 

specific fraction of the aqueous phase received in the decanter is returned to the 

tower along with the entire MIBK-rich phase. Since this part of the study concerns 

the decanter separation performance (not the distillation column), decanting 

quality can be quantified and presented by "return fraction," which is defined as 

the fraction of each decanted liquid phase that returns to the column along with 

the reflux stream (Eq. 5). Various aqueous phase return fractions (𝑅𝐹2) in the range 

of 0 to 0.95 are studied (corresponding to 𝑅𝑅2 range of 0 to 19), along with the total 

reflux of the MIBK-rich phase (𝑅𝐹1 = 1) to characterize the impact of deficient 

water removal in the decanter. No need to mention, the case with  𝑅𝐹2 = 0 is 

obviously replicating the perfect decanting, and the case with  (𝑅𝐹2 = 1) implies no 

water removal that is not compatible with the unit objectives, so the maximum 

studied value is  𝑅𝐹2 = 0.95.  

3.2.2.5.  Batch distillation with decanter (deficient MIBK reflux) – Mode II 

The second scenario to simulate an imperfect decanter is to consider the MIBK-

rich phase's partial discharge to the distillate receiver along with the aqueous 

phase, which might be identified as "MIBK loss". This scenario is studied, 

assuming perfect aqueous phase removal by decanter. Various MIBK-rich phase 

return fractions (𝑅𝐹1) in the range of 0 to 1 are studied. The case 

with (𝑅𝐹2 = 0, 𝑅𝐹1 = 1) is obviously replicating the perfect decanter case, and the 

case with no reflux  (𝑅𝐹1 = 𝑅𝐹2 = 0) turns the unit into a simple distillation (Mode 

III). Accordingly, the effects of missing some of the MIBK content in the top product 

could be identified. 

3.2.2.6. Simple distillation as an alternative - Mode III 

As mentioned in section 3.2.2.5, by extending the study range, the user faces an 

extreme case with no reflux stream  (𝑅𝐹1 =  𝑅𝐹2 = 0). It turned out that due to the 

small amount of water, it can be removed by vaporizing the mixture with no reflux 

stream at the cost of discharging a large fraction of the MIBK content into the top 

product. This operation scenario is supposed to assess the feasibility range for a 

unit with no column (packing bed), decanter, reflux stream, etc., and ultimately 

downscale a complex distillation unit (Mode II) into a simple distillation unit 

(Mode III). 
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3.2.2.7. Effect of condenser temperature - Modes I-II 

Condenser temperature is known as an important parameter to control in a 

distillation unit. A distillation unit condenser is an attractive element for thermal 

integration and energy recovery, so a lower temperature in the condenser might 

be of interest in order to recover more energy. On the other hand, the effects of 

temperature on distillation performance must be carefully characterized. 

Sometimes these impacts can be complicated and hard to predict, particularly once 

a new operation policy is applied. Knowing the fact that subcooling in a condenser 

leads to repelling more water from the MIBK-rich phase, it is basically expected to 

improve the process but still needs to be evaluated in detail. Accordingly, the 

simulations of Mode I and Mode II (with a perfect decanter) are repeated, varying 

the condenser temperature in the range of 25 to 85 °C in order to specify the effects 

of subcooling on the performance indicators. This temperature range is expanded 

from normal ambient temperature and available coolers (25 °C) up to 

approximately the maximum temperature for total condensing (85 °C). 

3.2.2.8. Effects of no. of theoretical stages - Mode II-III 

The number of mass transfer stages in column, specifically is one of the major 

factors to be specified and optimized during the distillation unit design procedure 

since it directly affects the internal hydraulic condition and, consequently, the 

separation performance. Due to the dynamically changing loads of liquid and vapor 

in a batch distillation column, the mass transfer internals are expected to work out 

of the satisfying hydraulic range, in which they function efficiently. Even a precise 

hydraulic calculation on packing beds is based on a perfect liquid and gas 

distribution assumption, so the HETP value depends directly on the hydraulic 

condition within the bed [36]. This means that for an inherently dynamic batch 

distillation unit, specifying the HETP is probably not an accurate approach so that 

a batch distillation column shall be necessarily characterized in a wide range of 

operations with different amounts of packings. Accordingly, the simulation of Mode 

II with a perfect decanter is repeated for different sizes of mass transfer sections 

from 0 to 5 theoretical stages. The case 𝑁𝑒 = 0 represents a distillation column with 

an inefficient packing bed or when the unit comprises an evaporation pot and a 

condenser. This case is also supposed to be compared with Mode III, where neither 

a functional mass transfer internal nor the condenser are employed. In addition, 

the case with no packing bed is repeated at a lower condenser temperature 

(subcooling at 25 °C). These cases are simulated to assess the extreme operation 
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scenarios and the possibilities of adapting and upgrading an existing, poorly 

designed unit by manipulating the operating variables such as reflux stream or 

condenser temperature. 

3.3. Results and discussion 

Before discussing the results for the batch distillation unit, it must be clarified that 

identifying an operation as "efficient" or "inefficient" strongly depends on the user's 

point of view. A unit might be exploited once with no repeat, such as in the case of 

a rental batch unit, or when repeating the process is not of interest. In such cases, 

the production quantity and time for every single batch matters. In case the heavy 

component is the product of interest, any part of it leaving as top product would be 

identified as “loss” and the top product would be identified as “effluent”.  Another 

approach is to run a batch unit repeatedly to purify the continuously receiving feed 

batches. This approach is more common, and since it implies a semi-continuous 

trend, it can be analogized to a continuous operation for performance evaluation. 

On the other hand, the single-batch process shall be evaluated independently with 

no further steps. Figure 3-4 presents these two approaches. Accordingly, in order 

to evaluate the batch distillation unit in this study, two perspectives have been 

applied:  

(1)  Perspective I (Persp. I): When repeating the process is not of interest, for 

instance in case of exploiting a rental batch unit. It considers a single batch 

operation and evaluates the unit performance in terms of batch recovery (), 

recovered mass (r) process duration (t), production rate (SPF), and energy 

consumption (SEC), and finally select the best operation range in a trade-off 

procedure among the principal factors and priorities. For instance, purity or 

the amount of recovered mass (or fraction) might override energy efficiency, 

and the user might prefer to obtain the maximum possible product. In this 

perspective, the amount of MIBK leaving the unit along with the top product 

is considered as "lost" along with the effluent (as shown in Figure 3-4a). 

There is no subsequent recovery for the lost MIBK, so the recovered mass 

(or fraction) can be a decisive factor for the user in this approach. 

(2) Perspective II (Persp. II): It Considers sequential batches, which implies 

repeating the batch distillation and reprocessing the distillate by a 

subsequent batch. This practice is more common, and since it implies a 

semicontinuous trend, it can be analysed as continuous operation for 

performance evaluation. Using this perspective, the overall performance of 
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the process over time shall be evaluated instead of a single batch 

performance. On this basis, the rate of production (SPF) and the energy 

consumption per unit quantity of product (SEC) will be suitable criteria to 

evaluate the operation. In this case, fractional recovery () or a single batch 

time duration (t) are not good indicators for process performance. According 

to this point of view, discharging some MIBK along with the top outlet 

stream is not necessarily an adverse issue, and that quantity of MIBK will 

not be considered as "loss". The top product can be collected and decanted at 

room temperature, and the MIBK-rich phase will be added to the feed charge 

in the subsequent batch operations (Figure 3-4b). It has to be noted that the 

batch distillation columns shown in this figure are the same unit operating 

at different times to refine a new batch of feed.  

The results for different parts of this study, presented in the following sections, 

cover the required data for both perspectives but with more focus on Persp. II due 

to an industrial inquiry, in which the end user is supposed to run the unit 

frequently during the time, what matches the concept of Persp. II. 

 

Figure 3-4. Commonly applied perspectives for evaluation of a batch distillation unit (a) 

single batch (Persp. I) and (b) sequential batches (Persp. II). 

3.3.1. Conventional distillation (two-step operation) - Mode I 

As explained in section 3.2.2.1, to establish a steady-state condition in the column 

before starting production, a total reflux condition is set within the unit which 

implies a “two-step operation (TSO)”. Steady state recognition was achieved 

through monitoring the vapor and liquid loads on the top column stage. A constant 

liquid load within the column represents a fully developed reflux stream and the 

steady state condition in the column. To be confident that the criteria for steady 

state recognition are adequate, the thermal and component profiles of the entire 
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system were also monitored simultaneously in total reflux mode. No further 

change in composition, temperature, or fluid loads was observed after 2500 s. 

Accordingly, the simulations for the start-up step (total reflux) in the conventional 

distillation process continued for 2500 s, then the operation turned to the 

production step (finite reflux ratio). Nine different reflux ratio levels in the range 

of 0.1 to 20 are studied to see the impact of reflux ratio on unit performance. The 

duration of the total reflux operation step is constant in all cases.  

Variation of fractional recovery (𝜂) and process duration (t) with reflux ratio for 

single-step operation is presented in Figure 3-5a. According to this figure, the 

fractional recovery (𝜂) increases by increasing the reflux ratio, which was expected 

due to holding more MIBK in the unit by means of a high reflux quantity. In other 

words, with a lower reflux ratio, a larger fraction of MIBK leaves the column before 

achieving the desired purity. On the other hand, the process duration increases 

with increasing the reflux ratio, which can be explained by retaining a larger 

fraction of water in the system, which needs a longer time to be removed as a top 

product. The results also show that the start-up step duration corresponds to about 

63% of the total operation time for the case RR=0.1 and it is about 16% of the total 

time for the case RR=20. Accordingly, the initial heating step is a significant part 

of batch distillation, particularly in short-time operations. 

Taking a more precise look at the graph, it can be observed that increasing the 

reflux ratio leads to a slight increase in process duration in the range below RR = 

5, and with further increases in the reflux ratio, the process time increases 

drastically. On the other hand, the fractional recovery (𝜂) is sharply increased by 

increasing the reflux ratio in range RR<3 and beyond this point, the recovered 

mass is almost constant (about 13.9 kg). These observations indicate that for a high 

recovery value, the reflux ratio should be increased to a specific value (RR=3) which 

has a slight time/energy cost but increasing the reflux ratio over this point causes 

a higher time/energy cost and no significant improvement in recovery. 

In all studied cases, a trace of MIBK leaves the column along with the aqueous 

phase as well as the nitrogen gas leaving the column at the beginning of operation. 

Based on Persp. I, a minimum reflux ratio of 3 is necessary to recover the MIBK 

almost completely, and since the recovery will not improve with further increases 

in the reflux ratio, operation with RR=3 is the optimum point. 

To evaluate the process based on Persp. II, it is necessary to analyse the SEC and 

SPF values. SEC and SPF values for a single-step operation are presented in 
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Figure 3-5b. It can be observed that the minimum SEC value and maximum SPF 

value are obtained at RR=1. This can be explained by the relatively high recovery 

of MIBK compared to the cases with lower return fraction besides the negligible 

increase in time with increasing the return fraction up to 1. On the other hand, 

however, further increase of reflux ratio still increases recovery but the time also 

increases sharply so that the SEC and SPF change adversely.  Accordingly, in order 

to recover a particular amount of MIBK, conducting the operation with RR=1 

minimizes the energy consumption and maximizes the recovery rate. Based on 

Persp. II, however, the recovered MIBK at the point RR=1 is not as high as it could 

potentially be in a single batch operation, but this point is the optimum condition 

since it leads to a smaller energy cost and a larger production rate for a specific 

amount of MIBK recovered. Regarding Eq. 5, the point RR=1 corresponds to an 

operation in which 50% of the MIBK-rich liquid and 50% of the aqueous liquid 

received in the condenser are returned to the column as reflux stream. It is worth 

mentioning that to recycle the MIBK content discharged from top and to recover it 

in the next batch operations, based on Persp. II, the top product would be located 

in the two-liquid region of the equilibrium phase diagram (Figure 3-1a). 

Accordingly, after a primary liquid-liquid phase separation, the decanted MIBK-

rich phase would have a composition in the range of 0.96-0.98 wt.% MIBK, 

depending on the temperature. In case of cooling the mixture to 25 °C (room 

temperature, identical to the feed condition), the composition is expected to be 

identical to the feed composition (~0.98 wt.% MIBK) since it is determined by 

solubility of water in MIBK.  

It should be noted that SEC and SPF are also applicable to evaluate a single-batch 

operation (Persp. I) but are not sufficient to describe the performance since a low 

SEC value does not necessarily indicate a desirable performance because it might 

be due to a low fractional recovery () which means the short operation time and 

lower energy cost are due to the loss of valuable components. Hence, one must 

consider the recovery indicators ( or r) besides the SEC and SPF, to provide a 

valid evaluation based on Persp. I. For instance, based on Persp. I, the case with 

the RR=1 is not an ideal case because that leads to a considerable loss of MIBK 

(about 0.5 kg) compared to the case RR ≥ 3 so that it can be evaluated only by 

recovery indicators ( or r). 
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Figure 3-5. Effect of reflux ratio on single-step operation and two-step operation in terms 

of (a) recovery and process duration time and (b) SPF and SEC 

3.3.2. Start-up procedure assessment (single-step operation) - Mode I 

As explained in section 3.2.2.2, the simulation cases of conventional distillation 

unit are repeated, skipping the start-up step. The values of fractional recovery (𝜂) 

and process duration time (t) in both scenarios of "single-step operation" (SSO) and 

"two-step operation" (TSO) can be observed in Figure 3-5a. As this figure indicates, 

operation in single-step results in a shorter process time in the range of 3.5% (for 

RR=20) up to 11.1% (for RR=0.1). On the other hand, a single-step operation 

results in a lower MIBK recovery, especially in cases with a low reflux ratio. This 

can be explained by the amount of MIBK discharges at the beginning of the process 

in a single-step operation that could be retained by means of a total reflux start-
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up approach. Accordingly, based on Persp. I, applying the single-step operation 

scenario with low reflux values may have an adverse impact on fractional recovery 

and is not recommended. It must be noted that the recovery at RR=3, which is the 

optimum point of operation based on Persp. I, is the same for both scenarios, and 

the process time is still less than the two-step operation (with start-up). 

Accordingly, regarding Persp. I, using a single-step operation is advantageous if 

the unit is running at a proper reflux level. 

The SEC and SPF values for single-step operation are presented in Figure 3-5b, 

along with those for two-step operation. As it can be observed, the single-step 

operation scenario results in lower SEC and higher SPF in all cases, which means 

skipping the total reflux start-up step not only offers an easier operation and a 

shorter operating time but is also beneficial in terms of energy cost and production 

rate. Accordingly, regarding Persp. II, the single-step operation is preferred over a 

two-step operation, and the rest of the study is conducted with the same operation 

scenario, using a constant reflux ratio from the beginning of the operation. 

3.3.3. Batch distillation with decanter (Perfect decanter) – Mode II 

Based on section 3.2.2.3, and since the main objective of the studied process is to 

remove water from the MIBK-water mixture, employing a decanter to separate the 

aqueous phase and reflux the MIBK-rich phase is investigated in detail. Based on 

a previous study [29], the decanter holdup time is neglected in this mode, and a 

perfect phase separation is assumed for the simulation model. Accordingly, the 

entire MIBK-rich phase is immediately returned to the column, and the water is 

completely discharged to the collector tanks. Figure 3-6 presents a comparison of 

all state indicators for a unit equipped with a perfect decanter and the conventional 

distillation unit with no decanter. 
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Alternatives for a separator with no mass transfer internals
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Figure 3-6. Comparison of state indicators in Mode II with a perfect decanter and Mode I 

at RR=1 and RR=3 

 

The Mode I - RR=1 case, as the optimum point in Persp. II, and the Mode I - RR = 

3 case, as the optimum point in Persp. I, are compared to the unit equipped with a 

perfect decanter. According to this figure and based on Persp. I, using a perfect 

decanter enhances the recovery and decreases the process time. Also, applying 

Persp. II for unit evaluation, Mode II with a perfect decanter offers a lower SEC 

and a higher SPF compared to Mode I. This can be explained by locating the reflux 

and distillate composition in the phase equilibrium diagram (Figure 3-1). By 

applying a perfect decanter, the reflux stream is a saturated MIBK-rich liquid with 

low content of water that keeps the MIBK within the unit, and on the other hand, 

the top product (distillate) is a diluted aqueous phase that takes out a small 

amount of MIBK outside the unit.  

The perfect decanter is theoretically an ideal case. In practice, there are some 

deviations from this ideal case, such as delay in reflux, insufficient decanter size 

to provide effective separation, slow dynamics of the control system, etc. These 

facts probably cause a deficient phase separation. Accordingly, and as explained in 

sections 3.2.2.4 and 3.2.2.5, operation under partial return fraction of aqueous and 

organic phases are investigated. 
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3.3.4. Data processing 

It was probably not a surprising conclusion that employing a perfect decanter to 

remove the aqueous phase improves the unit performance in all aspects and offers 

the lowest SEC and highest SPF values. Accordingly, a unit equipped with a 

perfect decanter, identified as an ideal case of operation, is a suitable benchmark 

to measure different aspects of other situations and operation scenarios. The 

partial return/reflux of the aqueous phase and the MIBK-rich phase are supposed 

to resemble the possible circumstances in which the unit deviates from the 

theoretically ideal case (Mode II with a perfect decanter). These cases are 

compared to the ideal case to identify their potential for separation on a reasonable 

scale. In this order, the state indexes, including the time index (𝑡𝑖), recovery index 

(𝜂𝑖), Production rate index (𝑃𝑖), and energy index (𝐸𝑖) are defined as below: 

𝑡𝑖 = [
𝑡𝑑

𝑡
] (6) 

𝜂𝑖 = [
𝜂

𝜂𝑑
] (7) 

𝑃𝑖 = [
𝑆𝑃𝐹

𝑆𝑃𝐹𝑑
] (8) 

𝐸𝑖 = [
𝑆𝐸𝐶𝑑

𝑆𝐸𝐶
] (9) 

The subscript "d" represents the case with a perfect decanter that offers perfect 

aqueous phase removal and total MIBK-rich phase reflux. Normally, the 

magnitude of these indexes is between 0 and 1, unless the separation is more 

effective in all or one of these aspects compared to the perfect decanter case. The 

closer the index is to 1, the closer that aspect of the process is to the perfect 

decanter case. The state indexes show how far an operation is from the ideal case. 

The use of these variables facilitates the feasibility evaluation and helps in the 

trade-off or compromising procedure for unit design and operating planning. For 

instance, these indexes enable the user to know how accurately the decanter must 

operate to provide an efficient distillation. In addition, due to the relationship 

between SEC and SPF (SEC × SPF = W = Constant), the energy index and 

production rate index are identical, so using one index presents the quality for both 

factors. Moreover, in cases with the same recovery, the time index will also be equal 

to the energy and production rate indexes. 
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3.3.5. Batch distillation with decanter (deficient aqueous phase 

removal) – Mode II 

In order to provide a realistic evaluation, deficient decanting is studied by varying 

the aqueous phase return fraction. Figure 3-7a indicates the process duration and 

fractional recovery for various aqueous return fractions from 0 to 0.95. Figure 3-

7b presents the SEC and SPF values at different aqueous phase return fractions. 

As explained in section 3.3.4 for better illustration of the results, all state 

indicators are combined in Figure 3-7c on a common scale. The noticeable point in 

this graph is that the plots of time, production rate, and energy indexes have the 

same trend with changing aqueous phase return fractions. The energy and 

production rate indexes are expected to have the same value, but the time index 

matches those two due to the constant recovery in this part of the study. 

Another important point of this figure is that returning less than 50 % of the water 

does not change the recovery significantly, which means that even if the decanter 

is not capable of perfect water removal and only removes 50 % of the aqueous 

phase, it is still offering a high level of performance, which is very close to the case 

with perfect decanting. On the other hand, process time, energy, and production 

rate change slightly by increasing the aqueous phase return fraction from 0 to 

about 0.5, but further increases in the aqueous phase return fraction accelerate 

the changes. Accordingly, if 𝑅𝐹2 ≤ 0.5 the energy, production rate, and time indexes 

are still over 0.95, which means a 50 % deficiency in water removal leads to only a 

5% decrease in the state indexes. 

According to these observations, there is no need for a sophisticated control system 

or a large decanting drum to provide perfect aqueous-phase decanting, but a 

minimum of 50 % aqueous-phase return fraction is necessary for an efficient 

operation. Regarding the operation scenarios/perspectives, the following can be 

generally stated: 

- Based on Persp. I, using a decanter with partial water removal and total 

MIBK-return fraction will ensure a high MIBK recovery, but the process 

time needs to be considered carefully to avoid long process duration and, 

consequently, high energy costs. A minimum of 50 % water removal in the 

decanter ensures a time index of over 0.95. 

- Based on Persp. II, the less water returned, the better the operation in terms 

of time, energy cost, and production rate. A minimum of 50 % water removal 



Saber Niazi 

 

74 

 

in the decanter is necessary to ensure production rates and energy indexes 

of over 0.95. 

 

Figure 3-7. Effects of aqueous phase return fraction on (a) recovery and process time (b) 

SEC and SPF (c) state indexes 
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3.3.6. Batch distillation with decanter (deficient MIBK-rich phase 

reflux) – Modes II & III 

To assess the distillation performance in case of missing some MIBK content along 

with the top product, some simulations are conducted with partial reflux of MIBK-

rich phase. According to section 3.3.5, the unit is not sensitive to aqueous phase 

removal at a moderate level. Hence, simulations for this part of the study are 

conducted assuming perfect aqueous phase removal. Figure 3-8 presents the state 

indexes for different MIBK-rich phase return fractions (𝑅𝐹1) in range of 0 to 1. The 

time index is over 1 for the entire range of study, which implies a shorter time of 

operation compared to the perfect decanting case. This can be attributed to the 

lower quantity of mixtures to be purified when a larger amount of that is 

discharged as the top product. On this basis, it can be clearly perceived that a 

shorter time is not necessarily associated with better operation. Process time also 

increases linearly by increasing the MIBK-rich phase return fraction. On the other 

hand, the energy, production rate, and recovery indexes improved by increasing 

the MIBK-rich phase return fraction. It can be stated that, despite the high 

tolerance of operation toward aqueous phase removal accuracy, it is sensitive to 

MIBK-rich phase preservation/removal in the unit. According to both Persp. I and 

Persp. II, the MIBK-rich phase shall be retained in the unit, and because of the 

linear dependency of all indexes upon 𝑅𝐹1, the more MIBK returns to the column, 

the better the operation performs. 

There are two extreme cases at two ends of the graph; one is the perfect decanter 

with the total reflux of the MIBK-rich phase (RF1 = 1 and RF2 = 0) and the other 

one is where the MIBK-rich phase is totally discharged along with the top product 

(RF1 = 0 and RF2 = 0) so that the reflux stream is cut. The latter is identified as 

"Mode III" in the present study which can be considered as an evaporation unit or 

a distillation unit without reflux. Achieving the desired purity at this condition 

reveals that Mode III is a practical approach to recover MIBK at the shortest 

possible time with no need for condenser, decanter, or even the column packing 

section. This option can be considered by one who is seeking a simple approach 

with a low capital cost and refuses to deal with any complications in start-up or 

operation control. 
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Figure 3-8. Effects of MIBK-rich phase return fraction on state indexes. 

3.3.7. Effect of condenser temperature (Modes I-II) 

To evaluate the effect of condenser temperature on distillation performance, the 

case RR=4 in Mode I is simulated with different condenser temperatures from 25 

to 85°C. The results for all evaluation terms are presented in Figure 3-9a. As this 

figure indicates, decreasing the condenser temperature adversely affects the 

operation in terms of time, production rate, and energy, but very slightly enhances 

the recovery, so that the recovery index increases from 0.9470 to 0.9482 by 

decreasing the condenser temperature from 85 to 25°C. The longer operation time 

at low condenser temperatures can be attributed to the low-temperature refluxed 

liquid that needs to be heated up by reboiler. This slight recovery improvement at 

lower condenser temperature can be attributed to the larger liquid load across the 

tower as well as the smaller amount of MIBK leaving the column along with the 

pad gas at the beginning. Applying Persp. I in Mode I, a low condenser temperature 

can improve the recovery very slightly, but one must be careful with its energy and 

time cost and probably there is no justification to apply a lower temperature in 

condenser but if it is to recover the energy. Based on Persp. II, a low condenser 

temperature is not recommended since it increases the energy cost and decreases 

the production rate. 

Since temperature affects the amount of water repelled from a liquid mixture of 

MIBK-water, it is also expected to affect the performance of a distillation unit 

equipped with a decanter. The simulation of Mode II with a perfect decanter (𝑅𝐹1 =
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1 𝑎𝑛𝑑 𝑅𝐹2 = 0) is repeated at various condenser temperatures. The outcomes are 

presented in Figure 3-9b. This figure reveals that a lower condenser temperature 

leads to a slight enhancement in all aspects of unit performance. This is due to 

repelling more water in decanter based on phase equilibrium diagram (Figure 3-1) 

which leads to higher purity of MIBK in reflux stream and larger amount of water 

discharge at a specific operation time. The positive impacts of low condenser 

temperature are so slight that applying any change in condenser temperature in a 

functioning unit is not justifiable unless it is for troubleshooting in a defective unit. 

The remarkable point to be noted is that the condenser temperature causes 

different impacts on a unit equipped with a decanter (Mode II) and a conventional 

unit (Mode I). 

 

Figure 3-9. Effect of Condenser Temperature on distillation process in (a) Mode I at 

RR=4 (b) Mode II with a perfect decanter 
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Figure 9. Effect of Condenser Temperature on distillation process in (a) Mode I at RR=4 (b) Mode II with a perfect decanter 
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3.3.8. Effects of number of theoretical stages 

Figure 3-10a presents the state indexes for different numbers of theoretical stages 

in the column of Mode II with a perfect decanter. As this figure shows, the time 

index increases with increasing the number of stages which implies on decreasing 

the process time. This change is sharp between 1 to 2 stages, but it is less intense 

by increasing the number of stages over 2. The recovery is slightly decreased by 

increasing the number of stages, and generally, its variation is slight. The 

production rate and energy index increase with increasing the number of stages 

from 1 to 2, but applying more stages results in a less efficient operation in terms 

of SEC and SPF. Since the change in recovery is very slight, the variation trend 

for SEC & SPF indexes follows the trend of process time variation. 

The simulation with no theoretical stage did not converge in 24 hours because the 

process specification was not achieved and the MIBK purity stopped at 99.55% 

with no further change. This reveals that even using an efficient decanter, in case 

of an inefficient column, the distillation would possibly fail. 

Based on Persp.I, it can be stated that there is a minimum column part 

quality/quantity below which fulfilling the process objectives is not possible (at 

least in a reasonable time), and there is also a point over which increasing the 

column size/contact quality does not improve the recovery significantly, however 

the operation time/energy cost would still improve. 

Based on Persp. II, there is an optimum point for column part quality/quantity to 

meet the process objectives beyond which employing a more efficient mass transfer 

media or extending the number of beds needs to be justified carefully in technical 

and commercial terms since the improvement in energy cost and production rate 

is not significant.  

Assuming an inefficient mass transfer media (packing or tray) in column, there 

should be some instructions to improve the operation and meet the unit 

specifications. In this order, two troubleshooting approaches are studied. From 

previous parts of the study, it was concluded that the unit can provide the desired 

purity with no need for a reflux stream, condenser, or column (mode III). Also, a 

lower condenser temperature can offer a slight improvement in recovery, which 

seems adequate to cover the encountered deficiency. Accordingly, simulation with 

no column (no theoretical stage) is repeated with a condenser temperature of 25 °C 

in one case and no reflux condition (Mode III) in another case. Both approaches 

helped the operation to meet the desired purity and the results for both approaches 
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are presented in Figure 3-10b. Accordingly, shutting off the reflux or decreasing 

the condenser temperature can be considered as two practical troubleshooting 

approaches for an existing unit with an inefficient column. This figure also 

includes the state variables for the case with perfect decanter, two theoretical 

stages and condenser temperature of 85 °C in Mode II. Figure 3-10b compares the 

state variables for a unit with an efficient packing section (Mode II, Ne=2, Tc=85 

°C) to a unit with an inefficient packing section, upgraded by a low-temperature 

condenser (Mode II , Ne=0, Tc=25 °C) or cutting the reflux stream (Mode III, Ne=0). 

This comparison shows the importance of the packing section and the suitability 

of the two proposed solutions for the deficient packing section can be measured. 

According to this figure, even if there is no efficient packing section, an equal (or 

even higher) recovery can be achieved by decreasing the condenser temperature 

but in a longer process time. The SPF and SEC also show undesirable conditions 

for the case with no theoretical stage and low condenser temperature compared to 

the case with two theoretical stages. On the other hand, shutting off the reflux 

(Mode III) to upgrade the case with no theoretical stage section offers the shortest 

possible process time and a reasonable SEC and SPF level but provides a low 

fractional recovery. 
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Figure 3-10. performance of a unit at (a) different no. of theoretical stages(b) alternatives 

for a non-effective column 

3.3.9. Comparison of results in the three Modes 

Since the main part of this study concerns different operation scenarios with and 

without decanter, setting a comparison is necessary to clearly show the effective 

range of each scenario and to provide comprehendible guidelines for operators 

based on Persp. I and II. 

Figure 3-11a presents the recovery index for Modes I and II at different return 

fraction values, as well as for Mode III. According to this figure and as expected, 

Mode III offers the minimum recovery value, since the evaporated MIBK is not 

refluxed to the column. The recovery index for Mode II when no MIBK-rich phase 
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Figure 10. performance of a unit at (a) different no. of theoretical stages(b) alternatives for a non-effective column section 
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is leaving the unit (partial aqueous phase reflux) is almost constant around one. 

On the other hand, with no decanter or with partial MIBK-rich phase reflux, 

increasing the return fraction improves the recovery index. 

For Mode II with over 25 % MIBK-rich phase slip (RF1 ≤ 0.75), recovery is lower 

than that of Mode I with the same return fraction (which corresponds to RR=3 in 

section 3.3.1). In other words, applying Mode II offers an enhanced recovery level 

only if the return fraction of the MIBK-rich phase is over 0.75. Another interesting 

point about RF1 = 0.75 is that increasing the return fraction beyond this point 

results in no further enhancement for Mode I while employing a decanter with RF1 

≥ 0.75 recovery level will exceed this limit. This feature is noticeable when 

evaluating a single-batch process (Persp. I). It is worth noting that RF = 0.75 

corresponds to RR = 3, which was the optimum point for Mode I based on Presp. I, 

as discussed in section 3.3.1. 

Based on these observations, the following can be stated as conclusions: 

- To see a noticeable positive impact of a decanter on recovery performance, 

aqueous phase reflux can be at any level (RF2 < 1) but the MIBK-rich phase 

shall be refluxed by 𝑅𝐹1 ≥ 0.75. This range is specified as "Decanter Effective 

Range" in Figure 3-11a.  

- The recovery index for Mode III is about 0.75, indicating that the amount of 

product for one-time operation is 25 % less than that of Mode II with a 

perfect decanter. In other words, four times operation in Mode III provides 

the same quantity of product as if conducting three times operation in Mode 

II with a perfect decanter. Also, the recovery index for Mode III is about 16 

% less than Mode I at RR = 1, and about 20 % less than Mode I maximum 

achievable recovery (RR ≥ 3). 

- Adding a perfect decanter to the unit offers over 9 % improvement in 

recovery compared to Mode I at RR = 1 and over 5 % compared to the 

maximum achievable recovery in Mode I (RR ≥ 3). 

Figure 3-11b presents the time index for Modes I, II, and III. It can be generally 

observed that the operation time for Mode II with partial MIBK-rich phase 

discharge (and perfect water removal) is less than the cases with perfect MIBK 

recovery. It can be stated that the process time is shorter when more MIBK 

discharges along with the top product. Accordingly, however, Mode III is not a good 

option to recover a large fraction of MIBK, but it is the shortest way to achieve the 

product with the desired purity. This is a clear reason why process duration is not 

a suitable indicator of process quality. 
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Operation time for a conventional unit (Mode I) working in a low return fraction 

tends to the case with partial MIBK-rich phase reflux, and it is close to the case 

with partial aqueous phase reflux at higher return fractions. Overall, the time for 

conventional unit operation (Mode I) is limited by two bounds of Mode II with 

partial water and MIBK reflux. 

Another main point in this graph is that a longer residence time of both water and 

MIBK (by means of a larger reflux ratio) leads to a longer process duration. The 

effect of the MIBK-rich phase return fraction is moderate and in a linear trend, 

whereas the effect of water residence/return fraction is negligible in the 

range (RF2 ≤ 0.5) but its impact grows exponentially with a further increase in 

aqueous phase return fraction. 

The points on two sides of the graph connected by a dotted line (perfect decanter 

line) in Figure 3-11b represent the same case (Mode II, perfect decanter) and 

correspond to the time index of 1. 

Based on the observations, the following can be stated as conclusions: 

- To obtain a noticeable positive effect of a decanter on process time, the 

aqueous phase shall be removed completely, and the MIBK-rich phase needs 

to be refluxed by RF1 ≥ 0.5. This range is specified as "Decanter Effective 

Range" in Figure 3-11b. Also, in case of perfect MIBK-rich phase reflux, 

returning the aqueous phase by RF2 ≤ 0.4 would not significantly deteriorate 

the operation in terms of process time. This range is specified as "Acceptable 

Decanting Range". 

- According to this figure, employing Mode III for processing the same amount 

of feed, offers around 6 % shorter time in comparison with a perfect decanter 

(Mode II optimum point) and the case with RR=1 in Mode I. Also, it offers 

about 10 % shorter time compared to the case with RR=3 in Mode I. 

- Refluxing any amount of MIBK or water in either of configurations, Mode I 

or Mode II, results in a longer operation time for processing a particular 

quantity of feed. 

- Adding a decanter to the unit with MIBK-rich phase total reflux and a 

relatively high removal fraction of aqueous phase offers the same process 

time with Mode I at RR=1 and about 4 % shorter time than the RR=3.  

Figure 3-11c presents the energy and production rate indexes for the three studied 

configurations. As this figure shows, three plots intersect approximately at 

RF=0.55. The plots of Mode II align with that of Mode I before and after the 
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intersection point. It can be generally stated that in the ranges where the results 

of Mode II correspond to those of Mode I, employing a decanter (Mode II) offers no 

significant advantage over a conventional distillation unit (Mode I). Accordingly, 

in Figure 3-11c, operation above the intersection (vertical axis) is recommended, 

which corresponds to a MIBK-rich phase return fraction over 0.55 and an aqueous 

phase return fraction below 0.55. Moreover, the aqueous phase return fraction in 

the range 𝑅𝐹2 ≤ 0.4 seems to be an ineffective factor on energy and production rate 

indexes, so that an imperfect water removal by decanter can be tolerated with no 

significant adverse effect on energy and production efficiency of the distillation 

unit. 

An important point of this figure is that conducting the separation via Mode III is 

still more efficient than some cases in Mode I or Mode II. In case of refluxing over 

70 % of the condensed stream in Mode I or refluxing over 70 % of the aqueous phase 

in Mode II, employing a distillation unit has no technical or economic feasibility, 

even if the MIBK-rich phase is perfectly returned to the column. The horizontal 

dashed line crossing the point of Mode III indicates the maximum reasonable 

energy cost and minimum acceptable production rate of a distillation unit with a 

reflux stream for MIBK-water separation. 

Two points connected by a dotted line (the perfect decanter line) in Figure 3-11c 

represent the same operation case (total aqueous phase removal and total MIBK-

rich phase reflux), corresponding to the energy and production index of 1. 

Based on the observations, the following can be stated as conclusions: 

- The production rate and energy index of Mode III are 0.8, which means that 

compared to the perfect decanter case (Mode II optimum point), it takes 20 

% more energy and time to provide the same product quantity. 

- The energy and production rate index of Mode III is about 12 % lower than 

the maximum achievable value in Mode I (RR = 1). This means it takes about 

12 % more energy/longer time to provide the same amount of product. 

- Adding a decanter to the unit with total MIBK-rich phase reflux and a 

relatively high removal of the aqueous phase improves the energy and 

production rate index by about 11 % compared to the case RR = 3 in Mode I 

and over 8 % compared to the case RR = 1 as the maximum achievable value 

in Mode I. 
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Figure 3-11. Comparison of Modes I, II and III in terms of (a) Recovery, (b) process time, 

and (c) production rate and energy consumption 
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To present the results in a practical form based on Persp. I. (single batch 

operation), the process features are outlined below: 

1- In terms of MIBK recovery, Mode III provides the minimum recovery value, 

and refluxing the MIBK-rich phase offers an improvement in recovery. Since 

recovery is a term defined by MIBK content, returning any amount of water 

due to an imperfect decanter makes no change in recovery. On the other 

hand, Mode II is advantageous only at high MIBK-rich phase return 

fractions (over 75%), and below this limit, a conventional distillation unit 

(Mode I) is preferred. Accordingly, to obtain a high recovery value, the 

decanter control system shall be focused on returning the MIBK-rich phase 

in the unit rather than perfect removal of the aqueous phase. 

2- In terms of process time duration, Mode III has the shortest process 

duration, and refluxing any amount of MIBK or water extends the process 

time. A decanter is only advantageous at high MIBK-rich phase return 

fractions (over 50 %). Also, a limited aqueous phase return fraction (below 

40 %) can be tolerated with no significant adverse effect on process duration. 

Refluxing over 50 % of the aqueous phase shall be strictly avoided while 

using a decanter, otherwise, a conventional distillation unit (Mode I) is 

preferred since it offers a shorter process time. 

To present the results in a practical form based on Persp. II, the graphs of energy 

and production rate indexes for three configurations (Modes I, II, and III) are 

integrated into one, shown in Figure 3-12. The point corresponding to Mode III can 

be seen on the left side of the graph with an energy index of 0.8. Once the MIBK-

rich phase reflux is established and increases gradually, the state index increases 

up to 1 for the perfect decanter case. Beyond this point, by refluxing any part of 

the aqueous to the column, the energy and production rate will be adversely 

affected. The aqueous phase return fraction below 40 % does not significantly affect 

the operation quality, but over this value, the state indexes decrease sharply, so 

by returning over 70 % of the aqueous phase, there is no advantage in applying a 

reflux stream due to the higher energy (operating) cost, lower production rate, and 

obviously the larger capital costs. As explained before, a trade-off procedure is 

required for designing an efficient unit, in which the capital and operating costs 

are considered besides safety, ease of operation, and maintenance issues. 

The horizontal line at the state index of 0.913 specifies the maximum achievable 

energy and production rate index for operation in Mode I. Regarding Persp. II for 

unit evaluation, operation in Mode II is efficient only when the operation index is 
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above this line. The associated operating range is specified as "Mode II Effective 

Range". 

 

Figure 3-12. Integrated energy and production rate indexes for three configurations 

(Modes I, II, and III).  

 

Since energy and production rate indexes are sufficient terms to evaluate a 

distillation unit based on Persp. II, the interpretations in Figures 3-11c and 3-12 

can be directly applied to controlling the operation under the sequential batches 

scenario. 

3.4. Conclusion: 

Three general batch separation unit configurations titled Mode I, Mode II, and 

Mode III are compared in terms of recovery level, operation time, production rate, 

and energy cost. These configurations represent, respectively, a conventional 

distillation unit, a batch distillation unit with a decanter, and a simple distillation 

unit (refluxless). 
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The simulations of MIBK-water separation using a conventional batch distillation 

approach (Mode I), resulted in the following conclusions: 

- According to Persp. I, the case with RR = 3 in a conventional batch 

distillation is the optimum point due to the maximum achievable recovery 

in the shortest possible time, while based on Persp. II, the case with RR = 1 

is recognized as the optimum point due to the maximum SPF and minimum 

SEC in the studied range. 

- A single-step operation, skipping the start-up step in "total-reflux" mode, 

generally results in a shorter operation time and a smaller SEC. Despite the 

lower recovery achieved by skipping the start-up step for low reflux cases, it 

still offers a higher production rate due to the shorter time. Both scenarios 

yield in the same recovery value in a high reflux ratio. 

Applying a perfect decanter (the most efficient case in Mode II) results in the 

maximum recovery level (𝜂 ≈ 0.995) and this case is used as a benchmark to 

measure the performance of other studied cases. Mode II with a perfect decanter 

offers: 

- Over 9 % recovery improvement compared to the case 𝑅𝑅 = 1 and over 

5 % compared to the maximum achievable recovery (𝑅𝑅 ≥ 3) in Mode I. 

- A slightly longer time compared to Mode I at RR = 1 (below 0.1% and about 

4%  less time compared to the case 𝑅𝑅 = 3). 

- About 11 % improvement of energy and production rate index compared to 

Mode I at 𝑅𝑅 = 3  and over 8 %  improvement compared to the maximum 

achievable value in Mode I (𝑅𝑅 = 1) 

Mode III offers the minimum operation time while yields the minimum recovery. 

In details, Mode III offers:  

- About 25 % less recovery compared to Mode II with a perfect decanter case. 

It also provides about 16 % less recovery compared to Mode I at 𝑅𝑅 = 1 and 

about 20% less than Mode I maximum achievable recovery (𝑅𝑅 ≥ 3). 

- About 6% shorter time compared to Mode II with a perfect decanter case. It 

also offers about 6% shorter time compared to Mode I at 𝑅𝑅 = 1 and about 

10% shorter time than Mode I with 𝑅𝑅 = 3. 

Mode II with a deficient decanter performance, can tolerate refluxing below 40 % 

of the aqueous phase since it does not affect the operation time or recovery. Any 

further increase in aqueous return fraction adversely affects the operation time, 

energy cost, and production rate. On the other hand, slipping any amount of MIBK-
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rich phase into the top outlet stream linearly affects the recovery level, time, 

energy cost, and production rate. It can be stated that the decanter control/design 

must be more concerned about refluxing the MIBK-rich phase, even if that costs in 

a partial aqueous phase reflux to the column. Not considering the capital costs of 

employing a piece of additional equipment in the unit, the followings are concluded 

for Mode II: 

- According to Persp. I, Mode II is recommended in the range of 𝑅𝐹1 ≥ 0.75 

and 𝑅𝐹2 ≤ 0.4 to provide a higher recovery in a reasonable time compared to 

Mode I. On the other hand, Mode III is not recommended according to Persp. 

I due to the lowest recovery value, but it can be justified by one who demands 

a shorter operation time regardless of the fractional recovery. 

- According to Persp. II, Mode II is recommended in the range 𝑅𝐹1 ≥ 0.5 and 

𝑅𝐹2 ≤ 0.55 to provide a higher production rate and lower energy cost 

compared to Mode I. Mode III is also preferred over Mode I, working with  

𝑅𝐹 ≥ 0.7. 

The impact of condenser temperature on Mode I and Mode II is very slight but is 

not in the same trend; decreasing the condenser temperature in Mode I adversely 

affects the SEC, SPF, and time besides a slight enhancement in recovery. On the 

other hand, it slightly improves all state variables in Mode II. 

The number of stages (or effectiveness of the contact media) in the column is a 

significant factor below a particular value (below 2 theoretical stages) while there 

would be less benefit in applying further a bigger (or more efficient) column. In 

case of employing no equilibrium stage within the column, the desired purification 

is not achievable but by decreasing the condenser temperature or cutting off the 

reflux stream (Mode III). 
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Abstract 

Dehydration of methyl isobutyl ketone (MIBK) using a batch distillation unit has 

been investigated through process simulation. Applying a decanter for upgrading 

the heteroazeotropic distillation is analysed in different aspects. The unit 

performance dependency on the feed quantity, decanter design/control policy, 

decanter holdup volume, and subsequent phase separation quality are evaluated 

in detail. Feed quantity is recognized as a key factor influencing unit performance. 

Although increasing the feed quantity leads to a higher production rate (SPF) and 

lower specific energy cost (SEC), the optimal feed quantity is identified as the point 

beyond which further improvements in these variables become negligible. Also, 

reflux initiating time, liquid-liquid separation grade, loss of the desired component 

along with the effluent stream, and holdup loss at the end of the process are 

recognized as functions of decanter holdup quantity. Accordingly, a perfect 

decanter with a large holdup volume is not necessarily the best option. The 

evaluation indicates that an effective decanter lies on a larger aqueous phase 

holdup and smaller organic phase holdup, as long as it is capable of efficiently 

separating the liquid phases (over 75% separation efficiency for each phase). It is 

found that applying a well-designed and properly controlled decanter for the 

mixture separation (MIBK-water) can improve the unit recovery by up to 6% and 

the production rate (and energy cost) by up to 7% compared to a conventional batch 

distillation unit. Furthermore, an inverted batch distillation configuration with a 

gradual feeding policy is applied as an alternative and compared to other operation 

policies. The feeding schedule is found to be the key factor in this mode. The results 

reveal that an inverted distillation unit equipped with a properly designed and 

controlled decanter provides up to 17% improvement in energy and production rate 

as well as 7% in recovery for a 9% shorter process time compared to a conventional 

batch distillation unit.  

Keywords: MIBK-water, Heteroazeotropic Distillation, Batch Distillation, Batch 

stripper, Inverted Batch Distillation, Energy Efficiency 
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4.1. Introduction 

Methyl isobutyl ketone (MIBK, 4-methylpentan-2-one) is a versatile solvent with 

a wide range of applications. Due to its excellent dissolution capabilities, 

biodegradability, and low solubility in water, it is used in various chemical 

processes and industrial production of pharmaceuticals, paint and rubber, 

pesticides, cleaning solvents, etc. [1,2]. MIBK, used as a solvent, is frequently 

found in contact with and mixed with water in many operations and needs to be 

recovered and reused due to its relatively high price, high toxicity, and limited 

availability [3,4]. Accordingly, an efficient solvent recovery operation is necessary 

to close the production circle and meet the sustainable production criteria. Since 

the MIBK-water mixture forms a heterogenous two-phase mixture at room 

temperature and atmospheric pressure, the main fraction of water can be easily 

separated by decanting the two-phase mixture. The phase split in MIBK-water 

system is spontaneous, not needing an additional component as “entrainer,” and it 

is categorized as an “auto-entrained” or “self-entrained” heteroazeotropic mixture, 

similar to the well-known butanol-water mixture [5,6]. The small quantity of water 

that remains in the mixture after decanting needs to be removed by a second 

separation process.  

Separation of a heteroazeotropic mixture, involving a liquid-liquid-vapor three-

phase equilibrium, is always associated with complexity and requires specialized 

measures and techniques. Distillation, as one of the most popular separation 

processes, has shown a robust performance for complicated separation processes. 

Distillation units are developed in a broad spectrum, including extractive 

distillation (ED) [7,8], pressure-swing distillation (PSD) [9–14], reactive 

distillation (RD) [15,16], heterogeneous azeotropic distillation (HAD) [17–22], or a 

combination of them [23,24]. While distillation is a widely studied and well-

developed unit operation, it is still an interesting field for research and 

development in academic and industrial categories, especially in batch mode 

[25,26]. The popularity of batch distillation is growing due to its interesting 

features such as low capital cost, flexibility to process different feed compositions, 

providing a wide range of products using a single column, possibility to operate in 

various configurations, applicability on small scales or preference of small-scale 

operation for high-value market products [27]. Accordingly, batch distillation can 

potentially be applied in a wide variety of separation processes, but there is still 

an array of challenges regarding selecting proper operation policy, configuration, 

and design parameters in different steps from design to operation [28,29]. The 
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advances in computer-aided engineering and optimization methods during the last 

decades have facilitated the simulation and design of batch distillation units for 

handling complex operations such as separation of a heteroazeotropic mixture 

associated with liquid-liquid-vapor equilibrium phases [26,30]. 

In our previous research works, separation of MIBK-water mixture using a batch 

distillation has been analysed, and adding a decanter to a batch distillation unit 

has been proven as an efficient, easy-to-apply, and reliable solution to upgrade the 

unit performance in separation of self-entrained heteroazeotropic mixtures [31,32]. 

A decanter, as a mechanical phase separator, located in a suitable location in the 

unit can improve the distillation by removing the undesired liquid phase and 

retaining the desired liquid phase within the unit. In the MIBK-water separation 

process, two liquid phases form downstream of the condenser. Considering the 

process objective, which is water removal, the aqueous phase can be discharged, 

and the organic phase, as the desired liquid phase, can be refluxed for further 

purification. Many details still need to be assessed in order to achieve a 

comprehensive understanding and be able to develop a sound methodology for the 

study, design, and optimization of self-entrained heteroazeotropic batch 

distillation (HABD) units. In this work, the effect of reflux drum/decanter capacity 

on a batch distillation unit is assessed. Decanter performance is optimized with 

respect to the batch distillation process objectives. Also, gradual feeding is 

introduced and studied as an effective way to upgrade a batch distillation unit. 

Different batch distillation configurations, including the conventional batch 

distillation unit, batch distillation unit equipped with a decanter, and inverted 

batch distillation unit, are studied and compared in terms of separation efficiency, 

operation time, production rate, and energy performance. 

4.2. Methodology and study plan 

4.2.1. Simulation procedure 

The commercial package Aspen Plus V.14® is applied for process simulations. The 

phase equilibrium is modelled using UNIQUAC, and the batch distillation unit is 

modelled by applying the BatchSep module. The water-MIBK mixture phase 

diagram calculated using UNIQUAC is presented along with experimental data in 

Figure 4-1a. The empirical data points are found in the Aspen Plus V.14® 

properties, provided by NIST Thermo Data Engine (TDE) database [33]. Further 
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details regarding the mixture and the simulation are available in our previous 

studies on the same mixture [31,32].  

The scope of this distillation is to dehydrate a mixture of 98 wt.% MIBK-water, 

obtained as a residual stream in the paint industry, up to 99.8 wt.%.  Dehydration 

serves as a solvent recovery process, enabling the paint industries to recycle and 

reuse the MIBK in their processes. The mixture was fed at room temperature (25 

℃) in batches of 15 𝑘𝑔. This amount can be divided into smaller volumes to be 

processed in multiple batch operations or to be collected and processed in a single 

operation. 

Figure 4-1b shows the basic batch distillation unit applied in this study. The unit 

is comprised of three main parts: (1) the still (or pot) that holds the feed and 

accommodates the heating facilities/reboiler, (2) the column equipped with trays 

or packings, and (3) the condenser and reflux drum. Some other elements might be 

employed, such as distillate collection tanks. The general characteristics of this 

unit and its operation are given in Table 4-1. 
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Figure 4-1. (a)  Phase equilibrium diagram of MIBK-water system at 1 atm. and 

temperature range: 0 - 116 ℃ [33] (b) Schematic view of the batch distillation unit. 
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Fig. 1. (a)  Phase equilibrium diagram of MIBK-water system at 1 atm and temperature range: 0 - 116 ℃  [33] (b 
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Database APV100 VLE-IG: i: water, j: MIBK 

Aij: -1.74573, Aji: 2.59759, Bij: 458.55 °C, Bji: -1272.33 °C 
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Table 4-1. General operating conditions and technical features applied in the batch 

distillation unit simulation.  

Parameter Symbol Value Units 

Feed quantity 𝑟0 15 [𝑘𝑔] 

Product quantity (recovered mass) 𝑟 - [𝑘𝑔] 

Operating pressure (Condenser pressure) 𝑃 = 𝑃𝑐  1 [𝑎𝑡𝑚] 

Initial MIBK mass fraction 𝑥𝑟0 0.98 [−] 

Final MIBK mass fraction 𝑥𝑟 0.998 [−] 

Equilibrium phases − VLL [−] 

Still volume 𝑉𝑠 40  [𝑙] 

Reboiler duty 𝑊 5040 [𝑘𝐽/ℎ] 

Reboiler type − Heating Jacket [−] 

Condenser type  − Total  [−] 

Condenser outlet temperature  𝑇𝑐  85  [℃] 

Diameter at condenser inlet 𝜙𝑐 0.1  [𝑚] 

No. of collectors − 3 [−] 

Column diameter 𝜙𝑠 0.1 [𝑚] 

Packing type − Metal Raschig ring [−] 

Packing size 𝜙𝑝 1/2 [𝑖𝑛𝑐ℎ] 

Height of the equivalent theoretical plate (Specified) HETP 1 [𝑚] 

Packing Bed Height 𝐻𝑝  2 [𝑚] 

Dry Packing factor  𝐹𝑝 984 [𝑚−1] 

Packing porosity  𝜀 0.85 [−] 

Specific area of packing  𝛼 400 [𝑚2/𝑚3] 

Foaming (system) factor 𝑓𝑓 1 [−] 

* Characteristic data for metal Raschig ring 1/2” can be found in [34]. 

 

The column internals are included in the simulation to calculate the gas and liquid 

holdups, pressure drop, and, generally, the hydraulics within the column. The 

remarkable volume of holdups, compared to the feed quantity, makes them 

necessary for an accurate simulation. 

The column simulation is done applying the equilibrium-based approach. The 

Eckert model [35] is employed for flooding and pressure drop calculations. Three 

equilibrium phases, liquid-liquid-vapor (LLV), are included in the simulation, as 

per the phase equilibrium diagram modelled by UNIQUAC. 

The operation strategy "constant reflux ratio" is applied for all cases in this study 

[26], and simulations cover the “heat-up” and “production” stages until reaching 
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the desired purity of 99.8 𝑤𝑡.%. The desired product is collected in the pot, and 

water, as the volatile component, leaves the unit as the top product. The final 

condition in the simulation is set to discharge the holdup mixture content into the 

distillate collectors. The top product consists of three phases: (1) MIBK-rich phase 

liquid, (2) aqueous (liquid) phase, and (3) vapor outlet phase. Each phase is 

collected in a separate collector (D1, D2, and D3, respectively) to track the mixture 

components accurately. It must be noted that due to assigning a non-condensable 

pad gas (nitrogen), a partial condenser is applied in the simulation model, but since 

it operates as a total condenser regarding the condensable component (Water and 

MIBK), it is commonly referred to as a total condenser. 

The state variables, including process time (t), fractional recovery (𝜂), specific 

product flow (𝑆𝑃𝐹), and specific energy cost (𝑆𝐸𝐶), are used to measure different 

aspects of the unit operation. The relationships to calculate these parameters are 

as follows [31,36]: 

𝜂 = [
𝑟. 𝑥𝑟

𝑟0. 𝑥𝑟0
] = [

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑

𝑘𝑔𝑀𝐼𝐵𝐾 𝑓𝑒𝑑
] (1) 

𝑆𝑃𝐹 = [
𝑟. 𝑥𝑟

𝑡
] = [

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑

ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛
] (2) 

𝑆𝐸𝐶 = [
𝑊

𝑆𝑃𝐹
] = [

𝑘𝐽/ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑/ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛
] = [

𝑘𝐽

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑
] (3) 

 

4.2.2. Unit configurations and operation policies 

According to our previous study on batch distillation of MIBK-water, the unit 

configuration and operation policy play key roles in operation efficiency [32]. The 

three main configurations studied in the present work are indicated in Figure 4-2. 

The first configuration, hereinafter referred to as Mode I, is a conventional batch 

distillation unit with a reflux drum. This configuration has been applied for 

decades as a basic separation unit operation [25,26]. The second, Mode II, is a unit 

equipped with a decanter which has been proven as an efficient configuration to 

upgrade the heteroazeotropic batch distillation [37–39]. The third, Mode III, is a 

unit with a feed tank at the top, which gradually feeds the unit. This configuration, 

commonly known as inverted batch distillation or batch stripper [25,26], is 

modified by adding a decanter to facilitate the separation of a heteroazeotropic 

mixture. More detail on this configuration is presented in section 4.2.6. It is worth 
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mentioning that besides the unit configuration, the mixture properties and the 

operation policy are two main factors that affect the results and need careful 

consideration. In fact, the optimal operation is a function of these three main 

factors. More details on each configuration can be found in the following sections.  

 

 

Figure 4-2. Batch distillation configurations evaluated in the study 

 

Table 4-2 briefly presents the manipulated/controlled operational parameters and 

the studied range for each one in this work. The details for each part are given in 

the following sections. The widely used term “reflux ratio”, 𝑅𝑅, is defined as the 

ratio of the reflux mass flow rate to the distillate mass flow rate, and the term 

“return fraction”, 𝑅𝐹, is defined as the mass fraction of the liquid phase received 

in the reflux drum that returns to the column along with the reflux stream. These 

two parameters can be calculated as follows: 

𝑅𝑅 =
𝑅

𝐷
 (4) 

𝑅𝐹 =
𝑅

𝐷 + 𝑅
=

𝑅𝑅

1 + 𝑅𝑅
 (5) 

 

Mode I: Conventional batch 

distillation with reflux drum 

Mode II: Batch distillation  

with decanter 

Mode III: Inverted batch distillation  

with top feed tank 

 

Figure 2. Batch distillation configurations evaluated in the study. 
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Where 𝑅 and 𝐷 are the mass flow rates of reflux and distillate streams, 

respectively. The return fraction and reflux ratio apply to both individual liquid 

phases and the entire liquid mixture. 

Although both return fraction and reflux ratio convey the same concept and 

present the magnitude of the reflux stream, return fraction is a bounded value in 

the range 0-1, which can also be translated as fractional separation for each phase. 

Hence, the return fraction parameter enables us to clearly express the decanter 

separation performance by indicating the fraction of each phase returned to the 

column. Accordingly, return fraction is preferred over reflux ratio to present the 

results in this study. 

Table 4-2. Variable parameters and the studied ranges in the present investigation 

Parameter Unit Configuration Symbol Range of Study Units 

Return fraction  Mode I RF 0-0.95 [−] 

Feed quantity  Mode I 𝑟0 5-30 [𝑘𝑔] 

MIBK-rich phase level in decanter (Fig. 4-3) Mode II 𝐻1 0-0.3 [𝑚] 

Aqueous phase level in decanter (Fig. 4-3) Mode II 𝐻2 0-0.15 [𝑚] 

Return fraction of MIBK-rich phase (Rich) Mode II 𝑅𝐹1 0-1 [−] 

Return fraction of Aqueous phase (Lean) Mode II 𝑅𝐹2 0-0.95 [−] 

Feeding time Mode III 𝑡𝑓 0-66 [𝑚𝑖𝑛] 

 

4.2.3. Effect of reflux ratio/return fraction - Mode I 

Reflux ratio is known as a key factor in the batch distillation operation, and it 

needs to be specified carefully. Since the condensed liquid is usually collected in a 

reflux drum before splitting into distillate and reflux streams, a delay in receiving 

the reflux stream to the column is expected. Also, due to the relatively small feed 

quantity, short operation time, and dynamic behaviour of the process, reflux drum 

holdup volume (and subsequent retention time) is identified as an important factor 

that might affect the unit performance. Accordingly, a reflux drum with a diameter 

of 0.1 m and liquid volume of 1 L is considered in Mode I. The simulations are 

conducted in two scenarios [32]:  

1- Two-step operation (TSO): in which the operation starts under total-reflux 

condition (known as “start-up step”) until it reaches a steady-state condition 
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within the unit, and then a finite reflux ratio (known as the "production step") 

is set based on the overall unit objectives and desired product specifications. 

2- Single-step operation (SSO): in which the “start-up step” under total-reflux 

condition is skipped, and the top outlets are open from the beginning of the 

operation.  

Both approaches are studied in the range of 0 < RF < 0.95, and the results are 

presented in section 4.3.1.  

4.2.4. Effect of feed quantity – Mode I 

As explained in section 4.2.2, different feed quantities can be processed depending 

on the user's time schedule and unit capacity (pot size). Processing a small amount 

of feed, which implies a higher frequency of operation for processing a specific 

amount of production, is expected to cause excess energy costs and a larger amount 

of MIBK loss. This is due to the approximately constant quantity of “holdup loss” 

at each time of operation, regardless of the feed quantity. Hence, it is logically 

expected to have less MIBK loss with a larger batch size (less frequent operation) 

compared to a smaller batch size (frequent operation). The feed quantity of 5 to 30 

kg is studied to assess the unit performance in processing different amounts of 

feed. The results are presented in section 4.3.2. 

4.2.5. Distillation with Decanter - Mode II 

The positive effect of adding a decanter on distillation performance has been 

reported in previous works [31,32]. A reflux drum of proper size can turn into a 

decanter, providing sufficient residence time for separating the organic and 

aqueous phases. Presuming that a decanter with a perfect separation performance 

would be the best scenario in terms of operation efficiency, the deviations from this 

condition are analysed, in order to validate or redefine such presumption. Figure 

4-3 indicates the general arrangement of a decanter containing the organic and 

aqueous phases. This part of the study specifically addresses the decanter design 

considerations, priorities in control, and available options to provide a simple and 

efficient decanter. 

Setting constant reflux ratios for two liquid phases in dynamic operations such as 

batch distillation columns is challenging and requires a sophisticated control 

system. On the other hand, setting constant liquid levels within the decanter, 

refluxing the organic phase by an overflow pipe, and draining the aqueous phase 



Saber Niazi 

 

104 

 

from the bottom enables the user to reflux the desired phase (organic) and remove 

the undesired phase (aqueous). Hence, the vessel volume, liquid levels, and the 

location of the outlet nozzles are the design factors to be considered.  

From a different point of view, the liquid level in the decanter determines its 

residence time (holdup) within the decanter, which in turn determines the liquid-

liquid separation quality. Accordingly, the separation quality of a decanter can be 

controlled by controlling the liquid levels, and a perfect phase separation requires 

a certain liquid residence time within the decanter. As depicted in Figure 4-3, 

reducing the height of the organic phase (𝐻1), which is the desired phase to be 

refluxed, might cause carrying some of the aqueous phase to the reflux stream. 

Also, setting an insufficient aqueous phase level (𝐻2) might cause some organic 

phase to be carried out of the unit.  

Although a certain liquid level is necessary for a perfect separation, an excess 

aqueous phase level elevates the liquid-liquid interphase location and 

consequently restricts the space of the organic phase. Also, an excess holdup 

quantity/time of the MIBK-rich phase in the decanter, aimed to reflux a higher 

purity stream, would result in a large “holdup loss” since it would be dumped to 

the distillate collectors at the end of the operation. Hence, assuming a perfect 

decanter, with liquid levels equal to  𝐻1𝑃 and 𝐻2𝑃, may not offer the optimum 

operation for a distillation unit.  

Accordingly, monitoring and controlling the liquid levels within the decanter can 

be identified as the key to control the reflux set-on time, the phase separation 

efficiency, and the quantity and quality (composition) of the reflux stream. 

Due to the varying quantity and composition of the decanter inlet and outlet 

streams, it is not easy to predict the effects of the liquid level in the decanter on 

distillation unit performance. The first step for determining the effects of decanting 

performance on distillation unit behaviour is to design a decanter considering the 

following guidelines [40,41]:  

1- A minimum holdup volume of the liquid is required to provide sufficient time for 

the controller (or operator) to intervene in the process (typically, equal to 100 

mm or 2-4 minutes, as a minimum for each control level). 

2- A minimum of liquid volume (height, vessel length, etc.) is required for each 

phase to damp the turbulence imposed by inlet stream. Laminar flow is 

necessary for liquid-liquid separation. 



4. Improvement of energy efficiency and production performance in a heteroazeotropic 

batch distillation unit: a study on decanter control and feeding strategy 

105 

 

3- For decanters dealing with interdispersed liquids, the priorities between 

settling or rising (or both) shall be identified.  

4- Once all guidelines are observed to provide a suitable condition for separation, 

liquid-liquid separation relies on the stability of dispersion and droplet size 

distribution. For dispersions with low to moderate stability, for which decanters 

are applicable, settling (or rising) of a specific drop size determines the required 

liquid residence time and, subsequently, the decanter dimensions. Generally, 

the dispersions with interfacial tension (IFT) over 0.01 N/m and density 

difference over 10% do not form a stable dispersion unless containing stabilizer 

agents. In cases with a volume fraction of the minority phase below 10 to 20 %, 

the dispersion may contain a wide droplet size distribution, including a long tail 

in small droplet diameters, which needs very careful consideration and taking 

conservative measures for separation.  

It should be noted that the droplet size distribution of dispersions is a complex 

function of turbulence level, interfacial properties of two phases, volume fraction 

of the dispersed phase, operating temperature and pressure, and presence of a 

third component/phase. Accordingly, an accurate design of a decanter is normally 

associated with elaborate experimental work [42], which falls out of the scope of 

this study.  

In the studied mixture (MIBK-water), the IFT is over 0.01 N/m, the density 

difference of liquid phases is over 10%, and there is no stabilizer agent in the 

mixture. Hence, it is not expected to have very fine droplets or stable dispersion. 

Nevertheless, since the dispersed phase volume fraction is below 10%, the 

turbulence must be carefully controlled, and the separation of dispersed drops from 

both phases should be considered.  

Considering the features of the studied mixture, some assumptions and 

simplifications are made to avoid complicated calculations on decanter design, as 

follows: 

1- A vertical decanter is applied due to simpler liquid level control and the low flow 

rate of the condensed mixture. 

2- A minimum liquid level of 0.1 m is required to suppress the turbulence induced 

by the inlet stream  

3- A minimum residence time of 10 minutes (based on the liquid flow rates in total-

reflux condition) to achieve sufficient settling/rising as well as providing 

sufficient residence time for control system intervention. 
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4- The maximum liquid height obtained from criteria 1 and 2 provides perfect 

separation in the decanter. Lower liquid levels result in imperfect separation 

and fractional separation varies linearly proportional to the liquid level. 

Obviously, a higher liquid level is also expected to provide perfect decanting. 

 

 

Figure 4-3. General arrangement of a decanter containing an organic phase (H1) and an 

aqueous phase (H2) 

4.2.6. Inverted batch distillation (Mode III) 

The feed in batch distillation units is conventionally charged before starting the 

operation, in a pot at the bottom of the column, where heating and boiling take 

place. The products can be extracted from top or bottom of the column. There is 

also a less popular arrangement called inverted batch distillation with feed 

charged into the reflux drum at the top, and the products are usually withdrawn 

as bottom product [26,43,44]. This configuration has been proven to enhance the 

operation time for separation of mixtures in which the light components present 

in a small fraction [45]. Moreover, it is suggested for the mixtures with a minimum 

boiling azeotrope [46], the cases with a small fraction of light component and some 

cases in which the regular configuration (batch rectifier) is not feasible for that 

separation [29]. This configuration is not a recently emerged batch column 

configuration, but it has not received sufficient attention and has been rarely 
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applied in practice [29]. Here, we have modified an inverted batch distillation by 

adding a decanter, aiming to utilize it in separation of a heteroazeotropic mixture. 

In the MIBK-water system, a small quantity of water, as the volatile and minority 

component, needs to be removed from MIBK (the component of interest) as the 

main component of the bottom product. Accordingly, an Inverted batch distillation 

configuration modified by adding a decanter, called Mode III, is applied to assess 

its potential in heteroazeotropic distillation processes. Since the reflux drum in 

this study is utilized as a decanter, another storage tank is assigned to charge the 

feed into the unit. The feed tank is assumed to be located above the column, and 

its content enters the column from the top stage. To simulate the process in Mode 

III, feeding starts simultaneously with heating. The feed stream enters the 

column, over the top packing bed. Feeding rate can be specified according to the 

feed driver (gravity or a pump). This step, called “feeding step”, stops when the 

feed content is entirely charged into the column, and the feed tank is empty. 

Different feeding times from 0 to 66 minutes, under gravity feeding scenario 

(varying feed flow rate) are studied to find the optimum feeding flow rate. The 

gravity feeding scenario is applied to keep the unit as simple as possible without 

adding an extra element for driving the feed stream. The initial feed inlet flow rate 

for operation under the gravity feeding scenario is specified as: 

𝐹0 = 2 × [
𝑟0

𝑡𝑓
] (6) 

Where 𝑡𝑓 is the specified feeding time, 𝑟0 is the feed quantity, and 𝐹0 is the initial 

feed stream flow rate corresponding to the time of opening the valve between the 

feed tank and the column. The feed flow rate is adjusted to ramp down linearly 

during the feeding step. In all simulated cases, a very small amount of mixture 

(0.001 kg) is initially charged into the bottom pot to be compatible with the module 

protocols. 

4.3. Results and Discussion 

As reported in a previous study, the operation can be analysed under two different 

perspectives: Persp. I in which there is a single batch operation/run, and the 

outcome of a single batch represents the final product, and Persp. II, in which the 

operation is repeated, recycling the product of the previous one. In the former, the 

production quantity and time of a single batch determines the operation 
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performance, while in the latter, the rate of production and specific energy 

consumption (SPF and SEC) have higher priority than the single batch production 

amount or batch operation time. The fractional recovery and process time are 

considered and presented, but this study is mainly oriented to evaluate the unit 

performance based on the “sequential batches” perspective (Persp. II) in which the 

criteria to recognize the optimum condition are the SEC and SPF parameters [32]. 

Two main categories of MIBK loss are identified in analysing the results in batch 

distillation: one is due to discharging the MIBK from top during the production 

step, called “operation loss” and the other one is due to discharging the holdup 

content in column, condenser, and reflux drum/decanter after achieving the 

desired purity level in the pot (stop criteria) called “holdup loss”. Accordingly, the 

“overall loss” is considered in analysing the batch distillation operation under 

different operation policies. 

4.3.1. Effect of return fraction - Mode I   

As described in section 4.2.3, two different operational approaches, two-step-

operation (TSO) and single-step-operation (SSO), are simulated in the range of 0 < 

RF < 0.95. The results for fractional recovery and process time are given in Figure 

4-4a, and the results for SEC and SPF are presented in Figure 4-4b. According to 

Figure 4-4a, there is a slight difference between the fractional recovery of two 

approaches at high return fraction while the differences become wider at low 

return fraction. For both approaches, as expected, fractional recovery improves by 

increasing the return fraction but beyond a specific point (about 𝑅𝐹 ≈ 0.75) this 

improvement is not noticeable. The fraction recovery improvement for SSO is 

sharper than that of TSO. Accordingly, despite the significantly lower recovery of 

SSO than TSO at a low return fraction, it exceeds the recovery of TSO at return 

fractions over 𝑅𝐹 ≈ 0.65. Lower fractional recovery of SSO at low return fraction 

can be attributed to the considerable amount of MIBK discharged along with the 

water and nitrogen at the first minutes of operation, while it does not happen in 

the TSO approach. At relatively higher return fractions, the top product stream is 

restricted so that the total MIBK loss at the start-up and production stages is 

lowered significantly, and the start-up approach is no longer a significant factor.  

On the other hand, the operation time for both approaches increases slightly with 

increasing the return fraction up to about 𝑅𝐹 ≈ 0.75, but it increases drastically by 

a further increase in return fraction. The difference between the two approaches 
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is more significant at higher return fractions due to the larger amount of mixture 

in SSO compared to TSO, which in turn takes a longer time to process. This small 

difference in recovery amplifies the difference between the two approaches in 

terms of process time. This is due to the high return fraction, which slows down 

the water discharge from the top. It should be noted that while the ultimate goals 

of the operation are to retain MIBK within the unit and discharge water, a trade-

off between these two objectives is necessary since a high return fraction of MIBK 

could result in retaining too much water, leading to prolonged operation times and, 

conversely, a low return fraction may effectively discharge water but at the cost of 

losing a significant amount of MIBK, thereby reducing the overall recovery 

efficiency. 

Based on these observations, it can be concisely stated that a high return fraction 

is not desirable due to significantly high operation time, which causes a high 

energy cost and a low production rate for both TSO and SSO approaches (it is 

discussed on Figure 4-4b). Also, a low return fraction is not desirable as it causes 

more MIBK loss in both approaches which leads to low fractional recovery. 

Accordingly, a suitable range of return fraction must be in the range 0.4-0.8, in 

which both approaches lead to very close results.  

Figure 4-4b reveals that the SEC and SPF for both approaches are in good 

agreement, especially in lower return fractions. Considering Perspective II, 

referred to as “sequential batches”, SPF and SEC are the touchstones of process 

efficiency, and an operation with maximum SPF and minimum SEC determines 

the optimal operation point. According to Figure 4-4b, RF=0.5 provides the 

maximum SPF and the minimum SEC values in both approaches, making it the 

optimal point of operation. Another considerable point on RF=0.5 is that all four 

state variables of process time, fractional recovery, SEC, and SPF are almost equal 

for both approaches of SSO and TSO. According to these observations, employing 

a two-step operation offers no advantage, so it is skipped for the rest of this study 

and the return fraction of RF=0.5 is the optimal operating condition while utilizing 

Mode II for MIBK-water separation. 
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Figure 4-4. Effect of return fraction on single-step operation (SSO) and two-step 

operation (TSO) in terms of (a) recovery and process time (b) SPF and SEC  

4.3.2. Effects of feed quantity – Mode I 

As explained in section 4.2.4. different feed quantities are studied in the range of 

5 to 30 kg. 

Instead of using the state variables (𝑡, 𝜂, 𝑆𝑃𝐹 𝑎𝑛𝑑 𝑆𝐸𝐶) the results of this study are 

presented using the state indexes, including the time index (𝑡𝑖), recovery index 

(𝜂𝑖), production rate index (𝑃𝑖), and energy index (𝐸𝑖) as defined below [32]: 

𝑡𝑖 = [
𝑡𝑑

𝑡
] (7) 

𝜂𝑖 = [
𝜂

𝜂𝑑
] (8) 
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𝑃𝑖 = [
𝑆𝑃𝐹

𝑆𝑃𝐹𝑑
] (9) 

𝐸𝑖 = [
𝑆𝐸𝐶𝑑

𝑆𝐸𝐶
] (10) 

The subscript "d" represents the reference case which is the optimum case of the 

conventional distillation unit (Mode I) that corresponds to 𝑅𝐹 = 0.5. The larger the 

index is, the more efficient the process results in terms of that variable. All four 

indexes for the case 𝑅𝐹 = 0.5 in Mode I are equal to 1. Accordingly, if an operation 

results in indexes larger than 1, it indicates superior performance over the case 

with a 15 kg feed quantity and 𝑅𝐹 = 0.5 in Mode I, whereas the indexes below 1 

indicate a less efficient operation. Applying these dimensionless indexes enables 

us to provide the results of different aspects on the same scale using a single graph. 

Also, using the relative scale provides a clear and intuitive way to understand the 

variation of each state variable compared to a reference case.   

Figure 4-5 presents the state indexes at different feed quantities. Since the amount 

of feed directly affects the process time, comparing the process time does not 

provide a meaningful conclusion. It should be noted that regarding the relationship 

between 𝑆𝐸𝐶 and 𝑆𝑃𝐹 (𝑆𝐸𝐶 ×  𝑆𝑃𝐹 = 𝑊 = 𝐶𝑜𝑛𝑠𝑡.) the energy and production rate 

indexes (Eq. 9 & 10) are identical, so reporting one value for both is sufficient. 

According to this figure, the state indexes improve sharply by increasing the feed 

quantity from 5 to 15 kg but further increases in feed quantity result in slight 

improvement in the indexes. According to this graph, a larger feed quantity results 

in a higher production rate, less energy consumption, and higher fractional 

recovery. The enhanced fractional recovery is due to the relatively small amount 

of decanter and column holdups (relative to the total feed mass), which are 

discharged to distillate collectors at the end of the process. 

Since the sequential batches perspective (Persp. II) is applied for process 

evaluation, a feed quantity of 15 kg is considered a suitable feed quantity, and it 

is applied for the rest of this study since it leads to a reasonable SEC and SPF 

level. 
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Figure 4-5. Effects of feed quantity on state indexes 

4.3.3. Distillation with Decanter (Mode II) 

As discussed in section 4.2.5, fractional phase separation and, subsequently, the 

return fraction for each phase can be related to the liquid levels in the decanter. 

The maximum liquid flow rate entering the reflux drum during the operation in 

Mode I at RF=1 is applied to design the decanter, which is about 9 kg/h aqueous 

phase and 0.6 kg/h organic phase. Conducting a primary decanter sizing, the reflux 

drum diameter (0.1 𝑚) is assessed to check its applicability to handle the condensed 

liquids as a decanter. Since this diameter offers a relatively low vertical velocity 

(about 1.5 m/h in total reflux condition), it seems to be applicable as a decanter. 

Although the proper vertical velocity depends on many factors, such as 

settling/rising droplet size, the velocities lower than 10-15 m/h are known as 

generally proper values to design a decanter [40]. A smaller diameter decanter can 

probably be employed, but due to some fundamental limits in fabrication, internal 

space accessibility, required space for instrument installation, and reusing the 

reflux drum as decanter, a diameter of 0.1 𝑚 is finally selected. According to the 

assumptions and simplifications mentioned in section 4.2.5, the required liquid 

volume in the decanter (for each liquid phase) that provides a perfect phase 

separation is estimated as the maximum of two criteria: 10 minutes liquid holdup 

time at total reflux condition or 0.1 𝑚 of liquid level [40,47]. Accordingly, the 

organic phase liquid level and aqueous phase liquid level corresponding to perfect 

decanting condition are respectively specified as 𝐻1𝑃 = 0.2 𝑚 and 𝐻2𝑃 = 0.1 𝑚.  
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As explained in section 4.2.5, fractional phase separation for liquid levels larger 

than 𝐻1𝑃 𝑎𝑛𝑑 𝐻2𝑃 is equal to 1, while it decreases for smaller liquid levels 

proportional to the liquid level down to the level of 0. Hence, fractional phase 

separation at (𝐻2  =  𝐻1 = 0) would be equal to 0, which implies no decanting, as it 

is in Mode I. On the other hand, since the value 𝑅𝐹 = 0.5 is found to be the optimum 

condition in Mode I (explained in section 4.3.1), the return fraction value for this 

case in Mode II is set to 𝑅𝐹 = 𝑅𝐹2  =  𝑅𝐹1 = 0.5. Accordingly, the return fraction of 

MIBK-rich phase (𝑅𝐹1) and aqueous phase (𝑅𝐹2) are related to the liquid level in 

decanter by following correlations: 

𝑅𝐹1 = 0.5 + (
0.5

0.1
) 𝐻2           for   0 < 𝐻2 < 0.1 m (11) 

𝑅𝐹1 = 1                                for   𝐻2 ≥ 0.1 m (12) 

𝑅𝐹2 = 0.5 − (
0.5

0.2
) 𝐻1          for   0 < 𝐻1 < 0.2 m (13) 

𝑅𝐹2 = 0                                for   𝐻1 ≥ 0.2 m (14) 

Based on these assumptions, there is no need for a complex analysis or monitoring 

system, and decanting quality can be controlled by liquid phase level control. 

According to these relationships, the return fraction for the aqueous phase is equal 

to 0 (perfect decanter) for an organic phase liquid level of (𝐻1 = 𝐻1𝑃 = 0.2 𝑚), and 

it is equal to 0.5 for the case with no phase separation (𝐻1 = 0). Analogously, the 

return fraction for the organic phase is equal to 1 (perfect decanter) for an aqueous 

phase liquid level of (𝐻2 = 𝐻2𝑃 = 0.1 𝑚) and it is equal to 0.5 for (𝐻1 = 0), at which 

there is no phase separation.   

Organic liquid levels in a range of (0 ≤ 𝐻1 ≤ 0.3 𝑚) and aqueous liquid levels in a 

range of (0 ≤ 𝐻2 ≤ 0.15 𝑚) are studied, and the results are presented in Figure 4-

6. This figure indicates the state indexes obtained for different aqueous and 

organic phase levels in the decanter. The levels of both liquid phases are varied 

simultaneously and in the same proportion. 
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Figure 4-6. Variation of state indexes with liquid level in decanter 

 

As mentioned, the minimum index values in the graph correspond to the point with 

no phase separation (𝐻1 = 𝐻2 = 0). This case represents an operation with no liquid 

holdup in the reflux drum/decanter, where the condensed stream splits 

immediately and equally into reflux and distillate streams (𝑅𝐹 = 𝑅𝐹1 = 𝑅𝐹2 = 0.5). 

Initially, it might be expected to achieve the same results as Mode I at 𝑅𝐹 = 0.5, in 

which all state indexes are equal to 1, but as this figure shows, the case (𝐻1 = 𝐻2 =

0) in Mode II leads to different results. The differences can be explained by no-

holdup in the reflux drum and, subsequently, the lower “holdup loss”, as well as 

earlier reflux initiating in the unit in this case compared to Mode I. On the other 

hand, higher fractional recovery and lower “holdup loss” imply a larger quantity of 

mixture to be purified, which in turn results in a longer process time compared to 

Mode I at 𝑅𝐹 = 0.5. 

Increasing the liquid level in the decanter, up to 𝐻1 = 0.05 𝑚, 𝐻2 = 0.025 𝑚, 

improves the operation in all aspects. Accordingly, the indexes of fractional 

recovery, process time, production rate, and energy cost are respectively increased 

to 1.038, 1.018, and 1.056. Based on these observations, it can be concluded that 

while a larger decanter holdup may result in greater “holdup loss”, it also enhances 
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MIBK-rich phase level in decanter, H1 (m)

0.000 0.025 0.050 0.075 0.100 0.125 0.150

S
ta

te
 I
n

d
e
x
 V

a
lu

e

0.96

0.98

1.00

1.02

1.04

1.06

1.08

Aqueous phase level in decanter, H2 (m)

0.00 0.05 0.10 0.15 0.20 0.25 0.30

Process Time

Recovery

Energy and Production Rate

2D Graph 1

State index

0.96 0.98 1.00 1.02 1.04 1.06 1.08

w
a

te
r 

h
e

ig
h
t

0.00

0.02

0.04

0.06

0.08

0.10

0.12

0.14

M
IB

K
 h

e
ig

h
t

0.00

0.05

0.10

0.15

0.20

0.25

0.30

time

recovery

SPF SEC

 

Figure 6. Variation of state indexes with liquid level in decanter 
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decanting efficiency and reduces “operation loss”.  Ultimately, this balance 

improves the overall performance of the distillation process. 

With further increase in liquid levels, up to 𝐻1 = 0.2 𝑚, 𝐻2 = 0.1 𝑚, the recovery 

index improves up to 𝜂𝑖 = 1.062 while the time index declines down to 𝑡𝑖 = 1.0006. 

The improvement in recovery can be attributed to a reduction in “operation loss”, 

resulting from more efficient decanting, while the extended operation time is due 

to the enhanced distillation process, where more MIBK remains in the unit and 

requires additional time for complete processing. Overall, the improvement in 

recovery indicates that with the liquid levels below (𝐻1 = 0.2 𝑚, 𝐻2 = 0.1 𝑚), the 

reduction in “operation loss” achieved by extending the liquid level outweighs the 

resulting increment of “holdup loss”. 

On the other hand, by increasing the liquid levels up to 𝐻1 = 0.15 𝑚, 𝐻2 = 0.075 𝑚 

the SPF and SEC index reaches a maximum value of (𝑃𝑖 = 𝐸𝑖 = 1.07) and is 

flattened (with a slight decline) with further increasing the liquid levels to 𝐻1 =

0.2 𝑚, 𝐻2 = 0.1 𝑚. Despite achieving the maximum recovery at (𝐻1 = 0.2 𝑚, 𝐻2 =

0.1 𝑚), due to the relatively longer operation time at this point, the maximum 

energy and production rate index is achieved at the point (𝐻1 = 0.15 𝑚, 𝐻2 =

0.075 𝑚), making it the optimum operation point based on the “sequential batches” 

perspective. It is worth mentioning that this point corresponds to return fractions 

of 𝑅𝐹1 = 0.875 and 𝑅𝐹2 = 0.125. Similarly, the range where the energy and 

production rate index level off at a high value represents the optimal operating 

range. Accordingly, the range from (𝐻1 = 0.1 𝑚, 𝐻2 = 0.05 𝑚) to (𝐻1 = 0.2 𝑚, 𝐻2 =

0.1 𝑚), are specified as “optimal range” in Figure 4-6. This range corresponds to 

the return fraction range from (𝑅𝐹1 = 0.75 𝑚, 𝑅𝐹2 = 0.25 𝑚) to (𝑅𝐹1 = 1 𝑚, 𝑅𝐹2 =

0 𝑚). Extending the liquid levels beyond this range adversely affects the recovery, 

production rate, and energy cost. This can be attributed to the increase in “holdup 

loss” with larger decanter holdup while the “operation loss” as a function of 

decanter performance is almost equal for all cases in this range. On the other hand, 

process time decreases with extending the liquid level beyond (𝐻1 = 0.2 𝑚, 𝐻2 =

0.1 𝑚). This can be explained by lower fractional recovery induced by larger 

“holdup loss” that implies on a smaller quantity of mixture to be purified and 

consequently needs a shorter process time. 

Two extra points are also tested to determine the effects of 𝐻1 and 𝐻2 

independently. The results are presented in Figure 4-7. According to this figure, a 

larger 𝐻2 and a smaller 𝐻1 is the best possible combination, and this general 
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conclusion should be considered in decanter design and control for other units with 

different configurations or capacities. In other words, a sufficient aqueous phase 

residence time in the decanter (large 𝐻2) ensures no MIBK loss along with the 

aqueous phase outlet stream, and a smaller MIBK-rich phase holdup quantity 

(small 𝐻1)  reduces the holdup loss. It should be noted that this conclusion is based 

on an ideal condition specified in the simulation case, while in a real case, there 

are still some restrictions dictated by connection size, controller response time, 

space for instruments, liquid level calming, and turbulence control that might 

override this conclusion. 
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Figure 4-7. Comparison of state indexes in Mode II with different liquid levels in decanter  

4.3.4. Inverted batch distillation (Mode III) 

Operation with an inverted batch distillation configuration is simulated at 

different feeding times (flow rates) with the same amount of feed (15 kg). 

Considering the decanter evaluation in Mode II, decanter liquid levels of 𝐻1 =

0.15 𝑚 and 𝐻2 = 0.075 𝑚 are set in Mode III. Feeding time in the range of 0 to 66 

minutes is studied. The state indexes obtained for all the scenarios evaluated are 

presented in Figure 4-8. The case with feeding time 0 represents the case with feed 

initially charged in the pot (Mode II). By applying Mode III and extending the 

feeding time up to 30 minutes, the unit experiences no significant change in the 



4. Improvement of energy efficiency and production performance in a heteroazeotropic 

batch distillation unit: a study on decanter control and feeding strategy 

117 

 

state indexes. A slight improvement in recovery can be observed by extending the 

feeding time beyond 30 minutes. Also, the SEC, SPF, and process time improves 

by extending the feeding time from 30 to 54 minutes. The maximum index values, 

in all terms, are achieved at a feeding time of 54 minutes. A key observation here 

is that the total process time is 57 minutes, indicating that the feeding rate and 

separation rate are synchronized and both terminate almost simultaneously, as if 

the unit were operating in continuous mode. Further extending the feeding time 

increases the process time due to reaching the desired mixture purity (99.8 wt.% 

MIBK) before charging the entire feed quantity to the unit. Hence, the stop criteria 

must be revised to prevent premature convergence, allowing the operation to 

continue until the entire feed has been introduced into the column. Consequently, 

a higher purity of MIBK (𝑥𝑟 > 0.998) will be finally obtained in the still, and the total 

operation time will be equal to the feeding time. In other words, the batch 

distillation capacity (separation rate) in such cases is over the feeding rate, so the 

product will be over-purified, and the operation time will be controlled by feeding 

time. This condition can be analogized to a continuous distillation unit operating 

with a feed flow rate below its production capacity. Although recovery is not 

significantly affected by extending feeding time, the production rate and specific 

energy costs undergo undesirable changes. Based on these observations, it can be 

stated that a well-designed and properly controlled inverted batch distillation 

column offers a superior separation performance, but its performance strongly 

relies on the feeding rate and proper process planning so that it may lead to higher 

energy costs, lower production rates, longer process time, and even failure of the 

control system in case of incorrect operation scheduling/timing. Regardless of 

control and monitoring details, Figure 4-8 illustrates that Mode III, with an 

adjusted feeding time of 35 to 60 minutes, outperforms Mode II. 

To explain the superior performance of Mode III, with a feeding time of 54 minutes, 

over that of Mode II, the profiles of the liquid and vapor flow rates entering the 

column are recorded, as can be seen in Figure 4-9. It is generally known that in 

Mode II (and Mode I), the entire feed content must be heated up to the bubble point 

in order to generate vapor, which takes a considerable time compared to the total 

operation time.  Consistent with this, Figure 4-9 illustrates that there is no vapor 

and liquid flow within the column in a considerable fraction of the process duration 

for Mode II. By using an inverted batch unit (Mode III), there is no need to heat up 

the entire feed amount, but the amount partially charged into the unit is heated 

up and vaporized in a relatively short time. According to Figure 4-9, the feed 
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received in the pot in Mode III starts boiling immediately due to its small quantity, 

but the boiling declines as more fresh feed enters and causes condensation of the 

generated vapor. Boiling continues in a balance with the inlet liquid feed flow rate, 

resulting in the plot remaining nearly flat until a distinct time (approximately 12 

minutes). Beyond this time, the inlet feed flow rate declines, and boiling 

intensifies, which indicates that the boiling rate outbalances the feed stream. On 

the other hand, in Mode II, the liquid feed content is heated continuously, and 

there is no boiling until about 13 minutes, which is approximately when the 

mixture reaches the bubble point. The intense boiling in Mode II can be observed 

after about 27 minutes. Comparing Mode II and Mode III, there is about a 15-

minute time difference between the intense boiling time. This early vaporization 

is a potential key advantage of the gradual feeding approach, as it can accelerate 

the start-up step compared to a conventional batch distillation. This advantage is 

expected to be more significant in a process with a large feed content, in which the 

heat-up step takes a relatively long time to initiate vaporization. It is worth 

mentioning that the vapor rate profile in Mode III depends on the feeding rate, 

assuming a constant reboiler duty. As a result, in case of applying a high feeding 

rate (feeding time below 30 minutes), the boiling condition will resemble that of 

Mode II, and the indexes will match those of Mode II, as shown in Figure 4-8. 

Observing the liquid flow profile of Mode III, the feed flow under the gravity 

feeding scenario enters the column at a high flow rate, and the flow rate decreases 

linearly with the decline of the feed tank liquid level. The decanter reaches the 

adjusted levels at about 40 minutes, and subsequently, the reflux stream is added 

to the liquid flow entering the column. In Mode II, since the feed is entirely charged 

into the pot, there is no liquid in the column before initiating the reflux stream at 

about 38 minutes. Considering the earlier vaporization in Mode III compared to 

Mode II, the reflux stream of Mode III was expected to form in a shorter time 

compared to Mode II, but it takes place later. This can be explained by the vapor-

liquid contact and the resulting mass transfer in the column, which causes partial 

condensation of the rising vapor (internal reflux), so the reflux drum fills with a 

delay compared to Mode II.  

Based on these observations, the superior performance of the inverted 

configuration (Mode III) over the conventional configuration (Mode II) can be 

attributed to two key mechanisms: (1) the earlier vaporization of the feed, which 

implies a shorter start-up and earlier production and (2) presence of a descending 

liquid flow from the beginning of operation, which drives the mass transfer 
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(stripping) within the column. The former expresses the impact of gradual feeding, 

and the latter expresses the impact of feeding location. 2D Graph 1
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Figure 4-8. Effect of feeding time duration on distillation performance using Mode III 

(Inverted batch distillation) 
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Figure 4-9. Vapor and liquid flow rate into the packing section for Mode III (feeding 

time: 54 min.) and Mode II. 
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4.4. Conclusion 

Batch distillation of a heteroazeotropic binary mixture is studied employing three 

different unit configurations: Mode I represents a conventional unit, Mode II is a 

unit equipped with a decanter, and Mode III is an inverted batch distillation unit 

equipped with a decanter.  

Evaluating the conventional distillation unit, Mode I shows that the total reflux 

step for starting up the operation is not necessary for the studied process and 

skipping it can offer even better unit performance. Also, the reflux ratio of 𝑅𝑅 = 1 

(𝑅𝐹 = 0.5) provides the maximum SPF and SEC, making it the optimal reflux ratio 

based on the “sequential batches” perspective. The feed quantity is also recognized 

as an effective factor, and a larger quantity of feed results in lower SEC and higher 

SPF, which is due to the lower ratio of holdup to feed quantity.  

On the other hand, Mode II demonstrates superior performance compared to Mode 

I across the entire range of operations, which highlights the impact of a decanter 

on distillation performance. It was found that a decanter with a relatively high 

separation efficiency (𝑅𝐹1 = 0.875 and 𝑅𝐹2 = 0.125) offers the most efficient 

distillation. In contrast, a perfect decanter (𝑅𝐹1 = 1 and 𝑅𝐹2 = 0) may result in a 

lower production rate and higher energy cost since it relies on a relatively larger 

liquid holdup that causes a greater holdup loss. Therefore, optimizing decanter 

performance in Mode II shall involve balancing operational losses with holdup 

losses. Applying Mode II for MIBK-water separation offered up to 6% improvement 

in fractional recovery and up to 7% improvement in SEC and SPF compared to 

Mode I. It is also realized that, overall, a smaller organic phase holdup combined 

with a larger aqueous phase holdup in the decanter benefits the process in all 

aspects. The results showed that employing a high feeding rate in Mode III results 

in no significant change compared to Mode II, while extending the feeding time 

over a specific value benefits the process in all aspects. Moreover, there is an 

optimal feeding time that maximizes the state indices; extending the feeding time 

beyond this point adversely affects the state indexes. In the present study, the 

optimal feeding time for processing 15 kg of MIBK-water mixture is 54 minutes. 

In this case, the entire operation takes only 57 minutes, suggesting that the unit 

performance approximates continuous distillation, with separation and feeding 

ending almost simultaneously. In this study, the inverted batch distillation unit 

(Mode III) demonstrated approximately a 7% improvement in fractional recovery, 

a 9% reduction in process time, and around a 17% enhancement in SPF and SEC 
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compared to Mode I. The improvement in the operation performance is attributed 

to (1) the gradual feeding, which results in an earlier boiling/vaporization and 

shorter heat-up step, and (2) top feeding, which provides the vapor-liquid contact 

and stripping within the column immediately by starting the evaporation. 

Outlook on the future: The inverted batch distillation, and generally the gradual 

feeding approach, is found as a practical approach to upgrade the batch distillation 

process. Also, an existing batch distillation unit can be transformed into a semi-

batch distillation unit with minor changes in unit configuration and simple 

operational instructions. Moreover, due to the analogy to continuous distillation, 

it poses a great potential for further performance improvement by employing the 

techniques developed and applied for continuous distillation. Applying various 

feeding profiles and heat recovery strategies is planned as the next step to fully 

harness the potential of this approach. Additionally, the impact of feed location 

and gradual feeding in Mode III will be assessed to characterize this approach and 

advance its technical readiness for practical application. Regarding the decanter 

performance, employing an empirical model for phase separation prediction can 

also be an effective approach to achieve higher accuracy in simulation and design. 
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Abstract 

This work focuses on upgrading a batch distillation unit in terms of energy 

efficiency and production capacity. Dehydration of methyl isobutyl ketone (MIBK) 

is performed as a case study. Since the MIBK-water mixture forms a 

heteroazeotrope, a decanter is applied to facilitate the separation process. The unit 

performance is evaluated in terms of specific product flow (SPF) and specific 

energy cost (SEC). Studying the impact of feed quantity in the range of 20 to 80 kg 

showed that due to the almost equal holdup loss, a larger batch feed quantity 

results in higher energy efficiency and production performance. Gradual feeding 

policy with different feeding strategies and locations (i.e., top feeding and bottom 

feeding) is also assessed in detail and compared with the conventional batch 

distillation process. Also, three feeding rate profiles (increasing, fixed, and 

decreasing) with varying feeding durations are evaluated in order to reach the 

optimal feeding time and profile. Overall, gradual feeding is found to be an efficient 

approach to upgrade the unit operation in terms of energy efficiency and 

production rate. Top feeding (also known as batch stripping or inverted batch 

distillation) has proved to be a more efficient policy for MIBK-water separation 

over bottom feeding. In addition, the decreasing feed flow rate scenario offers a 

more efficient operation compared to other feed rate profiles. Accordingly, 

employing the top feeding policy with a decreasing feed rate profile can lead to a 

10% improvement in production rate and energy cost over a conventional batch 

distillation unit equipped with a decanter. Moreover, based on the gradual feeding 

approach, a novel and easy-to-apply strategy for heat integration and recovery in 

the batch distillation process is proposed, and its potential is assessed for different 

feeding scenarios. The proposed strategy is also found to be significantly effective 

in process intensification and acceleration. Applying this strategy to a batch 

distillation unit with top feeding at a fixed feed rate offers over 47% improvement 

in energy efficiency and production rate compared to a conventional batch 

distillation unit equipped with a decanter. 

Keywords: Batch Distillation, Energy Efficiency, Heat Integration, Heat Recovery, 

MIBK-water, Heteroazeotropic Distillation. 
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5.1. Introduction 

Methyl Iso-Butyl Ketone (MIBK) is a versatile solvent with a broad range of 

industrial applications. Its outstanding dissolution properties, biodegradability, 

and limited water solubility make it valuable in numerous chemical processes and 

in the industrial production of pharmaceuticals, paints, rubber, pesticides, 

cleaning solvents, etc. [1,2]. Specifically, it is used as a solvent in the paint 

industry, where it ends up mixed with water after use. There are also some other 

cases in which MIBK is polluted by a small fraction of water and needs to be 

recovered [3,4]. The low solubility of water in MIBK (about 2% by weight at room 

temperature and atmospheric pressure) allows for the mechanical removal of the 

major fraction of water. The remaining binary mixture forms a heteroazeotrope, 

similar to the water-tert-butanol (2-methyl-2-propanol) binary mixture [5] that 

needs to be removed by a suitable unit operation such as heteroazeotropic 

distillation, in continuous or batch mode. A batch distillation unit (BDU) is a 

suitable candidate for separation of MIBK-water mixture, especially in small 

production capacities and low budget for initial investment. The advantages of 

batch over continuous distillation can be listed as low capital cost, applicability in 

small scales, product traceability, possibility to cope with different separation 

tasks, offering a wide range of products using the same unit, availability of various 

configurations, and ability to handle high solid content [6–8]. Batch distillation is 

extensively used for purification goals or solvent recovery in the production of 

pharmaceuticals, polymers, fine and high-value market chemicals, and 

biochemical products [9,10]. 

Production rate and energy efficiency of a BDU, employed for separation of a 

heteroazeotropic mixture, can be upgraded by integrating a mechanical liquid-

liquid separator into the unit. Zhang et al. [11] proposed using heteroazeotropic 

batch distillation for phenol dehydration as an alternative to direct distillation, 

providing higher product quality and approximately 20–25% energy savings. 

Adding a decanter to the BDU applied for MIBK dehydration has demonstrated 

successful operation, along with improvements in energy efficiency and production 

rate. To characterize the employed BDU and optimize the unit performance, effects 

of start-up policy, reflux ratio, decanting quality, column height, condenser 

temperature, and feed quantity have been studied previously. After development 

and characterization of an efficient unit operation based on batch distillation, a 

particular gradual feeding policy on unit performance was assessed, showing its 

positive impacts on the unit performance, including a higher production rate and 
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lower energy consumption [12–14]. In pursuit of our goal to develop an efficient 

unit operation for MIBK dehydration, developing a feasible and easy-to-apply heat 

integration approach to improve the energy and separation efficiency of the BDU 

is aimed in this study. 

There are different approaches developed for heat integration and process 

intensification of a BDU, among which heat pumps have gained more attention 

recently. As representative examples, Nair and Raykar [15] used a two-stage vapor 

recompression (VRC) heat pump to enhance the separation of a ternary mixture of 

hexanol, octanol, and decanol, observing a 52% energy saving and a 12.2% total 

annual cost reduction. Radhika et al. [16] incorporated a double-stage VRC heat 

pump into a BDU to integrate heat and separate the ternary mixture. Their 

proposed integrated configurations resulted in a 41.7% lower energy consumption 

compared with a conventional BDU. Gandu et al. [17] proposed a heat pump-

assisted batch distillation unit for separation of a ternary mixture aiming for 

reduced cost and carbon emissions. A multi-stage VRC algorithm is introduced as 

an alternative for the single-stage VRC approach due to its challenges with high 

vapor compression ratio (>3.5).  They found that the feed composition determines 

each approach's cost-effectiveness, with the highest reported total annual cost 

reduction in their work being about 10%. Kazemi et al. [18] proposed using the 

bottom flashing heat pumps as an alternative to VRC heat pumps. They reported 

a total annual cost saving of 19%, using a flashing heat pump and lower annual 

costs in the range of 4.2-10.9% compared to the equivalent process with vapor 

recompression heat pumps. Modla and Lang [19] conducted a study on integrating 

different heat pump systems in batch distillation units, concerning the economic 

feasibility of heat integration and payback periods. According to their evaluation, 

direct application of VRC was not economically feasible, as the minimum payback 

period was over 10 years, while they managed to reduce it to about seven years by 

adding a heat exchanger. A conclusion extracted from these studies is that, while 

heat pumps for heat integration in a BDU offer significant improvements in energy 

efficiency, they face key challenges, including high capital costs, long payback 

periods, and complexity in design, control, and operation [20–22]. 

Alternatively, external energy integration by feed stream heating/flashing stands 

as a simple and practical approach in continuous distillation [23,24]; however, it is 

not feasible in batch distillation due to the absence of a feed stream. Building on 

the proven potential of gradual feeding to enhance unit performance in a previous 

study [14], this study advances the development by evaluating various feeding 



5. Heat Integration and process improvement of a batch distillation unit using a 

gradual feeding strategy: A case study on MIBK-water separation  

131 

 

strategies, including feeding locations and feed rate profiles, to identify the optimal 

operating policy in terms of energy cost and production capacity. Also, emerging a 

feed stream in the batch distillation unit unlocks the potential for heat recovery, 

as this feed stream can be easily heated by serving as a coolant in the condenser. 

Evaluating the potential of heat recovery for upgrading the batch distillation unit 

demonstrates a remarkable breakthrough in the unit's energy efficiency and 

production capacity. 

5.2. Methodology and study plan 

5.2.1. Simulation procedure 

The simulations are conducted using the commercial package Aspen Plus V.14®, 

applying UNIQUAC model and the BatchSep module. The MIBK-water system 

exhibits significant deviations from ideality, particularly due to polarity 

differences between the two components and hydrogen bonding interactions. Given 

the moderate operating pressure (<10 bar) and the absence of electrolytes, the 

UNIQUAC model was selected to simulate the MIBK-water system due to its 

proven capability to handle highly non-ideal and polar liquid mixtures. While the 

UNIQUAC accuracy strongly depends on high-quality binary parameters (BIP), 

the validated parameters available in the Aspen Plus database ensure accurate 

simulation. Figure 5-1a shows the phase diagram of the MIBK-water mixture 

predicted by UNIQUAC together with experimental values provided by NIST 

Thermo Data Engine (TDE) database [25] indicating the high accuracy of this 

package in predicting the MIBK-water mixture behaviour. Further details on the 

binary mixture of MIBK-water and the methods applied for simulation are 

available in our previous studies [12–14]. The goal is to dehydrate a 98 wt.% MIBK 

solution, commonly found as a residue of paint industries, to achieve a minimum 

purity of 99.8 wt.% as standard purity of MIBK for reusing it as solvent.  

As Figure 5-1b indicates, a conventional batch distillation unit consists of (1) a 

still/pot that contains the feed and embeds the reboiler, (2) the column including 

mass transfer media (trays or packed beds), and (3) a condenser. Some other 

accessories, such as a reflux drum, a decanter, a feed tank, and distillate collection 

tanks, might also be added to the unit, depending on the operation policy. The 

general geometrical features of the batch distillation unit are presented in Table 

5-1, and the operating conditions defined in the simulation are presented in Table 

5-2. The feed temperature is 25 ℃, and considering the still capacity, the feed 
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quantity can vary in the range of 20 to 80 kg. The condenser temperature is set to 

85 ℃ providing a total condenser condition, and operation is conducted in 

atmospheric pressure. Reboiler duty (heating rate) is set to ensure processing the 

pot total feed capacity in less than 8 h, and the column dimensions are adjusted to 

handle the liquid and vapor provided by condenser and reboiler condition. The 

packing type is selected due to the availability in small size, and its size is selected 

to be small enough compared to the column diameter in order to prevent 

maldistribution of gas and liquid as well as providing high mass transfer efficiency 

due to high specific surface area. 

 

Figure 5-1. (a) Phase equilibrium diagram of MIBK-water system at 1 atm and 

temperature range: 0 - 116 ℃ [25] (b) Schematic view of the batch distillation unit. 
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Table 5-1. Geometrical and technical characteristics of simulated batch distillation unit.  

Parameter Symbol Value/Description Units 

Applied Module − BatchSep [−] 

Still volume 𝑉𝑠 120  [𝑙] 

Diameter at condenser inlet 𝜙𝑐 0.1  [𝑚] 

No. of distillate collectors − 3 [−] 

Column diameter 𝜙𝑠 0.1 [𝑚] 

Packing type − Metal Raschig ring [−] 

Packing size 𝜙𝑝 1/2 [𝑖𝑛𝑐ℎ] 

Height of the equivalent theoretical plate  HETP 1 [𝑚] 

Packing Bed Height 𝐻𝑝  2 [𝑚] 

Dry Packing factor  𝐹𝑝 984 [𝑚−1] 

Packing porosity  𝜀 0.85 [−] 

Specific area of packing  𝛼 400 [𝑚2/𝑚3] 

Foaming (system) factor 𝑓𝑓 1 [−] 

Decanter diameter 𝜙𝑑  0.1 [𝑚] 

Decanter height 𝐻𝑑  0.4 [𝑚] 

* Characteristic data for metal Raschig ring 1/2” can be found in [26]. 

 

Table 5-2. Operating conditions and general process characteristics of simulated batch 

distillation process.  

Parameter Symbol Value Units 

Feed quantity 𝑟0 20-80 [𝑘𝑔] 

Feed temperature 𝑇𝑓 = 𝑇𝑓1 25 [℃] 

Product quantity (Recovered mass) 𝑟 − [𝑘𝑔] 

Operating pressure (Condenser pressure) 𝑃 = 𝑃𝑐  1 [𝑎𝑡𝑚] 

Initial MIBK mass fraction (Feed) 𝑥𝑟0 0.98 [−] 

Required MIBK mass fraction (Product) 𝑥𝑟 0.998 [−] 

Reboiler duty 𝑊 1200 [𝑊𝑎𝑡𝑡] 

Condenser type  − Total  [−] 

Condenser outlet temperature  𝑇𝑐  85  [℃] 

Decanter separation efficiency 𝜂𝑑 1 [−] 

Organic phase (MIBK-rich) level in decanter 𝐻1 0.2 [𝑚] 

Aqueous phase level in decanter 𝐻2 0.1 [𝑚] 

Organic phase (MIBK-rich) return fraction 𝑅𝐹1 1 [−] 

Aqueous phase return fraction 𝑅𝐹2 0 [−] 
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Due to the dynamic nature of the batch distillation process, all details regarding 

the fluids’ holdup volume and flow regime within the unit are highly influential on 

simulation accuracy. Also, the pressure profile is a decisive factor for a precise 

simulation since it affects the equilibrium and, subsequently, the process 

evolution. Moreover, for cases involving small feed quantities, such as in batch 

distillation, hydraulic considerations become more critical due to the relatively 

high ratio of holdup volume to feed rate. Accordingly, the hydraulic calculations, 

including the pressure drop and flooding, are conducted using the Eckert model 

[27] to achieve an accurate prediction of the process. 

The simulation is performed based on equilibrium stages, which is a reasonable 

assumption considering the small diameter of the column and packing size. As 

indicated in Figure 5-1a, three equilibrium phases, vapor-liquid-liquid (VLL), are 

defined and introduced to the simulation case, applying the UNIQUAC model. 

A decanter is added to the unit downstream of the condenser as it is found to be an 

effective element in improving the heteroazeotropic batch distillation performance. 

Based on the simple decanter control approach described in a previous study [14], 

the liquid levels of 𝐻1 = 0.2 𝑚 and 𝐻2 = 0.1 𝑚 are set in the decanter to provide a 

perfect decanter condition. The term “return fraction,” defined as the fraction of a 

condensed liquid phase returning to the column (along with the reflux stream), is 

applied to characterize the decanter performance. The relationship between return 

fraction, 𝑅𝐹, and the well-known term reflux ratio, 𝑅𝑅, is as follows: 

𝑅𝑅 =
𝑅

𝐷
 (1) 

𝑅𝐹 =
𝑅

𝐷 + 𝑅
=

𝑅𝑅

1 + 𝑅𝑅
 (2) 

where 𝐷 and 𝑅 are the mass flow rates of distillate and reflux streams, respectively. 

The return fraction value is bounded in the range 0 − 1 in contrast with the reflux 

ratio that varies in the range 0~∞, which makes it easier to understand and relate 

to the decanter separation performance (e.g., decanting efficiency of 90% implies 

on 𝑅𝐹1 = 0.9 and 𝑅𝐹2 = 0.1).  

The operation is defined by a constant reflux ratio for each phase, and simulation 

covers the operation in all steps of feeding, heating up, and production until 

achieving the desired purity of 99.8 𝑤𝑡. % in the pot, defined as the simulation stop 

criteria. Based on the previous studies, the operation is simulated under the single-

step operation (SSO) strategy, in which operation under total reflux condition as a 
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start-up step is skipped, and the top outlet streams (distillate) are open from the 

beginning of the operation. The desired product, mainly comprised of MIBK, is 

collected in the pot, and the aqueous phase containing a slight amount of MIBK 

leaves the unit as the top product and is collected in a distillate collector. The initial 

condition of the simulated unit is as an empty unit, and the final condition is set 

to discharge the holdups of the column, condenser, and decanter to the distillate 

collectors. The potential top product mixture is divided into three streams: (1) 

MIBK-rich phase liquid, (2) aqueous phase collection, and (3) vapor phase 

collecting. In order to simulate the operation from feeding and heat-up steps, 

nitrogen gas is introduced to the model as “pad gas” to initially fill the column and 

containers. 

The state variables applied to evaluate the operation performance of batch 

distillation include process time (t), fractional recovery (𝜂), specific product flow 

(𝑆𝑃𝐹), and specific energy cost (𝑆𝐸𝐶) as defined by the following relationships 

[12,28]: 

𝜂 = [
𝑟. 𝑥𝑟

𝑟0. 𝑥𝑟0
] = [

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑

𝑘𝑔𝑀𝐼𝐵𝐾 𝑓𝑒𝑑
] (3) 

𝑆𝑃𝐹 = [
𝑟. 𝑥𝑟

𝑡
] = [

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑

ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛
] (4) 

𝑆𝐸𝐶 = [
𝑊

𝑆𝑃𝐹
] = [

𝑘𝐽/ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑/ℎ𝑜𝑝𝑒𝑟𝑎𝑡𝑖𝑜𝑛
] = [

𝑘𝐽

𝑘𝑔𝑀𝐼𝐵𝐾 𝑜𝑏𝑡𝑎𝑖𝑛𝑒𝑑
] (5) 

 

5.2.2. Unit configurations and operation policies 

Different parameters such as unit configuration, operation policy, accessory 

elements, and control strategy significantly affect the batch distillation 

performance. Three configurations are studied in the present work, as illustrated 

in Figure 5-2. The configuration, referred to as Mode I, is a conventional batch 

distillation unit equipped with a decanter. Mode II represents a unit with top 

feeding, commonly known as an inverted batch distillation unit, and Mode III is a 

unit with gradual feeding to the pot. The following sections provide a detailed 

description of the unit configurations and the operation scenarios. Different 

parameters, including feed quantity, feed stream position, and feed flow 

rate/feeding time, are studied. The detail of each assessment is presented in the 

following sections. 
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Figure 5-2. Three studied batch distillation configurations. 

5.2.3. Effect of feed quantity - Mode I 

As explained in section 5.2.1, the operation can be done with different feed amounts 

in the range of 20 to 80 kg. This limit depends on the still capacity and heating 

facilities of the unit. The holdup content in the column, condenser and decanter 

discharges at the end of operation, called “holdup loss”, and its amount is almost 

constant, regardless of the feed quantity. Accordingly, processing a larger feed 

quantity at once is expected to lower the MIBK loss which consequently leads to a 

lower energy cost and a higher production rate. The feed quantity range of 20 - 80 

kg is assessed in this part of the study to measure the impacts of feed quantity, 

and the relevant results are presented in section 5.3.1. 

5.2.4. Top feeding (Inverted batch distillation) - Mode II 

Typically, batch distillation units are initially fed in the pot, where the feed is 

heated during the operation. The configuration introduced as Mode II, is also 

known as inverted batch distillation or batch stripper [6,29,30], while the 

conventional batch distillation unit is known as a batch rectifier. This conveys the 

idea that Mode II can be applied to mixtures in which a small fraction of light 

components wants to be removed from heavy components, as in the MIBK-water 

mixture [31]. This configuration is also suggested for separation of mixtures with 

a minimum boiling azeotrope [32] and in cases for which the batch rectifier is not 

feasible [8]. The inverted batch distillation unit, modified by adding a decanter, 
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has been previously applied for MIBK-water separation and proved to be an 

efficient method for upgrading the unit performance in terms of energy efficiency 

and production rate [14]. 

The feed tank in Mode II is located above the column and contains the feed mixture 

at 25 ℃, which discharges to the column over the packing bed. The “feeding step” 

is defined and introduced to the model as the first step of the operation time 

schedule, in which the operation starts with the simultaneous commencement of 

feeding and pot heating. The feeding step finishes once the feed content is entirely 

discharged into the column. In the next steps, the feed stream is cut off, but the 

heating in the pot continues until the desired purity in the pot is achieved. The 

feed rate profile is specified by feeding time and the feeding scenario. Three 

different feeding scenarios are employed for Mode II (and Mode III), as described 

below: 

1-  Decreasing feed rate profile (gravity feeding): This scenario keeps the unit as 

simple as possible  with no need for a fluid driver on the feed stream. It is 

assumed to discharge the feed mixture into the pot by opening the feed container 

discharge valve. The feed profile in this scenario depends on the liquid level 

within the feed tank, and it is assumed to decline linearly during the time until 

the feed tank is drained completely. For a specified feeding time of 𝑡𝑓, the initial 

and final feed flow rate will be equal to: 

𝐹0 =
2𝑟0

𝑡𝑓
 (6) 

𝐹𝑡 = 0 (7) 

where 𝑟0 is the total feed quantity, and 𝐹0 is the feed stream flow rate at the 

moment of opening the valve, located on the feed tank outlet nozzle. A ramping-

down profile is adjusted for the feed flow rate, which varies from  𝐹0 to 𝐹𝑡 = 0 

along the feeding step duration, 𝑡𝑓.  

2- Fixed feed rate profile: This scenario is potentially easier for operation and 

evaluation, but it probably needs a fluid driver and a feed flowrate control 

system, which impose an extra cost. Accordingly, it should be studied and well 

justified before applying. The feed profile in this scenario is fixed, and for a 

specified feeding time of 𝑡𝑓, the initial and final feed flow rates will be equal to: 

𝐹0 = 𝐹𝑡 =
𝑟0

𝑡𝑓
 (8) 



Saber Niazi 

 

138 

 

3- Increasing feed rate profile: This scenario also needs a fluid driver and a 

controller to increase the feed flow rate gradually. For a specified feeding time 

of 𝑡𝑓, the initial and final feed flow rates will be equal to: 

𝐹0 = 0 (9) 

𝐹𝑡 =
2𝑟0

𝑡𝑓
 (10) 

where 𝑟0 is the total feed quantity and 𝐹0 is the feed stream flow rate right before 

opening the valve located on the feed tank outlet nozzle. A ramping-up profile is 

adjusted for the feed flow rate, which varies from  𝐹0 = 0 to 𝐹𝑡 along the feeding 

step duration, 𝑡𝑓. 

Applying these three feed profiles with various feeding times in Mode II, the 

production rate and energy index is specified, and the results are presented in 

section 5.3.2. 

5.2.5. Bottom feeding (Gradual feeding) - Mode III 

Applying an inverted batch distillation unit has been proven to be an efficient 

approach to upgrading the studied batch distillation process [14]. Two main factors 

are identified as contributing to the unit's performance improvement: (1) top 

feeding, which leads to the contact between the descending liquid and the rising 

vapor, and (2) gradual feeding, which leads to an earlier feed boiling. The 

contribution of each factor to performance improvement needs to be determined to 

provide deeper insight into the operation. Accordingly, gradual feeding to the 

bottom of the column (below the packing bed) is also evaluated. This configuration 

represents a case in which the feed container and reboiler are separated, while in 

a conventional batch distillation unit, these elements are combined and located at 

the bottom of the column. Similar to the top feeding strategy assessment (section 

5.2.4), three different feed profiles with various feeding times are applied and 

evaluated in Mode III. The results obtained for operation under this strategy and 

the comparison of Mode II and Mode III are presented in section 5.3.2.  

5.2.6. Heat integration in a gradually fed BDU - Mode II 

As explained in the section. 5.1, the primary challenge for heat recovery in a batch 

distillation unit is the higher temperature of the pot or reboiler compared to the 

top vapor stream. This temperature difference precludes the effective use of 
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conventional heat recovery methods or makes them economically infeasible due to 

high implementation costs. On the other hand, applying the gradual feeding 

operation policy transforms the batch process into a semi-continuous operation, in 

which the inlet stream with a remarkably lower temperature than the condenser 

has a great potential to receive the energy stream exiting the condenser. This 

opportunity enables us to employ the heat recovery techniques commonly 

implemented for continuous distillation. The first and simplest technique for heat 

recovery/integration is to employ a heat exchanger contacting the feed and the top 

vapor. Although this technique may be complex for theoretical evaluation or 

prediction, initial analysis and energy balance checks suggest that it can 

potentially (1) reduce condenser utility consumption and (2) intensify the process 

and accelerate the operation rate by preheating the feed, which implies higher 

input energy to the unit. The results and more details on heat recovery are 

provided in section 5.3.3. 

5.3. Results and Discussion 

Batch operations might be performed and analysed under two different 

perspectives of single batch and sequential batches. The former applies for the 

cases with only one time operation and the latter is applicable for the cases in 

which the process repeats frequently and subsequently provides a higher 

production capacity in the course of time. Depending on the frequency of operation 

and the subsequent applied perspective, different state variables should be 

employed to assess the operation. The evaluation of a batch unit operation in this 

study is done based in sequential batches perspective. Based on this perspective, 

the suitable criteria for performance evaluation are the 𝑆𝐸𝐶 and 𝑆𝑃𝐹. Also, some 

state indexes are defined, enabling us to present the results concisely and more 

illustratively. These state indexes applied to present the fractional recovery, 𝜂, 

specific energy cost, 𝑆𝐸𝐶, and specific product flow, 𝑆𝑃𝐹, are calculated as follows 

[13,14]: 

Recovery Index 𝜂𝑖 = [
𝜂

𝜂𝑑
] (11) 

Production rate index: 𝑃𝑖 = [
𝑆𝑃𝐹

𝑆𝑃𝐹𝑑
] (12) 

Energy cost index 𝐸𝑖 = [
𝑆𝐸𝐶𝑑

𝑆𝐸𝐶
] (13) 
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The letter '𝑑' represents the reference case, which is the case with a feed quantity 

of 𝑟0 = 80 𝑘𝑔 processed in Mode I. The state variables obtained from this case are 

presented in Table 5-3, and the associated state indexes are equal to 1. The higher 

value of state indexes implies a more favourable operation, and the values larger 

than 1 show the superior performance of an operation over the reference case. On 

the other hand, the indexes below 1 indicate a relatively unfavourable case 

compared to the reference case. It is worth mentioning that due to the relationship 

between the 𝑆𝑃𝐹 and 𝑆𝐸𝐶 in this study (𝑆𝐸𝐶 ×  𝑆𝑃𝐹 = 𝑊 = 𝐶𝑜𝑛𝑠𝑡.) the relevant 

indexes (Eq. 12 & 13) are identical, so applying only one index is sufficient for both. 

Table 5-3. State variables obtained in the reference case (Mode I with feed quantity of 

r_0=80 kg) 

State variable Symbol Value Units 

Process time 𝑡𝑑 402 [𝑚𝑖𝑛𝑢𝑡𝑒] 

MIBK Recovery 𝜂𝑑 98.86 [%] 

Specific Energy Cost 𝑆𝐸𝐶𝑑 369.2 [𝑘𝐽/𝑘𝑔] 

Specific Production Flow 𝑆𝑃𝐹𝑑 11.70 [𝑘𝑔/ℎ] 

 

5.3.1. Effects of feed quantity - Mode I 

As explained in section 5.2.3 and considering the pot volume, different feed 

quantities in the range 20 to 80 kg are evaluated. Figure 5-3 indicates the state 

indexes obtained in each case. As this graph shows, increasing the feed quantity 

leads to a higher recovery index as well as a higher production rate and energy 

index, so increasing the feed mass from 20 to 80 kg results in over 4% improvement 

in all state indexes. This can be explained by the smaller fraction of “holdup loss” 

in operations with larger feed quantities compared to multiple operations with 

smaller feed amount. Accordingly, the feed quantity of 80 kg is employed in the 

rest of this study. 
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Figure 5-3. Effects of feed quantity on state indexes. 

5.3.2. Gradual feeding strategy - Mode II and Mode III 

Based on the operation time obtained in Mode I for processing an 80 kg feed 

mixture (402 min.), the feeding time in the range of 0 to 390 minutes is selected 

for gradual feeding assessment. Different feeding times are applied to three 

feeding scenarios: decreasing feed rate, fixed feed rate, and increasing feed rate to 

assess the impact of the feeding schedule (time and profile) on the unit 

performance and state variables. The values of production rate and energy index 

obtained at different feeding schedules are shown in Figure 5-4. The point 𝑡𝑓 = 0 

on the x-axis corresponds to the operation in Mode I, in which the feed is already 

charged in the pot. As this figure shows, the short feeding times (below 120 

minutes) in Mode II and Mode III change the state index (production rate and 

energy index) very slightly, and it is almost equivalent to Mode I. By extending the 

feeding time, the differences become more significant, and each feeding schedule 

shows a unique behaviour. Overall, Mode II (top feeding) offers a more efficient 

operation in all cases compared to Mode III (bottom feeding) for the same feeding 

schedule.  The results obtained for three feeding profiles are explained below: 

1- The increasing feed rate profile causes adverse changes in the state index for 

both Mode II and Mode III, so it is not a potentially suitable feed profile. 

2-  The fixed feed profile in Mode III (bottom feeding) results in adverse changes in 

state index, and its effect becomes more significant with extending the feeding 

time, while the same feeding profile in Mode II (top feeding) results in a higher 
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state index. The maximum state index of 1.06 is obtained at a feeding time of 

300 minutes, and extending the feeding time beyond this point leads to a decline 

in the production rate and energy index.  

3- The decreasing feed rate profile in Mode III (bottom feeding) does not change 

the process significantly, and the results are almost the same as Mode I, while 

it favours the state index in Mode II (top feeding) by extending the feeding time 

up to 360 minutes, at which the maximum state index is obtained. At this point, 

the total operation time is 365 minutes, which means the operation takes only 5 

minutes longer than the feeding, and it is very close to a continuous operation. 

The state index of 1.10 shows a 10% improvement in energy efficiency and 

production rate at this point. Beyond this point, the mixture reaches the desired 

purity before the end of the feeding stage, so the feeding time determines the 

total operation time. 

In the previous work [14], two main mechanisms were identified as influencing 

separation performance in a gradual feeding scenario in Mode II: (1) the earlier 

boiling of the feed, implying a shorter start-up and quicker onset of production, 

and (2) the presence of a descending liquid flow in top-feeding configuration, which 

drives the mass transfer (stripping) within the column. The former highlights the 

impact of gradual feeding, while the latter emphasizes the effect of feeding location 

(top/bottom). Accordingly, superior performance of the top feeding scenario (Mode 

II) over the bottom feeding scenario can be explained by the impact of vapor-liquid 

contact provided through introducing a downward liquid feed stream to the 

column, which favours the intended stripping process (MIBK dehydration) in 

contact with the rising vapor flow provided shortly after the operation begins. 

Further details on the governing mechanism and explanations for these 

observations are provided in section 5.3.3. 



5. Heat Integration and process improvement of a batch distillation unit using a 

gradual feeding strategy: A case study on MIBK-water separation  

143 

 

 

Figure 5-4. Effect of feeding time duration on distillation performance in Mode II (top 

feeding) and Mode III (bottom feeding) 

5.3.3. Heat Recovery - Mode II and Mode III  

As explained in section 5.3.2, top feeding (Mode II) is potentially a more effective 

approach compared to conventional feeding policy (Mode I) under a proper feeding 

profile, while bottom feeding (Mode III) is almost equal to or less efficient than 

Mode I. Regardless of these differences, both of the so-called “gradual feeding” 

scenarios (Mode II and Mode III) enable us to easily apply any well-developed heat 

recovery approach on a batch distillation unit and upgrade its energy efficiency. 

Figure 5-5 illustrates a simple configuration that enables the recovery of heat from 

the top vapor stream to the feed stream. In this configuration, two condensers 

(HEX I and HEX-II) are employed. In the first one (HEX-I), which can also be 

referred to as a heat recovery exchanger or a feed preheater, the feed stream serves 

as a coolant. Due to the limits in the dynamic batch distillation module (BatchSep) 

provided by Aspen Plus, the proposed heat recovery configuration cannot be 

defined in simulations, but a fraction of the heat stream leaving the distillation 

column condenser is transferred to the inlet feed stream by adding a heater block 

to the flowsheet. Hence, the following assumptions are made to simplify the 

assessment and keep the solution consistent with the real case: 
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1- The feed stream (F-MII) can be heated up to 85 ̊C (below the bubble point at 

the azeotropic composition) and boiling in the feed stream does not take 

place. There is certainly potential for boiling in some cases, which may 

intensify the process beyond the predictions in this study. However, it is 

preferable to underestimate the potential of the proposed approach rather 

than overestimate it. 

2- The condenser outlet temperature (HEX-II) is fixed to 85 ̊C. Accordingly, 

considering the condenser as a preheater with a hot stream outlet 

temperature of 85  ̊C, heating a cold stream to 85 ̊C is not a critical task, and 

it can be done by employing a simple and small heat exchanger, which also 

ensures the viability and low capital cost of the proposed solution. 

3- Reboiler duty and condenser outlet temperature (HEX-II) are equal to the 

previously studied cases (Table 5-2). Heat recovery serves as a process 

intensification approach, requiring minor modifications and simple control 

systems in the unit.  

4- Based on assumptions 2 and 3, the heat transfer/recovery to the feed begins 

a few seconds after initiating the condensation in the condenser. The heat 

recovery gradually increases the feed temperature to 85 ̊C by 10 minutes, 

and it remains fixed until the end of the feeding step. 

According to these assumptions, the estimation of heat recovery potential in this 

study is conservative and it is possibly higher in real cases compared to the results 

provided in this study. Before addressing heat recovery, a primary evaluation is 

conducted on the potential of heat recovery and subsequent operation 

enhancement through theoretical discussion. To this end, the condenser heat duty 

profile during the process is compared to the inlet feed heat absorption potential, 

that is calculated as the maximum enthalpy change that can undergo when 

changing its temperature from  𝑇𝑓1 and  𝑇𝑓2, which are the feed temperature 

upstream and downstream of the heat recovery exchanger, equal to 25  ̊C and 85  ̊C, 

respectively. Accordingly, the instant heat recovery to the feed stream, 𝑑𝑄, is 

determined as follows: 

𝑑𝑄 = 𝐹𝐶𝑝(𝑇𝑓2 − 𝑇𝑓1)𝑑𝑡 (14) 

where, 𝐹 is the feed mass flow rate, 𝐶𝑝 is the feed mixture specific heat capacity 

and 𝑡 is the process time duration. Integrating this relationship over the process 

time results in the potential capacity of heat recovery by feed stream, 𝑄.  
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Figure 5-5. Proposed configuration for heat recovery from top vapor to the feed stream in 

a batch distillation unit operating under gradual feeding scenario (Mode II / Mode III).               

* Feed streams, F-MII and F-MIII, correspond to Mode II and Mode III, respectively. 

 

Figure 5-6 presents the temporal variation of condenser heat duty and the 

estimated heat recovery potential of the feed stream for Mode II and Mode III at 

the same feeding time (300 minutes). As this figure shows, the condensation 

starting time depends on the feed rate profile (increasing, decreasing, or fixed rate) 

and the feeding location (top or bottom). The condenser heat duty and the feed heat 

recovery potential follow the same trend in Mode II and Mode III, and there are 

only minor differences between the two configurations. On the other hand, 

different feed profiles lead to distinctly different unit behaviours, highlighting the 

significant impact of the feed rate profile. These observations align with Figure 5-

4 and the discussions in section 5.3.2. According to Figure 5-6, the condenser heat 

duty and the heat recovery potential, which are equal to zero before a specific time, 

start rising as soon as the vapor reaches the condenser. The condenser heat duty 

profile reflects the dynamic behaviour of vaporization in the reboiler and 

condensation in the condenser. 
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Comparing different feeding locations (Mode III vs. Mode II), condensation begins 

sooner in Mode III (bottom feeding) than in Mode II (top feeding). Also, the 

condenser duty increases gradually in Mode III while it rises sharply in Mode II. 

This ramping trend gains importance in the feed stream temperature rising time 

since the heat transfer to the feed cannot exceed the condenser heat duty. In the 

present study, a 10-minute period for raising the feed stream temperature has 

been adjusted based on this limitation (assumption no. 4, section 5.3.3). Comparing 

different feeding profiles (increasing, decreasing, or fixed feed rate) shows that 

boiling and condensation start sooner for an increasing feed flowrate, followed by 

the fixed feed flowrate and the decreasing feed flowrate, respectively. 

Despite the earlier boiling and condensation in Mode III, which implies a shorter 

start-up and earlier production, it results in a longer operation time compared to 

Mode II (see section 5.3.2). Also, despite the shorter start-up period by applying an 

increasing feed rate profile (in both Mode III and Mode II), it results in a longer 

operation time (section 5.3.2) and the lowest state indexes compared to other feed 

rate profiles (even lower than Mode I). The undesirable results obtained from a top 

feeding configuration (Mode III) with an increasing feed rate profile indicate that 

the suitable feeding location and early boiling/condensation initiation (shorter 

start-up period) do not necessarily guarantee a desired operation. This suggests 

that there is a third factor influencing the operation: the stability of operation and 

quality of liquid-vapor contact within the column. This stability is defined by 

uninterrupted vapor and liquid streams with well-balanced flow rates, ensuring 

neither dominates each other nor disrupts the process. Maintaining these 

conditions creates a favourable hydraulic environment, preventing issues such as 

flooding, dry stages, choking, or suppressed boiling in the pot. In other words, 

consistent vapor and liquid streams with properly balanced flow rates is the key 

to efficient operation and desirable results. Accordingly, the unfavourable 

performance of Mode II (top feeding) with an increasing feed rate can be attributed 

to interrupted boiling and condensation, as illustrated in Figure 5-6. The results 

for the three feeding profiles are outlined below: 

- For the increasing feed rate profile, boiling and condensation take place soon 

after starting the operation, which is due to the small content of the mixture 

within the unit. As explained, having a shorter start-up period in this case does 

not lead to a desirable result, and it offers the lowest state indexes compared 

to other studied operation policies. As shown in Figure 5-6, the condenser heat 

duty starts growing sharply and then declines drastically in the first few 
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minutes of operation. The initial sharp rise can be attributed to the small 

content of feed mixture vaporized immediately by reboiler, and the sharp 

decline is due to entering a growing rate of low-temperature liquid feed, which 

cools down the unit content and dampens the boiling. By further heating in the 

pot, the boiling intensifies again, leading to a second rise in condenser heat 

duty, which continues for about 15 minutes but diminishes again down to 0, 

which persists until the end of the feeding stage. This is also due to introducing 

a greater amount of low-temperature liquid feed into the unit, which lowers 

the pot content temperature and halts boiling. The growing rate of liquid and 

the unstable vapor rate yield in a poorly balanced flow rate of liquid and vapor, 

an improper vapor-liquid contact within the column (implying a poor hydraulic 

condition), and ultimately leads to pausing the vapor generation by quenching 

the pot content. Also, the production is halted in a large fraction of the feeding 

period, and the operation after this period does not leverage any downward 

liquid flow in the column, which is similar to operation in Mode I. Accordingly, 

the production stage takes place initially for a short period, then it halts until 

the end of the feeding period, and it continues with the same principles as in 

Mode I. Overall, this condition resembles an interrupted operation in Mode I, 

and it explains why an increasing feed rate profile results in state indexes 

lower than Mode I. Since the interruption is basically due to entering low-

temperature liquid, applying heat recovery and increasing the feed stream 

temperature may potentially prevent the interruption in process and 

accelerate the operation. A higher condenser duty compared to the feed stream 

heat recovery capacity at the start of the production step ensures the heat 

recovery potential, while after a particular time, the heat rate required to 

increase the feed temperature to 85 °C (based on assumption no. 1 in section 

3.2) exceeds the condenser duty, which is not consistent with the heat recovery 

principle. This can be predicted by observing the rising profile of the feed 

stream heat recovery potential in Figure 5-6. In addition, the increasing feed 

rate, along with the boosted liquid and vapor rate induced by heat recovery, 

can further complicate the hydraulic conditions, escalate the risk of extreme 

scenarios such as flooding, and complicate the process control. 

- For the fixed feed rate, the boiling and condensation start time is shorter than 

the decreasing feed profile and longer than the increasing feed profile. The feed 

heat recovery potential and the condenser duty remain constant until the end 

of the feeding stage. Immediately after the feed stream is cut off, a drastic rise 

in condenser heat duty can be observed. This happens because the liquid feed 
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entering the unit mitigates the boiling during the feeding phase, which lowers 

the vapor reaching the condenser and, subsequently, the heat duty of the 

condenser. These values rise sharply by cutting off the feed stream. These 

observations indicate that while the gradual feeding at a fixed flow rate 

improves the production rate and energy cost (at least in Mode II), it defers a 

large fraction of condenser thermal load to the end of the operation. Since this 

amount of heat load does not coincide with the feeding stage, it may seem out 

of reach for recovery by feed stream. Nevertheless, the heat recovery will 

intensify the process, reduce the process time, and escalate the condenser heat 

duty. Accordingly, an intensified process would take a shorter time after the 

feeding stage, and the peak heat duty at the end of the operation will be shifted 

to the left, where it can be recovered by feed stream. Based on this explanation, 

a fixed-flow feed stream has a high potential for heat recovery. 

- For the decreasing feed rate profile, the heat recovery capacity of the feed 

stream declines linearly until it reaches 𝑑𝑄 = 0 by finishing the feeding stage. 

Due to the relatively long delay in starting the boiling and condensation and 

the higher flow rate of the feed stream at first, a large fraction of feed enters 

the column before observing any boiling or condensation, so it loses the 

potential of feed for heat recovery, and considering the limit of 85 ̊C for feed 

temperature and excluding the boiling in the feed stream, the remained feed 

content has a low potential for heat recovery. Hence, despite the superior 

performance of the unit under a decreasing feed profile, this feeding profile is 

probably not the ideal case for heat integration. 

Given that feed preheating (introducing a higher temperature feed) and condenser 

heat duty are interdependent and changes in one directly impact the other, heat 

recovery is expected to elevate the condenser duty and influence the overall 

operation trend. In other words, a preheated feed stream (higher temperature feed) 

intensifies the boiling rate in the pot, which in turn leads to an increased condenser 

duty. Accordingly, transferring heat from the condenser outlet to the inlet feed 

stream initiates a complex cascade of effects. 
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Figure 5-6. Condenser heat duty and feed stream heat recovery potential in Mode II and 

Mode III under different feed profiles 

 

As explained, Figure 5-6 is applied to partially explain the observations in section 

5.3.2 and assess the feasibility of heat recovery in each scenario by comparing the 

heat duty of the condenser and the heat absorption potential of the feed stream. 

Due to the higher duty of the condenser compared to the estimated potential of 

feed stream heat recovery capacity, higher feed temperature and partial 

vaporization of feed are also possibly achievable in some cases (e.g., in decreasing 

feed rate profile). 

Since the performance of Mode II (top feeding) is considerably higher than Mode 

III in this study, the heat recovery scenario is only applied to Mode II to achieve 

the maximum potential of introduced solutions for upgrading the batch distillation 

operation. Also, according to the insights gained from Figure 5-6, a fixed-rate feed 

stream shows a great potential for heat recovery and a decreasing feed rate profile 

provides the highest state indexes. Accordingly, these two feed profiles are applied 

in Mode II for the further steps in heat recovery evaluations.   

Figure 5-7 demonstrates the energy and production rate index for Mode II (top 

feeding) with and without heat recovery implementation. Two feeding profiles of 

decreasing feed rate and fixed feed rate are evaluated. According to this graph, the 

fixed feed flow rate is a more efficient option for heat recovery as it can improve 
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the production rate and energy index by 47%, while employing the decreasing feed 

rate profile, the maximum achievable improvement is about 22%. 

The range of 210 to 330 minutes for decreasing feed profile is selected because, 

with the feeding times shorter than 210 minutes, the boiling/condensation starts 

shortly before or after feeding termination, so transferring the condenser heat 

outlet to the feed stream feed is impossible. Additionally, if the feeding time 

exceeds 330 minutes, the desired purity will be achieved before the end of the 

feeding stage; thereby, the feeding time will be the controlling factor, which 

adversely impacts the production rate and the energy index. On the other hand, 

the range of 210 to 330 minutes for a fixed feed rate is selected because, with the 

feeding times shorter than 210 minutes, the required heat duty for heating up the 

feed to 85 ̊C exceeds the condenser heat duty during the operation, so it is not 

consistent with the principles of heat recovery and the assumptions of this study. 

Extending the time beyond 330 minutes does not enhance the process further, as 

the graph shows a decline as the feeding time increases. 

 

 

Figure 5-7. Effect of heat recovery on Mode II (top feeding) with decreasing feed rate and 

fixed feed rate profiles 
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5.4. Outlook on the future  

By harnessing gradual feeding as an effective approach to improve batch 

distillation energy efficiency, different options become available for heat recovery. 

In addition to the proposed configuration in Figure 5-5, some other configurations 

can potentially be applied under a gradual feeding scenario, such as the one shown 

in Figure 5-8a. In this configuration, instead of installing a heat exchanger for 

contacting the top vapor and the feed stream, the top vapor passes through a coil 

embedded inside the feed tank. Also, as shown in Figure 5-8b, a specially designed 

heat exchanger with more than one coolant stream [33] can be applied instead of 

two condensers proposed in Figure 5-5, or a heat pump can be applied to recover 

energy as much as possible [20]. These ideas or any other potential solution must 

be assessed in detail in further studies. Also, the heat energy profiles showed that 

an increasing feed flow rate profile leads to a shorter heat-up step. In this case, 

boiling initiates earlier, making heat recovery possible from the very first minutes 

of operation. On the other hand, a fixed feed rate has more potential for overall 

heat recovery, and it facilitates operation control. Hence, a combination of these 

approaches is probably ideal. In this scenario, the feed stream enters the unit with 

a ramping-up flow rate and, after a specific time, continues at a fixed rate until the 

end of the operation. These scenarios can be studied in further studies, along with 

other heat recovery approaches already developed for continuous distillation. 

 

Figure 5-8. Simple alternative configurations proposed for heat recovery from top vapor 

to the feed 
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5.5. Conclusion 

Batch distillation is applied for the dehydration of MIBK, which forms a 

heteroazeotrope with water. Three different unit configurations are evaluated in 

terms of production rate and energy efficiency. The main conclusions of the study 

on the conventional unit equipped with a decanter, Mode I, are outlined as follows: 

• Evaluating the process by Mode I for different feed quantities in the range 20 

to 80 kg shows that the larger feed quantity results in better unit performance, 

so the production rate and energy cost for 80 kg feed are around 4% better than 

the case with 20 kg feed. This is explained by almost constant “holdup loss” 

regardless of the feed quantity, which leads to a lower fraction of loss to feed in 

cases with a larger feed quantity. 

The evaluation of batch distillation unit with gradual feeding, Mode II (top 

feeding), and Mode III (bottom feeding), and comparing them to Mode I revealed 

that: 

• The top feeding approach (Mode II) is found to be a more efficient approach 

compared to Mode III for separation of MIBK-water binary system by offering 

a higher production rate and energy index in almost all studied cases. 

• All feed rate profiles provide very slight differences from Mode I for feeding 

time below 120 minutes (high feeding rate), and the differences become more 

tangible with the longer feeding times. 

• The decreasing feed rate profile in Mode II offers up to 10% enhancement in 

state index, while in Mode III it results in very slight changes. 

• The fixed feed rate in Mode II can provide up to 7% improvement in state index, 

while in Mode III results in adverse changes. 

• The increasing feed rate profile in both Mode II and Mode III results in an equal 

or lower state index than Mode I, and its impact aggravates with extending the 

feeding time. 

• Three main factors are identified as contributing to the effectiveness of the 

gradual feeding approach: (1) boiling commencement time, (2) feeding location, 

and (3) the quality and quantity of vapor-liquid contact within the column. The 

feed flow rate and profile determine these three factors in cases with constant 

reboiler duty. 

Based on these results, the gradual feeding approach can serve as an effective 

method for upgrading a batch distillation unit by employing a proper feeding 



5. Heat Integration and process improvement of a batch distillation unit using a 

gradual feeding strategy: A case study on MIBK-water separation  

153 

 

schedule (time and rate profile) and location. On the other hand, the temperature 

difference between the feed stream and the top vapor exiting the column in a 

gradual feeding scenario (Mode II or Mode III) provides a significant opportunity 

for heat recovery/process intensification. Leveraging this opportunity, the 

condenser outlet heat energy is transferred to the feed stream, heating it to 85 ̊C. 

The results for heat recovery potential assessment are outlined as follows: 

• In case of implementing heat recovery, a fixed feed flow rate offers superior 

performance over a decreasing feed rate. 

• The proposed heat recovery approach in Mode II with a fixed feed rate offers up 

to 47% improvement in energy efficiency and production rate compared to Mode 

I, while the maximum achieved improvement with a decreasing feed rate profile 

is 22%. 

These findings indicate that the gradual feeding policy can transform the technical 

and economic framework in many applications of batch distillation via unlocking 

the heat recovery viability. 
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Abstract 

A model of a proton exchange membrane electrolyzer (PEMEL) is developed for 

semi-dynamic simulation purposes adaptable to typical available renewable power 

profiles. For unit-scale simulation, Aspen Plus is employed due to its robust 

capabilities in modeling a wide range of unit operations and its integrated tools for 

establishing detailed mass and energy balances across all process blocks involved 

in the electrolysis system. Since there is no built-in model for the PEMEL stack in 

this software, an Aspen Custom Modeler (ACM) model is developed and integrated 

into the Aspen Plus environment. The ACM model is based on empirical and semi-

empirical correlations provided in the literature, and it comprises thermodynamic 

and electrochemical modeling to predict the open-circuit voltage, overpotentials, 

and ultimately the polarization curve. It also includes mass and energy balances 

within the stack. Moreover, Faraday efficiency is introduced as a function of 

current density. Other components of the unit are simulated using standard Aspen 

Plus models. The results show that the model is in close agreement with the 

experimental findings in the literature, making it an accurate tool for simulation 

of a PEM electrolyzer unit. Running the model at different operating pressures 

shows that lower operating pressure improves the electrolysis system's 

performance. Also, increasing the temperature from 40 to 80 °C results in about 

13.7% lower cell voltage at a current density of 2 A/cm² (from 2.24 to 1.93). 

Accordingly, two different operation scenarios of (1) fixed circulating water flow 

rate and (2) fixed operating temperature are proposed for operation of a PEMEL 

unit, and the model is adapted to enable both options in simulation, aiming at a 

comparative study. Theoretically, while the fixed temperature operation scenario 

is the commonly practiced control approach, the fixed water flow rate scenario, 

capable of sustaining the temperature in the allowed range, offers various benefits 

such as simpler control system requirements, smaller heat exchanger size, higher 

voltage efficiency, and voiding any excess stress by variation of water flow rate in 

the electrolyzer cells. The provided PEMEL model and the proposed scenario are 

potentially adaptable to variable input power profiles, and they can be employed 

to carry out techno-economic evaluation of a hydrogen production unit coupled with 

renewable energy sources or to be integrated with downstream unit operations 

such as green ammonia or green methanol plants. 

Keywords: Hydrogen production, Aspen Plus Model, Aspen Custom Modeler, PEM 

Electrolyzer, System simulation, Electrolysis Process optimization  
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6.1. Introduction 

The energy sector remains the predominant contributor to greenhouse gas 

emissions within the European Union, accounting for over 75% of total emissions 

[1]. Recognizing this, the European Commission has set an ambitious target to 

increase the share of renewable energy in the EU's overall energy mix to at least 

42.5% by 2030, with aspirations to reach 45% [2]. Electrification, particularly in 

sectors like heating and cooling, is identified as a key strategy to achieve these 

goals, enhancing energy efficiency and reducing reliance on fossil fuels [3]. 

Power-to-X technology, which utilizes renewable energy to produce various end 

products (referred to as e-products), is considered a promising approach for large-

scale and long-term energy storage [4,5]. Hydrogen (H₂) serves as a crucial product 

or intermediate energy vector in the majority of Power-to-X pathways and can be 

generated through the electrolysis of water [6]. The environmental impact of this 

process is minimal, with associated emissions primarily stemming from the 

upstream production of renewable electricity and the manufacturing of the 

electrolyzer system [7,8]. Among the various electrolyzer technologies available, 

Proton Exchange Membrane Electrolyzer (PEMEL) stands out due to its unique 

features, including high current density, compact structure, flexibility, quick 

dynamics, fast response, and adaptability to variable energy resources [9,10]. 

These features, along with its technical readiness level, make it an extremely 

promising technology in the development of green hydrogen production, and it is 

expected to serve as a core element in the global shift toward carbon-neutral energy 

systems. This explains the recent impulse in the development of PEM 

electrolyzers, which were initially developed in the 1960s. Furthermore, an 

enhancement of efficiency from 55-60% up to 68% is predicted by 2030, which will 

hopefully decrease the costs of deployment [6]. Currently, integrating photovoltaic 

(PV) and wind turbine (WT) energy systems with PEM water electrolyzers seems 

to be a promising strategy to support the transition to a low-carbon economy by 

lowering the levelized cost of hydrogen with minimum grid dependency [11,12]. 

Meanwhile, this approach introduces new challenges that need to be addressed to 

ensure efficient, safe, and reliable operation to support the commercialization of 

this solution [13–15]. Simulation and modelling play a crucial role in advancing 

the design and optimization of hydrogen technologies by providing detailed 

insights into the fundamental processes and subsequently enabling faster 

analysis, performance prediction, and innovation. These tools can span a broad 

spectrum, from detailed component-level to complex multi-system level in 
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dynamic, semi-dynamic, or static frameworks [16]. The efforts focused on 

modelling in hydrogen technology, particularly in the electrolysis process, are 

expected to provide standardized and validated modules, applications of which 

extend beyond simulation of the isolated units [17]. Electrolysis operation is a 

multiphysics process dealing with various phenomena, including fluidics, energy 

transfer, thermodynamics, electrochemistry, and reaction. Accordingly, it is 

necessary to include different fundamental aspects of the process for modelling the 

electrolyzer and conduct a realistic simulation. On the other hand, while there are 

rigorous models to simulate the electrolyzer with high accuracy in dynamic mode 

or multi-dimensions, some other models are focused on an isolated part of the 

system (sub-system studies) [18–21]. Moreover, coupling different technologies 

such as PV panels or wind turbines to the electrolysis units on a large commercial 

scale would lead to more complications, making the rigorous dynamic and 

multidimensional models excessively time-consuming and impractical. 

Accordingly, there is a strong demand for a robust model that can adapt to variable 

power sources while maintaining sufficient accuracy and computational efficiency, 

thereby addressing both the precision and practicality requirements of a system-

scale PEMEL model [22,23]. 

In this study, a PEMEL model is developed based on empirical and semi-empirical 

correlations derived from thermodynamics and electrochemistry to represent the 

electrical behavior of the electrolysis process through the polarization curve. 

Additionally, mass and energy balances are established at the system level to 

enable accurate simulation and realistic prediction, thereby allowing the 

evaluation of various process design and operational scenarios. 

6.2.  Theoretical background 

6.2.1. PEM electrolyzer principles  

PEM electrolyzers operate according to the same fundamental principle as other 

water electrolysis systems: they use electrical energy to drive the electrochemical 

decomposition of water into hydrogen and oxygen gases. A PEM electrolyzer 

consists of three main parts: (1) the polymer electrolyte membrane (proton 

exchange membrane), which is sandwiched between two electrodes, (2) the anode, 

and (3) the cathode, known as the membrane electrode assembly (MEA).  
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Figure 6-1a presents a schematic illustration of a typical PEM water electrolyzer; 

the electrochemical reactions at each electrode and the key stack components of a 

PEM electrolyzer are shown in Figure 6-1b. Each electrode section consists of a 

catalyst layer, a porous transport layer (PTL), also known as gas diffusion layer 

(GDL), a bipolar plate containing the flow channels and a current collector for 

connecting to the external power source for electron flow [24,25] The global 

reaction of a PEM electrolyzer is as follows: 

𝐻₂𝑂 →  𝐻₂ +  ½𝑂₂ (1) 

In proton exchange membrane (PEM) electrolyzers, deionized water is fed into the 

flow channels of the bipolar plate on the anode side, where it undergoes the oxygen 

evolution reaction (OER) under the influence of the applied electric current, 

splitting into protons, electrons, and molecular oxygen [26]: 

𝐻₂𝑂 →  2𝐻⁺ +  ½𝑂₂ +  2𝑒⁻ (2) 

The protons (hydrogen ions) migrate through the polymer electrolyte membrane 

(PEM) toward the cathode, where they are reduced by electrons transferred to the 

cathode through a power source to produce molecular hydrogen via the hydrogen 

evolution reaction (HER) [26]: 

2𝐻⁺ +  2𝑒⁻ →  𝐻₂ (3) 

 

Figure 6-1. (a) Cross-sectional view of PEMEL cell and (b) key structural components 

and operational parameters [27,28]. 
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6.2.2. PEMEL unit 

A PEM stack is an assembly of individual cells, each containing electrodes and 

membranes and details, as shown in Figure 6-1. In addition to the stack, the 

electrolysis system includes a component essential for safe and efficient operation. 

Figure 6-2 illustrates a schematic of an integrated PEM electrolysis system 

consisting of water (1) supply tanks that store deionized water, which is fed into 

the system using (2) circulation pumps to maintain consistent flow through the 

anode side of the stack, (3) gas–liquid separators employed to separate the 

produced hydrogen and oxygen from residual water, (4) cooling systems, often 

involving cooling heat exchangers, to manage the heat generated during 

electrolysis and maintain optimal operating temperature (typically 40–80 °C), (5) 

instruments and control units including pressure sensors, thermometers, 

flowmeters, and (6) power electronics such as DC power supplies or rectifiers that 

deliver regulated voltage to the stack. There might be optional components 

considered in the electrolysis unit, such as dryers or purification units to ensure 

high gas purity, compressors to elevate the pressure of the generated gases 

depending on system design and end use, and storage tanks for safely collecting 

the produced hydrogen and oxygen. 

 
Figure 6-2. Schematic of PEM electrolysis unit [29]. 
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In addition to serving as the reactant for electrolysis and the feedstock for 

hydrogen production, water performs multiple functions within the unit: it carries 

the generated oxygen out of the system, regulates the stack temperature, and 

hydrates the electrodes and membrane to prevent damage. 

Although two water circuits are shown in Figure 6-2, water predominantly 

circulates on the anode side. The secondary water loop at the cathode can be 

eliminated in the case of an efficient design that ensures adequate humidification 

of the cathode and membrane. However, in this study, both water loops are 

employed to manage membrane and cathode hydration and to supply water for 

potential reverse water transport from the cathode to the anode, particularly at 

low power input levels, where the higher pressure in the cathode compartment 

outweighs the electro-osmotic water transport driving force from the anode to the 

cathode (explained in section 6.2.8.3). 

6.2.3. PEMEL polarization curve 

The operating principle of the PEM electrolysis cell follows the familiar 

relationship of the power equation in an electrical circuit, 𝑊 = 𝐼𝑉)  which appears 

as (𝑊𝑐𝑒𝑙𝑙 = 𝐼𝑐𝑒𝑙𝑙 . 𝑉𝑐𝑒𝑙𝑙) for one electrolysis cell, where 𝑊𝑐𝑒𝑙𝑙  is the cell electric power 

input, 𝑉𝑐𝑒𝑙𝑙  is the voltage across the electrolysis cell, and 𝐼𝑐𝑒𝑙𝑙  is the current passing 

the cell. The current fundamentally defined as the number of electrons per unit of 

time, can be related to the molar rate of hydrogen production (2 electrons per 

hydrogen molecule). However, there are several nonidealities and nuances in the 

PEM devices that must be accounted for. The correlations applied to define the 

PEM stack model are presented in the following discussion.  

Since the electrolysis cells in a stack are installed in series, the total power input 

to the electrolyzer stack, 𝑊𝑠𝑡𝑎𝑐𝑘, will be correlated to the stack current,  𝐼𝑠𝑡𝑎𝑐𝑘, and 

the stack voltage, 𝑉𝑠𝑡𝑎𝑐𝑘, as below: 

𝑊𝑠𝑡𝑎𝑐𝑘 =  𝑉𝑠𝑡𝑎𝑐𝑘. 𝐼𝑠𝑡𝑎𝑐𝑘 =  𝑉𝑐𝑒𝑙𝑙 . 𝑁𝑐𝑒𝑙𝑙𝑠. 𝑖𝑐𝑒𝑙𝑙. 𝐴𝑐𝑒𝑙𝑙  (4) 

where, 𝑖𝑐𝑒𝑙𝑙  is the current density, 𝐴𝑐𝑒𝑙𝑙  is the cell area, 𝑉𝑐𝑒𝑙𝑙 is a single cell voltage 

and 𝑁𝑐𝑒𝑙𝑙 is the number of electrolysis cells embedded in series within the stack. 

Based on the correlation above, and considering the stack and the power source as 

a current circuit, there will be a particular cell voltage per a specific power/current 

input at a constant operating condition. Accordingly, electrolyzer performance can 



6. Aspen Plus model of PEM electrolysis system for hydrogen production  

165 

 

be presented via the cell voltage corresponding to a specific current density in the 

cell, and the cell voltage can be defined as a function of power/current. This 

relationship is conventionally represented by the polarization curve, which 

illustrates the cell voltage as a function of current density. The polarization curve 

serves as a comprehensive diagnostic tool that reflects the overall electrochemical 

behavior of the electrolyzer. A schematic of the polarization curve is provided in 

Figure 6-3 with the horizontal axis of current density and vertical axis of cell 

voltage/potential. A major part of the research and development works on 

electrolyzers is contributed to achieving a polarization curve with lower voltage, as 

shown in this figure. According to this figure, the research can be focused on cell 

diagnostics to find the potential cell bottlenecks leading to malfunctions and high 

cell voltage or concentrated on electrode design, including the catalyst selection or 

hydraulic design for proper handling of the fluid flow and the stack/unit scale 

design for proper operation and control.  

 

Figure 6-3. Schematic of electrolyzer polarization curve with favourable development 

works [30]. 

6.2.4. PEMEL modelling 

Due to the high potential of PEM electrolyzers for integration with variable 

renewable energy (VRE) sources, developing a theoretical model that incorporates 

the physical, chemical, electrical, thermal, and fluidic aspects of the system is 

essential for accurately predicting performance under various energy transition 

scenarios. Furthermore, a reliable model validated against experimental data and 
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capable of adapting to different operating conditions provides deeper insight into 

the operational behavior and efficiency of PEM electrolyzers. 

PEM electrolyzers are mainly modelled in steady-state mode with fixed power 

input and particular operating conditions [16]. In this approach, obtaining the 

polarization curve, including the open-circuit voltage and various electrochemical 

losses, is crucial. The resulting polarization curve can directly describe the 

operation when coupled with other parameters such as Faraday efficiency. This 

approach is completely reliable for fixed operating conditions, avoids excess 

computational cost, and is useful for diagnosing operational issues such as 

degradation or fouling in the electrolyzer cells. 

Dynamic modelling has also been applied by various researchers, and it has been 

observed that the transition time after a step change in power input is very short 

and the average deviation of cell voltage from the polarization curve, implying the 

difference between dynamic and steady-state modes, during these transitions is 

typically below 10% and only lasts for a few seconds, and the total system 

transition time also lasts less than 2 minutes [28,31,32]. 

In real-world scenarios, changes in power input rarely occur as discrete steps; they 

are more commonly in the form of ramps, and the deviation of a steady-state model 

from transitions in the form of a ramp is less pronounced than with step changes. 

Moreover, these ramping rates are typically reported on a per-minute basis, and 

high-resolution data over long-time durations are not available. On the other hand, 

running an accurate dynamic model and capturing such transitions requires high-

resolution input data (i.e., power values at sub-minute intervals), which is typically 

not accessible. For the reasons outlined below, a steady-state modelling approach 

is adopted in this study to balance simulation accuracy with computational 

efficiency: 

1. The available power input data are segregated and transforming them into 

a continuous profile would require an additional stage of data processing. 

2. Given the inherently fast dynamic response of PEM water electrolyzers 

(typically under 1–2 minutes) and the use of power profiles with 1-hour 

resolution, the difference between dynamic and steady-state modelling 

becomes insignificant. Capturing sub-minute phenomena would require 

even smaller time steps, which dramatically increases computational 

demands, making it impractical for long-term simulations over months or 

years. 
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3. The inherent fluctuations (upward ramps and downward ramps) in VRE 

power profiles tend to neutralize each other over time, reducing the net 

impact of transient effects. 

4. Accurately modelling other dynamic parameters, such as water flow, 

temperature, and pressure, adds significant complexity and computational 

burden. 

5. This study focuses on macro-scale, long-term system behavior (over a year), 

where appropriate simplifications are necessary to manage computational 

costs effectively. 

The following sections describe the models employed and the procedure to develop 

the models of the PEMEL in Aspen Custom Modeler (ACM) and Python adaptable 

to a VRE profile. 

6.2.5. PEMEL model assumptions and considerations 

The model is supposed to represent the performance of the electrolyzer, focused on 

hydrogen production, and it is structured by subsystems for its components: the 

anode, the cathode, and the membrane. The model is developed based on 

electrochemical principles, energy balance, and mass transfer equations. 

To ensure a balance between computational efficiency and model accuracy, certain 

simplifications and assumptions are applied to the PEM model development 

procedure [33]. The following list outlines the general assumptions adopted for 

modelling: 

• A uniform temperature is assumed across the electrodes and membrane.  

• The model is formulated as one-dimensional, implying uniform distribution 

of current density and reactant concentrations throughout the electrolyzer 

components. While this approach inherently neglects spatial gradients and 

time-dependent behavior, it is a simplified method suitable for large time-

scale studies and applicable to discrete power input profiles, enabling a 

semi-dynamic simulation of the hydrogen production process. 

• Gas diffusion (crossover) through the membrane is not included in the 

model, and subsequently the generated oxygen and hydrogen gases are 

assumed to be pure. Meanwhile, the impact of hydrogen loss is considered 

through Faraday efficiency. 
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• The parameters, such as partial pressure, temperature, etc., are obtained 

from the Aspen properties package. In the case of Python modelling, the 

methods are described separately. 

• The electrolyzer operation is subject to on/off cycles when the power input is 

equal to 5% of the rated power, since the Faraday efficiency is too low and 

there is a risk of hydrogen crossover exceeding 4% (lower explosion limit) 

[34]. 

6.2.6. Electrochemical and thermodynamic modelling 

For a particular temperature and pressure, the energy required to drive the water 

electrolysis reaction can be expressed by the enthalpy change, ΔΗ, of the process. 

For this reaction to take place, a portion of this energy must be supplied electrically 

and is associated with the change in Gibbs free energy change, 𝛥𝐺, representing 

the minimum electrical work necessary for the reaction to proceed. The remaining 

portion is provided as thermal energy, 𝑄, which corresponds to the product of the 

operating temperature and the entropy change, 𝑇𝛥𝑆. The Gibbs–Helmholtz 

equation presents the relationship among these thermodynamic quantities as 

follows: 

∆𝐺(𝑇, 𝑃) = ∆𝐻(𝑇, 𝑃) − 𝑄(𝑇, 𝑃) = ∆𝐻(𝑇, 𝑃) − 𝑇∆𝑆(𝑇, 𝑃) (5) 

Two voltages are defined based on the thermodynamics of the water electrolysis, 

including open circuit (or reversible) voltage, 𝑉𝑜𝑐, which is associated with the 

Gibbs free energy of reaction, and thermoneutral voltage, 𝑉𝑡𝑛, which is associated 

with the enthalpy change of the process. These two voltages are explained in the 

following sections. 

6.2.6.1. Open circuit voltage (reversible potential) 

The open circuit voltage, 𝑉𝑜𝑐 (also referred to as reversible cell potential, 𝐸𝑟𝑒𝑣, and 

Nernst voltage) represents the minimum theoretical voltage necessary to drive the 

electrolysis reaction under standard conditions, in the absence of any losses. It is 

directly related to the Gibbs free energy change of the reaction, 𝛥𝐺, as expressed 

below: 

𝑉𝑜𝑐(𝑇, 𝑃) =
∆𝐺(𝑇, 𝑃)

𝑛𝐹
 (6) 
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where 𝑛 = 2 is the number of electrons involved in the overall reaction, and 𝐹 (=

 96485.33
𝐶

𝑚𝑜𝑙
) is the Faraday constant, representing the electric charge carried by 

one mole of electrons. 

Open circuit voltage is practically determined when there is no current flow in the 

PEM electrolyzer. The open-circuit voltage can be calculated by the Nernst 

equation by considering the operating temperature, pressure, the activity of the 

reactant, and the partial pressure of products [35–37]. Assuming that products are 

ideal gases, these equations take the following form: 

𝑉𝑜𝑐(𝑇, 𝑃) = 𝑉𝑜𝑐(𝑇, 𝑃𝑟𝑒𝑓) +
𝑅𝑇

𝑛𝐹
ln (

𝑃𝐻2 𝑃𝑂2
0.5

𝛾𝐻2𝑂
) (7) 

𝑉𝑜𝑐(𝑇, 𝑃) =
𝛥𝐺(𝑇, 𝑃𝑟𝑒𝑓)

2𝐹
+

𝑅𝑇

𝑛𝐹
ln (

𝑃𝐻2 𝑃𝑂2
0.5

𝛾𝐻2𝑂
) (8) 

where 𝑉𝑟𝑒𝑣 is the reversible voltage, 𝑅 (= 8.314 
𝐽

𝑚𝑜𝑙.𝐾
) is the universal gas constant, 

𝑇𝑠𝑡𝑎𝑐𝑘 is the temperature of the electrolyzer, 𝑃𝐻2 and  𝑃𝑂2 are the partial pressure 

of hydrogen and oxygen, respectively, and (𝛾𝐻2𝑂 = 1) is activity of water fed to the 

stack in the liquid state. 

In this correlation 𝑉𝑜𝑐(𝑇, 𝑃𝑟𝑒𝑓) accounts for the impact of temperature changes and 

𝑅𝑇

2𝐹
ln (

𝑃𝐻2 𝑃𝑂2
0.5

𝛾𝐻2𝑂
) accounts for the impact of pressure change on open circuit voltage.  

Typically, 𝑉𝑜𝑐 is in the range 1.2–1.25 V in the range 25–80°C for water electrolysis, 

and Its value can be calculated using the following equations at reference pressure 

[38,39]: 

𝑉𝑜𝑐(𝑇, 𝑃𝑟𝑒𝑓) = 1.229 − 0.9 × 10−3(𝑇 − 298.15) (9) 

 

𝑉𝑜𝑐(𝑇, 𝑃𝑟𝑒𝑓) = 1.5184 − 1.5421 × 10−3𝑇 + 9.523 × 10−5𝑇𝑙𝑛 𝑇 + 9.84 × 10−8𝑇2 (10) 

Under standard conditions (typically defined as 𝑃 =  1 𝑎𝑡𝑚, 𝑇 =  298.15 𝐾), the 

Gibbs free energy change for the water electrolysis reaction is 𝛥𝐺( 𝑇𝑟𝑒𝑓, 𝑃𝑟𝑒𝑓) =

236.483
kj

mol
 [40] and the corresponding reversible cell voltage, denoted as 

𝑉𝑜𝑐 (𝑇𝑟𝑒𝑓, 𝑃𝑟𝑒𝑓) is commonly referred to as the ideal voltage, 𝑉𝑖𝑑: 

𝑉𝑜𝑐 ( 𝑇𝑟𝑒𝑓, 𝑃𝑟𝑒𝑓) = 𝑉𝑖𝑑 = (
𝛥𝐺( 𝑇𝑟𝑒𝑓, 𝑃𝑟𝑒𝑓)

𝑛𝐹
) =  

236.483 

2 × 96485
= 1.229 𝑉 
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Accordingly, the following correlation can be used to estimate the 𝑉𝑜𝑐 at different 

temperatures The electrolysis process in respect to the open circuit voltage can be 

interpreted as below: 

• If 𝑉𝑐𝑒𝑙𝑙 < 𝑉𝑜𝑐 : No electrochemical reaction occurs. 

• If 𝑉𝑐𝑒𝑙𝑙 = 𝑉𝑜𝑐 : The system is at equilibrium, and no net current flows. 

• If 𝑉𝑐𝑒𝑙𝑙 > 𝑉𝑜𝑐  : A net current is generated, and water electrolysis proceeds. 

 

6.2.6.2. Thermoneutral voltage 

The thermoneutral voltage, 𝑉𝑡𝑛, in an electrolyzer, is the theoretical cell voltage 

that drives an isothermal electrolysis process (no net heat exchange occurs during 

water electrolysis). In other words, it's the voltage at which the electrical energy 

input exactly matches the total enthalpy change of the reaction, so the process 

neither absorbs nor releases heat. In an analogy to open circuit voltage, which was 

correlated to Gibbs free energy, 𝑉𝑜𝑐 =
𝛥𝐺

𝑛𝐹
 , thermoneutral voltage is correlated to 

theoretical enthalpy change, 𝛥𝐻, as below [41]: 

𝑉𝑡𝑛 =
𝛥𝐻

𝑛𝐹
=

𝛥𝐺

𝑛𝐹
+

𝑇𝛥𝑆

𝑛𝐹
= 𝑉𝑜𝑐 +

𝑇𝛥𝑆

𝑛𝐹
 

(11) 

Theoretical enthalpy change, 𝛥𝐻, represents the energy required for 

building/breaking up a bond for a chemical reaction, while the entropy change, 𝛥𝐺, 

is the change of Gibbs free energy, and the entropy change, 𝛥𝑆, is a measure of the 

irreversibility for a thermodynamic system. Accordingly, thermoneutral voltage 

includes the irreversibility of the process.  

Under standard state (𝑃 =  1 𝑎𝑡𝑚, 𝑇 =  298.15 𝐾) for water electrolysis reaction, 

𝛥𝐻( 𝑇𝑟𝑒𝑓, 𝑃𝑟𝑒𝑓) =  285.4 kJ /mol  and the 𝑉𝑡𝑛 will be: 

𝑉𝑡𝑛 = (
𝛥𝐻( 𝑇𝑟𝑒𝑓 , 𝑃𝑟𝑒𝑓)

𝑛𝐹
) =

 285.4

2 × 96485
= 1.481 𝑉 

(12) 

Accordingly, as expected, the thermoneutral voltage (~1.481 V), is higher than the 

reversible voltage (~1.229 V). However, the voltage in PEM electrolyzers often 

exceeds the thermoneutral voltage due to overpotentials, and the process becomes 

exothermic. Accordingly, heat management becomes critical for system efficiency 

and durability, especially at higher current density and power input levels. 

The electrolysis process in respect to the thermoneutral voltage can be interpreted 

as below: 
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• If 𝑉𝑜𝑐 < 𝑉𝑐𝑒𝑙𝑙 < 𝑉𝑡𝑛 : Reaction absorbs heat (Endothermic) 

• If 𝑉𝑐𝑒𝑙𝑙 = 𝑉𝑡𝑛 : No net heat exchange (Isothermal) 

• If 𝑉𝑐𝑒𝑙𝑙 > 𝑉𝑡𝑛 : Reaction releases heat (Exothermic) 

 

6.2.6.3. Cell voltage and polarization curve modelling 

In order to drive the electrolysis reaction, the electrolyzer cell voltage shall be 

higher than the open circuit voltage because of the inherent irreversibility of the 

electrolysis reaction explained by the Gibbs–Helmholtz equation. Accordingly, in 

order to obtain a particular reaction rate (or current density) in the electrolysis 

cell, the applied electrical power needs to overcome open-circuit voltage and some 

over-voltages. Accordingly, the cell voltage corresponding to the demanded current 

(or current density), 𝑉𝑐𝑒𝑙𝑙 , can be determined as sum of open circuit voltage, 𝑉𝑜𝑐, 

and several nonidealities (overpotentials, ∆𝑉𝑖) as below [36,37]: 

𝑉𝑐𝑒𝑙𝑙 = 𝑉𝑜𝑐(𝑇, 𝑃) + ∑ ∆𝑉𝑖 (𝑇, 𝑃, 𝐼𝑐𝑒𝑙𝑙) (13) 

𝑉𝑐𝑒𝑙𝑙 =  𝑉𝑜𝑐 +  𝛥𝑉𝑎𝑐𝑡 +  𝛥𝑉𝑜ℎ𝑚 +  𝛥𝑉𝑑𝑖𝑓𝑓 (14) 

where 𝛥𝑉𝑎𝑐𝑡, 𝛥𝑉𝑜ℎ𝑚, 𝛥𝑉𝑑𝑖𝑓𝑓 are called activation overpotential, ohmic overpotential, 

and diffusion overpotential (also known as concentration or mass transport 

overpotential), respectively.  Accordingly, for determining the cell voltage across 

different current density values and plotting the polarization curve for an 

electrolyzer, the contributions of various overvoltages is necessary. Figure 6-4 

schematically shows the contribution of overpotentials in the polarization curve. 

 

Figure 6-4. PEM electrolyzer polarization curve formed of open circuit voltage and 

various overpotentials  
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In general, at low current densities, the polarization curve presents a sharp 

logarithmic rise that highlights activation losses caused by sluggish electrode 

kinetics, particularly at the oxygen evolution reaction (OER) site. In the 

intermediate region, a linear voltage rise is observed due to ohmic losses primarily 

associated with ionic resistance in the membrane and electronic resistance in the 

cell components. At high current densities, the curve steepens again due to mass 

transport limitations, as the reactants become depleted or products accumulate at 

the reaction interface. Figure 6-5 shows the polarization curve of the electrolyzer 

cell divided into three zones based on the controlling overpotential mechanisms. 

Hence, analysing the shape and slope of the polarization curve enables the 

identification of performance-limiting mechanisms, comparison between cell 

designs or materials, and optimization of operating parameters. It remains one of 

the most essential tools in both experimental characterization and model 

validation of PEM electrolyzers. Generally, open-circuit voltage represents the 

minimum theoretical voltage, determined solely by thermodynamic properties, 

required to drive the water-splitting reaction under equilibrium conditions and is 

defined as the potential difference between the two electrodes when no external 

current is flowing through the circuit. The deviation of the actual cell voltage from 

the reversible voltage, resulting from the inherent irreversibility of the 

electrochemical process, is referred to as the overpotential. This overpotential can 

originate from various sources, including activation losses, ohmic resistance, and 

mass transport limitations. Different overpotentials contributing to the cell voltage 

are explained in the following sections. 

 

Figure 6-5. Polarization curve divided into three zones based on the prominent 

overpotential mechanisms [42]. 
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6.2.6.4. Activation overvoltage 

Activation overvoltage is the additional voltage required to overcome the kinetic 

barriers of the electrochemical reactions at the electrodes, enabling the hydrogen 

evolution reaction (HER) and oxygen evolution reaction (OER) to proceed at a 

measurable rate. In other words, it is the energy required (beyond the reversible 

voltage) to initiate and sustain the electrode reactions due to sluggish kinetics. The 

activation overpotential can be calculated using the Butler-Volmer equation, which 

relates electrode current density to electrode potential [43]: 

𝑖 = 𝑖0  [𝑒
𝛼𝑎𝑛𝐹𝛥𝑉𝑎𝑐𝑡

𝑅𝑇
 − 𝑒

𝛼𝑐𝑛𝐹𝛥𝑉𝑎𝑐𝑡
𝑅𝑇

 ]  
(15) 

where 𝑖 and 𝑖0 are the electrode current density and exchange current density, 

respectively. 𝛼𝑐 and 𝛼𝑎  are the cathodic and anodic charge transfer coefficients, 

respectively.   

Note: A smaller magnitude of the transfer charge coefficients in an electrode 

implies a faster reaction in that electrode. 𝛼𝑎 = 𝛼𝑐 = 0.5 imply a symmetrical 

transition state and it is a common approximation. According to the literature, the 

charge transfer coefficients of anode 𝛼𝑎 vary between 0-1 and the charge transfer 

coefficients for cathode, 𝛼𝑐, varies between 0-2 [44,45]. The 𝛼𝑐 and 𝛼𝑎 are specified 

in this study as fitting parameters to match the prepared model with experimental 

data (Explained in section 6.3.1). 

By applying the Butler-Volmer equation, activation overpotential, comprised of 

anodic (OER) activation overpotential, 𝛥𝑉𝑎𝑐𝑡,𝑎, and cathodic (HER) activation 

overpotential, 𝛥𝑉𝑎𝑐𝑡,𝑐, can be calculated [16]: 

𝛥𝑉𝑎𝑐𝑡 = 𝛥𝑉𝑎𝑐𝑡,𝑎 + 𝛥𝑉𝑎𝑐𝑡,𝑐 (16) 

𝛥𝑉𝑎𝑐𝑡,𝑎  =  
𝑅𝑇

2𝛼𝑎 𝐹
 𝑠𝑖𝑛ℎ−1 (

𝑖

2𝑖0,𝑎
) (17) 

𝛥𝑉𝑎𝑐𝑡,𝑐  =  
𝑅𝑇

2𝛼𝑐 𝐹
 𝑠𝑖𝑛ℎ−1 (

𝑖

2𝑖0,𝑐
) (18) 

For a simpler calculation, the Tafel approximation can also be used [46]: 

𝛥𝑉𝑎𝑐𝑡,𝑎  =  
𝑅𝑇

2𝛼𝑎𝐹
 ln (

𝑖

𝑖0,𝑎
) (19) 

𝛥𝑉𝑎𝑐𝑡,𝑐  =  
𝑅𝑇

2𝛼𝑐𝐹
 ln (

𝑖

𝑖0,𝑐
) (20) 
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where  𝑖0,𝑐 and 𝑖0,𝑎 are the exchange current densities, representing the exchange 

rates between the reactants and products in the equilibrium. In other words, it 

represents how difficult it is for electrons to be transferred between the electrode 

and the reactant species (Higher 𝑖0 represents easier reaction and lower activation 

overpotential, and it can be considered as electrochemical activity of an 

electrode).These parameters have a substantial impact on the activation 

overpotential and depend on different factors such as porosity and material of the 

electrodes, concentration, distribution, and size of the catalyst particles, and the 

operating temperature. Accordingly, activation overpotential can be mitigated via 

using modified catalysts, optimized operating temperatures, and increasing the 

active reaction sites (electrode surface) via increasing the electrode roughness [42]. 

The exchange current density of the IrO2-based anode, 𝑖0,𝑎, is in the range 10-12-10-

9 and the exchange current density of Pt-based cathode, 𝑖0,𝑐, is in the range 10-4-10-

3 [44,47] 

In this study, due to the importance of temperature in operation and aiming to 

account for the temperature impact on the electrolyzer performance, the following 

correlations are applied to calculate the 𝑖0,𝑐 and 𝑖0,𝑎 values [43]: 

𝑖0,𝑎 = 𝑖0,𝑎
𝑟𝑒𝑓

. 𝑒
𝐸𝑎
𝑅

 ( 
1
𝑇

− 
1

𝑇𝑟𝑒𝑓
 )

 (21) 

𝑖0,𝑐 = 𝑖0,𝑐
𝑟𝑒𝑓

. 𝑒
𝐸𝑐
𝑅

 ( 
1
𝑇

− 
1

𝑇𝑟𝑒𝑓
 )

 (22) 

where 𝑖0,𝑐
𝑟𝑒𝑓

 and 𝑖0,𝑎
𝑟𝑒𝑓

 are the reference exchange current density of electrodes at a 

reference temperature, 𝑇𝑟𝑒𝑓 (𝐾). Due to the complexity of predicting their values, 

they are often considered fitting parameters in the models [48,49]. The reference 

value of current exchange densities 𝑖0
𝑟𝑒𝑓

 in this study are considered as below [46]: 

𝑖0,𝑎
𝑟𝑒𝑓

= 2 × 10−6 𝐴/𝑐𝑚2  (at 𝑇𝑟𝑒𝑓 = 353.15 𝐾) (23) 

𝑖0,𝑐
𝑟𝑒𝑓

= 1 × 10−1 𝐴/𝑐𝑚2 (at 𝑇𝑟𝑒𝑓 = 353.15 𝐾) (24) 

Also, 𝐸𝑎 and 𝐸𝑐  are the kinetic activation energy for electrode reactions, which are 

specified according to the available data in the literature as below: 

𝐸𝑐 = 16000 𝐽/𝑚𝑜𝑙𝑒 for Pt/C catalyst [50]  

𝐸𝑎 = 50000 𝐽/𝑚𝑜𝑙𝑒  for IrO2 catalyst [51]  

Note: In the range with small current density, (𝑖 ≤ 𝑖₀) the reaction is close to 

equilibrium, meaning that the forward (oxidation) and reverse (reduction) 
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reactions occur at nearly equal rates. In this range, activation overpotential is close 

to zero, and the Tafel approximation cannot reliably predict the activation 

overpotential (it may result in negative values at low current density levels). In 

addition, experimental data is rarely available in the low-current range due to low 

sensitivity of potentiostats and high noise-to-signal ratio for experimental current 

measurements.  

6.2.6.5. Ohmic overpotential 

Ohmic overvoltage is the voltage required to overcome resistance in the circuit. It 

includes the electrical loss due the movement of electrons through the PEM 

electrolyzer components, 𝑅𝑒𝑙, the ionic loss due to the movement of protons through 

the membrane, 𝑅𝑚𝑒𝑚, and the imperfect contact of different electrolyzer 

components, 𝑅𝑐𝑜𝑛𝑡𝑎𝑐𝑡.  Ohmic overvoltage can be calculated using Ohm’s law 

[43,52]: 

𝛥𝑉𝑜ℎ𝑚 = (𝑅𝑒𝑙 +  𝑅𝑚𝑒𝑚 + 𝑅𝑐𝑜𝑛𝑡𝑎𝑐𝑡) . 𝑖. 𝐴 (25) 

where 𝐴 is the electrode area, and 𝑖 is the electrical current. According to this 

equation, the ohmic overpotential is linearly proportional to the electrical current, 

and it increases with increasing the current density. The electrical resistance can 

be expressed as the sum of bulk material resistance for the anode and cathode as 

below: 

𝑅𝑒𝑙 =  (
𝑡𝑎 𝜌𝑎

𝐴
) +  (

𝑡𝑐  𝜌𝑐

𝐴
) 

(26) 

where 𝑡𝑎 and 𝑡𝑐 represent the electron path length in the electrodes, which is equal 

to the electrode thickness (including the catalyst layer, porous transport layer and 

in some cases the bipolar plates),  𝜌𝑎 =  𝜌𝑐 = 7.5 𝑚Ω. 𝑐𝑚 [37] are the material 

resistivity of anode and cathode, and 𝐴 is the conductor cross-sectional area, which 

is often equal to the cell area 𝐴𝑐𝑒𝑙𝑙. It should be noted that the electronic resistance 

magnitude is often negligible compared to membrane and contact resistance. 

The membrane resistance, which is significantly larger than electrode resistance, 

can be calculated using the following correlation [53]: 

𝑅𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 =
𝑡𝑚𝑒𝑚

𝜎𝑚𝑒𝑚𝐴
 (27) 

where 𝜎𝑚𝑒𝑚 is the membrane conductivity (𝑠. 𝑚−1) (the inverse of resistance), and 

it is calculated using the following correlation [53]: 
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𝜎𝑚𝑒𝑚 =  (0.005139𝜆𝑚  −  0.00326) exp (1268  (
1

303
−

1

𝑇
)) (28) 

This correlation is obtained based on measuring the conductivity of the Nafion 117 

membrane at 30 °C and observing the linear dependency of 𝜎𝑚𝑒𝑚 on 𝜆𝑚.  

The contact resistance directly depends on the quality of physical contact between 

the electrolyzer components, and it can vary widely (in the range 5 𝑚𝛺 · 𝑐𝑚² to 

50 𝑚𝛺 · 𝑐𝑚²) depending on factors such as surface roughness, clamping pressure, 

material compatibility, and aging [46,54,55]. Also, the bubble coverage resistance 

is not provided in numbers or models. Accordingly, these two resistances are 

lumped together and incorporated as a correction factor of 1.2 in the correlation for 

ohmic resistance: 

𝛥𝑉𝑜ℎ𝑚 = 1.2 × (𝑅𝑒𝑙 +  𝑅𝑚𝑒𝑚). 𝑖. 𝐴 (29) 

 

6.2.6.6. Diffusion overvoltage 

Diffusion overvoltage (or mass transfer loss) represents the mass transport 

limitations. When the concentration of products (H₂ and O₂ gases) increases, the 

reaction rate decreases due to mass transport limitations [31,37]. The diffusion 

overvoltage is not significant for low and moderate current densities with 

appropriate gas flow passes, and it is orders of magnitude smaller than the other 

overvoltage, and it could be neglected below a specific current density [52], while 

at high current densities, it can sharply increase, affecting the total cell voltage. 

Some features, such as a thicker and denser catalyst layer and a more hydrophilic 

surface aimed to make water transport easier in the anode section, may cause 

tortuosity and prevent oxygen gas escape. Also, the main water input to the cell is 

fed to the anodic section, which makes the flow management more critical. 

Accordingly, oxygen gas can cause significant overpotential at high current 

density, which corresponds to the high gas production rate. Hence, the diffusion 

overvoltage is mainly rooted in the anodic compartment [43]. The diffusion 

overpotential can be evaluated using the following correlation [56]: 

𝐸diff = 𝑖 (β1 ⋅
𝑖

𝑖lim
)

β2

 (30) 

where 𝑖lim is the limiting current density, 𝛽2 = 2 and 𝛽1 is a function of temperature 

as below: 
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𝛽1 = (8.66 × 10−5 𝑇 − 0.068)𝛾 − 1.6 × 10−4𝑇 + 0.54                𝑖𝑓 𝛾 > 2 

 𝛽1 = (7.16 × 10−4 𝑇 −  0.622)γ −  1.45 × 10−3𝑇 +  1.68      𝑖𝑓  γ ≤ 2  
(31) 

where 𝑇 is the operating temperature of the electrolyzer, and  𝛾 is a function of 

pressure: 

𝛾 = 8.41366809 × 10−5𝑃𝑂2 + 8.41366809 × 10−5𝑃𝑠𝑎𝑡  (32) 

where 𝑃𝑂2 and 𝑃𝑠𝑎𝑡 are partial pressure of oxygen and saturation pressure of water 

at operating temperature of the PEM electrolyzer. It should be noted that in 

commercial PEM electrolyzers the diffusion overvoltage and limitations arising 

from it are barely observed in industrial units because the working current 

densities are much lower than the limiting current density. Despite the values 

reported in literature in the range 1 𝑡𝑜 2 𝐴. 𝑐𝑚−2[44,56,57] in this study assumed 

to be 𝑖𝐿 = 6 𝐴. 𝑐𝑚−2 [37]. 

6.2.7. Electrolyzer efficiency and specific energy consumption 

As explained in section 6.2.6.2, the electrolysis process is associated with 

irreversibility and losses in various forms. Accordingly, the input power transforms 

to product (chemical energy) or thermal energy (heat), and each one of these two 

can be divided into useful and lost categories. Figure 6-6 shows the energy flow in 

an electrolyzer stack. Hence, the quality of an electrolyzer performance is 

evaluated based on the composition of such a graph, and to measure the quality of 

the process, defining the electrolyzer efficiency is necessary. 

 

Figure 6-6. Sankey diagram of energy stream in an electrolyzer stack [58]. 
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Efficiency of a system is basically defined as the ratio of usable outputs to the 

inputs. Dealing with electrolyzers, different efficiencies can be defined. The main 

efficiencies utilized for evaluating electrolyzer performance are the Faraday efficiency 

(𝜂𝐹), voltage efficiency (𝜂𝑉), and electrolyzer efficiency (𝜂𝑒𝑙), which are linked by the 

following expression [31]: 

𝜂𝑒𝑙 = 𝜂𝐹 . 𝜂𝑉 (33) 

6.2.7.1. Voltage efficiency 

The ratio of thermoneutral voltage to the cell voltage in an electrolyzer is called 

voltage efficiency or DC efficiency. While Faraday efficiency considers the impact 

of gas diffusion on electrolyzer performance, voltage efficiency represents the 

polarization losses, including mass transfer loss, ohmic loss, activation loss, and 

heat losses. Hence, Faraday efficiency is normally higher than voltage efficiency in 

a normal operation. Voltage efficiency can be calculated as below [59]: 

𝜂𝑉 =
𝑉𝑡𝑛

𝑉𝑐𝑒𝑙𝑙
 

(34) 

6.2.7.2. Faraday efficiency: 

Faraday efficiency, also known as coulombic efficiency and current efficiency, 

represents the current losses due to the gas diffusion (crossover) [53,54]. Faraday 

efficiency is often expressed as the ratio of the real hydrogen production rate, 𝑁̇𝐻2
𝑔𝑒𝑛

, 

to the theoretical hydrogen production rate, 𝑁̇𝐻2,𝑡ℎ
𝑔𝑒𝑛

 [60]. For a single electrolysis cell 

Faraday efficiency will be: 

𝜂𝐹 =
𝑁̇𝐻2

𝑔𝑒𝑛

𝑁̇𝐻2,𝑡ℎ
𝑔𝑒𝑛 =

𝑁̇𝐻2
𝑔𝑒𝑛

𝐼𝑐𝑒𝑙𝑙/𝑛𝐹
 

(35) 

While Faraday efficiency is usually assumed to be equal to or higher than 99% 

[24,46], it decreases significantly at low current densities [61,62]. Faraday 

efficiency is a function of membrane properties such as thickness and type and 

operating conditions such as pressure, temperature, and current density, and it 

determines the real hydrogen and oxygen production rates and directly affects the 

electrolyzer energy efficiency, 𝜂𝑒𝑙 . The production rates of an electrolyzer stack can 

be calculated as below [36,63]: 

𝑁̇𝐻2
𝑔𝑒𝑛

= 𝜂𝐹 .
𝐼𝑐𝑒𝑙𝑙. 𝑁𝑐𝑒𝑙𝑙

𝑛𝐹
 

(36) 

https://www.sciencedirect.com/topics/engineering/current-efficiency


6. Aspen Plus model of PEM electrolysis system for hydrogen production  

179 

 

𝑁̇𝑂2
𝑔𝑒𝑛

= 𝜂𝐹 .
𝐼𝑐𝑒𝑙𝑙. 𝑁𝑐𝑒𝑙𝑙

2𝑛𝐹
 

(37) 

Faraday efficiency of an electrolyzer can be modelled by an empirical expression, 

and some models are already proposed for alkaline electrolyzers [64,65]. While 

Faraday efficiency has a great impact on the electrolyzer performance, it has 

received less attention compared to electrochemical domain modelling, and there 

are only two researchers directly addressing Faraday efficiency of PEM 

electrolyzers. Tijani and Rahim [24] investigated the influence of operating 

temperature, pressure, and membrane thickness on the Faraday efficiency of a 

PEM electrolyzer. They concluded that membrane thickness and gas pressure 

affect Faraday efficiency, particularly at low current densities, while temperature 

has a very slight and negligible impact in the case of PEM water electrolyzers. 

However, they did not propose a model for calculating Faraday efficiency. The only 

study that provides an empirical model for this purpose is the work of Yodwong et 

al. [66], which includes the effect of operating pressure up to 10 bar. Furthermore, 

Faraday efficiency has been reported to decrease at high pressures due to increased 

crossover currents, as noted in the literature [59,62,67]. Since that time, no 

additional studies have been published on the modelling of Faraday efficiency 

specifically for PEM electrolyzers. Considering the fundamental structural 

differences, the models developed for alkaline electrolyzers are not applicable to 

PEM electrolyzers. Hence, further research is needed to better understand the 

effects of operating conditions and structural factors such as membrane thickness 

on Faraday efficiency. 

Since this study is under constant operating pressure, the impact of temperature 

on Faraday efficiency is negligible, and a fixed cell structure is employed for the 

modelling, a fixed Faraday efficiency function is assumed according to the 

following function [52]: 

𝜂𝐹 =
𝑖 − 𝑖𝑙𝑜𝑠𝑠

𝑖
= 1 −

𝑖𝑙𝑜𝑠𝑠

𝑖
 

(38) 

where 𝑖 is the current density, and 𝑖𝑙𝑜𝑠𝑠 is “crossover current loss” due to gas cross 

over. The quantity of 𝑖𝑙𝑜𝑠𝑠 is a function of operating conditions such as temperature, 

pressure, etc., and its dependency on operating conditions can be determined by 

fitting this equation with experimental data. Figure 6-7 shows the Faraday 

efficiency against current density for various quantities of 𝑖𝑙𝑜𝑠𝑠. 
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Figure 6-7. General faraday efficiency function plotted against current density for 

various values of 𝑖𝑙𝑜𝑠𝑠. 

 

Since 𝑖𝑙𝑜𝑠𝑠 depends on various factors such as membrane properties, stack 

assembly, operating conditions, etc., and available data in the literature is limited, 

the Faraday efficiency curve with constant 𝑖𝑙𝑜𝑠𝑠 (= 0.025 𝐴. 𝑐𝑚−2)  is assumed for 

the studied PEM stack, as shown in Figure 6-8 . 

 

Figure 6-8. The Faraday efficiency function assumed for the studied PEM stack. 

6.2.7.3. Electrolyzer energy efficiency: 

Electrolyzer energy efficiency, also referred to as stack efficiency, expresses how 

effectively an electrolyzer stack converts electrical energy into chemical energy 

(excluding the auxiliary systems or possibly applied AC/DC converters). It is 

defined as the amount of energy obtainable by produced hydrogen per amount of 

energy consumed for hydrogen production. Accordingly, it can be calculated as the 
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ratio of the energy content of produced hydrogen to the electrical energy input of 

the electrolyzer [68]. 

Two concepts of higher heating value of hydrogen, 𝐻𝐻𝑉 (=  285.83 𝑘𝐽/𝑚𝑜𝑙) or lower 

heating value, 𝐿𝐻𝑉 (=  241.83 𝑘𝐽/𝑚𝑜𝑙) are commonly utilized to report the 

electrolyzer efficiency [68,69]. The 𝐻𝐻𝑉 is defined as he total energy released in 

hydrogen combustion, including the latent heat of water vapor condensation 

(assumes water produced from hydrogen combustion condenses to liquid at the end 

of the process), while 𝐿𝐻𝑉  is defined as the energy released in hydrogen 

combustion excluding the heat recovered from water vapor condensation (assumes 

water stays as vapor after combustion). The electrolyzer efficiency can be reported 

as the ratio of  𝐿𝐻𝑉 or 𝐻𝐻𝑉 to the electrical power consumed for hydrogen 

production: 

𝜂𝑒𝑙
𝐻𝐻𝑉 =

𝐻𝐻𝑉

(𝑊𝑠𝑡𝑎𝑐𝑘/𝑁̇𝐻2,𝑝𝑟𝑜𝑑)
=

𝐻𝐻𝑉

𝑉𝑐𝑒𝑙𝑙. 𝑛. 𝐹
 (39) 

𝜂𝑒𝑙
𝐿𝐻𝑉 =

𝐿𝐻𝑉

(𝑊𝑠𝑡𝑎𝑐𝑘/𝑁̇𝐻2,𝑝𝑟𝑜𝑑)
=

𝐿𝐻𝑉

𝑉𝑐𝑒𝑙𝑙. 𝑛. 𝐹
 (40) 

where 𝑊𝑠𝑡𝑎𝑐𝑘 = 𝑉𝑠𝑡𝑎𝑐𝑘 . 𝐼𝑠𝑡𝑎𝑐𝑘 is the electrical power input for molar hydrogen 

production rate of 𝑁̇𝐻2,𝑝𝑟𝑜𝑑.  

For a PEM electrolyzer, 𝜂𝑒𝑙
𝐿𝐻𝑉 (normally in the range of 55-75%) is lower than 𝜂𝑒𝑙

𝐻𝐻𝑉 

(normally in the range of 65-85%) for the PEMWE. 

𝐻𝐻𝑉 − 𝐿𝐻𝑉 = 𝑙𝑎𝑡𝑒𝑛𝑡 ℎ𝑒𝑎𝑡 𝑜𝑓 𝑤𝑎𝑡𝑒𝑟 (~44
𝑘𝐽

𝑚𝑜𝑙
) (41) 

The 𝐿𝐻𝑉 and 𝐻𝐻𝑉 values per kg of hydrogen are equal to  

(𝐿𝐻𝑉 = 33.3 𝑘𝑊ℎ/𝑘𝑔) and (𝐻𝐻𝑉 = 39.4 𝑘𝑊ℎ/𝑘𝑔). 

6.2.7.4. System Efficiency 

An electrolysis unit needs auxiliary components, including water circulation, 

purification, deionization, cooling, control system, possible gas compression, and 

hydrogen drying operation. The power required for the auxiliary components or 

balance of plant (BoP) should be involved in the unit performance evaluation. To 

this end, an actual system-level efficiency, called “system efficiency” is defined as 

follows: 

𝜂𝑠𝑦𝑠𝑡𝑒𝑚
𝐻𝐻𝑉 =

𝐻𝐻𝑉

𝑇𝑜𝑡𝑎𝑙 𝑝𝑜𝑤𝑒𝑟 (𝑠𝑡𝑎𝑐𝑘 +  𝑎𝑢𝑥)
=

𝐻𝐻𝑉

(𝑊𝑠𝑡𝑎𝑐𝑘/𝑁̇𝐻2,𝑝𝑟𝑜𝑑) + (𝑊𝑎𝑢𝑥/𝑁̇𝐻2,𝑝𝑟𝑜𝑑)
 (42) 
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𝜂𝑠𝑦𝑠𝑡𝑒𝑚
𝐿𝐻𝑉 =

𝐿𝐻𝑉

𝑇𝑜𝑡𝑎𝑙 𝑝𝑜𝑤𝑒𝑟 (𝑠𝑡𝑎𝑐𝑘 +  𝑎𝑢𝑥)
=

𝐿𝐻𝑉

(𝑊𝑠𝑡𝑎𝑐𝑘/𝑁̇𝐻2,𝑝𝑟𝑜𝑑) + (𝑊𝑎𝑢𝑥/𝑁̇𝐻2,𝑝𝑟𝑜𝑑)
 (43) 

where 𝑊𝑎𝑢𝑥 is the power consumed for auxiliary components. The system efficiency 

is lower than the stack efficiency (DC efficiency) due to additional power loads 

involved in the power consumption. The auxiliary power is generally considered as 

a small percentage of the rated power, in the range of 0.22 to 2% [57,70]. In this 

study, it is assumed to be 1% of the electrolyzer rated power for hot standby and 

normal operation. The hot standby is considered a preparatory mode, not an 

operational (Faraday-active) mode for hydrogen production.  

Different efficiency concepts and their relative behaviors across the input power 

load range up to the rated (nominal) load of a PEM electrolyzer unit are illustrated 

in Figure 6-9. According to this figure, Faraday efficiency is very low at low power 

levels, and it increases rapidly with increasing the input power. For the power 

levels corresponding to the cell voltage in the range (𝑉𝑜𝑐 < 𝑉𝑐𝑒𝑙𝑙  < 𝑉𝑡𝑛), the voltage 

efficiency can be over 100% (this range is not operational in industrial units), while 

it linearly decreases with increasing the input power to the rated level. 

The stack/electrolyzer efficiency as product of the Faraday efficiency and voltage 

efficiency increases with increasing the input power, along with increasing the 

Faraday efficiency, and after reaching a peak value (about 50-60%) decreases 

linearly along with the decline in voltage efficiency. Accordingly, at low power 

ranges, Faraday efficiency is the dominant parameter, affecting the stack 

efficiency, while at higher power levels, Faraday efficiency is close to 1, and voltage 

efficiency dominantly affects the stack efficiency. 
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Figure 6-9. Electrolyzer efficiency in stack and system scales against input power load 

The electrochemical model and the various efficiency concepts are incorporated 

together to predict the polarization curve and hydrogen production rate and assess 

the process efficiency at different scales. 

While a model incorporating the polarization curve, Faraday efficiency, and system 

efficiency can assist in estimating hydrogen production, developing an integrated 

model that includes mass and energy balances within the electrolyzer stack is 

essential for understanding the synergies among thermodynamics, 

electrochemistry, and heat and mass transfer. Such a model enables the 

identification of optimization opportunities at the unit scale and exploring novel 

operation and control scenarios. 

6.2.8. Mass balance modelling 

The mass balance model is a mathematical framework applied for describing the 

transport of the chemical species within the PEM water electrolyzer cell. 

Incorporating mass balance submodels for each component of the electrolyzer, 

including anode, cathode, and membrane, is crucial for accurately predicting 

hydrogen and oxygen generation, power demand, and water consumption. The 

mass balance model is formulated neglecting a storage term, as it requires detailed 

geometrical features of the flow channels. Also, the gas diffusion across the 

membrane (gas crossover) is neglected in this study, implying that the gas products 

are pure, while the impact of gas crossovers is included through Faraday efficiency. 

6.2.8.1. Anode mass balance sub-model 

In the modelled PEM electrolyzer, water is introduced at the anode, where it 

undergoes electrochemical splitting into hydrogen and oxygen. Due to neglecting 

the gas crossover, the species existing in anode compartment are water and 

oxygen. The mass balance for oxygen is set by considering the generation rate and 

the corresponding outflow from the anode. Given that the model operates under 

steady-state conditions and gas crossover effects are neglected, the analysis is 

simplified to focus solely on generation and outlet flow rates of oxygen within the 

anode side: 

𝑁̇𝑂2
𝑔𝑒𝑛

= 𝑁̇𝑂2
𝑜𝑢𝑡,𝑎 (44) 

where the oxygen generated in the stack, 𝑁̇𝑂2,𝑔𝑒𝑛, is given by Faraday's law: 
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𝑁̇𝑂2
𝑔𝑒𝑛

=
𝐼𝑢𝑠𝑒𝑓𝑢𝑙. 𝑁𝑐𝑒𝑙𝑙𝑠

𝑍𝑂2 𝐹
=

𝑖𝑢𝑠𝑒𝑓𝑢𝑙 . 𝐴𝑐𝑒𝑙𝑙. 𝑁𝑐𝑒𝑙𝑙𝑠

4𝐹
 

(45) 

where 𝑁𝑐𝑒𝑙𝑙𝑠 is the number of cells in the stack, 𝐴𝑐𝑒𝑙𝑙 is the cell area, 𝑍𝑜2 is the 

stoichiometric coefficient of oxygen in the electrolysis reaction, 𝐼𝑢𝑠𝑒𝑓𝑢𝑙 is the 

effective current passing the cell and 𝑖𝑢𝑠𝑒𝑓𝑢𝑙 is the net current density determined 

by Faraday efficiency as below: 

𝑖𝑢𝑠𝑒𝑓𝑢𝑙 =  𝜂𝐹 . 𝑖𝑐𝑒𝑙𝑙 (46) 

where 𝑖𝑐𝑒𝑙𝑙 is the theoretical current density corresponding to the polarization 

curve, and 𝜂𝐹 is Faraday efficiency. 

The flow balance for the water within the anode takes into account the liquid water 

inlet flow, 𝑁̇𝐻2𝑂
𝑖𝑛,𝑎

, the water consumption through electrolysis process, 𝑁̇𝐻2𝑂
𝑐𝑜𝑛𝑠,𝑎

, and 

water transfer through the membrane, 𝑁̇𝐻2𝑂
𝑚𝑒𝑚, as below: 

𝑁̇𝐻2𝑂
𝑖𝑛,𝑎 − 𝑁̇𝐻2𝑂

𝑐𝑜𝑛𝑠,𝑎 −  𝑁̇𝐻2𝑂
𝑚𝑒𝑚 = 𝑁̇𝐻2𝑂

𝑜𝑢𝑡,𝑎
 (47) 

𝑁̇𝐻2𝑂
𝑖𝑛,𝑎 − 𝑁̇𝐻2𝑂

𝑐𝑜𝑛𝑠,𝑎 −  𝑁̇𝐻2𝑂
𝑒𝑜 − 𝑁̇𝐻2𝑂

𝑑𝑖𝑓𝑓
+ 𝑁̇𝐻2𝑂

∆𝑃 = 𝑁̇𝐻2𝑂
𝑜𝑢𝑡,𝑎

 (48) 

In this study water consumption is calculated directly from material balance, while 

in some references water consumption, 𝑁̇𝐻2𝑂
𝑐𝑜𝑛𝑠,𝑎

, is estimated as 25% over the 

theoretical hydrogen production rate as below [43]: 

𝑁̇𝐻2𝑂
𝑐𝑜𝑛𝑠,𝑎 = 1.25 

𝐼𝑢𝑠𝑒𝑓𝑢𝑙 . 𝑁𝑐𝑒𝑙𝑙𝑠

2𝐹
= 1.25

𝑖𝑢𝑠𝑒𝑓𝑢𝑙. 𝐴𝑐𝑒𝑙𝑙. 𝑁𝑐𝑒𝑙𝑙𝑠

2𝐹
 

(49) 

6.2.8.2. Cathode mass balance sub-model 

Given no gas crossover in the prepared model, water and hydrogen presenting 

within the cathode side of the PEM electrolyzer. The flow balance analysis for the 

water over the cathode includes the water inlet from the membrane, 𝑁̇𝐻2𝑂
𝑚𝑒𝑚, the 

water outlet, 𝑁̇𝐻2
𝑜𝑢𝑡,𝑐

, and the inlet water flow, 𝑁̇𝐻2𝑂
𝑜𝑢𝑡,𝑐

, in case of applying an inlet 

water stream to the cathode compartment : 

𝑁̇𝐻2𝑂
𝑖𝑛,𝑐 + 𝑁̇𝐻2𝑂

𝑚𝑒𝑚 = 𝑁̇𝐻2𝑂
𝑜𝑢𝑡,𝑐

 (50) 

𝑁̇𝐻2𝑂
𝑖𝑛,𝑐 + 𝑁̇𝐻2𝑂

𝑒𝑜 + 𝑁̇𝐻2𝑂
𝑑𝑖𝑓𝑓

− 𝑁̇𝐻2𝑂
∆𝑃 = 𝑁̇𝐻2𝑂

𝑜𝑢𝑡,𝑐
 (51) 

On the other hand, since the simulation is in the steady-state condition and gas 

crossovers are neglected in this study, the analysis for hydrogen flow balance is 

expressed as: 
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𝑁̇𝐻2
𝑔𝑒𝑛

= 𝑁̇𝐻2
𝑜𝑢𝑡,𝑐

 (52) 

where 𝑁̇𝐻2
𝑜𝑢𝑡,𝑐

 is the outcoming hydrogen, and 𝑁̇𝐻2
𝑔𝑒𝑛,𝑐

 accounts for hydrogen 

generated, which depends on the electrochemical behaviour of the electrolyzer 

cells, given by Faraday's law as below: 

𝑁̇𝐻2
𝑔𝑒𝑛,𝑐

=
𝐼𝑢𝑠𝑒𝑓𝑢𝑙 𝑁𝑐𝑒𝑙𝑙𝑠

2𝐹
=

𝑖𝑢𝑠𝑒𝑓𝑢𝑙 𝐴𝑐𝑒𝑙𝑙 𝑁𝑐𝑒𝑙𝑙𝑠

2𝐹
 

(53) 

This correlation is known as “electrolysis reaction extent” and is applied to 

determine the hydrogen and oxygen production and water consumption.  

6.2.8.3. Membrane mass balance sub-model 

As explained before, Faraday efficiency is mainly affected by gas crossover, while 

voltage efficiency is mainly affected by activation, ohmic, and mass transfer losses. 

Accordingly, the membrane affects both Faraday and voltage efficiency, and 

subsequently the electrolyzer efficiency. Thus, the membrane features, including 

the material, thickness, water content, permeability, and porosity, should be 

carefully adjusted for an efficient electrolyzer. Since the gas crossover is neglected 

in this study, only water transfer in the membrane is included in the model.  

Although the membrane is designed to allow only proton permeation, it is not 

completely impermeable to water. Water permeation through the PEM membrane 

, 𝑁̇𝐻2𝑂
𝑚𝑒𝑚, occurs due to three mechanisms, which are anode-to-cathode diffusion, 

𝑁̇𝐻2𝑂
𝑑𝑖𝑓𝑓

, cathode-to-anode migration due to the hydraulic pressure, 𝑁̇𝐻2𝑂
∆𝑃 , and the 

anode-to-cathode electro-osmosis drag, 𝑁̇𝐻2𝑂
𝑒𝑜  [71]. In some references, the term 

𝑁̇𝐻2𝑂
∆𝑃  is neglected as it is not a major term in normal operation with constant 

pressure condition and current densities close to the electrolyzer capacity [72]. The 

water flow balance (the net water transport from anode to cathode) can be 

expressed as follows:  

𝑁̇𝐻2𝑂
𝑚𝑒𝑚 =  𝑁̇𝐻2𝑂

𝑒𝑜 + 𝑁̇𝐻2𝑂
𝑑𝑖𝑓𝑓

− 𝑁̇𝐻2𝑂
∆𝑃  (54) 

1- The water flow rate dragged from anode to cathode by electro-osmotic forces, 

𝑁̇𝐻2𝑂
𝑒𝑜 , can be calculated as below [72,73]: 

𝑁̇𝐻2𝑂
𝑒𝑜 =

𝑛𝑑  𝑖𝑢𝑠𝑒𝑓𝑢𝑙 𝐴𝑐𝑒𝑙𝑙 𝑁𝑐𝑒𝑙𝑙𝑠

𝐹
= 𝑛𝑑

𝐼𝑠𝑡𝑎𝑐𝑘

𝐹
 

(55) 

where the electro-osmotic drag coefficient, 𝑛𝑑, can be assumed constant or 

calculated as a function of the membrane hydration [36,74]. 
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𝑛𝑑 = 0.0029 𝜆𝑚
2 + 0.05𝜆𝑚 − 3.4 × 10−19 (56) 

where 𝜆𝑚 is the water content through the membrane and is equal to the 

arithmetic mean of the water contents of the anode, 𝜆𝑎, and the cathode, 𝜆𝑐 [74,75], 

normally set as input variables that subsequently define the membrane water 

content. 

In case of using a Nafion® membrane, the water content, 𝜆𝑚  values in the range 

of 7 to 22 are reported (= 7dry enough; = 14 good hydration; = 22 bathed) [53,76]. 

In a PEM electrolyzer with a Nafion 117 membrane, it can be assumed that the 

entire membrane is fully hydrated. Accordingly, the water content, 𝜆𝑚, in the range 

of 14 to 22 is assumed as a function of temperature so that the water content of 𝜆𝑚 

=14 assumed at 30 ℃ increases linearly with temperature up to 𝜆𝑚=22 at 80 ℃  

[31,77]: 

𝜆𝑚 = 14 + 0.16 (𝑇𝑜𝑝 − 303.15) (57) 

2- In PEM electrolysis, water is normally pumped into the anode channel at high 

concentration, which leads to a small quantity permeating through the membrane 

towards the cathode channel due to the concentration gradient between the 

electrodes. The diffusivity-driven water flow rate due to the difference in 

concentration between anode and cathode is given by Fick's diffusion law [63,73]: 

𝑁̇𝐻2𝑂
𝑑𝑖𝑓𝑓

=
𝐷𝐻2𝑜,𝑒𝑓𝑓  (𝐶𝐻2𝑜,𝑎 −  𝐶𝐻2𝑜,𝑐)𝐴𝑐𝑒𝑙𝑙 𝑁𝑐𝑒𝑙𝑙

𝑡𝑚𝑒𝑚
 

(58) 

where 𝐷𝐻2𝑜,𝑒𝑓𝑓  is the effective water diffusivity,  𝑡𝑚𝑒𝑚 is the membrane thickness, 

𝐶𝐻2𝑂,𝑐 and 𝐶𝐻2𝑂,𝑎 are the concentrations of water on the surface of the membrane 

at the interface of the cathode and the anode, respectively. These concentrations 

can be expressed as: 

𝐶H2𝑂 𝑎 =
ρmem

𝑀mem
⋅ λ𝑎 (59) 

𝐶H2𝑂 𝑐 =
ρmem

𝑀mem
⋅ λ𝑐 (60) 

where 𝜌𝑚𝑒𝑚  and 𝑀𝑚𝑒𝑚  are the density and the equivalent dry weight of the 

membrane, respectively. Both are physical properties of the material used in the 

manufacture of the PEM membrane, which is considered a key component in 

PEMEL. Nafion®, among perfluorinated polymers, is the most widely used 

electrolyte in PEMEL due to its chemical and electrochemical stability, as well as 

high proton conductivity [78]: 



6. Aspen Plus model of PEM electrolysis system for hydrogen production  

187 

 

Finally, the effective water diffusivity, 𝐷𝐻2𝑜,𝑒𝑓𝑓 , is a function of the membrane 

porosity and diffusivity, 𝜀, and diffusivity of water, 𝐷𝐻2𝑂, [37,73]: 

𝐷𝐻2𝑂,𝑒𝑓𝑓 =  𝐷𝐻2𝑂 . 𝜀1.5 (61) 

where the diffusion coefficient of water, 𝐷𝐻2𝑂, is a function of temperature, 𝑇𝑜𝑝, and 

water content of the membrane,𝜆𝑚  and it can be calculated as below [53,78]: 

𝐷𝐻2𝑂 = 𝐷𝜆𝑚
. 𝑒𝑥𝑝 (2416 (

1

𝑇𝑎𝑚𝑏
−

1

𝑇𝑜𝑝
)) 

(62) 

where,  

𝐷𝜆𝑚
= 10−10  𝑓𝑜𝑟   𝜆𝑚 < 2  

𝐷𝜆𝑚
= 10−10. (1 + 2(𝜆𝑚 − 2))   𝑓𝑜𝑟   2 ≤ 𝜆𝑚 < 3 

𝐷𝜆𝑚
= 10−10. (3 − 1.67(𝜆𝑚 − 3))   𝑓𝑜𝑟   3 ≤ 𝜆𝑚 < 4.5 

𝐷𝜆𝑚
= 1.25 × 10−10   𝑓𝑜𝑟   𝜆𝑚 ≥ 4.5 

(63) 

Since in this study 𝜆𝑚 is in the range 14 to 22, 𝐷𝐻2𝑂 will be: 

𝐷𝐻2𝑂 =  1.25 × 10−10 exp (2416 (
1

𝑇𝑎𝑚𝑏
−

1

𝑇𝑜𝑝
))  

(64) 

The diffusivity-driven water transport, 𝑁̇𝐻2𝑂
𝑑𝑖𝑓𝑓

, is very small because the difference 

in water concentration across the membrane (𝐶𝐻2𝑜,𝑎 −  𝐶𝐻2𝑜,𝑐) is practically 

negligible. In the ACM, the water concentrations are computed with a flash on the 

anode and cathode sides.  

3- The cathode side often operates at a higher pressure than the anode and this 

pressure difference at the two sides of the membrane causes water transfer from 

cathode to anode. This pressure difference is to ensure safety, hydrogen purity, 

membrane durability, and compression efficiency. The pressure-driven crossflow 

(flow back from cathode to anode), 𝑁̇𝐻2𝑂
∆𝑃 , offsets the electro-osmotic water transfer 

from anode to cathode. This phenomenon can be assessed using Darcy’s law, which 

takes into account the membrane’s permeability [71,79]: 

𝑁̇𝐻2𝑂
∆𝑃 =

𝐴𝑐𝑒𝑙𝑙𝐾𝑚𝜌𝐻2𝑂 ∗  (𝑃𝑐𝑎𝑡 −  𝑃𝑎𝑛)

 𝜇𝐻2𝑂  𝑡𝑚𝑒𝑚
 

(65) 

where  𝜇𝐻2𝑂 and 𝜌𝐻2𝑂 are the water viscosity and density, respectively, computed 

with Aspen properties package. Also, 𝐾𝑚 = 1.58 × 10−18 𝑚2 [20] represents the 

membrane permeability to water. 
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Similar to water transfer in the membrane, gas crossover takes place in two 

directions so that hydrogen and oxygen generated in the cathode and anode, 

respectively, transfer to the other side through membrane.  

Permeation of hydrogen to the anode, 𝑁̇𝐻2
𝑚𝑒𝑚,,caused by electro-osmosis drag effect, 

𝑁̇𝐻2𝑂
𝑒𝑜 , pressure gradient, 𝑁̇𝐻2

∆𝑃 , and the concentration difference between the PEM 

electrodes, 𝑁̇𝐻2
𝑑𝑖𝑓𝑓

 [24,71]: 

𝑁̇𝐻2
𝑚𝑒𝑚 = 𝑁̇𝐻2

𝑑𝑖𝑓𝑓
+ 𝑁̇𝐻2

∆𝑃 − 𝑁̇𝐻2𝑂
𝑒𝑜  (66) 

 Also, permeation of oxygen to the anode is similarly caused electro-osmosis drag 

effect, 𝑁̇𝑂2
𝑒𝑜,  and the concentration difference between the PEM electrodes, 𝑁̇𝑂2

𝑑𝑖𝑓𝑓
 :  

[24,71]: 

𝑁̇𝑂2
𝑚𝑒𝑚 = 𝑁̇𝑂2

𝑑𝑖𝑓𝑓
+ 𝑁̇𝑂2

𝑒𝑜 (67) 

The gas crossover phenomenon can lead to impurity issues and pose safety 

hazards, particularly in the production of low current density. To mitigate the 

risks, it is necessary to monitor and control the gas crossover in electrolysis unit 

design, operation, and control to produce a controlled gas purity [16]. However, 

this study is aimed at hydrogen production so that the gas crossover is excluded 

for simplifying the model; meanwhile, the impact of gas crossover on hydrogen 

production is accounted for via Faraday efficiency. 

6.2.9. Energy balance sub-model 

According to the assumption mentioned in section 6.2.5, all material streams 

leaving the cathode and anode sides are at the same operating temperature, 𝑇𝑜𝑝. 

The stack is assumed to operate adiabatically apart from a minor loss of heat due 

to free convection of ambient air. As the simulation is in a steady state and there 

is no cooler or heater in the electrolysis system, the energy balance on the stack 

includes the electrical power input 𝑊𝑠𝑡𝑎𝑐𝑘, inlet stream enthalpy, 𝑄𝑖𝑛,  outlet 

streams enthalpy, 𝑄𝑜𝑢𝑡, and heat loss to the environment , 𝑄𝑙𝑜𝑠𝑠, as below:  

𝑄𝑖𝑛 + 𝑊𝑠𝑡𝑎𝑐𝑘 = 𝑄𝑜𝑢𝑡 + 𝑄𝑙𝑜𝑠𝑠 (68) 

𝑄𝑖𝑛,𝑎 + 𝑄𝑖𝑛,𝑐 + 𝑊𝑠𝑡𝑎𝑐𝑘 = 𝑄𝑜𝑢𝑡,𝑎 + 𝑄𝑜𝑢𝑡,𝑐 + 𝑄𝑙𝑜𝑠𝑠 (69) 

where to the stack, 𝑄𝑖𝑛,𝑎 and 𝑄𝑖𝑛,𝑐 are the enthalpy of the streams entering the 

anode and cathode, respectively. Also, 𝑄𝑜𝑢𝑡,𝑎 and 𝑄𝑜𝑢𝑡,𝑐 are the enthalpy of the 

streams exiting the anode and cathode, respectively. 
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The assumed heat loss, 𝑄𝑙𝑜𝑠𝑠,  to the ambient air is calculated as below: 

𝑄𝑙𝑜𝑠𝑠 =  ℎ. 𝐴𝑒𝑥𝑡 (𝑇𝑠  −  𝑇𝑎𝑚𝑏) (70) 

To generalize the exterior area, 𝐴𝑒𝑥𝑡, it has been scaled to the cell area and number 

of cells using the following geometry: 

𝐴𝑒𝑥𝑡 =  0.22 . 𝐴𝑐𝑒𝑙𝑙. 𝑁𝑐𝑒𝑙𝑙𝑠 (71) 

and 𝑇𝑠 represents the exterior surface temp, assumed to be 10  ℃ below the 

operating temperature of the stack. 

𝑇𝑠 = 𝑇𝑜𝑝 −  10  (72) 

Also, the heat transfer coefficient, ℎ, is estimated with the following rule of thumb 

[80]: 

ℎ =  1.37  (
𝑇𝑠 −  𝑇𝑎𝑚𝑏

𝐿
)

1.4

 (73) 

where 𝐿 is the characteristic length of the stack determined as below [81]: 

 𝐿 = 𝐴𝑐𝑒𝑙𝑙 
1
2 

(74) 

It should be noted that in operations including voltages higher than thermoneutral 

temperature, there will be a heat generation causing increment of stack 

temperature: 

𝑄𝑔𝑒𝑛 = 𝐼𝑠𝑡𝑎𝑐𝑘 . (𝑉 − 𝑉𝑡𝑛) (75) 

Figure 6-10 shows a simplified diagram of the calculation process for the integrated 

subsystems of the electrolyzer. 

 
Figure 6-10. Integrated submodels applied for PEM electrolyzer modelling  
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6.2.10. Effects of operating condition 

Since the electrolyzer performance is fundamentally dependent on transport 

phenomena, operating conditions, including temperature and pressure, determine 

the process effectiveness [42,82]. Figure 6-11 shows the dependency of cell voltage 

(polarization curve) on operating pressure and temperature. According to this 

figure, in general, higher temperature results in low cell voltage, while higher 

pressure results in higher cell voltage. On the other hand, a higher operating 

pressure may cause excessive gas crossover, and high temperature is limited by 

membrane mechanical features and electrolyzer lifetime [83]. Hence, an optimized 

operation in terms of operating pressure and temperature is necessary to ensure 

an efficient operation. The details of both parameters are explained in the following 

subsections. 

 

Figure 6-11. Influence of temperature and pressure on the polarization curve of a PEM 

electrolyzer [84]. 

 

It should be noted that operating pressure is normally fixed for an electrolyzer, 

and changing it leads to complications in process, design, and stack durability, so 

that operating pressure is not a controlled parameter but a fixed design parameter. 

On the other hand, operating temperature is basically a dynamic parameter 

controlled by circulating water flow rate or, in smaller units, using an external 

heater/cooler. Accordingly, in an electrolysis operation under variable renewable 

energy (VRE) sources, it has to be controlled for operational stability and 

mechanical unit protection, especially the delicate parts such as membrane. 

Moreover, since operating temperature affects the unit performance, operating it 
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can be harnessed for a more flexible and efficient electrolysis unit and reduce the 

capital and operational expenditures.  

6.2.10.1. Effects of pressure 

In many PEM electrolyzers, the cathode pressure is intentionally maintained 

higher than the anode pressure. The main reasons are preventing oxygen crossover 

(safety), improving hydrogen purity, and reducing the hydrogen compression cost 

for storage, transport, or use. On the other hand, as shown in Figure 6-11, higher 

pressure results in lower voltage efficiency. Higher cathode pressure (differential 

pressure) affects the open circuit voltage and increases it according to the Nernst 

equation. Pressure can also affect the diffusion overpotential and decrease it 

slightly [85]. In addition, the hydrogen permeation through the membrane (from 

cathode to anode) increases linearly with pressure, and for operations at higher 

pressure, it should be maintained below the safety threshold, particularly in low 

current densities [86]. Higher hydrogen permeation is associated with lower 

Faraday efficiency. Hence, higher operating pressure results in a lower electrolyzer 

efficiency value. Accordingly, an elevated operating pressure shall be justified by 

compression cost, including the compression and drying energy cost (operating 

cost) [85]. The impact of pressure on faraday efficiency, voltage efficiency and 

electrolyzer efficiency is shown in Figure 6-12 

A 10% increment of operating pressure can cause about a 2% increment of the 

hydrogen-to-oxygen (HTO) factor, while its impact on cell voltage is negligible [87]. 

In another study it was found that increasing the hydrogen outlet pressure from 

30 to 200 bar at 60°C adds 55 mV to the cell voltage, mainly due to the Nernst 

voltage variation that is equivalent to a voltage efficiency decrement from 75% to 

61%. This pressure change led to decreasing the Faraday efficiency from 100% to 

90% and electrolyzer efficiency declining from 75% to 66% [85]. 



Saber Niazi 

 

192 

 

 

Figure 6-12. Effects of pressure on electrolyzer efficiency [28]. 

 

6.2.10.2. Effect of Temperature  

As mentioned, higher operating temperature results in a lower cell potential 

(polarization curve) due to the impacts of temperature on transport phenomena 

and conductivity of the electrolyzer components [88]. 

Higher temperature obviously affects the thermodynamic voltage (open circuit 

voltage and decrease according to the Nernst Equation [89]. Higher operating 

temperature results in a higher exchange current density and consequently a lower 

activation overpotential; meanwhile, it can also increase the Tafel slope and cause 

an increase in the activation overpotential so that there will be a different balance 

for each PEM electrolyzer depending on the temperature range and the reaction 

kinetics [90]. Also, higher temperature leads to a lower ohmic resistance due to 

improved membrane conductivity, which leads to a lower ohmic overpotential 

according to the Arrhenius equation [53]. Diffusion overpotential also decreases 

with temperature, according to Zhang et al. [56]. On the other hand, Faraday 

efficiency can also be affected by temperature [86] while it is reported to be very 

minor and negligible [24]. The impact of temperature on PEM electrolyzer 

efficiency is shown in Figure 6-13. As this figure shows, the electrolyzer efficiency 

increases with increasing the operating temperature. 
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Figure 6-13. Dependency of PEM electrolyzer efficiency on operating temperature for 

different membrane thicknesses [91]. 

6.2.11. PEMEL modelling in Aspen Plus 

As Aspen Plus lacks a built-in unit operation for modelling a PEMEL stack, a 

custom user-defined stack model is developed in Aspen Custom Modeler (ACM) 

and later integrated within the overall unit operation flowsheet in Aspen Plus for 

simulations at any specified condition or purpose [92]. 

Figure 6-14 shows the ACM software, and the icon designed for the PEM 

electrolyzer stack, including the power port and stream as well as material ports 

and streams for water, oxygen, and hydrogen. This model is developed based on 

the preceding subsections and incorporates the governing correlations of the PEM 

electrolyzer to describe various phenomena, including energy and mass balances 

and electrochemical behaviour within the electrolyzer stack. This model can be 

applied in various simulation scenarios, either coupled with other units or as an 

independent unit, for detailed studies on electrolysis unit design and operation. 
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Figure 6-14. PEM electrolyzer model prepared in Aspen Custom Modeler (ACM), 

including the PEM electrolyzer block, power stream and material streams. 

 

After transferring the electrolyzer block to the Aspen Plus environment, the 

electrolyzer unit is completed as shown in Figure 6-15. The unit is comprised of 

separate circuits for the anode and cathode sides. Water is fed into both sides, 

where it is cooled and directed into the electrolyzer stack (the cathode water loop 

can be eliminated in a real case in case of applying strategies to hydrate the 

cathode and membrane at low current levels). The resulting gas-liquid mixtures 

are sent to separators to extract O₂ and H₂ gases from the two-phase product, 

which are exiting the unit afterwards. To maintain system stability, make-up 

water is adjusted by calculator blocks and added through makeup streams. The 

heat losses are accounted for via an energy stream connected to the electrolyzer 

block.  
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Figure 6-15. PEM electrolyzer flowsheet developed din Aspen Plus. 

 

Water circulation predominantly occurs on the anode side, while a limited cathode-

side flow helps maintain membrane hydration, especially at low current densities 

(low power input), at which water crossover in the membrane can occur in reverse 

direction from cathode to anode due to dominance of cathode-anode pressure 

difference and insufficient electro-osmotic water drag from anode to cathode. 

Hence, water is circulated on both sides of the electrolyzer for the simulation 

purpose and covering the full operational range with no limit. Also, the calculator 

blocks are applied to manage the water imbalances and maintain the input water 

flow rates to the stack via setting the make-up water for each steady-state 

simulation case. This approach may not represent realistic transient effects or 

pressure-driven asymmetries, but it is acceptable for simulation purposes. On the 

other hand, the circulating water flow rate should be adjusted to keep the 

temperature in a particular allowable range.  

Given that each quantity of power input generates a specific quantity of heat, 

which affects the operating temperature, to keep the electrolyzer temperature 

fixed, a variable input water flow rate is required; otherwise, the temperature 

would vary with input power variation. On the other hand, controlling an 

electrolyzer unit working with variable input power is a complicated task, and it 

may lead to instability and failure of the unit operation. This is one reason to avoid 

a dynamic model in Aspen Plus, and instead a steady-state model is developed 

(other reasons are explained in section 6.2.4). Nevertheless, by applying a steady-

state modelling strategy with water circulation loops adjusted by controller blocks, 
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Aspen Plus offers limited tools, which only allow a fixed water circulation flow rate 

rather than enabling a variable water flow rate adjustment. 

Accordingly, in order to adjust the water flow rate required for each power level, 

the water loops are broken, and the makeup blocks are removed. This new 

configuration enabled us to set the stack inlet water flow rate to the operating 

temperature. Accordingly, the water flow rate would be set according to the 

required operating temperature. It should be noted that the fixed water flow rate 

can also be applied to monitor the variation of operating temperature with 

variation of input power. This approach is a simplified semi-dynamic simulation, 

enabling the Aspen model for variable input power profile. Figure 6-16 shows the 

final electrolysis unit modelled in Aspen Plus. The model is validated with the 

experimental data, and a parametric study is done to assess the impact of pressure 

and temperature on the electrolyzer performance. 

 
Figure 6-16. Water electrolysis unit with flexible water inlet flow rate adaptable variable 

input power in semi-dynamic mode. 
 

6.3. Results and discussion 

6.3.1. Model Validation 

An electrolyzer consisting of a standard industrial-type membrane-electrode 

assembly (MEA) is used as a benchmark for validation and specifying the charge 

transfer coefficients [93]. The experimental reference case is a single-cell PEMEL 

composed of a Nafion 177 membrane, PtIr cathodes, and the MEA sandwiched 
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between standard GDLs compatible with H₂/O₂ operation. The test is conducted at 

80 °C and an operating pressure of 𝑃𝑐𝑎𝑡 = 13.6 𝑎𝑡𝑚. and 𝑃𝑎𝑛 = 1 𝑎𝑡𝑚. The values of 

reference exchange current densities  

(𝑖0,𝑐𝑎𝑡 =  0.1 𝐴/𝑐𝑚 2  , 𝑖0,𝑎𝑛 =  2 × 10−6 𝐴/𝑐𝑚 2) are specified based on the study of 

Tijani et al. [46] and the values of charge transfer coefficients are specified by 

fitting the polarization curve with the available experimental results, as explained 

in section 6.2.6.4. Accordingly, the values of 𝛼𝑎𝑛 ≈ 0.3250 and 𝛼𝑐𝑎𝑡 ≈ 0.3187 are 

obtained, resulting in the minimum squared error between the experimental curve 

and the model. Figure 6-17a shows the experimental results and modelling 

prediction employing these values for charge transfer coefficients. According to this 

figure, the model matches the experimental data perfectly at the same operating 

condition as the experimental study, ensuring the high accuracy of the developed 

model. Figure 6-17b also shows the polarization curve breakdown into its 

constituent overpotentials and the open-circuit voltage. 

a 

 

b 

 
Figure 6-17. (a) Polarization curve obtained from modelling compared to the 

experimental results and (b) Polarization curve overpotential breakdown. 
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The model developed in this study is intended for simulating an industrial scale 

electrolyzer under various operating conditions, including 𝑃𝑐𝑎𝑡 = 2.5 𝑏𝑎𝑟 𝑎𝑛𝑑  𝑃𝑎𝑛 =

 30 𝑏𝑎𝑟 which is a common operating condition for electrolyzers available in the 

market. Accordingly, the simulation is repeated with different operating 

conditions. Figure 6-18 shows the polarization curve for both operating pressures. 

Conforming to the theoretical discussion in section 6.2.10.1, increasing the 

pressure increases the cell voltage slightly. This graph shows that the prepared 

model enables the operator to capture the impacts of pressure variation, and it can 

be used for any specific operating pressure and easily calibrated to match a 

particular PEM electrolyzer fabricated by any manufacturer. 

 

Figure 6-18. Effect of operating pressure on PEM electrolyzer polarization curve 

6.3.2. Effects of temperature on the PEMEL cell voltage 

As discussed in section 6.2.10.2, temperature is an important factor in PEM 

electrolyzer operation. Different overpotentials, open circuit voltage, and cell 

voltage are separately calculated and plotted against current density in Figure 6-

19 in the range of 30 to 90°C. According to these graphs, increasing the operating 

temperature decreases open circuit voltage and all overpotentials, leading to lower 

cell voltage. In general, the impact of temperature on the high current density zone 

is more prominent, implying that a high-temperature condition can be a more 

efficient strategy for a high-power input condition. 
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a b 

  
c d 

  
e f 

  
Figure 6-19. Variation of (a) open circuit potential, (b) ohmic overpotential, (c) cathode 

activation overpotential, (d) anode activation overpotential, (e) diffusion overpotential 

and (f) cell voltage of the simulated PEM electrolyzer cell with temperature  

6.3.3. Effects of temperature on the partial contributions of 

overpotentials 

Figure 6-20 shows the overpotential breakdown in the polarization curve of the 

PEM electrolyzer at different temperatures from 30 to 90 °C. According to these 

figures, the major difference among polarization curves of different operating 
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temperatures is due to the variation of ohmic overpotential. As these figures show, 

the contribution of ohmic overpotential decreases with temperature, which shows 

the strong dependency of ohmic overpotential on operating temperature compared 

to other overpotentials. 

a 

 

b 

 

 

c 
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Figure 6-20. Overpotential breakdown of the PEM electrolyzer at different operating 

temperatures in range 30-90 °C and fixed pressure 𝑃𝑐𝑎𝑡 = 2.5 𝑏𝑎𝑟 & 𝑃𝑎𝑛 =  30 𝑏𝑎𝑟. 

6.4. Conclusions 

In this study an Aspen Plus model of a PEM electrolysis plant is proposed, aiming 

at evaluating the performance of a complete system, including the electrolyzer 

stack and auxiliary parts. The model is adjusted to be adaptable to variable power 

input profiles and different operating conditions.  

To this end, a custom model of the PEM electrolysis stack is developed as a 

subroutine using Aspen Custom Modeler. The empirical and semi-empirical 

correlations accounting for the variation of operating conditions are selected to 

make the model versatile to adapt to varying conditions with minimum operator 

interference and avoid excess adjustments. The model is then integrated into the 

Aspen Plus model.  

To ensure the accuracy and validity of the model, the unknown coefficients, 

including the charge transfer coefficient and exchange current density, are 

specified through optimization, matching the model polarization curve to the 

experimental one with minimum RMS value. So, the PEM electrolysis model aligns 

with industrial units, replicating electrochemical and transport phenomena with 

reasonable accuracy. 

Applying different operating pressures shows that the model predicts the 

dependency of polarization behavior on operating pressure correctly and 

increasing the pressure as an input in the model results in a higher cell voltage. 

Also, the model shows that the increment of operating temperature can improve 

the stack performance by reducing the cell voltage, increasing the operating 
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temperature from 40 to 80 °C results in about 13.7% lower cell voltage at a current 

density of 2 A/cm² (from 2.24 to 1.93). In general, the impact of temperature on the 

high current density zone is more prominent, implying that a high-temperature 

condition can be a more efficient strategy for high-power input conditions. On the 

other hand, since the water circulation is the main tool for temperature control of 

the electrolyzer (in addition to sustaining the electrochemical reactions), two 

different operation scenarios are proposed for running a PEMEL unit: (1) fixed 

circulating water flow rate and (2) fixed operating temperature are proposed for 

operation of a PEMEL unit, and the model is adapted to enable both options in 

simulation, aiming at a comparative study. Theoretically, while the fixed 

temperature operation scenario is the commonly practiced control approach, the 

fixed water flow rate scenario, capable of sustaining the temperature in the 

allowed range, offers various benefits such as simpler control system 

requirements, smaller heat exchanger size, higher voltage efficiency, and voiding 

any excess stress by variation of water flow rate in the electrolyzer cells. The 

provided PEMEL model and the proposed scenario are potentially adaptable to 

variable input power profiles, and they can be employed to carry out techno-

economic evaluation of a hydrogen production unit coupled with renewable energy 

sources or to be integrated with downstream unit operations such as green 

ammonia or green methanol plants. 
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7.1. Heteroazeotropic batch distillation for MIBK-water 

separation 

This comprehensive investigation on heteroazeotropic batch distillation for MIBK-

water separation has demonstrated significant potential for process intensification 

through strategic modification of the unit configuration and optimization of 

operation.  

The first part of this study, focused on evaluating three batch distillation 

configurations for MIBK-water heteroazeotropic separation demonstrates that 

strategic process modifications can significantly enhance separation performance. 

The key Findings from three studies BDU configurations, taking Mode I as the 

benchmark for design enhancement, are as below: 

Mode II (Batch Distillation with Decanter): 

• Most effective configuration achieving near-complete recovery (𝜂 ≈ 0.995) 

with perfect decanter. 

• Provides 5-9% recovery improvement and 8-11% better energy/production 

rate vs. conventional operation. 

• Critical design parameters: RF₁≥0.75 and RF₂≤0.4 (recovery focus) or 

RF₁≥0.5 and RF₂≤0.55 (production focus). 

• Decanter design must prioritize MIBK-rich phase retention over aqueous 

phase control. 

• Any organic phase loss linearly impacts all performance metrics. 

• Aqueous phase reflux below 40% has minimal adverse effects. 

Mode III (Refluxless Operation): 

• Fastest operation with 6-10% time reduction compared to other modes. 

• About 16-25% lower recovery compared to Mode I and Mode II. 

• Only justified when processing speed is prioritized over product recovery. 

Design Considerations: 

• Two theoretical stages provide optimal column efficiency with diminishing 

returns beyond this point. 

• Condenser temperature effects are configuration-dependent: adverse for 

Mode I, beneficial for Mode II. 
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• Without equilibrium stages, desired purification requires either lower 

condenser temperature or refluxless operation. 

Industrial Implementation Recommendation: 

• Decanter integration (Mode II) with optimized return fractions provides the 

most balanced approach for achieving high recovery, production rate, and 

energy efficiency in heteroazeotropic batch distillation operations. 

 

The second part of this study, focused on evaluating three batch distillation 

configurations for MIBK-water heteroazeotropic separation demonstrates that the 

proposed feeding strategies and decanter optimization can achieve substantial 

performance improvements over conventional operations. The key findings from 

the three configuration studies are as below: 

Mode I (Conventional Unit): 

• Total reflux startup step is unnecessary and can be eliminated for better 

performance. 

• Optimal reflux ratio RR=1 (RF=0.5) provides maximum SPF and SEC from 

sequential batches perspective. 

• Larger feed quantities result in lower SEC and higher SPF due to reduced 

holdup-to-feed ratio. 

• Feed quantity emerges as a critical performance factor. 

Mode II (Unit with Decanter): 

• Superior performance across entire operational range compared to Mode I. 

• Optimal decanter efficiency at RF₁=0.875 and RF₂=0.125 rather than 

perfect separation. 

• Perfect decanter (RF₁=1, RF₂=0) causes lower production rate and higher 

energy cost due to holdup losses. 

• Provides up to 6% improvement in fractional recovery and 7% improvement 

in SEC and SPF vs. Mode I. 

• Smaller organic phase holdup combined with larger aqueous phase holdup 

optimizes process performance. 

• Decanter optimization requires balancing operational losses with holdup 

losses. 

Mode III (Inverted Batch Distillation with Decanter): 



Saber Niazi 

 

216 

 

• High feeding rates show no significant advantage over Mode II 

• Optimal feeding time identified as 54 minutes for 15 kg MIBK-water 

mixture. 

• Total operation time of only 57 minutes approximates continuous 

distillation performance. 

• Demonstrates 7% improvement in fractional recovery, 9% reduction in 

process time, and 17% enhancement in SPF and SEC vs. Mode I. 

• Performance improvement attributed to: (1) gradual feeding enabling 

earlier boiling and shorter heat-up, and (2) top feeding providing immediate 

vapor-liquid contact and stripping. 

Process Enhancement Mechanisms: 

• Gradual feeding approach enables practical upgrading of existing batch 

distillation units. 

• Feeding time optimization is critical and extending it beyond optimal point 

adversely affects performance. 

• Inverted batch distillation approximates continuous operation when feeding 

and separation end simultaneously. 
 

The third part of this study, focused on evaluating three batch distillation 

configurations for MIBK-water heteroazeotropic separation demonstrates that 

gradual feeding strategies combined with heat recovery can achieve 

transformational improvements in energy efficiency and production rate.  The key 

findings from the three configuration studies are as below: 

Mode I (Conventional Unit with Decanter): 

• Feed quantity optimization shows 4% better production rate and energy cost 

for 80 kg vs. 20 kg feed. 

• Performance improvement is attributed to constant holdup loss resulting in 

lower loss-to-feed fraction for larger quantities. 

• Establishes baseline for comparing gradual feeding strategies. 

Mode II (Top Feeding/Gradual Feeding): 

• Consistently more efficient than bottom feeding (Mode III) across almost all 

studied cases. 

• Decreasing feed rate profile provides up to 10% enhancement in 

performance index. 
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• Fixed feed rate achieves up to 7% improvement in performance index. 

• Superior performance maintained across different feeding durations and 

rate profiles. 

Mode III (Bottom Feeding/Gradual Feeding): 

• Less effective than top feeding approach for MIBK-water separation. 

• Decreasing feed rate profile results in only slight performance changes. 

• Fixed feed rate causes adverse performance changes. 

• Generally less efficient than Mode II configuration. 

Feed Rate Profile Analysis: 

• High feeding rates (feeding time <120 minutes) show minimal differences 

from conventional operation. 

• Performance differences become significant with longer feeding times. 

• Increasing feed rate profiles result in equal or lower performance than Mode 

I in both feeding modes. 

• Performance deterioration worsens with extended feeding times for 

increasing rate profiles. 

Success Factors for Gradual Feeding: 

• Three main contributing factors identified: (1) boiling start time, (2) feeding 

location, and (3) vapor-liquid contact quality and quantity 

• Feed flow rate and profile determine these factors under constant reboiler 

duty conditions 

• Proper feeding schedule (time and rate profile) and location critical for 

optimization 

Heat Recovery and Process Intensification: 

• Gradual feeding policy transforms the technical and economic framework of 

batch distillation 

 

• Temperature difference between feed stream and top vapor creates 

significant heat recovery opportunity and strategic feeding approaches 

unlock the heat recovery viability in batch distillation unit. 

• Heat recovery implementation transfers condenser outlet energy to heat 

feed stream to 85°C. 
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• Fixed feed flow rate superior to decreasing feed rate for heat recovery 

applications. 

• Mode II with fixed feed rate and heat recovery achieves up to 47% 

improvement in energy efficiency and production rate vs. Mode I. 

• Maximum improvement with decreasing feed rate profile limited to 22%. 

 

7.1.1. Outlook on the future 

The investigation has proved a well-designed decanter and gradual feeding as 

transformative approaches for batch distillation energy efficiency improvement, 

opening multiple pathways for advanced heat recovery and process intensification. 

Future research should focus on several key areas to fully realize this potential. 

Other heat recovery configurations can be assessed, including embedded coil 

systems where top vapor passes through coils within the feed tank, multi-stream 

heat exchangers replacing dual condenser systems, and heat pump integration for 

maximum energy utilization. The development of hybrid feeding strategies 

combining ramping-up flow rates for early boiling initiation with fixed rates for 

superior overall heat recovery represents an ideal approach that leverages 

complementary advantages while facilitating operation control. 

The demonstrated similarities between inverted batch distillation and continuous 

processes create opportunities for applying established continuous distillation 

enhancement techniques to batch operations. Empirical modelling development for 

phase separation prediction will improve simulation accuracy and enable optimal 

decanter design under varying conditions. The ability to transform existing units 

into semi-batch operations with minor modifications presents significant 

industrial implementation opportunities, requiring standardized retrofitting 

procedures and control strategies. 

Future studies should extend these methodologies to other heteroazeotropic 

systems, conduct pilot-scale demonstrations, and perform comprehensive techno-

economic evaluations including capital costs, operating savings, and 

environmental impact assessments. The convergence of these research directions 

positions batch distillation technology for significant transformation, achieving 

continuous process-level efficiency while maintaining operational flexibility 

essential for specialty chemical production. 
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7.2. Aspen Plus model for PEM electrolyzer 

A semi-dynamic PEMEL model has been successfully developed and integrated 

into the Aspen Plus environment using Aspen Custom Modeler, enabling accurate 

simulation of complete electrolysis systems adaptable to variable renewable power 

profiles. The model incorporates empirical and semi-empirical correlations for 

thermodynamic and electrochemical modelling, achieving close agreement with 

experimental literature data through optimized charge transfer coefficients and 

exchange current densities. Key performance findings demonstrate that lower 

operating pressures improve system performance, while temperature increases 

from 40 to 80°C reduce cell voltage by 13.7% at 2 A/cm² current density, with high-

temperature operation proving particularly efficient for high-power input 

conditions. 

Two operational scenarios were developed and compared: fixed circulating water 

flow rate versus fixed operating temperature. While fixed temperature represents 

the commonly practiced approach, the fixed water flow rate scenario offers 

significant advantages including simpler control requirements, smaller heat 

exchanger sizing, higher voltage efficiency, and reduced mechanical stress from 

flow rate variations. The validated model framework enables techno-economic 

evaluation of hydrogen production units coupled with renewable energy sources 

and facilitates integration with downstream processes such as green ammonia and 

green methanol production. 

7.2.1. Outlook on the future 

Future research directions will be focused on integrating the model with dynamic 

renewable energy profiles and finding the optimal operation control strategy under 

fluctuating power conditions and conducting comprehensive techno-economic 

analyses for various industrial applications. The model's adaptability to variable 

input power profiles positions it as a foundation for investigating hybrid renewable 

energy systems, energy storage integration, and process optimization for large-

scale hydrogen production facilities. Further development should include 

validation through pilot-scale demonstrations and coupling the model with other 

processes such as green ammonia or green methanol plants.   
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