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𝑒 𝑐ℎ: Specific chemical exergy 

𝐸: Exergy vector 

𝐸∗: Exergy cost vector 

𝑘𝑖
∗: Unit exergy cost 

Ф𝑖: Heat transfer rate 

𝛩: Carnot’s Factor 

∆𝐺0: Gibbs function 

𝜇0: Chemical potential 

𝐴: Incidence matrix 

𝐴𝑐: Cost matrix 

𝑌𝑒: External assessment vector 

𝑃: Products 

𝐹: Fuels 

𝐿: Losses 

𝐷: Discharges 

𝑐: Unit cost 

𝑍: Cost rate of the system 

𝑟𝑖: Relative cost difference 

𝑓𝑖: Exergo-economic factor 

𝐹𝑀: Material factor 

𝐹𝑃: Pressure factor 

𝑊𝐴𝐶𝐶: Weighted Average Cost of Capital 
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𝑘𝑒: Cost of equity 

𝑘𝑑: Cost of debt 

𝑁𝑃𝑉: Net Present Value 

𝐵𝐶𝑅: Benefit-cost ratio 

𝑃𝐵𝑇: Payback Time 

𝐼𝑅𝑅: Internal Rate of Return 

𝐵𝐸𝐶: Bare Erected Cost 

𝐸𝑃𝐶𝐶: Engineering, Procurement and Construction Cost 

𝑇𝑃𝐶: Total Plant Cost 

𝑇𝑂𝐶: Total Overnight Capital 

𝑇𝐴𝑆𝐶: Total As-Spent Capital 

𝑊𝐵𝑆: Work Breakdown Structure 

𝑀𝐸𝐴: Monoethanolamine 

𝐶𝐹: Capacity Factor 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



xiv 
 

Abstract 
Biogas upgrading for removing CO₂ and other trace components from the raw biogas is 

a necessary step to obtain biomethane. Because of the fact that the biogas is obtained 

from the biomass, the finally use of the biomethane implies a good environmental impact. 

This fuel could be used in many energetic applications as vehicle fuel or be supplied to 

the natural gas grid.  

Several techniques have ben developed to achieve this objective, in this thesis a 

chemical absorption method will be studied. The chemical absorption process in biogas 

upgrading exploit the reversible nature of the chemical reaction of an aqueous alkaline 

solvent, usually an amine, specifically the monoethanolamine (MEA).  

The main goal of this thesis is to carry out the exergo-economic analysis and optimization 

of a biogas upgrading plant. In order to do it, the software Aspen Plus 8.8 version is used. 

Firstly, the methodology needed to develop the analysis is explained, basically, an 

exergy study is done in order to know where the exergy destruction is more considerable 

and the final value achieves in the biogas upgrading process. After that, the exergo-

economic analysis computes the unitary cost of the different streams and the cost of the 

components from the plant in order to characterize the cost-rate of the different streams 

of the process. Finally, an optimization methodology is explained and apply into the 

process in order to know in which components the optimization is more necessary and 

also, to understand the nature of the optimization itself that is to say if the optimization is 

need to be done regarding the efficiency or the cost of the component. 

Furthermore, the biogas upgrading plant is study in order to calculate the efficiency of 

the whole process taking into account the energy generated and the energy 

consumption. The energy consumption is obtained and compared with the bibliography 

values collected in order to verify the value. However, the thermodynamic part is not only 

studied, also an economic study is carried out to the biogas upgrading plant. 

The economic study is done in order to guarantee that the biogas upgrading plant is a 

feasible project. Because of that, the Net Present Value (NPV), the Benefic-cost ratio 

(BCR), the Internal Rate of Return (IRR) and the Payback Time (PBT) have been 

calculated. Moreover, a sensitivity analysis has been done varying different parameters 

of the plant. It is important to comment that the monetary benefits are given due to the 

sale of the biomethane. Because of that, the incentives given by the government are a 

significant parameter that needs to be defined. 
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 Not only a base case has been studied, different cases have been also defined in order 

to understand in a more complete way the biogas upgrading process through a chemical 

absorption. These case are: the variation of the final purity of the biomethane, the 

variation of the capacity of the plant varying the volume flow of biogas and the variation 

of the operational parameters of the absorber. 

After the final discussion of the obtained results, the future lines of research have been 

defined at the end of the project in order to identify the following steps that can be done 

to continue the development of the biogas upgrading process. 

 

 

 

Keywords: upgrading, biogas, biomethane, exergo-economic analysis, chemical 

absorption, MEA. 
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1 Regulatory framework  
1.1 Biomethane definition and normative requirements 
Nowadays, Spain has no biogas upgrading plants and there is no also an extended 

normative, because of that and due to the fact that this project has been carried out in 

the Politecnico di Torino, the normative studied in this point is referred to Italy. 

The biomethane definition is included on the Italian legislative decree, exactly, the article 

2, column 1, letter o of the Italian legislative decree number 28 with date 3 March 2011. 

The definition says “the gas obtained from removable sources having features and 

conditions of use  equal to that the methane gas have and it is suitable to the emission 

on the natural gas grid”. 

At it is said on the decree, only it is admitted the emission on the natural gas grid the 

biomethane obtained from the biogas derived from the anaerobic digestion of biologic 

products, sub products (this sub products are organic matrix that come from, principally, 

industrial process of primary products) and from the organic fraction of the waste 

recycling (FORSU). 

On the other hand, the biomethane obtained from a biogas produced in thermochemistry 

way (syngas from a pyro-gasification process), from a dump gas or from a gas obtained 

from the depuration and fermentation of different wastes (FORSU) are excluded their 

use in the emission on the natural gas grid and the use on vehicles as a fuel. 

The decree also provides actions in the regulatory and administrative fields depending 

of the AEEGSI (Authority for the electric energy, the gas and hydric system), of the GSE 

(Manager of the energetic services) and the CTI (Italian Committee Thermo-technical). 

Nowadays, only a part of the regulation has been published. 

The functions of this associations are separated: the AEEGESI must to define the criteria 

related the emissions of the biomethane in the natural gas grid and GSE has to define 

the incentive questions. 

 

1.2 Biomethane physical and chemical specifications for 

the grid emission 
 

In Italy, the European regulations and normative are entering into force. The European 

commission has sent the M/475 EN to the Committee for Standardization (CEN) 

meanwhile the grid managers must follow the ministerial decree of the February 19th of 

200w. The identified conditions of the decree of the December 5th of 2013 are: 

 Pressure = 101,325 kPa (= 1 atm) 

 Temperature = 288,15 K (= 15°C) 
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In the document several tables collect the physical and chemical properties of the gas: 

 Natural gas components to determinate the Heating Value. 

Component Accepted value  Units  

Methane (*)  

Ethane (*)  

Propane (*)  

Iso-butane (*)  

n-Butane (*)  

n-Pentane (*)  

Nitrogen (*)  

Oxygen <0.6 % mol  

Carbon dioxide <3 % mol 

The accepted values of the component is defined by the value of the Wobbe’s 
Index 

Table 1 Components of the natural gas 

Wobbe’s Index (WI) is the main indicator of the interchangeability of fuel gases 

and it is defined as the Higher Heating Value of the gas per unit of volume divided 

by the square root of the density.  

𝐼𝑊 =
𝐻𝑠

√𝜌
 

 Trace components admitted: 

Component Accepted values Units 

H ydrogen sulfide <6.6 mg/ Sm3 

Total sulfure <150 mg/ Sm3 
Table 2 Trace components admitted 

 Physical properties 

Property Accepted values Units 

Higher Heating Value 34,95 – 45,28 MJ/Sm3 

Wobbe’s Index 47,31 – 52,33 MJ/Sm3 

Relative density 0,5548 – 0,8  
Table 3 Physical properties admitted 

Futhermore, the next componets are also forbidden in the composition: 

 Water and hydrocarbons in a liquid form. 

 Solid particulates. 

 Other gases that can provoke safety problems in the transport system. 
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1.3 Incentives guidelines of the biomethane 
The incentives that concerns the biomethane production are defined in the ministerial 

decree of the December 5th of 2013. 

The decree defines the incentive mechanism for the biomethane introduced in the natural 

gas grid as well as the economical values and the duration of the benefit. There are 

several kind of types of incentives according the following cases: 

a) Biomethane introduced in the distribution and transport grid of the natural gas. 

b) Biomethane used in the transport previous introduction in the natural gas grid. 

c) Biomethane used in high efficiency cogeneration plants. 

The decree is applied to: 

 New plants implemented in the national territory after the 18th December of 2013 

and no later than 5 years from the data of the entry into force of the ministerial 

decree. 

 The existent plants of biogas production that have become in upgrading plants to 

produce biomethane within 5 years from the entry into force of the ministerial 

decree. 

It is not allowed to those biomethane plant producers that are receiving other kind of 

public incentives to enjoy of this incentive. Only in the case of the agricultural companies 

are allowed to obtain different incentives. 

To obtain the incentives, the plant must send a request for the qualification to the GSE 

through the GSE official webpage  

The next data is required in the webpage: 

 Personal data (administrative headquarters, technical contact information, etc.). 

 Plant location (region, city, address, latitude, longitude). 

 Intervention category (New plant or reconversion). 

 Plant status (working or not working). 

 Incentive typology: 

- Biomethane introduced in the distribution and transport grid of the natural 

gas. 

- Biomethane used in the transport previous introduction in the natural gas 

grid. 

- Biomethane used in high efficiency cogeneration plants. 

 Upgrading technology used. 

 Productive capacity [Sm3/h]; 

 Expected producibility [Sm3/anno]; 

 Oher incentives benefited by the producer. 

For the plants become to biomethane producers, more information is required: 

 Reconversion typology (partial or total). 

 Eventual increase in the capacity. 

 Date of the reconversion. 

 Other incentives benefited by the plant because of the fact is producing 

renewable energy 
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With the information given, it is time to understand what kind of incentive ca be obtained. 

In the case studied in this project the biomethane is produced and then introduced in the 

natural gas grid, because of that fact only the situation one is studied. 

 The incentive is calculated in base the amount of biomethane introduced in the grid, the 

energy consumption in the process and the compression needed to introduce it in the 

grid. 

If the producer sells the gas directly in the market, the benefit (€/MWh) is recognized by 

a 20 years period from the entry into service of the plant and is equal to the difference 

between the double of the average annual prize of the natural gas, give it by the GSE, 

and the monthly prize of the natural gas in the same market [1]. All the data is collected 

in GSE webpage. 

Depending of the plan capacity the incentive is modulated: 

- The incentive is increased 10% if the capacity is equal or minus to 500 Sm3/h. 

- There is no variation if the capacity is between 501 and 1000 Sm3/h. 

- The incentive is reduced 10% if the capacity is higher than 1000 Sm3/h. 

Furthermore if the biomethane is produced from the products defined in the table A of 

the 6th July of 2012, the incentive is increased a 50%. The products defined in the table 

are: products from animal origin that are not destiny to human consumption, products 

from agricultural activities, products from the industrial activity (wood processing for the 

furniture production), etc. 
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2 State of art  
Biogas as a clean and CO2-nutral energy carrier can make an important contribution to 

increase renewable energy’s share in energy supply. One key driving force for biogas 

production is the reduction of greenhouse gas emissions by the substitution of fossil 

fuels. Biogas is commonly produced from anaerobic digestion of various digestible 

organic substrates and wastes or from landfills. For the anaerobic digestion systems, the 

biogas production and gas composition highly depend on the feedstock (digestible 

substrates) and the operation conditions. Four main stages are normally involved in the 

process including hydrolysis, fermentation, anaerobic oxidation and methanogenesis [2]. 

Biogas is produced during anaerobic digestion of organic substrates, such as manure, 

sewage sludge, the organic fractions of household and industry waste, and energy crops. 

It is produced in large scale digesters found preliminary in industrial countries, as well as 

in small scale digesters found worldwide. Biogas is also produced during anaerobic 

degradation in landfills and is then referred to as landfill gas. The worldwide biogas 

production is unknown, but the production of biogas in the European Union was 

estimated to be around 69 TWh in 2007. The biogas production in the European Union 

has steadily increased over the last years. 

 

Figure 1 Biogas upgrading plants 

 

Biogas consists mainly of methane and carbon dioxide and it can be utilized as a 

renewable energy source in combined heat and power plants, as a vehicle fuel, or as a 

substitute for natural gas. The methane in the biogas can also be utilized in industrial 

processes and as a raw material in the industry. 

Production and utilization of biogas has several environmental advantages such as [3]: 

 It is a renewable energy source. 

 It reduces the release of methane to the atmosphere compared to e.g. traditional 

manure management or landfills. 
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 It can be used as a substitute for fossil fuels. 

 A high quality digestate that can be used as a fertilizer is produced 

simultaneously with biogas. 

 

2.1 Biogas cleaning 
The biogas is a product that can be obtained through an anaerobic digestion from several 

sources as it is said before. The biogas is normally composed by two principal 

components: methane (CH₄) and carbon dioxide (CO₂). Other minority components are 

also include on the biogas: water (H₂O), hydrogen sulphide (H₂S), siloxanes, volatile 

organic compounds (VOC), oxygen, carbon monoxide (CO) and nitrogen. 

The different percentages of the elements that are presented on the biogas, change due 

to the fact that the biogas can provide from different sources. Because of that, the 

percentage of methane can vary between 40-75% and the percentage of the carbon 

dioxide can vary between 25 and 60%. 

The others minority components can produce several problems, this problems can affect 

the quality of the biogas or can affect the performance of the Upgrade plant. On the next 

table, the different effects that this compounds can provoke are defined [1]: 

Compounds Possible Impact 

H₂O 

Corrosion on the compressor, gas 
storage tanks and engines due to the  

possible acids formed reacting with CO₂, 
H₂S and NH₃ 

Dust 
Blocks on the compressor and the gas 

storage tanks 

H₂S 

Corrosion on the compressor, gas 
storage tanks and engines. 

Toxic concentration if it is bigger than 5 
cm³/m³ 

Danger of SO₂ and SO₃ formation 

CO₂ Low heating value 

Siloxane 
SiO₂ and microcristalyzed quartz 
formation due to the combustion. 

Risk of abrasion on several components 

Air (O₂ and N₂) 
Explosive mix if the oxygen 

concentration is too high in the biogas 

Table 4 Impacts of the biogas compounds 

 

As it is said before, the different compounds exposed on the table before are potentially 

dangerous in several aspects, because of that, along the years have been developed 

techniques to remove this compounds from the biogas [3]. 
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 Removal of water 

 

When leaving the digester, biogas is saturated with steam, and this water may 

condensate in gas pipelines and cause corrosion. There are two ways to carry out this 

task: physical separation of the condensate water or chemical drying up. 

The first technique consists on cool the water to condensate the water. Several device 

are used on this process. 

- Defrosters where the liquid drops are separated with sieves. 

- Cyclonic separation, in which the water drops are separated due to the centrifugal 

force. 

- Humidity binder, the condensation is caused by the expansion of the fluid, this cause 

a decrease on the temperature. 

 The chemical drying up technique normally uses higher pressures than the physical 

separation. The most used technique is the adsorption with aluminium sieves: the high 

pressure gas is put in a column filled with aluminium sieves, at the end of the process 

the quantity of water on the gas flow will be reduced. This process reminds the pressure 

swing adsorption technique that will be explained after. 

Another techniques to carry out the water absorption consist on using components with 

a strong chemical affinity, for example, the triethylene glycol. The main problem of this 

kind of process is the necessity of regenerate the glycol in each cycle. 

 Removal of Hydrogen sulphide (H₂S)  

Hydrogen sulphide is formed during microbiological reduction of sulphur containing 

compounds (sulphates, peptides, amino acids). The concentrations of hydrogen sulphide 

in the biogas can be decreased either by precipitation in the digester liquid or by treating 

the gas either in a stand-alone vessel or while removing carbon dioxide. 

This compound is probably the most contaminant due to the fact all the problems that it 

can provoke as it was explained on the Table 4 Impacts of the biogas compounds. Along 

the years it has been developed several techniques to remove this component, there are 

two big categories taking into account if the removal takes place before or after the 

anaerobic digestion. 

The techniques of the first category are the next ones [1]: 

- Add oxygen to the system 

This method is based on the bacterial aerobic oxidation that transform the H₂S on simple 

sulphur thanks to the use of microorganism (Thiobacillus ferrooxidans). This bacteria use 

the CO₂ presented on the biogas to satisfy their own necessity of carbon. The reaction 

that happens on this process is the next one: 

 𝐻2S +  𝑂2

 
→ 2𝑆 + 𝐻₂𝑂 

The reaction happens due to the addition of external oxygen. With this technique is 

possible to obtain a removal efficiency within 80 and 99%. 

- Add Iron chloride in the digestor 

The FeCl₃ reacts with the H₂S present in the biogas forming FeS particles: 

2𝐹𝑒3+ + 3𝑆2−

 
→ 2𝐹𝑒𝑆 + 𝑆 



8 
 

𝐹𝑒2+ + 𝑆2−

 
→ 𝐹𝑒𝑆 

A FeS precipitate that avoids the presence of H₂S in the biogas. This method is highly 

efficient regarding the reduction efficiency, particularly when the H₂S content is quite 

elevated in the biogas (e.g. higher than 1.000 ppm). 

The removal techniques before digestion have been explained, so now, the removal 

techniques from the second category are defined: 

- Adsorption with iron oxide or hydroxide 

To carry out this reaction splinters of wood recovered with iron oxide are used, in this 

way a high ratio between volume and area can be obtained. However, another materials 

can be used to obtain a higher ratio volume/area. 

The different reactions that can be involved on the process are the next ones: 

𝐹𝑒2𝑂3 + 3𝐻2𝑆
 

→ 𝐹𝑒2𝑆3 + 3𝐻2𝑂 

 In the case that the hydroxide is used: 

2𝐹𝑒(𝑂𝐻)3 + 3𝐻2𝑆
 

→ 𝐹𝑒2𝑆3 + 6𝐻2𝑂 

On both cases, iron sulfide and water are obtained. This reactions are slightly 

endothermic and the need a minimal temperature of 12°C. The optimal reaction happens 

between 25 and 50°C temperature. 

The water condensation must be avoided because of the fact that the water can join to 

the iron oxide reducing on this way the area where the reaction takes place. 

- Liquid absorption 

The H₂S absorption in a liquid can happen due to a chemical process or a physical 

process. In the physical technique, the gas and the liquid (normally water) are put in 

contact a relatively high pressure. Thus, the H₂S is absorbed by the water in liquid phase 

and removed from the biogas. 

The chemical absorption works in a similar way that the physical one, but the different is 

that high pressures are not necessary, the H₂S removal is produced due to the chemical 

affinity of the different compounds that have been added in the water. 

Both methods obtain excellent results, but they can present several drawbacks: the 

physical absorption needs to elevate the pressure of the gas and the chemical absorption 

uses several compounds that have to be regenerate and the can be dangerous to the 

environment. 

- Membrane separation 

This method consists on the use of a semipermeable membrane to remove the H₂S 

blocking the methane. 

- Biological filter  

This technique is quite similar to that one of adding air to the digester, the hydrogen 

sulphide can be oxidized by microorganisms of the species Thiobacillus and Sulfolobus. 

The degradation requires oxygen and therefore a small amount of air (or pure oxygen if 

levels of nitrogen should be minimized) is added for biological desulphurization to take 
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place. The optimal temperature to carry out this process is 35°C. The biological filter can 

remove the ammoniac from the biogas. 

This method is widely applied, however it is not suitable when the biogas is used as 

vehicle fuel or for grid injection due to the remaining traces of oxygen. An alternative 

system has been developed by Profactor, where the absorption of the H₂S is separated 

from the biological oxidation to sulphur. Hence, the biogas flow remains free of oxygen. 

- Adsorption on activated carbon 

Hydrogen sulphide is adsorbed on the inner surfaces of engineered activated carbon 

with defined pore sizes. Addition of oxygen (in the presence of water) oxidizes H₂S to 

plane sulphur that binds to the surface. In order to increase the speed of the reaction 

and the total load, the activated carbon is either impregnated or doped (by addition of a 

reactive species before formation of the activated carbon) with permanganate or 

potassium iodide (KI), potassium carbonate (K₂CO₃) or zinc oxide (ZnO) as catalyzers. 

For grid injection or utilization as vehicle fuel, only marginal amounts of O₂ are allowed 

in the gas. Hence oxidation of the sulphur is not suitable. In those cases mostly KI-doped 

carbon or permanganate impregnated carbon is used because addition of oxygen is not 

required in the case of KI under reduced loading. 

While ZnO impregnated carbon is rather expensive, H₂S removal is extremely efficient 

with resulting concentrations of less than 1 ppm [3]. 

 Removal of Siloxanes 

The siloxane are a class of compounds that are composed by atoms of Si that have 

bonds with oxygen and different organic radical. The highest concentration of siloxane 

are presented in the biogas obtained from urban wastes and the landfill gas, the values 

can achieve a concentration between 1-400 mg/m³. There are different techniques under 

development nowadays, the most commercially one is the adsorption through activated 

carbon, in this method is really important the control of the value of the humidity because 

the efficiency of the process is related to that value, because of that a preventive 

dehumidification is necessary. 

Another treatment that is under development and study is the cryogenic separation. The 

efficiency of the process working a -25°C is only of the 25.9% but if the temperature is 

about -70°C, the efficiency increase to a final value of 99.3%. 

 Removal of Halogenated hydrocarbons  

This kind of chemical components are more presented in the gas obtained from the 

landfill gas and the method used to remove them is using activated carbon. Typically, 

two ducts are used, while on one, the treatment is operated, the other is regenerated 

with a heating to 200 ° C. 

 Removal of Nitrogen and oxygen 

Oxygen is not normally present in biogas since it should be consumed by the facultative 

aerobic microorganisms in the digester. If the concentration of oxygen is low (less than 

4%), there is no problem for the biogas. If, however, the methane concentration in the 

biogas is 60%, the mix becomes explosive with a concentration of oxygen between 6 

and 12%. 
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Several techniques exist to remove the air from the biogas, for example, the membrane 

separation. This processes are quite expensive and because of that the best solution is 

prevent the introduction of air during the process. 

 Removal of Ammonia 

Ammonia is formed during the degradation of proteins. The amounts that are present in 

the gas are dependent upon the substrate composition and the pH in the digester. 

Ammonia is usually separated when the gas is dried or when it is upgraded. A separate 

cleaning step is therefore usually not necessary [3]. 

The NH₃ removal technique is different depending on the size of the plant that is studied. 

In the case of a large plant, the cleaning process is carried out using sulfuric acid or nitric 

acid diluted. This compounds are expensive because of this fact, in a small plant is more 

efficiency. 

 Removal of particulates 

Particulates can be present in biogas and landfill gas and can cause mechanical wear in 

gas engines and gas turbines. Particulates that are present in the biogas are separated 

by mechanical filters. 

 Removal of Carbon dioxide 

It is the main objective to obtain biomethane, the several techniques and methods are 

developed in the next point. 

2.2 Biogas upgrading: techniques and methods 
The biogas, after all the processes of Section 2.1Biogas cleaning, is ready to the upgrading 

process in which the carbon dioxide is removed from the biogas obtaining a biomethane 

flow at the end of the process. Thus, the flow will increase the value of the heat power 

that is an increase of the Wobbe’s index. 

The different techniques studied on this section have different natures, it is mean that 

there will be defined physical and chemical techniques and, on another hand, methods 

that are under development nowadays. 
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2.2.1 Water scrubbing 
Water is used as a solvent in water scrubbing. The solubility of CH₄ in water is much 

lower than that of CO₂.  

Carbon dioxide has a higher solubility in water than methane. Carbon dioxide will 

therefore be dissolved to a higher extent than methane, particularly at lower 

temperatures (Figure 2). 

In principle, H₂S can be removed together with CO₂, since the solubility of H₂S in water 

is higher than that of CO₂. However, because gaseous H₂S is poisonous and dissolved 

H₂S can cause corrosion problems, pre-separation of H₂S is normally necessary. 

In the scrubber column carbon dioxide is dissolved in the water, while the methane 

concentration in the gas phase increases. The gas leaving the scrubber has therefore 

an increased concentration of methane. The water leaving the absorption column is 

transferred to a flash tank where the dissolved gas, which contains some methane but 

mainly carbon dioxide, is released and transferred back to the raw gas inlet. If the water 

should be recycled it is transferred to a desorption column filled with plastic packing, 

where it meets a counter flow of air, into which carbon dioxide will be released. The water 

is cooled down to achieve the large difference in solubility between methane and carbon 

dioxide before it is recycled back to the absorption column. 

Water scrubbing is the most common upgrading technique and plants are commercially 

available from several suppliers in a broad range of capacities.  

Figure 2 Carbon dioxide solubility in water [3] 
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Water scrubbing can achieve a CH₄ purity of 80–99%, depending on the volume of non-

condensable gases such as N₂ and O₂ that cannot be separated from CH₄. The energy 

consumption in water scrubbing is mainly used for compressing raw gas and processing 

water by circulation pumps [4]. 

2.2.2 Cryogenic separation 
Due to the different condensing temperatures of CH₄ and CO₂, CO₂ can be separated 

from CH₄ through condensation and distillation. The technology for cryogenic separation 

is still under development, but some commercial plants are already in operation. To avoid 

freezing and other problems in the cryogenic process, water and H₂S need to be pre-

separated out. When CH₄ is condensed, N₂ and O₂ can also be separated out. Since the 

cryogenic separation process needs to compress raw gas to a high pressure, e.g. up to 

200bar, a large amount of energy, accounting for 5–10% of the biomethane produced, 

is needed in the process. However, cryogenic separation shows great advantages in 

producing liquid and high-purity biomethane and the losses of CH₄ can be very low, 

usually lower than 1%. 

The sublimation point of pure carbon dioxide is 194.65 K (Figure 4). However, the content 

of methane in the biogas affects the characteristics of the gas, i.e. higher pressures 
and/or lower temperatures are needed to condense or sublimate carbon dioxide when it 

is in a mixture with methane. 

 

 

Figure 3 Water scrubbing scheme 

Figure 4 Phase diagram of carbon dioxide [3] 
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2.2.3 Physical absorption 
The principle of physical absorption is the same as that in water scrubbing. Instead of 

water, organic solvents such as methanol and dimethyl ethers of polyethylene glycol 

(DMPEG) can be used to absorb CO₂. Therefore, physical absorption also has similar 

characteristics to water scrubbing, such as the inability to remove N₂ and O₂ and high 

losses of CH₄. However, since CO₂ has a higher solubility inorganic solvents, the 

upgrading system can be more compact and part of pumping work can be avoided. It is 

also necessary to separate out H₂S prior to the absorption process, because it is difficult 

to regenerate H₂S from the solvent and this will reduce the capacity for CO₂ absorption. 

2.2.4 Chemical absorption 
Chemical absorption differs from physical absorption in the chemical reaction between 

absorbed substances and solvent. Chemical solvents tend to be favored over physical 

solvents when the concentration of CO₂ is low. Amines are widely used as a chemical 

solvent to absorb CO₂, as there are no CH₄ losses since the chemical solvent reacts 

selectively with CO₂. Another downside of this technology relates to energy 

consumption, as a large amount of high-temperature heat is needed to regenerate 

chemical solvents. 

This technique is only mentioned in this point, the main study will be carry out in an 

exhaustive way later. 

 

2.2.5 Pressure swing adsorption 
Pressure Swing Adsorption (PSA) processes are based on the mechanism that gas 

molecules can be selectively adsorbed to solid surfaces according to molecular size. The 

PSA technology can be used to separate CH₄ from N₂, O₂ and CO₂, since the CH₄ 

molecule is larger than the other gas molecules.  

Thus with this technique, carbon dioxide is separated from the biogas by adsorption on 

a surface under elevated pressure. The adsorbing material, usually activated carbon or 

zeolites, is regenerated by a sequential decrease in pressure before the column is 

reloaded again, hence the name of the technique. An upgrading plant, using this 

Figure 5 Chemical Absoption scheme 
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technique, has four, six or nine vessels working in parallel. When the adsorbing material 

in one vessel becomes saturated the raw gas flow is switched to another vessel in which 

the adsorbing material has been regenerated. During regeneration the pressure is 

decreased in several steps. The gas that is desorbed during the first and eventually the 

second pressure drop may be returned to the inlet of the raw gas, since it will contain 

some methane that was adsorbed together with carbon dioxide. The gas desorbed in the 

following pressure reduction step is either led to the next column or if it is almost entirely 

methane free it is released to the atmosphere. 

If hydrogen sulphide is present in the raw gas, it will be irreversibly adsorbed on the 

adsorbing material. In addition, water present in the raw gas can destroy the structure of 

the material. Therefore hydrogen sulphide and water needs to be removed before the 

PSA-column. 

 

2.2.6 Membrane technology 
Membrane technology is a separation method at molecular scale, and it has a number 

of merits, including low cost, energy efficiency and easy process. For biogas upgrading, 

CO₂ and H₂S pass through the membrane to the permeate side, while CH₄ is retained 

on the inlet side. Since some CH₄ molecules may also pass through the membrane, 

achieving a high purity of CH₄ involves large losses of CH₄. 

Dry membranes for biogas upgrading are made of materials that are permeable to 

carbon dioxide, water and ammonia. Hydrogen sulphide, and oxygen permeate through 

the membrane to some extent while nitrogen and methane only pass to a very low extent. 

Usually membranes are in the form of hollow fibers bundled together. The process is 

often performed in two stages.  

Before the gas enters the hollow fibers it passes through a filter that retains water and 

oil droplets and aerosols, which would otherwise negatively affect the membrane 

performance. Additionally, hydrogen sulphide is usually removed by cleaning with 

activated carbon before the membrane. 

Membrane separation is one of the classical methods for landfill gas upgrading. The first 

plants were built in the late 1970’s in the US and later in the Netherlands. However, the 

early designs operating at elevated pressures (up to 30 bars) suffered from considerable 

methane losses (up to 25%). Newer designs operate around 8 bars with far lower 

methane losses [3]. 

 

 

 

 

 

 
Figure 6 Membrane methodology [60] 
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2.2.7 In-situ methane enrichment (under development) 
 

Carbon dioxide is to some extent soluble in water and therefore some carbon dioxide will 

be dissolved in the liquid phase of the digester tank (Figure 7). In upgrading with the in 

situ methane enrichment process, sludge from the digester is circulated to a desorption 

column and then back to the digester. In the desorption column carbon dioxide is 

desorbed by pumping a counter-flow air through the sludge (Figure 7). The constant 

removal of carbon dioxide from the sludge leads to an increased concentration of 

methane in the biogas phase leaving the digester. It is possible to simultaneously remove 

H₂S through in-situ enrichment processes.  

Process simulations have shown that it may be possible to reach a biogas quality of 95% 

methane with a methane loss below 2%. 

2.2.8 Hydrate formation 
Gas hydrates have been applied in separation of gas mixture, in a process based on the 

difference in hydrate formation of various species. The basic mechanism of the 

separation process is selective partition of the target component between the hydrate 

phase and the gaseous phase. Gas hydrate has been success fully used to remove CO₂ 

from contaminated natural gas. For example, for a CH₄/CO₂ ratio of 75%/25%, the 

concentration of CO₂ can be reduced to 16%. However, the amount of associated CH₄ 

removed with CO₂ is still relatively high. 

2.2.9 Biological method for biogas upgrading 
Chemo-autotrophic methanogen action (Methanobacterium thermoautotrophicum) and 

uncoupled methanogenesis techniques have been used to increase the CH₄ content of 

off-gases from anaerobic digestion and landfills. Through the method, CO₂ is converted 

to CH₄ and H₂S is removed from off-gases. 

There is not a big data about this process due to the fact is under development 

nowadays. 

Figure 7 Schematic view of in-situ methane enrichment research [3] 
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2.2.10  Upgrading biogas by a low-temperature method 
Basically the process follows the next steps. Firstly, the feed raw biogas is first sent to 

the compression package, the compression in made in four stages with intercooling. 

After that step, the raw biogas is sending to the distillation column reboiler to provide the 

reboiler with the required heat by taking the advantage of the high temperature produced 

from the compression and to be pre-cooled leaving the heat exchanger with a 

temperature of 15.6 °C. 

It is then entered to another heat exchanger to be cooled to – 32.9°C by the top distillation 

column product stream (-75.7 °C) in order to take the advantage of its low temperature 

before leaving the process as a main product. 

Then, the raw biogas is cooled further to -65 °C by the auxiliary refrigeration cycle in 

another heat exchanger before entering the distillation column 

In the distillation column the concentration of CO₂ in the top product is reduced from 40 

mol.% to 5.5 mol.% with a CH₄ purity of 94.5 mol.%, and the purity of CO₂ in the bottom 

product (liquid CO₂) is obtained at 99.7 mol.%  

A relatively simple cascade refrigeration cycle with pure propane and ethane as 

refrigerants has been assumed to supply the low-temperature CO₂ removal process with 

required cooling. 

The low-temperature CO₂ removal process [5]: 

 

 

 

 

 

 

 

 

 

 

 

 

2.2.11  Biogas upgrading technology using carbon mineralization 
Alkaline with regeneration (AwR). This technology uses an alkaline solution, along with 

carbon mineralization, to remove and store CO₂ from biogas in order to create 

biomethane. 

Figure 8 Upgrading method by low temperature [5] 



17 
 

Uses a chemical reaction to convert the CO₂ into a non-soluble solid compound. 

Materials that contain metal oxides (such as calcium oxide (CaO) or magnesium oxide 

(MgO)) are put in contact with CO₂. The metal oxides react with the CO₂ to form a 

carbonate (calcium carbonate (CaCO₃) or magnesium carbonate (MgCO₃)) [6]. 

There has been growing interest in using carbon mineralization for biogas upgrading and 

one such technique that is being developed is called alkaline with regeneration (AwR). 

This process uses an alkaline solution to strip CO₂ from biogas and then this solution 

passed through the air pollution control (APC) residues in order to store the CO₂ while 

at the same time regenerate the alkaline solution. This technology, currently at the pilot 

plant stage, presents an advantage over current biogas upgrading technologies as it 

stores CO₂ while it captures it. 

2𝑁𝑎𝑂𝐻 + 𝐶𝑂₂ →  𝑁𝑎₂𝐶𝑂₃ + 𝐻₂𝑂 

2.3  Techniques Comparison 
After the study of the all different techniques that it is possible to find on the market or 

under development, it is time to know what are the most used nowadays. 

The technologies which dominate today are water scrubbing, PSA, and amine scrubbing. 

This situation differs significantly to the situation a few years ago when amine scrubbing 

was still considered a rather unestablished technology. Regarding the Organic solvent 

scrubbing is also a mature technology, but still has only a smaller share of the biogas 

upgrading market with no clear trend whether this share is increasing or decreasing.  

The development of these technologies relates mainly to optimization and smaller 

adjustments, for example gas recirculation schemes and flow rates. PSA can be further 

developed by new, more selective and less sensitive adsorbents. Metal-organic 

Figure 9 Number of Upgrading plants [7] 
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frameworks are materials which previously have been used to store gases such as 

hydrogen, but they also show a large potential for use in PSA systems. Further, new 

process cycles, for example with several pressure equilibrium phases, are being 

developed to optimize methane yield and energy demand. Membrane technology for 

biogas upgrading is less mature, but is rapidly gaining interest and market shares.  

The main challenge for some manufacturers of membrane upgrading equipment is to 

show stable operation for a longer time and economic feasibility for large installations. 

Questions have also been raised regarding the lifetime of the membranes, which about 

5–10 years. Some of the newer membrane types have not been tested in operation for 

more than a few years, which makes it difficult to state the lifetime with certainty. The 

number of upgrading plants in operation has increased rapidly over the last decade 

(Figure 9).  

In the early 2000s, only about 20 upgrading plants were operating globally, whereas 

2012 the number has increased by a factor of ten, to more than 220 upgrading plants, 

according to a list continuously updated by IEA Bioenergy Task 37. The majority of the 

upgrading plants is however still concentrated in Germany (96) and Sweden (55). Then 

a large gap follows to the other countries on the list, the next being Switzerland (16), the 

Netherlands (14), the USA (12) and then a number of European countries with just a few 

plants, together with Japan, Canada, and South Korea. A decade ago, with a 40% market 

share for water scrubbers and 23% share for PSA. However, over the last five years, 

amine scrubbers have become increasingly popular and today about 22% of the 

upgrading plants use this technology [7]. 

Organic solvent scrubbers have throughout the years had a smaller but stable market 

share and today cover about 7% of the market, which is marginally less than the share 

for membrane technology which is about 8% and increasing. Cryogenic upgrading 

technology is only utilized by a single plant, thus reaching less than 0.5% market share. 

In the las study carried out by IEA Bioenergy Task 37 the total number plants are 334, 

Spain has not an upgrading plant nowadays. 
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Figure 10 Update 2016. Number of upgrading plants [61] 
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2.3.1  Investment costs 
The specific investment cost for a biogas upgrading plant is largely dependent on the 

throughput capacity of the plant, i.e. there are significant economies of scale (Figure 11). 

As seen in Figure 11, the investment cost for an amine scrubber is slightly higher in the 

lower end of the spectrum, but converges with the investment cost for other technologies 

at higher throughputs. On the other hand, the investment cost for membrane upgrading 

plants is slightly lower than the others in the low to mid-scale range, but seems to not 

benefit as much from the economies of scale as the other options. There is little to no 

difference between the different scrubber technologies and PSA for larger plants, i.e. 

with a raw biogas capacity of more than 1500 Nm³/h. The numbers presented in Figure 

11 should be understood as indicative, presenting the specific investment cost for an 

upgrading plant in its basic form. Supplementary equipment and case specific 

requirements may cause the investment costs to differ from these values for a specific 

unit. 

The investment cost graph presents the specific investment cost for each technology 

within an interval – corresponding to the thickness of the line – as the cost for a specific 

plant will depend on site-specific circumstances, extra investment options and 

manufacturer [7]. 

 

2.3.2  Energy demand 
Several studies have carried out to calculate the specific energy demand for the 

upgrading processes. According the paper wrote by Fredric Bauer, Tobias Persson, 

Christian Hulteberg and Daniel Tamm [7], the specific energy demand seems to 

decrease with increasing scale of the upgrading unit, although it may also vary 

depending on parameters, for example, ambient temperature and operating point. 

Figure 11 Comparison of specific investment costs for the biogas upgrading technologies and the dependence on 
raw biogas throughput capacity [7]  
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The specific power consumption of a water scrubber is approximately 0.3 kWh/Nm³ raw 

biogas for a small unit (400 Nm³/h) but decreases towards 0.2 kWh/Nm³ in large units 

(2000 Nm³/h). The water scrubber also has a rather large seasonal variation in the 

electricity demand due to the significantly higher cooling demand during summer. 

The electricity demand span for PSA units is about 0.2–0.3 kWh/Nm³ with larger units 

being close to the lower limit – which is applicable also for membrane units, although the 

electricity demand for these depends highly on membrane configuration, required 

methane purity and accepted methane slip. Increasing demands on methane purity and 

decreased slip requires increased recirculation which increases the electricity demand.  

Amine scrubber, that is the most important data for the thesis discussion, have a 

significantly lower electricity demand, about 0.12–0.14 kWh/Nm³ depending on plant 

size, but amine scrubbers also have an external heat requirement of about 0.55 

kWh/Nm3. As it will be explained later, the heat is needed to regenerate the amines 

which have reacted with carbon dioxide, but also to boil the water, which makes the heat 

demand rather insensitive to raw gas methane content. The heat is most commonly 

supplied by combusting a part of the raw biogas, also in the base case studied in the 

thesis; 80% of that heat may be reused in low-temperature applications such as 

substrate pre-heating or heating of the anaerobic digester.  

The heat needed to desorb the CO2 in the organic physical scrubber is supplied by a 

regenerative thermal oxidizer which is an integral part of the upgrading plant, enabling 

the efficient use of the energy in the off -gas but also reducing the methane recovery rate 

slightly.  

The specific energy demand of each technology is shown in Figure 12. The electricity 

demand for each technology is shown with a weighted average and an interval. It is 

however also important to remember that the product gas is available at different 

pressures from the technologies, so the final specific energy could vary the final value. 

 In the results section, the chemical absorption results will be compared with this study 

and others. 
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2.3.3 Consumables 
For all the technologies, the consumables demand is low. Water and amine scrubbers 

may have a demand for antifoaming agents as foaming, which reduces the contact 

between gas and liquid and thus the absorption efficiency, sometimes is a problem. The 

exact reasons and parameters involved in creating foaming, however, are not properly 

investigated and understood. Further, although water scrubbers  today recirculate the 

water, a part of the volume is continuously replaced to not accumulate trace compounds 

from the biogas.  

The water consumption is about 20–200 L/h, depending on plant size and operating 

conditions. Amine scrubbers may also demand anti-foaming agents, and further, the 

amine scrubbers have a low demand for make-up amine. The organic solvent scrubbers 

commonly have an annual make-up demand of solvent that is lost to the atmosphere 

during operation. As most technologies preferably remove H₂S before the upgrading 

process, there is commonly a need for activated carbon for sulfur absorption. 

Water scrubbers generally absorb the H₂S as well as the CO₂ and thus the activated 

carbon is redundant, unless local environmental regulations require the capture of sulfur. 

 

Figure 12 Specific electricity demand for biogas upgrading per Nm3 raw biogas for all upgrading 
technologies. The specific external heat demand for amine scrubbers is shown in light blue. [7] 
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3 ASPEN thermodynamic and rate models 
In this chapter, the thermodynamic and rate models that have been utilized in ASPEN 

Plus for modelling the systems are discussed. 

3.1 Electrolyte NRTL model 
The Electrolyte NRTL model is the property model that is used to represent the CO2 

capture system in ASPEN. The ‘ELECNRTL’ model in ASPEN can handle a range of 

concentrations as well as aqueous and mixed solvents. In this section, the details of the 

Electrolyte NRTL model are elucidated. 

The Electrolyte NRTL model was first proposed by Chen et al. [8] [9] and then extended 

by Chen and Mock [10] [11]. It is a model for the excess Gibbs free energy of an 

electrolytic solution. A summary of previous attempts to model the VLE of electrolyte 

systems is presented in Augsten et al. [12]. The Electrolyte NRTL model assumes that 

the excess Gibbs free energy in the electrolyte system is the sum of two contributions [9] 

[10]: 

 Short-range forces between all the species that includes the local ion-molecule, 

ion-ion, and molecule-molecule interactions. 

 Long-range electrostatic ion-ion interactions. 

The Electrolyte NRTL model is based on two fundamental assumptions [10]: 

 Like-ion repulsion assumption: Due to the large repulsive forces between ions of 

the same charge, it is assumed that the local composition of cations around 

cations and anions around anions is zero. 

 Local electro-neutrality assumption: It is assumed that the distribution of cations 

and anions around a central solvent molecule is such that the net local ionic 

charge is zero. 

Thus, the expression for the excess Gibbs free energy as calculated by the Electrolyte 

NRTL model can be expressed as:  

𝑔𝑒𝑥∗
= 𝑔𝑒𝑥∗,𝐿𝑅 + 𝑔𝑒𝑥∗,𝑙𝑜𝑐𝑎𝑙 

Where: 

𝑔𝑒𝑥∗
 is the molar excess Gibbs free energy 

𝑔𝑒𝑥∗,𝐿𝑅 is the molar excess Gibbs free energy contribution from long range forces 

𝑔𝑒𝑥∗,𝑙𝑜𝑐𝑎𝑙is the molal excess Gibbs free energy contribution from local forces 

The long range contributions are represented as a combination of the Pitzer-Debye-

Hucel contribution [13] and the Born expression [14]. The local interaction contribution is 

derived as per the NRTL model. 

3.2 Long range contribution 
In the Electrolyte NRTL model, the Pitzer-Debye-Huckel formula [13] is used to model 

the contribution to molar excess Gibbs free energy from long-range interaction forces 

[12]. The long-range interaction contribution is given by: 
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𝑔𝑃𝐷𝐻
𝑒𝑥∗

= −𝑅𝑇 (∑ 𝑥𝑘

𝑘

) (
1000

𝑀𝑠
)

1
2⁄

(
4𝐴∅𝐼𝑥

𝜌
) ln (1 + 𝜌𝐼𝑥

1
2⁄

) 

Where: 

𝑥𝑘 is the liquid-phase mole fraction 

𝑀𝑠 is the solvent molecular weight in kg/kmol 

𝐴∅ is the Debye-Huckel parameter 

𝐼𝑥 is the ionic strength on a mole fraction basis 

𝜌 is the closest approach parameter. 

𝐴∅ =
1

3
(

2𝜋𝑁𝑜𝑑

1000
)

1
2⁄

(
𝑒2

𝐷𝑤𝑘𝐵𝑇
)

1.5

 

Where: 

𝑁𝑜 is the Avogadro’s number 

𝑑 is the solvent density 

𝑒 is the charge of an electron 

𝐷𝑤 is the dielectric constant for water 

𝑘𝐵 is the Boltzmann constant 

𝑇 is temperature in K 

𝐼𝑥 = 0.5 ∑ 𝑥𝑘𝑧𝑘
2

𝑘

 

Where 𝑧𝑘
  is the charge on species k 

In this case, the reference state for ionic species is the ideal dilute state of electrolyte in 

the mixed solvent [12]. However, the Electrolyte NRTL model defines the reference state 

for ionic species to be the ideal dilute state in water. Hence, the Born expression is used 

to correct for this [14]. The sum of the Pitzer-Debye-Huckel term and Born expression 

gives the excess Gibbs energy contribution from long-range interactions.  

𝑔𝑒𝑥∗,𝐿𝑅 = 𝑔𝑃𝐷𝐻
𝑒𝑥∗

+ 𝑔𝑒𝑥∗,𝐵𝑜𝑟𝑛 

3.2.1 Born expression 
The Born expression is given by (2-6) [7]: 

𝑔𝑒𝑥∗,𝐵𝑜𝑟𝑛 = 𝑅𝑇 (
𝑒2

2𝑘𝐵𝑇
) (

1

𝐷𝑠
−

1

𝐷𝑤
) (∑

𝑥𝑘𝑧𝑘
2

𝑟𝑘
𝑘

) 10−2 

Where: 

𝐷𝑠 is the dielectric constant of the mixed solvent 

𝑟𝑘 is the Born radius of species k. 
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3.2.2 Local contribution 
The local contribution to the excess Gibbs free energy is modelled with the NRTL model 

[12]. [13], [14] and [15] and is given by the equations: 

𝑔𝑒𝑥∗,𝑙𝑜𝑐𝑎𝑙 = (∑ 𝑋𝑚

𝑚

∑ 𝑋𝑗𝐺𝑗𝑚𝜏𝑗𝑚𝑗

∑ 𝑋𝑘𝑘 𝐺𝑘𝑚
)  

+ ∑ 𝑋𝑐 ∑
𝑋𝑎′ ∑ 𝐺𝑗𝑐.𝑎′𝑐𝜏𝑗𝑐.𝑎′𝑐𝑗

(∑ 𝑋𝑎′′𝑎′′ )(∑ 𝑋𝑘𝐺𝑘𝑐.𝑎′𝑐𝑘 )
𝑎′𝑐

+ ⋯ 

+ ⋯ + ∑ 𝑋𝑎 ∑
𝑋𝑐′ ∑ 𝐺𝑗𝑐.𝑐′𝑎𝜏𝑗𝑐.𝑐′𝑎𝑗

(∑ 𝑋𝑐′′𝑐′′ )(∑ 𝑋𝑘𝐺𝑘𝑐.𝑐′𝑎𝑘 )
𝑐′𝑎

 

 

𝐺𝑐𝑚 =
∑ 𝑋𝑎𝐺𝑐𝑎,𝑚𝑎

∑ 𝑋𝑎′𝑎′
 

𝐺𝑎𝑚 =
∑ 𝑋𝑐𝐺𝑐𝑎,𝑚𝑐

∑ 𝑋𝑐′𝑐′
 

𝛼𝑐𝑚 =
∑ 𝑋𝑎𝛼𝑐𝑎,𝑚𝑎

∑ 𝑋𝑎′𝑎′
 

𝛼𝑎𝑚 =
∑ 𝑋𝑐𝛼𝑐𝑎,𝑚𝑐

∑ 𝑋𝑐′𝑐′
 

where the subscripts c, a and m refer to cations, anions and molecules respectively. 

𝑋𝑗 = 𝑥𝑗𝐶𝑗 (𝐶𝑗 = 𝑍𝑗for ions; 𝐶𝑗 =1 for molecules) 

𝐺𝑗𝑐.𝑎′𝑐 = exp (−𝛼𝑗𝑐,𝑎′𝑐𝜏𝑗𝑐.𝑎′𝑐) 

𝐺𝑗𝑐.𝑐′𝑎 = exp (−𝛼𝑗𝑎,𝑐′𝑎𝜏𝑗𝑎.𝑐′𝑎) 

𝐺𝑐𝑎,𝑚 = exp (−𝛼𝑐𝑎,𝑚𝜏𝑐𝑎,𝑚) 

𝐺𝑖𝑚 = exp (−𝛼𝑖𝑚𝜏𝑖𝑚) 

 

𝜏𝑚𝑎,𝑐𝑎 = 𝜏𝑎𝑚 − 𝜏𝑐𝑎,𝑚 + 𝜏𝑚,𝑐𝑎 

𝜏𝑚𝑐,𝑎𝑐 = 𝜏𝑐𝑚 − 𝜏𝑐𝑎,𝑚 + 𝜏𝑚,𝑐𝑎 

 

Where: 

𝛼 is the nonrandomness parameter 

𝜏 is the binary energy interaction parameter 
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The only adjustable parameters in the Electrolyte NRTL model are the binary energy 

interaction parameters. These parameters are empirical and cannot be measured 

experimentally. They need to be regressed from available system data. In general, these 

interaction parameters have a temperature dependence of the form [12]. 

𝜏 = 𝑎 +
𝑏

𝑇
 

 

3.3 Soave-Reidlich-Kwong equation of state 
The Soave-Reidlich-Kwong equation of state is used to model the vapor phase in the 

CO2 capture system. The details of this equation of state are outlined below [16], [17] 

and [18]: 

𝑃 =
𝑅𝑇

𝑉𝑚 − 𝑏
−

𝑎

𝑉𝑚(𝑉𝑚 − 𝑏)
 

Where: 

𝑉𝑚 is the molar volume 

𝑎 = 𝑎0 + 𝑎1 

𝑎0 is the standard quadratic mixing term: 

𝑎0 = ∑ ∑ 𝑥𝑖𝑥𝑗(𝑎𝑖𝑎𝑗)
1

2⁄
(1 − 𝑘𝑖𝑗)

𝑛

𝑗=1

𝑛

𝑖=1

 

 

𝑎1  is an additional, asymmetric term: 

𝑎1 = ∑ 𝑥𝑖

𝑛

𝑖=1

(∑ 𝑥𝑖 ((𝑎𝑖𝑎𝑗)
1

2⁄
𝑙𝑖𝑗)

1 3⁄𝑛

𝑖=1

)

3

 

 

𝑏 = ∑ 𝑥𝑖𝑏𝑖

𝑖

 

𝑘𝑖𝑗 = 𝑘𝑗𝑖  

𝑎𝑖 = 𝛼𝑖 ∗ 0.42747
𝑅2𝑇𝑐𝑖

2

𝑃𝑐𝑖

 

𝑏𝑖 = 0.08664
𝑅 𝑇𝑐𝑖

 

𝑃𝑐𝑖

 

Where: 

𝑇𝑐𝑖
  is the critical temperature of species i 
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𝑃𝑐𝑖
 is the critical pressure of species i 

𝛼𝑖is the temperature function added by Soave in order to improve the correlation of the 

pure component vapor pressure 

𝛼𝑖(𝑇) = (1 + 𝑚𝑖(1 − 𝑇𝑟,𝑖)
1 2⁄ )

2
 

𝑚𝑖 = 0.48508 + 1.55171𝜔𝑖 − 0.15613𝑤𝑖
2 

Where: 

𝜔 is the acentric factor 

𝑘𝑖𝑗 = 𝑘𝑖𝑗
(1)

+ 𝑘𝑖𝑗
(2)

𝑇 +
𝑘𝑖𝑗

(3)

𝑇
 

𝑘𝑖𝑗 = 𝑘𝑗𝑖  

𝑙𝑖𝑗 = 𝑙𝑖𝑗
(1)

+ 𝑙𝑖𝑗
(2)

𝑇 +
𝑙𝑖𝑗

(3)

𝑇
 

The binary parameters 𝑘𝑖𝑗 are best determined from phase-equilibrium data regression. 

 

3.3.1 Reidlich-Kwong-Soave-Boston-Mathias equation of state 
The Reidlich-Kwong-Soave-Boston-Mathias equation of state is used in the ASPEN 

model to model the compression section of the flowsheet. This incorporates a modified 

alpha function for temperatures higher than the critical temperature [16], [17], [18] and 

[19]. 

𝛼𝑖 = (𝑒𝑥𝑝 (𝑐𝑖(1 − 𝑇𝑟,𝑖
𝑑 )))

2

 

𝑑𝑖 = 1 +
𝑚𝑖

2
 

𝑐𝑖 = 1 −
 1

𝑑𝑖
 

Where: 

𝑚𝑖 is calculated previously 

With the Reidlich-Kwong-Soave-Boston-Mathias equation of state is used to calculate 

the alpha function at temperatures below critical and the alpha function at temperatures 

above critical are also calculated. 

 

3.3.2 Rate-based modeling with ASPEN RateSep 
The traditional way of modeling absorption and desorption columns has been through 

the use of equilibrium models. In these models, the column is divided into a number of 

stages and the assumption is that the vapor and liquid phase leaving a stage in the 

column are at equilibrium [20]. However, this is a very simplistic assumption and is not 
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valid in actual cases. In order to correct for this, factors such as the height equivalent to 

a theoretical plate (HETP), stage and Murphee efficiencies are employed [21]. However, 

particularly for reactive separation processes, the use of efficiencies does not work well 

because the deviations from the equilibrium model are very large [22]. Hence, in these 

cases, it is necessary to model these systems with rate-based models. 

ASPEN RateSep, the rate-based mode of RadFrac allows for the rate-based modelling 

of absorption and desorption columns [23]. It is a stage based model as shown in Figure 

13 [23] and allows the modelling of mass and heat transfer phenomena as well as the 

kinetics of chemical reactions. The various equations that are solved in ASPEN RateSep 

include: 

 Mass and heat balances for the vapor and liquid phases. 

 Mass and heat transfer rate models to determine interphase transfer rates. 

 Vapor-liquid equilibrium equations for the interphase. 

 Estimation of mass and heat transfer coefficients and interfacial areas. 

 Enhancement of mass and heat transfer processes by chemical reactions. 

 

 

 

 

 

 

 

 

 

 

Aspen RateSep uses the solution proposed by Alopaeus [24] to solve the Maxwell-Stefan 

multicomponent mass transfer equation [25]. It uses the two-film theory and allows for 

film discretization which is useful to get an accurate concentration profile in the film for 

fast reactions. It also combines the film equations with separate balance equations for 

the liquid and vapor phase, diffusion and reaction kinetics, electrolyte solution chemistry 

and thermodynamics [25].  

3.3.2.1 Flow models 
ASPEN RateSep provides a number of flow models that can be used in the rate 

modeling. These flow models are used to determine the bulk properties that are used it 

calculating the mass and heat fluxes and the reaction rates [23]. Different bulk properties 

are calculated for each of the stages shown in Figure 13. 

3.3.2.1.1 Mixed flow model 

The mixed flow model is shown in Figure 14. In this model, the bulk properties for each 

phase are taken to be the same as the outlet conditions for that phase when it leaves 

Figure 13 ASPEN representation of a stage (Adapted from [23]) 
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that stage. This is the default flow model in ASPEN RateSep and the model that is 

adopted in this work.  

 

 

 

 

 

 

3.3.2.1.2 Countercurrent flow model 

In the countercurrent flow model shown in Figure 15, ASPEN calculates the bulk 

properties for each phase as an average of the inlet and outlet properties [16]. This 

method is computationally much more intensive and is recommended only when a very 

low outlet composition is specified.  

 

 

 

 

 

 

 

3.3.2.1.3 VPlug flow model 

The VPlug flow model is shown in Figure 16. In this model, the properties of the liquid 

are calculated to be the same as that of the outlet leaving the stage. For the vapor, 

average conditions are used as in the countercurrent flow model. The pressure is 

assumed to be the same as the outlet pressure.  

 

 

 

 

 

 

 

Figure 14 Mixed flow model in ASPEN RateSep (Adapted 
from [23]]) 

Figure 15 Concurrent flow model in ASPEN Plus (Adapted 
from [23]) 

Figure 16 VPlug flow model in ASPEN Plus (Adapted from 
[23]) 
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3.3.2.1.4 VPlugP flow model 

The VPlugP flow model is shown in Figure 17. This is identical to the VPlug model except 

that the average pressure is used instead of the outlet pressure.  

 

 

 

 

 

 

3.3.2.2 Film reactions 
RateSep uses a two-film model to perform mass and heat transfer models. It provides a 

number of options for film discretization [23]: 

 No-film: When this mode is specified for a phase, ASPEN assumes that there is 

no film resistance for this phase. Hence, it performs an equilibrium calculation in 

this phase. 

 

 Film: When this mode is specified for a phase, ASPEN performs diffusion 

resistance calculations but no reaction calculations for the film in this phase. 

 

 Filmrxn: This is one of the modes that can be specified for a phase in order to 

perform reaction calculations in this phase. In this case ASPEN uses the reaction 

condition factor to calculate the rate of reaction in the film. This is the weighting 

factor used for calculating compositions and temperature that are to be used in 

the evaluation of rate. The reaction condition factor varies between 0 and 1 with 

0 being the interphase condition and 1 being the bulk condition. The reaction 

condition factor is an adjustable parameter that can be specified by the user. 

 

 Discrxn: This is the most robust of the methods that ASPEN offers to consider 

reactions in the film and is the most applicable one when there are fast reactions 

in the film. In this case, ASPEN allows the discretization of the film into distinct 

segments and calculates the concentrations of the species at each of these 

discrete points so that an accurate concentration profile in the film is obtained. It 

allows the user to set the number of discretization points as well as the 

discretization ratio. The discretization ratio is the ‘ratio of the thicknesses of 

adjacent discretiation regions in the film [23]. It also allows the specification of 

locations in the film where additional discretization points are desired. This is 

particularly useful in specifying points close to the interphase. The optimization 

of the discretization points is very important in CO2 capture systems since there 

are fast reactions occurring in the system. Kucka at al. [26] and Aspiron [22] 

showed that for systems in which there is sour gas absorption by aqueous 

amines, the film segments need to be thinner at the boundaries of the film that at 

the middle of the film. 

 

 

 

Figure 17 VPlugP flow model in ASPEN Plus 
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3.3.2.3 Column hydrodynamics 
ASPEN RateSep allows the consideration of column hydrodynamics through a number 

of models and correlations. For many different types of packing, ASPEN has built-in 

correlations for the mass transfer coefficient, heat transfer coefficient, interfacial area 

and the holdup. In addition, ASPEN provides a design mode in which the column can be 

sized by setting a base approach to a flooding on a chosen stage.  
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4 Chemical absorption process analysis 
 

4.1 Background 
Absorption is a process of transferring a component from its gas phase into a liquid 

provided that the gas is soluble in that liquid. 

In the case of CO₂, the solubility of the gas is dependent on the solvent physical and 

chemical properties. When the gaseous molecules of CO₂ are attached to liquid 

molecules with weak intermolecular forces, the absorption is described as physical 

absorption. Therefore, the physical absorption process is usually operated at high 

pressure and low temperature to increase the CO₂ solubility in the absorbing liquid. The 

chemical absorption process is performed via absorbing CO₂ from biogas by covalently 

bonding it into the molecules of the absorbing liquid. The strong covalent bonds between 

the chemical solvent molecules and the CO₂ molecules make the chemical absorption 

process more efficient in absorbing CO₂ even at ambient temperature and pressure [27].  

There are different solvents that can be used in the chemical absorption. Thus it is 

important after the explication of the amine scrubbing process, that it is the process 

studied in the thesis, all the options that can be chosen. 

4.1.1 Type of solvents in the chemical absorption 
 

Since solvent selection is the most important step in the chemical absorption of a gas, 

the techniques discussed in this section are categorised based on the solvent used. For 

each of the amine scrubbing, caustic solvent scrubbing, and amino acid salt scrubbing 

techniques, the theory, the early work, and the most recent improvements are discussed. 

The following review includes the process applied for CO₂ absorption with special 

attention to solvents and techniques performed for biogas upgrading. 

4.1.1.1 Caustic solvent scrubbing  
Caustic solvents (sodium hydroxide, potassium hydroxide, and calcium hydroxide) are 

the second most abundant solvents which can chemically absorb CO₂ from a mixture of 

gases after amine solutions. 

These alkaline solutions have been examined by several researchers for their ability to 

absorb CO₂ for more than 50 years. The early works on caustic solutions focused on 

measuring the solubility of CO₂ at different concentrations as well as studying the kinetics 

and the thermodynamics of the absorption process [27]. 

Many of the early published work on CO₂ absorption by caustic solutions focused on the 

use of sodium hydroxide, other early works investigated the use of potassium hydroxide. 

On the other hand, less attention was given for the use of calcium hydroxide. This section 

reviews the theory involving the three caustic solvent reactions with CO₂ as well as the 

abundant, available, and potential techniques implementing caustic solutions for CO₂ 
absorption. As it is natural in this thesis, more attention is given to the techniques 

performed for CO₂ absorption from biogas. 

Sodium hydroxide, the most repeatedly used caustic solvent, is categorised as a strong 

alkaline; therefore it is completely ionised in water to 𝑁𝑎+ and 𝑂𝐻− . Compared to MEA, 

NaOH has the advantage of being cheaper, more available and possessing a greater 
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theoretical CO₂ capture capacity. Similar to amines, other than being physically 

absorbed with the NaOH, CO₂ is chemically absorbed via the reaction given in the next 

equation. 

2𝑁𝑎𝑂𝐻(𝑎𝑞.) + 𝐶𝑂2(𝑔)

 
→ 𝑁𝑎2𝐶𝑂3(𝑎𝑞.) + 𝐻2𝑂(𝑙) 

There are two methods to perform the CO₂ absorption with NaOH: conventionally using 

a packed or, however, using a column packing supplement method, this method is based 

on the idea of using spray nozzles with the ability of producing a fine spray of the solvent. 

The later method has been claimed to allow for the high rate capture of CO2 using NaOH 

at low pressure drop, reduced capital cost and decreased water loss [27]. 

Another possible solvent is the potassium hydroxide (KOH) that is the second most 

abundant caustic solvent used for CO₂ scrubbing. KOH reacts with CO₂ by the reaction 

given in the following equation: 

2𝐾𝑂𝐻(𝑎𝑞.) + 𝐶𝑂2(𝑔)

 
→ 𝐾2𝐶𝑂3(𝑎𝑞.) + 𝐻2𝑂(𝑙) 

The chemical absorption process of CO₂ using KOH is no different from the process 

applied using NaOH. KOH is more expensive than NaOH, however, it is reported that 

KOH is advantageous to NaOH due to the formation of K₂CO₃ which has several 

industrial applications. Because of that, the final price of the KOH can be reduced if the 

K₂CO₃ is sold. 

The third caustic solvent verified for its ability to absorb CO₂ is calcium hydroxide 

(Ca(OH)₂). The reaction of Ca(OH)₂ with CO₂ is given by the reaction; 

𝐶𝑎(𝑂𝐻)2(𝑎𝑞.) + 𝐶𝑂2(𝑔)

 
→ 𝐶𝑎𝐶𝑂3(𝑎𝑞.) + 𝐻2𝑂(𝑙) 

A suspension of lime (𝐶𝑎(𝑂𝐻)2 solution) for the absorption of CO₂ has been performed 

by [28]. In their study, the researchers used a bubble column with agitated contactors. In 

general, less attention was given to CO₂ absorption using 𝐶𝑎(𝑂𝐻)2 due to the low 

solubility of the first in water which makes it not suitable to be used at higher CO2 

concentrations. 

4.1.2 Amino acid salt solutions  
 

Amino acids can replace the use of alkanolamines for CO₂ absorption due to the 

presence of the amine group. When amino acids react with alkaline salts such as lithium, 

sodium or potassium hydroxide, the carboxylate group of the amino acid is neutralised 

forming amino acid salt (AAS). The conventional amino acid neutralisation to AAS is 

performed by reacting the later with potassium hydroxide. In addition to reacting with 

potassium hydroxide, AAS can be prepared by reacting with amines to produce an 

amine-based AAS [27]. 

Even though AAS are considered expensive compared to other CO₂ absorbing solvents, 

they have the same or better advantages in absorbing CO₂ from biogas, than 

alkanolamines. Due to their ionic nature, amino acid salts perform similar to amines in 

absorbing CO₂ while having lower volatility. Holding a lower volatility reduces the 

expected absorbent loss during the regeneration of the solvent [27]. 

In addition, amino acid salts have the advantage of being naturally occurring, offering a 

higher resistance to oxidative degradation, and being biodegradable which enables the 
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easy and environmentally safe disposal. Nevertheless, a key disadvantage in the use of 

amino acid salts is their high molecular weight which may lead to an increase in the 

absorber size especially when CO₂ fraction is high as in the case of biogas. 

The reaction mechanism between amino acid salts and CO2 is similar to the mechanism 

explained for the reaction of the later with alkanolamines. AASs are believed to have 

potential in the biogas upgrading process not only due to the high efficiency of CO₂ 

absorption but also due to their high selectivity between CO₂ and CH₄. AAS selectivity 

between CO₂ and CH₄ was reported to be twice of the selectivity of MEA [27]. 

4.1.3 Amine scrubbing  
 

Amine scrubbing of CO₂ is where CO₂ is absorbed by an amine based solution. The 

absorption is a chemical absorption process since covalent bonds are formed between 

the amine and CO₂. The most common amines used for CO₂ removal are 

monoethanolamine (MEA), diglycolamine (DGA), diethanolamine (DEA), 

triethanolamine (TEA), methyldiethanolamine (MDEA), and piperazine (PZ) [27]. MEA is 

the most used amine for absorbing CO2 as a scrubbing agent. 

The amine solution absorbs CO₂ both physically to the liquid and chemically. However, 

the mass transfer of CO₂ from the gaseous phase to the liquid phase is increased by the 

chemical reaction between CO₂ and the amine. The chemical reaction consumes CO₂ 

in the liquid phase to maintain the concentration gradient of CO₂ in the two phases [29]. 

One recommendation while performing amine scrubbing is to keep the molar flow of 

amine at a rate of at least four times of the molar flow rate of CO₂ as it is said for several 

studied, specifically [29].  

An early use of amine scrubbing for CO₂ removal was reported in 1930 by [30]. The 

amines recommended for the CO₂ scrubbing were primary, secondary, and tertiary and 

may contain a carboxyl group. Other early studies examining amine-based CO₂ 
scrubbing used monoethanolamine, triethanolamine, and diaminoisopropanol, di- and 

tri-ethanol amine, ethylaminoethanol, methyldiethanolamine, piperidine 

methanol/ethanol/propanol/ butanol or pentanol , and hydroxyethyl piperazine. One early 

study claimed that the effectiveness of monoethanolamine and diaminoisopropanol is 

twice that of triethanolamine [31]. 

More recent works emphasised the use of the sterically hindered amines for CO₂ removal 

from the mixture of gases. It was claimed that steric hindrance gives amines higher 

thermodynamic capacity and faster absorption rates when CO₂ concentration is high. 

Nevertheless, it was later claimed that hindrance of amines increases their absorption 

capacities but decreases the rate of absorption especially at low CO₂ concentrations. 

Some studies used piperazine-based amine mixtures as CO₂ scrubbing solvents instead 

of MEA-based mixtures. One famous study used a mixture of PZ and MDEA [32]. The 

mixture was claimed to be capable of removing other impurities present in gases such 

as H₂S. The PZMDEA solution contains a tertiary amine (MDEA) and a secondary amine 

(PZ) and is proven to have an overall faster reaction with CO₂ when compared to MEA 

or a blend of MEA and MDEA. The presence of a secondary amine increases the overall 

amine-CO₂ reaction rate while the presence of the tertiary amine reduces the energy of 

regeneration due to its low reaction energy. 
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In the thesis that is exposed, only the MEA is the amine used in all the biogas upgrading 

process, but it is important to remark the several options that in the future can be studied 

taking into account the different solvents, and specifically in the amine scrubbing, all the 

mixtures that can be created to carry out the upgrading process. 

4.2 Process description 
The use of aqueous monoethanolamine (MEA) for the removal of CO₂ from a stream of 

biogas is an available technology and has been described in detail in a number of 

sources. MEA has been used as a solvent for non-selective removal of acidic gases for 

the past 60 years. For example, nowadays, Fluor is actively trying to commercialize CO₂ 
capture technologies based on MEA as a solvent. The Fluor process utilizes a 30 wt.% 

MEA solvent with inhibitors to prevent degradation and equipment corrosion, the same 

composition has been used in the study of this thesis.  

The chemical absorption process for CO₂ removal from biogas, performed in a packed 

column like any other chemical scrubbing of any gas, can be optimised by selecting the 

best solvent, as it is said previously, best contactor (tray or packing with respect to 

process conditions), best gas and liquid flow rates, and best stripping conditions. 

The process itself for CO₂ capture using MEA can be broken into two different sections 

in this study, a third section can be added in order to define a compression process of 

the carbon dioxide: 

1. Biogas cooling and compression. 

2. Absorption of CO₂ and regeneration of solvent 

A schematic of the process is shown in Figure 18Figure 17 VPlugP flow model in ASPEN 

PlusFigure 17. Each of these steps is now discussed in detail below. 

Figure 18 Schematic of CO2 capture by use of MEA solvent (Adapted from [32]) 
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4.2.1 Biogas heating and compression 
 

The absorber in the MEA system operates at a temperature of approximately 40°C and 

hence, the inlet temperature of the biogas to the absorber system needs to be around 

40- 50°C. In this case, the temperature is around 20-30°C and this stream needs to be 

heated before being fed to the absorption system. Heating is carried out with a heat 

exchanger in order to achieve the operation temperature of the absorber. 

Before of the heating process, the biogas is sent to a blower where it is slightly 

compressed. Since the flue gas stream has to flow upward through a packed absorber, 

it is necessary to increase the pressure of the flue gas before sending it to the absorber. 

This is also accompanied by attendant temperature increase. 

As it is studied in the biogas cleaning section, it is necessary that prior to chemical 

absorption with MEA, the biogas be cleaned to remove the impurities. All the processes 

that have been explained are necessary in order to avoid all the problems related with 

the presence of this compounds in the biogas upgrading process. In the base case 

studied in the thesis, the impurities are not studied which means that the composition of 

the biogas will be only formed by methane and carbon dioxide. 

4.2.2 Absorption of CO2 and regeneration of solvent 
 

The absorption process is carried out in an absorber typically a packed column one, in 

which a packing that provides sufficient surface area for the absorption of CO₂ is used. 

More in detail, the column in which chemical absorption process is performed can be 

represented with an ideal plug flow reactor where there is mixing only in the radial 

direction and not in the axial direction [33]. When using a packed column for absorbing 

CO₂ from biogas, a water solution is usually prepared from the selected absorbent and 

is fed into the top of the packed column while the raw gas is fed from bottom in a counter 

current flow. The estimation of the column height and diameter are dependent on other 

factors such as gas and liquid flow. In Aspen, the convergence of the programme is quite 

related with these parameters. 

 Thus, the biogas enters at the bottom of the absorber with the lean amine solvent 

entering at the top of the absorber. The lean amine comes in at a loading of between 

0.2- 0.3 and leaves at a loading close to 0.5. In a MEA system, the loading is defined on 

a mole basis as given by 

𝐿𝑜𝑎𝑑𝑖𝑛𝑔 =
𝑀𝑜𝑙𝑒𝑠 𝑜𝑓 𝑎𝑙𝑙 𝐶𝑂2 𝑐𝑎𝑟𝑟𝑦𝑖𝑛𝑔 𝑠𝑝𝑖𝑐𝑖𝑒𝑠

𝑀𝑜𝑙𝑒𝑠 𝑜𝑓 𝑎𝑙𝑙 𝑀𝐸𝐴 𝑐𝑎𝑟𝑟𝑦𝑖𝑛𝑔 𝑠𝑝𝑖𝑐𝑖𝑒𝑠
 

𝐿𝑜𝑎𝑑𝑖𝑛𝑔 =
[𝐶𝑂2] + [𝐻𝐶𝑂3

−] + [𝐶𝑂3
2−] + [𝑀𝐸𝐴𝐶𝑂𝑂 

−]

[𝑀𝐸𝐴 
 ] + [𝑀𝐸𝐴 

+ ] + [𝑀𝐸𝐴𝐶𝑂𝑂 
–]

 

 

In this case, lean amine refers to the amine stream that is stripped of CO₂ i.e. the amine 

stream that enters the top of the absorber. When the amine stream is loaded with CO₂, 
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as is the case with the stream that leaves the bottom of the absorber, it is referred to as 

a rich amine stream. The amine stream is usually introduced on the second stage from 

the top with make-up water entering at the first stage. This allows the first stage to 

function as a water wash to remove any entrained MEA that may be carried out along 

with the vent gas that is stripped of CO₂. It also serves the function of cooling the vent 

gas before it is released to the atmosphere. In some cases, it may be necessary to have 

a separate water wash tower after the absorber. 

The rich amine leaves from the bottom of the absorber from where it is sent to a pump 

before being sent to the cross-heat exchanger. In the cross heat-exchanger, the rich 

stream from the absorber exchanges heat with the lean stream from the stripper. In 

Aspen, the cross heat-exchanger is divided in two heat-exchangers in order to make 

faster the convergence of the problem, this fact will be explain later.  

This allows the rich stream to be heated and the lean stream to be cooled down. Before 

proceeding to the absorber, the lean stream is further cooled to bring its temperature 

down to 40°C or so. 

The rich stream is taken from the cross-heat exchanger to the stripper. The stripper is a 

packed column that has a reboiler. The stripper typically operates at slightly elevated 

pressures (~1.5-1.8 atm). The process is as proceed, the rich amine enters at the second 

stage of the stripper and flows down the column, counter to the direction of the vapors 

from the reboiler. The stream from the top of the column is taken to a condenser in order 

to condense the water and lower the temperature and then to a flash (DEHYDRATOR) 

in order to separate the CO₂ and H₂O. A part of the liquid reflux (pure water) is returned 

to the top of the stripper column while a purge stream is sent to storage.  

As in the absorber, the first stage in the stripper acts as a water wash stage to remove 

any entrained MEA in the vapor leaving the top of the stripper. In the reboiler of the 

stripper, steam from the combustion of raw biogas is produced. The heat duty in the 

reboiler arises from three different requirements: 

1. Sensible heat to raise the temperature of the rich stream to that in the stripper. 

2. Heat of reaction to reverse the absorption reaction and release CO₂. 

3. Heat to produce steam to maintain driving force for transfer of CO₂ from liquid 

phase to gas phase. 

Due to the fact that the regeneration of the solvent has not an efficiency of 100%, an 

additional stream is needed in order to maintain the MEA levels constant in the closed 

loop of the process. Because of that, a mixture of MEA and water is added in the lean 

stream before get into the absorber. 

4.3 Chemistry of the MEA system 
In the MEA system, CO₂ is solubilized in the liquid phase either in a carbamate, 

carbonate or bicarbonate form. The following reversible reactions occur in the MEA 

system: 

2𝐻2𝑂 
 

↔ 𝐻3𝑂+ + 𝑂𝐻− 

 

𝐶𝑂2 + 2𝐻2𝑂
 

↔ 𝐻𝐶𝑂3
− + 𝐻3𝑂+ 
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𝑀𝐸𝐴 + 𝐻𝐶𝑂3
−

 
↔ 𝑀𝐸𝐴𝐶𝑂𝑂− + 𝐻2𝑂 

 

𝑀𝐸𝐴 + 𝐻3𝑂+
 

↔ 𝑀𝐸𝐴+ + 𝐻2𝑂 

 

𝐻𝐶𝑂3
− + 𝐻2𝑂

 
↔ 𝐶𝑂3

2− + 𝐻3𝑂+ 

 

The equilibrium constants for the reaction are temperature dependent and follow the 

dependence given in (3-8). 

𝑙𝑛𝑘𝑥 = 𝐴 +
𝐵

𝑇
+ 𝐶𝑙𝑛𝑇 + 𝐷𝑇 

In this case, T is the temperature in °K. The constants A, B, C, D for the different reactions 

are presented in  Table 5 and are referenced from Augsten’s work [34]. 

Reaction A B C D 

2𝐻2𝑂 
 

↔ 𝐻3𝑂+ + 𝑂𝐻− 132.89 -13445.9 -22.47 0 
𝐶𝑂2 + 2𝐻2𝑂

 
↔ 𝐻𝐶𝑂3

− + 𝐻3𝑂+ 231.46 -12092.1 -36.78 0 
𝑀𝐸𝐴 + 𝐻𝐶𝑂3

−
 

↔ 𝑀𝐸𝐴𝐶𝑂𝑂− + 𝐻2𝑂 -0.52 -2545.53 0 0 

𝑀𝐸𝐴 + 𝐻3𝑂+
 

↔ 𝑀𝐸𝐴+ + 𝐻2𝑂 -3.038 -7008.3 0 -0.00313 

𝐻𝐶𝑂3
− + 𝐻2𝑂

 
↔ 𝐶𝑂3

2− + 𝐻3𝑂+ 216.05 -12431.7 -35.48 0 
Table 5 Values of temperature dependent parameters for equilibrium constant in MEA system 

 

4.3.1 Carbamate formation in the MEA system 
Carbamate formation is an important reaction in CO₂ absorption. There is much 

discussion in the literature on the mechanism of formation of the carbamate. Two 

mechanisms have been proposed for the formation of the carbamate – the zwitterion 

mechanism and the termolecular mechanism. 

4.3.1.1 Zwitterion mechanism 

 

This mechanism was proposed by Caplow in 1968 [35] and is shown below in Figure 19. 

Caplow assumed that the amine molecule forms a hydrogen bond with the water 

molecule before reacting with CO₂. The first step was the formation of an unstable 

intermediate by the bonding of the CO₂ molecule to the amine. In the second step, the 

amine proton is transferred to a basic molecule to form the carbamate. The base can be 

a water molecule or an amine. 

Figure 19 Zwitterion mechanism for carbamate formation 
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The kinetic expressions for this have been elucidated by Kumar et al. in 2003 [36]. 

QSSA on zwitterion gives: 

𝑟𝐶𝑂2
=

𝑘2[𝐶𝑂2][𝐴𝑚]

1 +
𝑘−1

∑ 𝑘𝑏[𝐵]

=
[𝐶𝑂2][𝐴𝑚]

1
𝑘2

+
𝑘−1

𝑘2

1
∑ 𝑘𝑏[𝐵]

 

The summation term is the contribution of all the bases present in the solution for the 

removal of protons. In lean aqueous solutions, the amine, water, OH- can act as bases 

causing the deprotonation of the zwitterion to form the carbamate species. 

1. For low amine concentrations, kb ~ kH₂O 

𝑟𝐶𝑂2
= 𝑘2[𝐶𝑂2][𝐴𝑚] (

𝑘𝐻2𝑂[𝐻2𝑂]

𝑘−1
) 

2. At moderately high amine concentrations, the contribution of the amine and the 

water to the zwitterion’s deprotonation are equally important and hence the 

contribution of all must be considered. 

3. At very high amine concentrations, the contribution of water to the deprotonation 

is insignificant and also k-1/(kAm[am]) is low. Hence, 

𝑟𝐶𝑂2
= 𝑘2[𝐶𝑂2][𝐴𝑚] 

 

4.3.1.2 Termolecular mechanism 
A termolecular single-step mechanism for carbamate formation was proposed in 1989 

[37] and is shown in Figure 20. 

In this mechanism, the bond formation with CO₂ and the proton transfer take place 

simultaneously. This mechanism is not very different from that proposed by Caplow. 

However, the recent literature cites Caplow’s mechanism as shown below. In this the 

formation of hydrogen bond with the base is ignored. If the lifetime of the zwitterion is 

very small, then Caplow’s mechanism approaches the termolecular mechanism. 

𝐶𝑂2 + 𝑅𝑅′𝑁𝐻
 

↔ 𝑅𝑅′𝑁+𝐶𝑂𝑂− 

𝑅𝑅′𝑁+𝐶𝑂𝑂− + 𝐵
 

↔ 𝑅𝑅′𝑁𝐶𝑂𝑂− + 𝐵𝐻+ 

The experimental data can be represented by either mechanism. However, ab initio 

computations show that the single step termolecular reaction is more likely. In addition, 

for some systems reported in literature, the zwitterion mechanism gives implausible 

Figure 20 Termolecular mechanism for carbamate formation 
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values of parameters. Other mechanisms have also been proposed to explain the 

carbamate formation and so as of yet, there is no consensus on which the correct 

mechanism is. 

 

4.3.2 Thermochemistry in the MEA system 
The thermochemistry of the MEA system has been elucidated by Rochelle et al. [38]. 

The values as presented in Rochelle et al. [38] are presented below: 

Reaction -ΔH(kcal/gmol) 

 25°C 80°C 120°C 

𝐶𝑂2(𝑔)
 

→ 𝐶𝑂2(𝑎𝑞) 4.9 2.9 1.3 

𝐶𝑂2(𝑎𝑞) + 𝐻2𝑂
 

→ 𝐻𝐶𝑂3
− + 𝐻+ -2.2 1.7 4.7 

𝑀𝐸𝐴(𝑎𝑞) + 𝐻+

 
→ 𝑀𝐸𝐴+ 12.0 12.2 12.1 

𝑀𝐸𝐴(𝑎𝑞) + 𝐻𝐶𝑂3
−

 
→ 𝑀𝐸𝐴𝐶𝑂𝑂− + 𝐻2𝑂 4.3 5.1 5.4 

Overall reaction 18.9 21.9 23.6 

 

Hence, at 25°C, the heat of reaction of MEA with CO₂ is 18.9 kcal/gmol CO2. 

4.4 Degradation of MEA solvent 
In the case of biogas upgrading, solvent degradation is considered an important factor 

due to the high CO₂ concentration and the presence of other impurities which may lead 

to unfavourable irreversible reactions. 

Degradation of amines refers to the action when amines bind with CO₂. Other than 

binding irreversibly with CO₂, amines degrade when there are other impurities in the gas 

such as solid particles, SO₂, NOx, and oxygen. Thus, the prior removal of these 

impurities from gas can halt solvent degradation. The degradation process causes 

solvent loss, decrease in the solvent absorption capacity, foaming, increased viscosity, 

increased disposal cost, and increased corrosion [39]. There are several mechanisms 

by which the amine is degraded.  

4.4.1 Carbamate polymerization 
Carbamate polymerization is the most common mechanism of amine degradation. It 

occurs in the presence of CO₂ and high temperature. The rate of degradation is a strong 

function of CO₂ partial pressure and temperature. Carbamate polymerization is initiated 

by the formation of an oxazolidone. This forms as a five-member ring by the internal 

reaction of an alcohol and a carbamate. The parent amine then reacts with the 

oxazolidone to produce a substituted ethylenediamine. The final step in the degradation 

is the condensation of the substituted ethylenediamine to a substituted piperazine. 

Sterically hindered amines and tertiary amines do not have a strong tendency to form 

carbamate and hence, are not subjected to this form of degradation. 

Degradation by carbamate polymerization is insignificant at temperatures lower than 

100°C and hence, will be important only around the stripper and the reboiler. Since, the 

degradation reactions are favoured at high CO₂ loading, the degradation is more 

probable at the rich end of the stripper. In addition, the rate of polymerization has a high 
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dependence on amine concentration and hence, solvents that use a lower amine 

concentration will have a lower rate of degradation.  

4.4.2 Oxidative degradation 
Oxidative degradation occurs due to the presence of oxygen in the flue gas. Neither 

carbon dioxide nor high temperature is required for oxidative degradation to occur. The 

products of oxidative degradation include various aldehydes, organic acids such as 

acetate, glycolate, acetate and oxalate amines, NH₃ and nitrosamines [40]. 

These products can have significant environmental impacts if released into the 

environment. Nitrosamines are known to be carcinogens. Oxidative degradation also 

results in the formation of heat stable salts and loss of the solvent. The degraded solvent 

has to be replaced with make-up and this can be a significant cost in the process. In 

addition, the degradation reactions can significantly enhance the corrosion of the column 

and its internals.  

Oxidative degradation will most likely occur at short times and low temperature with 

contact in the absorber and at longer times and high temperature in the stripper. In 

general, inhibitors are added to the system to prevent the oxidative degradation of MEA. 

 

4.5  Corrosion problems 
Another important challenge when implementing amine scrubbing for CO₂ removal is 

corrosion. Some amines, such as MEA, have corrosive nature especially at high 

temperatures [41]. Also, amines can degrade into corrosive products when reacting with 

CO₂. The MEA corrosive power is estimated to be maximum at the inlet and outlet of the 

stripper at a rate of 1mm per year for carbon steel in a pilot plant with a capacity of 

removing not less than 1 t CO₂ per hour [42]. It has been further claimed that highest 

corrosion occurs at a set of parameters combining high temperature with high CO₂ 
loading, high O₂ partial pressure, high amine concentration, and rough surface condition. 
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5 Theoretical definitions 
To carry out an exergoeconomic analysis is needed to define several energetic and 

economic concepts. These concepts include the thermodynamic laws, exergy 

definitions, cost components evaluation, economic definitions, etc. 

5.1 Thermodynamic concepts 
It is obvious that to develop an exergo-economic analysis is essential to know all the 

thermodynamic features involved in the process that is studied in the thesis. So, firstly, 

the laws of the Thermodynamic are defined. 

5.1.1 First law of Thermodynamics 
The definition of the internal energy is as proceed: 

“Internal Energy (U) can be viewed as the Kinetic and Potential Energy at the micro level 

of the system; i.e. for atoms and molecules. Kinetic Energy at this level can take  the 

form of translation, vibration and rotation of the molecules, while Potential Energy can 

be related to vibrational and electrical energy of atoms within molecules (vapor or liquid) 

or crystals (solids) as well as chemical bonds, electron orbits, etc.” [43]. 

In a different and less abstract way, the total increment of energy (internal plus 

mechanical) of a closed system can be defined as the difference between the received 

heat and the work done: 

∆𝑈′ = ∆𝑈 + ∆𝐸𝑐 + ∆𝐸𝑝 = 𝑄 − 𝑊 

If the system is at rest, this means that the kinetic energy is equal to zero and also the 

potential energy, so the equation is: 

∆𝑈 = 𝑄 − 𝑊 

In specific cases as the isobaric processes (constant pressure), the work associated a 

volume variation (V₂-V₁) is defined as: 

𝑊 = 𝑝(𝑉2 − 𝑉1) 

Substituting in the first law of the Thermodynamics: 

𝑄 = (𝑈2 + 𝑝𝑉2) − (𝑈1 + 𝑝𝑉1) 

Being 𝑈 + 𝑝𝑉  the definition of the enthalpy, which is a state function, this means that the 

variation of enthalpy does not depend on the path by which the system arrived at its 

present state. Thus, if the initial and final states are the same, the variation is zero. In a 

differential way the equation is given as: 

𝑑𝐻 = 𝑑𝑈 + 𝑑(𝑝𝑉) 

Another alternative way is the next one: 

𝑑𝐻 = (
𝜕𝐻

𝜕𝑇
)

𝑝
𝑑𝑇 + (

𝜕𝐻

𝜕𝑃
)

𝑇
𝑑𝑃 

Then the specific heat a constant pressure 𝑐𝑝 



42 
 

𝑐𝑝 = (
𝜕ℎ

𝜕𝑇
)

𝑝
 

Being ℎ the specific enthalpy defined as ℎ =
𝐻

𝑚
 

If the component or the mixture are considered as ideal gases, the enthalpy is only 

depended only of the temperature, not the pressure. So the expression simplify is: 

𝑑𝐻 = 𝑐𝑝𝑑𝑇 

The Kirchoff’s laws are applied to obtain the enthalpy value at different temperatures. 

Firstly, a reference temperature is defined, at that temperature a value is assigned to the 

enthalpy, to this value the enthalpy variation must be added.  

ℎ𝑇 = ℎ𝑟𝑒𝑓 + ∫ 𝑐𝑝𝑑𝑇
𝑇

𝑟𝑒𝑓

 

The enthalpy value of a pure substance for a given temperature has been determined. 

Thus the enthalpy value for a mixture can be obtained, in the ideal gases case is obtained 

in the following way: 

ℎ𝑚 = ∑ 𝑥𝑖ℎ𝑖

𝑛

𝑖=1

 

Where 

𝑛 is the total number of components of the mixture. 

𝑥𝑖 is the molar fraction of each component. 

ℎ𝑖 is the enthalpy of each component. 

 

5.1.2 Second law of Thermodynamics 
 

The entropy (S) can be defined as the measure of disorder (or chaos) in a system. In a 

cientific way, it can be described as a measure of the randomness of the molecules in a 

system. Recently, the terms order and disorder are have been seen decrease their use, 

the terms energy dissipation and incapacity of the systems to produce work are more 

used nowadays [43]. 

The estate entropy function is defined as: 

𝑑𝑆 =
𝑑𝑄𝑅

𝑇
 

Being 𝑇 the thermodynamic temperature and the 𝑅 indicates that the heat exchange is 

a reversible process. 

Another expression for the entropy is: 

𝑑𝑆 = 𝑑𝐽𝑠 + 𝑑𝜎 
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Where: 

𝑑𝐽𝑠 is the entropy heat flow being 𝐽𝑠 = ∫
𝑑𝑄

𝑇
 

𝜎 the entropy generation is always a positive quantity or zero (reversible process). Its 

value depends on the process, thus it is not a property of a system. The entropy of an 

isolated system during a process always increases, or in the limiting case of a reversible 

process remains constant (it never decreases). This is known as the increase of entropy 

principle. 

In the ideal gases problem, the following steps are needed to obtain the entropy variation 

value: 

1. The Gibbs equations are defined 

𝑑𝑢 = 𝑇𝑑𝑠 − 𝑃𝑑𝑣 𝑑ℎ = 𝑇𝑑𝑠 + 𝑣𝑑𝑃 

2. The 𝑑𝑢 and 𝑑ℎ definitions for the ideal gases are applied: 

𝑑ℎ = 𝑐𝑝
∗𝑑𝑇 

𝑑𝑢 = 𝑐𝑣
∗𝑑𝑇 

3. The previous definitions are substituted in the Gibbs equations 

𝑇𝑑𝑠 = 𝑑𝑢 + 𝑃𝑑𝑣 = 𝑐𝑣
∗𝑑𝑇 + 𝑃𝑑𝑣 

𝑇𝑑𝑠 = 𝑑ℎ − 𝑣𝑑𝑃 = 𝑐𝑝
∗𝑑𝑇 − 𝑣𝑑𝑃 

4. The ideal gases law 

𝑃𝑣 = 𝑅𝑇 

5. Finally, substituting: 

𝑑𝑠 =
𝑐𝑣

∗

𝑇
𝑑𝑇 +

𝑅

𝑣∗
𝑑𝑣∗                                     𝑑𝑠 =

𝑐𝑝
∗

𝑇
𝑑𝑇 −

𝑅

𝑃
𝑑𝑃 

 

In the case of an ideal gas mixture, the entropy definition is as proceed: 

𝑠𝑚 = ∑ 𝑥𝑖𝑠𝑖

𝑛

𝑖=1

 

 

Where 

𝑛 is the total number of compounds of the mixture 

𝑥𝑖 is the molar fraction of each compound 

𝑠𝑖 is the entropy of each compound. 

 



44 
 

5.2 Exergy definition 
A general vision of the exergy is: 

“Exergy is a measure of the maximum capacity of a system to perform useful work as it 

proceeds to a specified final state in equilibrium with its surroundings. Exergy is generally 

not conserved as energy but destructed in the system. Exergy destruction is the measure 

of irreversibility that is the source of performance loss. Therefore, an exergy analysis 

assessing the magnitude of exergy destruction identifies the location, the magnitude and 

the source of thermodynamic inefficiencies in a thermal system.”  [44] 

The exergy can also be described following the Szargut’s definition: 

“Exergy is the amount of work obtainable when some matter is brought to a state of 

thermodynamic equilibrium with the common components of its surrounding nature by 

means of reversible processes, involving interaction only with the above mentioned 

components of nature”. [45] 

 Since the term “reversible process” is used in the definition, it can be said that: 

“The Exergy of a system at a certain thermodynamic state is the maximum amount of 

work that can be obtained when the system moves from that particular state to a state of 

equilibrium with the surroundings”.  

These definitions are stipulated in a simply way, just to define the main concept, but to 

understand the importance of the exergy other aspects have to be studied to finally 

achieve a better understanding of the exergy. 

Firstly, it is important to remark that the energy manifests itself in many forms, each with 

its own characteristics and its quality. This quality of energy is synonymous with its 

capacity to cause a change. 

The quality of a given form of energy depends on its mode of storage. This may be either 

ordered or disordered (random) in which there are various degrees of randomness [46]. 

Entropy, as it is said before, is a measure of microscopic randomness and the resulting 

uncertainty about the microscopic state of the system. Moreover, the entropy is also a 

measure of the unavailability of a given disordered form of energy for conversion to the 

ordered form. 

Thus, the quality of disordered energy forms is variable and depends both on the form 

of energy and on the parameters of the energy carrier and of the environment. On the 

other hand, ordered forms of energy, have invariant quality and are fully convertible, 

though work interaction, to other forms. To account for variable quality of different energy 

forms a universal standard of quality is introduced. This standard is a thermodynamic 

quantity which is called exergy. 

Whenever two systems at different thermodynamic states can interact to each other, 

work can be developed until an equilibrium condition is achieved. When one of the 

systems is a suitably idealized system called an environment, exergy is the maximum 

available work as the systems interact to reach the equilibrium. 

 

5.2.1 Environment and dead state 
To understand the previous definition of the exergy is necessary to stipulate what is the 

environment. The environment is a very large body or medium in the state of perfect 
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thermodynamic equilibrium [46]. This conceptual environment has no gradients involving 

pressure, temperature, chemical potential, kinetic or potential energy. Therefore, there 

is no possibility of producing work from any form of interaction between the parts of the 

environment. 

The environment may interact with systems in three different ways 

a) Through thermal interaction as a reservoir (source or sink) of thermal energy at 

temperature 𝑇0: because of the very big heat capacity of the environment, it is 

able to exchange heat with any man-made system without suffering a significant 

change in its temperature 

b) Through mechanical interactions as a reservoir of unusable work. This form of 

interaction occurs only in systems which undergo a change in volume during the 

process under consideration. It has no relevance in the case of steady flow 

processes 

c) Through chemical interaction as a substance at low chemical potential in stable 

equilibrium: this type of interaction takes place whenever an open system rejects 

matter to the environment or draws from it substances of low chemical potential. 

The environment is assumed to be made up of such substances which are in 

equilibrium with one another. 

When the pressure, temperature, chemical composition, velocity, or elevation of a 

system are different from the environment, an opportunity to develop work exists. As the 

system changes state toward the environment, the opportunity diminishes, ceasing to 

exist when the system and the environment, at rest relative to one another, are in 

equilibrium. This state of the system is called the dead state. 

At the dead state, the conditions of mechanical, thermal and chemical equilibrium 

between the system and the environment are satisfied: the pressure, temperature and 

chemical potentials of the system are equal those the environment, respectively. When 

the equilibrium is approached only in terms of mechanical and thermal conditions, this 

state is referred as restricted dead state or environmental state [46]. 

5.2.2 Exergy concepts for control region analysis 
In control region analysis, three type of energy transfer across the control surface must 

be taken into account: 

 

 

 

 

 

 

 

 

 
Figure 21 Thermodynamic Balances 
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 Work transfer 

The work equivalent of a given form of energy is a measure of its exergy. Thus, the work 

is equivalent to exergy in every respect. Exergy transfer can be specified in both 

magnitude and direction by the work transfer to which it corresponds. 

 Heat transfer 

The exergy of a heat transfer at the control surface is determined from the maximum 

work that could be obtained from it using the environment as a reservoir of zero-grade 

thermal energy [46]. 

For a heat transfer rate Ф𝑖and a temperature at the control surface where the heat 

transfer is taking place 𝑇𝑖, the maximum rate of conversion from thermal energy to work 

is: 

𝑊𝑟𝑒𝑣 = (1 −
𝑇0

𝑇𝑖
) · Ф𝑖 = 𝛩 · Ф𝑖  

The term 𝛩 is called dimensionless exergetic temperature or Carnot’s factor. It is equal 

to the Carnot efficiency for the special case when the environment, at temperature 𝑇0, is 

used as the low temperature thermal reservoir. The exergy associated with a heat 

transfer rate is called thermal exergy flow. 

 Energy transfer associated with mass transfer 

Exergy of a steady stream of matter is equal to the maximum work obtainable when the 

stream is brought from its initial state to the dead state by processes during which the 

stream may interact only with environment [46]. 

In the absence of nuclear, magnetic, electrical, and surface tension effects, the exergy 

of a stream can be divided into four components: physical exergy, kinetic exergy, 

potential exergy and chemical exergy: 

𝐸 = 𝐸𝑝ℎ + 𝐸𝑘 + 𝐸𝑝 + 𝐸𝑐ℎ 

The sum of the kinetic, potential, and physical exergies is also referred to as 

thermomechanical exergy. The kinetic and potential energies of a stream are ordered 

forms of energy and thus fully convertible to work. 

When evaluated in relation to the environmental reference datum level, they are equal 

to kinetic and potential exergy respectively: 

𝐸𝑘 = 𝐺 ·
𝑣2

2
                  𝐸𝑝 = 𝐺 · 𝑔 · 𝑍     

𝐺 is the mass flow rate, g is the gravitational acceleration, v is the bulk velocity of the 

fluid stream relative to the surface of the earth and Z is the altitude of the stream above 

the sea level. 

Because of the disordered, entropy dependent nature of these form of energy, the 

corresponding exergy components can only be determined by considering a composite, 

two-part system, the stream under consideration and the environment. 
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It is convenient to separate physical and chemical exergy calculation. The dividing state 

in the processes which are used to determine physical and chemical exergy is the 

environmental state or restricted dead state (𝑇0, 𝑃0). 

5.2.2.1 Physical exergy 
Considering a system at rest, the physical exergy is the maximum available work as the 

system passes from the initial state, where the temperature is 𝑇  and the pressure is 𝑃 , 

to the restricted dead state, where the temperature is 𝑇0 and pressure is 𝑃0. 

Physical exergy is equal to the maximum amount of work obtainable when the stream of 

substance is brought from its initial state to the environmental state defined by 𝑃0 and 𝑇0 

by physical processes involving only thermal interaction with the environment [46]. 

The only interaction associated with the processes in the module is reversible heat 

transfer with the environment which, per mass is: 

𝑞𝑟𝑒𝑣 = 𝑇0 · (𝑠0 − 𝑠1) 

The steady flow energy rate balance for the control volume is: 

   𝑞𝑟𝑒𝑣 − 𝑤𝑟𝑒𝑣 = (ℎ0 − ℎ1) 

As follow from the definition above, the specific reversible work delivered by the module 

is equal to the specific physical exergy of the stream: 

𝑒𝑝ℎ = 𝑤𝑟𝑒𝑣 = 𝑇0 · (𝑠0 − 𝑠1) − (ℎ0 − ℎ1) = (ℎ1 − 𝑇0 · 𝑠1) − (ℎ0 − 𝑇0 · 𝑠0) 

The term ℎ − 𝑇 𝑠  is called specific exergy function, b: 

𝑒𝑝ℎ = 𝑏1 − 𝑏0 

Introducing the state equation of a perfect gas in the previous equation allows to compute 

the specific physical exergy of a perfect gas: 

𝑒𝑝ℎ = 𝑐𝑝 · (𝑇 − 𝑇0) − 𝑇0 · (𝑐𝑝 · 𝑙𝑛
𝑇

𝑇0
− 𝑅 · 𝑙𝑛

𝑃

𝑃0
) 

 

5.2.2.2 Chemical exergy 
 

The chemical exergy is the maximum available work as the system passes from the 

restricted dead state (e.g. environmental state) to the dead state where it is in complete 

equilibrium with the environment. The use of the term chemical here does not necessarily 

imply a chemical reaction. This change of state is made by processes involving heat 

transfer and exchange of substances only with the environment [46]. 

Thus, the chemical exergy is the exergy of a stream of substance when the state of the 

substance corresponds to the environmental state. 

Reference substances 

The chemical exergy is associated with the departure of the chemical composition of a 

system from that of the environment. When evaluating chemical exergy, the substances 

composing the system must be referred to the properties of a suitably selected set of 

environment substances. These substances define the reference environment.  
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The reference environment is introduced based on the use of standard chemical exergies 

relative to a standard environment. One essential characteristics of these reference 

substances is that they must be in equilibrium with the rest of the environment [46]. 

When the system under consideration consists of reference substances in some arbitrary 

state, its reference substances are the corresponding substances in their dead state (e.g. 

at environmental temperature and the partial pressure in the atmosphere). 

When the system under consideration does not comprise a reference substance, then 

its reference substances must contain the constituent elements of the system (e.g. the 

reference substances for CH₄ are CO₂ for carbon and H₂O for hydrogen in their dead 

state). 

General expression for chemical exergy 

Expression applicable to any homogeneous substance of a single chemical specie. The 

expression is derived considering and ideal device consisting of two connected modules. 

 

For the module A, the reversible work is equal to the difference between the chemical 

potentials of the reactants and products: 

𝐸𝑐ℎ = 𝑊𝑟𝑒𝑣 = 𝑛0 · 𝜇0 − (∑ 𝑛𝑘 · 𝜇0𝑘 − ∑ 𝑛𝑗 · 𝜇0𝑗

𝑗𝑘

) = −∆𝐺0 

Where ∆𝐺0 is the Gibbs function of the reaction, 𝑛𝑘 and 𝑛𝑗 are the numbers of moles and 

𝜇0𝑘 and 𝜇0𝑗 are the chemical potentials of the co-reactants and products necessary for 

the stoichiometric reaction the substance under consideration. 

The calculation of reversible work, in module B, associated with the change of 

concentration of the substances passing through the cells, is generally given by the 

change in the Gibbs function of the substance, so the total work required by the cell 

handling the co-reactants is: 

Figure 22 General definition for chemical exergy 
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𝐸𝑐ℎ(𝑜𝑗) = 𝑊𝑟𝑒𝑣(𝑜𝑗) = − ∑ 𝑛𝑗(

𝑗

𝜇0𝑗 − 𝜇00𝑗) 

Similarly, the work delivered by the cells handling the products is: 

𝐸𝑐ℎ(𝑜𝑘) = 𝑊𝑟𝑒𝑣(𝑜𝑘) = − ∑ 𝑛𝑘(

𝑘

𝜇0𝑘 − 𝜇00𝑘) 

The net work delivered by modules A and B is equal to: 

𝐸𝑐ℎ = 𝑊𝑟𝑒𝑣 = −∆𝐺0 − ∑ 𝑛𝑗(

𝑗

𝜇0𝑗 − 𝜇00𝑗) + ∑ 𝑛𝑘(

𝑘

𝜇0𝑘 − 𝜇00𝑘) 

In term of specific quantities, referred to a unit mole of substance 

𝑒𝑐ℎ = 𝑙𝑟𝑒𝑣 = −∆𝑔0 − ∑ 𝑣𝑗(

𝑗

𝜇0𝑗 − 𝜇00𝑗) + ∑ 𝑣𝑘(

𝑘

𝜇0𝑘 − 𝜇00𝑘) 

Where 𝜈𝑗 and 𝜈𝑘 are the stoichiometric coefficients of the reactions. 

In the case of pure components of the atmosphere, which can be described as ideal 

gases, the reversible isothermal work terms can be written in the form: 

𝐸𝑐ℎ(𝑜𝑗) = −𝑅 · 𝑇0 · ∑ 𝑛𝑗 · 𝑙𝑛
𝑝0

𝑝00𝑗
𝑗

 

𝐸𝑐ℎ(𝑜𝑘) = +𝑅 · 𝑇0 · ∑ 𝑛𝑘 · 𝑙𝑛
𝑝0

𝑝00𝑘
𝑗

 

Finally the chemical exergy can be calculated. Depending of the kind of substance the 

final formula for a compound defined as an ideal gas is different: 

 For a reference substance described as an ideal gas 

𝑒𝐶𝐻 = 𝑅 · 𝑇0 · 𝑙𝑛
𝑝0

𝑝00
= 𝑅 · 𝑇0 · 𝑙𝑛

1

𝑦00
 

 For a non-reference substance (pure substances) described as an ideal gas  

𝑒𝐶𝐻 = −∆𝑔0 + 𝑅 · 𝑇0𝑙𝑛
(𝑝0 𝑝𝑘⁄ )𝑣𝑘

(𝑝0 𝑝𝑗⁄ )
𝑣𝑗

 

 For a gas mixture described as an ideal gas 

𝑒𝐶𝐻 = ∑ 𝑦𝑖,0 ·

𝑖

𝑒𝐶𝐻,𝑖 + 𝑅 · 𝑇0 · ∑ 𝑦𝑖,0 · 𝑙𝑛 𝑦𝑖,0

𝑖
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5.3 Exergy Cost Analysis 
5.3.1 Process of cost formation 
Exergy analysis is necessary but not sufficient to determine the origin of losses. On the 

other hand, exergy balances allow localization of losses, but not the way through which 

they originate. These causality chains are called processes of cost formation and their 

study is termed exergy cost accounting [46]. 

Beyond exergy E, that functional products may contain it is also necessary to define the 

exergy cost E*, that is the exergy plus all the accumulated irreversibilities needed to get 

those products. 

The effectiveness in the design or operation of an energy system increase when the 

actual causes and the process of the cost formation are understood. The exergy 

accounting method identifies these causes. This information, complemented by the 

engineer’s experience, helps to reduce the product cost in energy systems. Decisions 

about design, operation and repair and replacement of equipment are facilitated. 

In addition, the exergy accounting method provides an objective cost allocation to more 

than one product of the same process. 

The main features of the Exergy Cost Analysis approach are: 

a) Cost is assessed in terms of resources used to produce a good or service. 

b) It is calculated as a function of thermodynamic quantities, in particular exergy. 

c) The introduction of suitable rules for the formulation of auxiliary equations for 

exergy cost computing (i.e., external assessment). 

d) Matrix calculation method which is well suited for use in numerical procedures. 

From the point of view of natural resources utilization, the most suitable quantity for the 

cost evaluation is exergy. Exergy is an adequate quantity for cost estimation since it 

deals with quality of energy. This means that resources and products are expressed in 

units of exergy and also their cost can be expressed in units of exergy. 

 

5.3.2 Exergy Cost Analysis 
 

An important aspect of the analysis is the level of detail adopted (disaggregation). It must 

be sufficient to capture the main aspect of the analysis particularly with regard to the 

formation of the cost of the products. 

Depending on the detail of the analysis, a decision has to be taken on the required detail 

i.e., which flows and process units are to be considered. The disaggregation level 

provides a breakdown of the total irreversibility among the plant components. Thus, the 

chosen disaggregation level will affect the conclusions of the analyses, normally the 

disaggregation level is the component level. 

The analysis of the system as a whole would lead to the conclusion that unit cost of 

electricity and heat would be the same. 

5.3.2.1 Physical structure of a system 
As it is said before, the exergy cost analysis is normally performed at the level of 

components. So, suitable control volumes are defined with the aim to identify the mass 
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and energy flows exchanged with the external environment and the relevant 

thermodynamic transformations. 

For each system, the exergy balance can be written in the matrix form: 

𝐴 · 𝐸 = 𝐼 

Where: 

𝐴 is the incidence matrix (n X m). It has as many rows n as the number of the components 

and as many columns m as the number of flows exchanged between the components 

and the external environment. 

𝐸 is the vector (m X 1) of the exergy flows and the number of rows is equal to the number 

of streams m identified in the physical structure 

𝐼 is the vector (n X 1) of irreversibility in the different components and the number of rows 

is equal to the number of components n identified in the physical structure 

5.3.2.2 Productive structure of a system 
When performing an exergy cost analysis, it is absolutely necessary to define a 

productive model of the plant, which considers the productive purpose of the process 

units, e.g., the definitions of fuels and products and the distribution of the resources 

throughout the plant [46]. Thus, the next step of the exergy cost analysis is to determine 

the productive structure of the system. 

This structure can be defined in graphical or in analytical form and consists in the 

identification of the productive function ruled by each component in the system. The 

following quantities are identified for each component: 

 Products P ("Products"). 

 Resources F ("Fuels"). 

 Waste flows L (“Losses") or D (“Discharges). 

Resources and products can be defined as the sum or difference of physical flows. 

The definition of these quantities is not unique, and depends, for each component, from 

its operational role in the process (or the perception that this function has the process 

engineer). The most important thing is to be coherent during the definition.  

The exergy efficiency of these units is defined as: 

ε =
𝐸𝑥𝑒𝑟𝑔𝑦 𝑜𝑓 𝑢𝑠𝑒𝑓𝑢𝑙 𝑝𝑟𝑜𝑑𝑢𝑐𝑡

𝐸𝑥𝑒𝑟𝑔𝑦 𝑜𝑓 𝑟𝑒𝑠𝑜𝑢𝑟𝑐𝑒
=

𝑃

𝐹
                  0 < ε < 1 

 

5.3.2.3 Exergy Cost Accounting 
It provides a rationale for assessing the cost of products in terms of natural resources 

and helps to optimize and synthesize complex energy systems. 

In any energy system, the exergy of the resources is greater than or equal to that of the 

products. For the plant as a whole as well as for any unit, 𝐹 − 𝑃 = 𝐼 > 0. The amount of 

exergy needed to obtain the products is equal to the exergy of the resources consumed 

plus irreversibilities. 
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This idea permits the introduction of a new thermodynamic concept called exergy cost. 

Given a system whose limits, disaggregation level, and production aim of the subsystems 

have been defined, it is called exergy cost  𝐸 
∗ of a physical flow the amount of exergy 

needed to produce this flow [46]. The exergy cost is always linked to the production 

process, and this process is linked to a set of internal and external conditions. The exergy 

cost of a flow 𝐸𝑖
  is indicated with 𝐸𝑖

∗. 

Beyond exergy costs, it is of interest to compute the unit exergy cost: 

𝑘𝑖
∗ =

𝐸𝑖
∗

𝐸𝑖
  

This is the amount of exergy associated to the external resource used to produce a unit 

exergy associated with a particular flow. 

5.3.3 Cost allocation 
The exergy cost is a conservative property. For each component of a system the sum of 

the exergy cost of the inlet flows is equal to the sum of the exergy cost of the exiting 

flows. 

In matrix form, the exergy cost balance for all the sub-systems of a plant is 𝐴 · 𝐸∗  = 0, 

where A is the incidence matrix (n X m), E* is a vector (m X 1) that contains the exergy 

cost of the flows. This equation provides as many equations for calculating the exergy 

costs as the number of components in the system. 

The exergy cost is a conservative quantity. For a generic component in a system, it is 

possible to write: 

∑ 𝐸𝑖𝑛
∗ − ∑ 𝐸𝑜𝑢𝑡

∗ = 0 

 

In matrix formulation 

𝐴 · 𝐸∗ = 0 

𝐴 is the incidence matrix with number of rows equal to n (number of components) and 

number of columns equal to m (number of streams). 

 𝐸 
∗ is the vector of exergy costs and the number of rows is equal to the number of 

streams m identified in the physical structure In order to compute the exergy cost of the 

different streams it is needed to write n-m auxiliary equations. 

If it wants to calculate the exergy cost of each of the m flows relevant to the 

disaggregation level considered for analysis, it will be necessary to write m independent 

equations. 

On the other hand, if all units have only one output flow that is not classified as a loss 

flow, then the problem is solved by applying the balance equation. In this case, it is said 

that the system or process analyzed is sequential. In the opposite case, additional 

equations must be written for each unit equal to the number of output flows that are not 

loss flows minus one. 
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5.3.3.1 Cost Allocation Rules 

 

In order to write the additional equations, it is necessary to follow the cost allocation 

rules: 

 P1 rule: the exergy cost of resource flows in the absence of specific external 

assessment, the exergy cost of the flows entering the plant equals their exergy. 

In other words, the unit exergy cost of resources is one. As many equations can 

be formulated 𝐸𝑖
∗ = 𝐸𝑖

  as flows entering the plant. 

A different assessment may be required for streams that do not come directly 

from the environment, but which require significant processing to be made 

available. 

 P2 rule: the exergy cost is relative to a discharged flow In the absence of external 

assessment, the exergy cost of a waste stream to the environment is assumed 

to be zero 

𝐸∗ = 0 

A different approach may be necessary to take into account of the effects 

produced by those flows on the environment 

 P3 rule: if an output flow of a unit is a part of the fuel of this unit (non-exhausted 

fuel), the unit exergy cost is the same as that of the input flow from which the 

output flow comes from. 

Alternative, when the resource of a component is defined as difference of two 

streams, the unit exergy cost of the two flows is the same. 

 P4 rule: if a component has a product composed of several flows with the same 

thermodynamic quality, then the same unit exergy cost will be assigned to all of 

them. 

The cost formation process of two or more products from the same unit is the 

same, and therefore we assign them a cost proportional to the exergy they have. 

Alternative, when the product of a component is defined as sum of two streams, 

the unit exergy cost of the two flows is the same. 

Note also that in any structure the number of bifurcations x equals the number of flows 

minus the number of units, the number of external resource flows and losses: 

𝑥 = 𝑚 − 𝑛 − 𝐹 − 𝐿 

allowing us to associate the problem of cost allocation to bifurcations. 

5.3.3.2 Exergy cost accounting 

Auxiliary equations can also be written in matrix formulation. 

For P1 preposition: 

𝐸∗ = 𝜔 

𝜔 accounts for the evaluation of the exergy cost of the stream from the external 

environment. 
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For P2 preposition, the same matrix formulation can be used with a different evaluation 

for ω terms: 

𝐸∗ = 𝜔 = 0 

In a compact form, P1 and P2 propositions can be summarized in: 

𝛼𝑒 · 𝐸∗ = 𝜔 

𝛼𝑒 is a matrix with number of rows e equal to the number of flows incoming into the plant 

and flowing out from the plant. The generic element of the matrix is +1 in case of an inlet 

flow or -1 in the case of an outlet flow. 

𝜔 is a vector including the values assigned to those flows 

P3 and P4 propositions can be written as: 

−
𝐸𝑗

𝐸𝑖
· 𝐸𝑖

∗ + 𝐸𝑗
∗ = 0 

In compact form: 

𝛼𝑥 · 𝐸∗ = 0 

𝛼𝑥 is a matrix with number of rows equal to (n-m-P-L) and number of columns equals to 

the number of streams. In each row there are two elements different from zero, the i-th 

element equal to −𝐸𝑗/𝐸𝑖  and the j-th element equal to 1. 

The system of equation is then: 

[
𝐴
𝛼𝑒

𝛼𝑥

] · 𝐸∗ = [
0
𝜔
0

] 

In compact form: 

[𝐴𝑐] · 𝐸∗ = 𝑌𝑒 

And: 

𝐸∗ = [𝐴𝑐]−1 · 𝑌𝑒 

[𝐴𝑐] is the cost matrix  

𝑌𝑒 is the vector of external assessment. 
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5.4 Exergo-economic analysis and design improvement of 

energy systems 
5.4.1 Exergo-economic cost 
The exergo-economic cost of internal flows and final products in thermal or chemical 

plants is the product cost of those items in monetary term. Two main contributions can 

be identified: 

•The first contribution comes from the monetary cost of the exergy entering the 

plant needed to produce the different streams and product within the plant. 

•The second covers the rest of the cost generated in the productive process 

associated with the achievement of product (capital, maintenance, operating 

costs...). 

For a generic component, the cost balance equation can be written as follow [46]: 

∑ 𝑐𝑖𝑛𝑖
· 𝐸𝑖𝑛𝑖

𝑖=1,𝑛𝑖𝑛

+ 𝑍 = ∑ 𝑐𝑜𝑢𝑡𝑖
· 𝐸𝑜𝑢𝑡𝑖

𝑖=1,𝑛𝑜𝑢𝑡

 

Definitions and concepts 

Resources, products and losses are expressed in appropriate way (as an example, 

energy fluxes, mass fluxes, exergy fluxes, etc.): 

 𝐹𝑖: i-th resource (kW). 

 𝑃𝑖: i-th product (kW). 

 𝐿: loss (kW). 

 𝑐: unit cost; in the case of monetary costs the unit is €/kJ. 

 𝑍: cost rate of the system; in the case of monetary costs the unit is €/s. 

In matrix form, for the m components, we get: 

𝐴 · 𝐶 = −𝑍 

A is the incidence matrix introduced for the calculation of the exergy cost C is the vector 

of exergo-economic cost of the different flows Z is the vector accounting for the cost rate 

of the different components. 

The unit exergo-economic cost of a generic flow is: 

𝑐𝑖 =
𝐶𝑖

𝐸𝑖
 

As for the exergy cost, m-n auxiliary equations are required to find the exergo-economic 

cost of the different streams. 

The auxiliary equations can be formulated using the P1, P2, P3 and P4 rules. It is 

concluded saying that the mathematical problem of calculating exergo-economic costs 

of the flows of a plant requires solving the system of m equations with m unknowns. 

[𝐴𝑐] · 𝐶 = 𝑍𝑒  
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5.4.1.1 Exergo-economic rules 

In order to write the additional equations, it is necessary to follow the cost allocation 

rules: 

 P1 rule: In the absence of external assessment, the exergo-economic cost of 

flows entering the plant equals their price. In other words, the unit exergo-

economic cost of a resource is equal to its unit price (€/J, €/kWh, etc…). 

This is equal to: 

[
𝐴
𝛼𝑒

𝛼𝑥

] · 𝐶 = [
−𝑍
𝐶𝑒

0
] 

𝐶𝑒 is similar to the vector ω introduced in the calculation of exergy costs and 

accounts for information gathered from P1 and P2 rule. 

𝐶 = [𝐴𝑐]−1 · 𝑍𝑒 

As it is defined, the only rule that it has to be applied is the P1 rule because of 

the fact that it is the rule that talks about the input flows that are the flows to take 

into account in this part of the exergo-economic analysis because they have their 

own specific cost. 

5.4.1.2 Design improvement of energy systems 

 

The purpose of this part is to provide the criteria for evaluation of a system design or 

operating conditions to improve the system, reducing the cost of products. The objective 

can be achieved using components with lower cost (and therefore normally with lower 

efficiency) or more efficient components (normally characterized by higher costs). 

The Design Improvements procedure is based on the fact that there is a relationship 

between irreversibility of the process and the investment cost of a component of the type 

represented in Figure 23. 

 

 

 

 

 

 

 

 

 

Figure 23 Cost-iireversibilities 



57 
 

Firstly, the unit cost of resources or products for the different components have to be 

defined. Since, they are not strictly coincident with physical flows, it is necessary to 

consider the following cases [46]: 

 

1. Resource or product equal to physical flow, e.g. resource E1. Then 𝑐𝐹 = 𝑐1. 

2.  Resource defined as difference of two physical flows, e.g. resource 𝐸1 − 𝐸2. Then 

𝑐𝐹 = 𝑐1 = 𝑐2 (P3 rule). 

3. Resource defined as sum of two physical flows, e.g. resources 𝐸1 + 𝐸2. Then 

𝑐𝐹 =
𝑐1 · 𝐸1 + 𝑐2 · 𝐸2

𝐸1 + 𝐸2
 

4. Product defined as difference of two physical flows. i.e. Product 𝐸1 − 𝐸2. Then 

𝑐𝑃 =
𝑐1 · 𝐸1 − 𝑐2 · 𝐸2

𝐸1 − 𝐸2
 

5. Product defined as sum of two physical flows. i.e. Product 𝐸1 + 𝐸2.  

Then 𝑐𝑃 = 𝑐1 = 𝑐2 (P4 rule). 

The next step in the Design Improvements procedure is to define the next two concepts: 

 Relative cost difference. For a given component, it is defined as the difference 

between the unit exergo-economic cost of the product and of the resource divided 

by the unit exergo-economic costs of the resource: 

𝑟𝑖 =
𝑐𝑃,𝑗 − 𝑐𝐹,𝑗

𝑐𝐹,𝑗
 

The increase in unit cost between the resource and the product can be due to 

irreversibility or high cost of component: 

𝑐𝐹,𝑗 · 𝐹𝑗 + 𝑍𝑗 = 𝑐𝑃,𝑗 · 𝑃𝑗  

𝑐𝑃,𝑗 = 𝑐𝐹,𝑗 ·
𝐹𝑗

𝑃𝑗
+

𝑍𝑗

𝑃𝑗
= 𝑐𝐹,𝑗 ·

𝑃𝑗 + 𝐼𝑖

𝑃𝑗
+

𝑍𝑗

𝑃𝑗
 

 Exergo-economic factor. It takes into account the contribution of the investment 

cost Z of a certain component to the increase of the unit cost that occurs because 

of the cost rate associated with exergy destruction: 

𝑓𝑖 =
𝑍𝑗

𝑍𝑗 + 𝑐𝐹,𝑗 · 𝐼𝑖
=

𝑍𝑗

𝑍𝑗 + 𝐶𝐷
 

In most typical applications the value of f is 0.55 for heat exchangers and between 

0.35 and 0.75 for compressors, turbines and pumps. 

At this time in which these concepts are good defined, the methodology of analysis is 

divided into the following steps:  

1. Calculate the sum of the investment cost 𝑍 and the cost referred to the destroyed 

exergy 𝐶𝐷. Components are ordered in descending order of 𝑍 + 𝐶𝐷. 
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2.  Components with the higher value of this parameter are likely to be improved; in 

particular the one that account for a higher relative cost difference 𝑟𝑖. 

3. The exergo-economic factor is used to identify the main causes of cost increase: a 

high value of this parameter indicates a high incidence of the cost of investment, a 

low value indicates a high incidence thermodynamic efficiency. In the first case a 

possible solution could be the use of cheaper components (generally characterized 

by lower efficiency), in the second case a higher efficiency component could be used 

with a consequent increase of the investment cost. 

 

5.5 Cost of Components 
 

5.5.1 Purchased Equipment Cost 
In order to compute the cost of an equipment of a certain size it is needed to know the 

cost for a certain base-case. This base-case information may be obtained from i) a bid 

provided by a manufacturer for the needed equipment, ii) company records of prices paid 

for similar equipment, iii) literature. 

5.5.1.1 Module costing technique and cost functions 
This is a costing technique that allows to estimate the purchasing cost of a component 

for a specific base condition [46]. Deviations from these base conditions are handled by 

using multiplying factors that depend on the following factors: 

 The specific equipment type. 

 The specific system pressure. 

 The specific materials of construction. 

A cost function is a relationship that estimates the purchasing cost of a component, using 

as input one or more reference operating conditions (temperature, pressure, mass 

flow…): 

𝐶𝐵𝐸𝐶 = 𝑓(𝑄1, 𝑄2, . . ) 

Where 𝑄𝑖 is the i-th condition required to estimate the cost function. 

Usually, the cost functions are defined by lower and upper limits of the independent 

variables. Outside these ranges, the resulting cost could be completely unrealistic. 

Because of that, in the case that the independent variables are outside these ranges, a 

scale factor must be applied. 

A generic cost function is expressed in the form: 

𝐶𝐵𝐸𝐶 = 𝐶𝑝
0 · 𝐹𝐵𝐸𝐶  

Where: 

𝐶𝑝
0 is the purchasing cost of equipment referred to base conditions (e.g., made of the 

most common material, usually carbon steel and operating at near ambient conditions). 

𝐹𝐵𝐸𝐶 is the bare erected module cost factor accounting for specific construction materials 

and operating conditions. 
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In most of cases, working equations are expressed in the form [47]: 

𝐶𝐵𝐸𝐶 = 𝐶𝑝
0 · 𝐹𝑀 · 𝐹𝑃 

Where: 

𝐹𝑀 is the material factor. 

𝐹𝑃is the pressure factor. 

Those values are higher than 1 when operating far from base conditions. In general 

pressure and material factors are tabulated for different commercial components. As it 

will be defined after, the pressure factor will be equal to one due to the fact that the 

biogas upgrading plant defined in this project works with a low pressure. 

It is in this way due to that the base conditions are the atmospheric pressure. Regarding 

the material factor, the base condition is the use of carbon steel, this material factor will 

be different depending of the component. 

The purchasing cost of an equipment referred to base conditions, 𝐶𝑝
0 may be expressed 

as [47]: 

𝑙𝑜𝑔10𝐶𝑝
0 = 𝐾1 + 𝐾2 · 𝑙𝑜𝑔10𝐴 + 𝐾3 · (𝑙𝑜𝑔10𝐴)2 

Where: 

𝐴 is a size parameter chosen as reference for the device considered. 

𝐾1, 𝐾2 and 𝐾3 are three constants to fit the expression to the real cost of the device, those 

values are registered in tables. This values are all calculated in the year 2001 and with 

a CEPCI of 397. A conversion will be done in order to update the cost to the real cost in 

2016. 

The pressure factor of an equipment may be expressed as [47]: 

𝑙𝑜𝑔10𝐹𝑝
 = 𝐶1 + 𝐶2 · 𝑙𝑜𝑔10𝑃 + 𝐶3 · (𝑙𝑜𝑔10𝑃)2 

Where: 

𝑃 is the independent variable, in this case the operating pressure. 

𝐶1, 𝐶2 and 𝐶3 are three constants defined to fit the expression to the real data. 

 

Effect of Capacity on Purchased Equipment Cost 

If there is no information about these kind of variables, a scale factor can be used, 

obviously it is needed to know information about a similar component. The most common 

simple relationship between the purchasing cost and an attribute of the equipment 

related to its capacity is given by: 

𝐶1

𝐶0
= (

𝑆1

𝑆0
)

𝑛

 

Where 

𝑆 is the equipment cost attribute. 
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𝐶 is purchasing cost. 

𝑛 is cost exponent. 

The subscript 1 refers to the equipment with the required attribute and the subscript 0 to 

equipment with the base attribute. The Information required to include the effect of 

capacity on equipment cost estimation: 

 A description of the type of equipment. 

 The units in which the capacity is measured. 

 The range of capacity over which the correlation is valid. 

 The cost exponent. 

The value of the cost exponent n varies depending on the class of equipment being 

represented. Its value is often around 0.6 and it is possible to use the so called six-tenths-

rule in the absence of other information [47]: 

𝐶1

𝐶0
= (

𝑆1

𝑆0
)

0.6

 

The effect of economy of scale can be expressed in analytical terms [47]: 

𝐶1 =
𝐶0

𝑆0
𝑛 · 𝑆1

𝑛 = 𝐾 · 𝑆1
𝑛 

𝐶1

𝑆1
= 𝐾 · 𝑆1

𝑛−1 

Effect of Time on Purchased Equipment Cost 

The purchasing equipment cost often refers to a specific year. Also, it is possible that 

prices of different components are available at different years. This raises the question 

of how to convert this cost into one that is accurate for the present time. 

When depends on past records or published correlations for price information, it is 

essential to be able to update these costs to take into account changing economic 

conditions (e.g., inflation). 

This can be achieved by using the following expression [47]: 

𝐶2

𝐶1
= (

𝐼2

𝐼1
)

 

 

Where: 

𝐶 is purchased cost. 

𝐼 is cost index. 

The subscript 2 refers to time when cost is desired and the subscript 1 refers to base 

time when cost is known. 

Several cost indices can be used in energy and chemical industry to adjust for the effects 

of time. The indices most generally accepted are the Marshall and Swift Equipment Cost 

Index (MSECI) and the Chemical Engineering Plant Cost Index (CEPCI). In the studied 

carried out in this project the Chemical Engineering Plant Cost Index has been used. 
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5.6 Engineering economics: basic concepts of financial 

mathematics 
 

Concepts and tools from financial mathematics are needed in order to assess economic 

analysis of energy systems. The choice of different approaches – e.g. current versus 

constant currency analysis - is functional to the kind of estimate and impact deeply on 

the results. Below, important concepts are defined in order to understand the financial 

mathematics.  

5.6.1 Present Value 
The present value is the value of an expected income stream determined as of the date 

of valuation. The present value is always less than or equal to the future value because 

money has interest-earning potential, a characteristic referred to as the time value of 

money, except during times of negative interest rates, when the present value will be 

less than the future value. It is possible to define the present value in different cases. 

5.6.1.1 Present value of a single sum 
The discount rate 𝑖 is a measure of the time value of money in the time period 𝑛. The 

present value 𝑃𝑉 of a single amount 𝑥, made 𝑛 time periods in the future, at a discount 

rate, 𝑖, per time period, is determined by the formula: 

𝑃𝑉 = 𝑥 · 𝑣𝑛                        𝑣𝑛 =
1

(1 + 𝑖)𝑛
 

The present value, 𝑛 years in the future of a single amount today is determined by 

multiplying the money today by the reciprocal of 𝑣𝑛: 

𝑌 = 𝑥 · (1 + 𝑖)𝑛 

5.6.1.2 Present value of a uniform series 
The present value 𝑃𝑉  of a uniform series, 𝑥 per time period, that extend 𝑛 periods in the 

future, at a discount rate of 𝑖 per time period, is determined by the formula 
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𝑃𝑉 = 𝑥 · 𝑎𝑛 

𝑎𝑛 =
(1 + 𝑖)𝑛 − 1

𝑖 · (1 + 𝑖)𝑛
 

To convert a single sum at one point in time to a uniform time series, the reciprocal of 

the 𝑎𝑛 factor is used. In this case, the first term of the series always occurs one period 

after the single sum is paid: 

𝑥 = 𝑌 ·
𝑖 · (1 + 𝑖)𝑛

(1 + 𝑖)𝑛 − 1
 

 

5.6.2 Inflation and escalation 
 

To understand those concepts is necessary to defined several concepts as the annual 

inflation rate, 𝑒𝑖, is the rate of rise in price caused by a general increase in prices for 

goods and factors of production without a proportionate increase in available good and 

services of equal value. 

Another concept is the real escalation rate, 𝑒𝑟, is the annual rate of increase in the price 

of a good due to causes such as resource depletion or increased demand. Improvements 

in technology developments in some cases would bring a negative rate of escalation. 

Real escalation is independent of and exclusive of inflation. 

Finally, the apparent annual escalation rate, 𝑒𝑎, is the total annual rate of increase in the 

price level and includes the effects of both inflation and real escalation. It is expressed 

by [46]: 

𝑒𝑎 = (1 + 𝑒𝑟) · (1 + 𝑒𝑖) − 1 

To carry out an economical and financial suited, it is important to know the effect of the 

inflation on the discount rate, because this discount rate is used along the years to obtain 

different variables, as the cash flow that will be defined later. 

Thus, since inflation reduces the value of a currency, the real cost of capital in constant 

currency (i.e., in the absence of inflation) is less than the nominal discount rate: 

𝑖 = (1 + 𝐶) · (1 + 𝑒𝑖) − 1 

Where: 

 𝐶 is the real discount rate. 

𝑖 nominal discount rate. 

𝑒𝑖 annual inflation rate. 
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5.6.3 Current and constant currency 
Once defined concepts as the inflation and the nominal discount rate, it is time to define 

the two ways to carry out an economic analysis.  

Thus, the economic analysis can be conducted in current currency (nominal) that is 

affected by the price inflation or in constant currency (real) that is adjusted for the effect 

of price inflation [46]. In general, utility engineering economic analysis are made in 

current currency because the numerical values of the estimated costs will more 

approximate the actual costs when occur. Therefore, value from a current- currency 

analysis can form the basis for budgeting future expenditures. 

Current-currency analysis 

A current-currency analysis includes expected effects of inflation on investment and 

expenses. The main characteristics are [46]: 

 It is used by most utilities in evaluating their business investments.  

 Presents cash flows that include inflation effects and that are estimates values 

eventually appearing in budget statements. 

 Obscure real cost trends. 

 Overemphasize operating and fuel cost. 

  Makes levelized values often appearing higher than today’s values by a factor of 

2 over the life of the generating unit. 

 Give the impression that the options appear more costly than present terms. 

Constant-currency analysis 

A constant-currency analysis does not incorporate the inflation effects. This kind of 

analysis has the following features [46]:  

 It is generally preferred by economic analysts. 

 Presents cash flows in reference year currency, which may be significantly lower 

numerically than actual values (current currency). 

 Makes levelized values appear close to today’s values. 

 Clarify real cost trends. 

In general, studies involving near term (next 5 to 10 years) are best presented in current 

currency. On the other hand, longer term studies (20-40 years) may be best presented 

in constant currency so that the effect of many years of inflation does not distort the 

costs. 

Current-currency analysis more closely approximates future cash flows (e.g., important 

when utilities are reviewing estimates with regulatory authorities). However, the 

constant- currency analysis gives a clear picture of real cost trends. A current-currency 

analysis requires the use of a discount rate, 𝑖 equal to the cost of money at the prevailing 

rate of inflation. On the other hand, if costs are kept in constant currency rather than 

allowed to inflate, the discount rate must be the weighted cost of capital in the absence 

of inflation. 
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5.7 Cost Estimation Methodology for Assessments of 

Power Plant Performance 
 

The costing methodology employed by NETL – National Energy Technology Laboratory, 

U.S. Department of Energy - in its costing models and baseline reports is summarized. 

Specific levels of capital cost are introduced by which NETL evaluates various power 

producing plants. 

The clear understanding of the methodology used is essential in allowing different power 

plant technologies to be compared on a similar basis. These guidelines are tailored for 

power producing plants, but they can also be applied to a variety of different revenue 

generating plants (e.g., coal to liquids, syngas generation, hydrogen). 

5.7.1 Levels of Capital Costs 
This methodology defines capital cost at five levels: 

 BEC – Bare Erected Cost. 

 EPCC - Engineering, Procurement and Construction Cost. 

 TPC - Total Plant Cost. 

 TOC - Total Overnight Capital. 

 TASC - Total As-Spent Capital. 

BEC, EPCC, TPC and TOC are “overnight” costs and are expressed in “base-year” 

currency (constant-currency). The base year is the first year of capital expenditure. On 

the other hand, TASC is expressed in current-year currency over the entire capital 

expenditure period, which is specific according to the investigated plant. 

BEC – Bare Erected Cost 

The Bare Erected Cost (BEC) comprises the cost of process equipment, on-site facilities 

and infrastructure that support the plant (e.g., shops, offices, labs, road), and the direct 

and indirect labor required for its construction and/or installation. BEC is an overnight 

cost expressed in constant currency. 

EPCC – Engineering, Procurement and Construction Cost 

The Engineering, Procurement and Construction Cost (EPCC) comprises the BEC plus 

the cost of services provided by the engineering, procurement and construction (EPC) 

contractor. EPC services include: detailed design, contractor permitting and 

project/construction management costs. EPCC is an overnight cost expressed in 

constant currency. 

TPC – Total Plant Cost 

The Total Plant Cost (TPC) comprises the EPCC plus project and process contingencies. 

TPC is an overnight cost expressed in constant currency. 

TOC – Total Overnight Capital 

The Total Overnight Capital (TOC) comprises the TPC plus all other overnight costs, 

including owner’s costs. TOC is an “overnight” cost, expressed in constant currency and 

as such does not include escalation during construction or interest during construction. 
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TASC – Total As-Spent Capital 

The Total As-Spent Capital (TASC) is the sum of all capital expenditures as they are 

incurred during the capital expenditure period including their escalation. TASC also 

includes interest during construction. Accordingly, TASC is expressed in mixed, current-

year dollars over the capital expenditure period. 

 

5.7.1.1 Contracting Strategy and EPC Contractor Services 
The cost estimates are based on an engineering, procurement and construction 

management (EPCM) contracting strategy utilizing multiple subcontracts. This approach 

provides the Owner with greater control of the project, while minimizing, if not eliminating 

most of the risk premiums typically included in an EPC contract price [46]. 

In a traditional lump sum EPC contract, the Contractor assumes all risk for performance, 

schedule, and cost. As a result of current market conditions, EPC contractors appear 

more reluctant to assume that overall level of risk. Where Contractors are willing to 

accept the risk in EPC type lump-sum arrangements, it is reflected in the project cost. 

In today’s market, Contractor premiums for accepting these risks, particularly 

performance risk, can be substantial and increase the overall project costs dramatically. 

The EPCM approach used as the basis for the estimates is anticipated to be the most 

cost effective approach for the Owner. While the Owner retains the risks, the risks 

become reduced with time, as there is better scope definition at the time of contract 

award(s). 

EPCM contractor services are estimated at 8 to 10 percent of BEC. These costs consist 

of all home office engineering and procurement services as well as field construction 

management costs. 

Figure 24 Levels of capital 
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5.7.1.2 Estimation of Capital Cost Contingencies 
Process and project contingencies are included in estimates to account for unknown 

costs that are omitted or unforeseen due to a lack of complete project definition and 

engineering. Contingencies are added because experience has shown that such costs 

are likely, and expected, to be incurred even though they cannot be explicitly determined 

at the time the estimate is prepared. 

Capital cost contingencies do not cover uncertainties or risks associated with: 

 Scope changes. 

 Changes in labor availability or productivity. 

 Delays in equipment deliveries. 

 Changes in regulatory requirements. 

 Unexpected cost escalation. 

 The performance of the plant after startup (e.g., availability, efficiency). 

Process contingency is intended to compensate for uncertainty in cost estimates caused 

by performance uncertainties associated with the development status of a technology. 

Process contingencies are applied to each plant section based on its current technology 

status [46]. 

Technology status Process Contingency (% of associated 
process capital) 

New concept with limited data 40+ 

Concept with bench-scale data 30-70 

Small pilot plant 20-35 

Full sized modules have been operated 5-20 

Process is used commercially 0-10 
Table 6 Process contingency 

Thus, the project contingency is estimated to be 15% to 30% of the sum of BEC, EPC 

fees and process contingency. 

5.7.1.3 Estimation of Owner’s Costs 
It takes into account other costs including pre-production, inventory capital, land, 

financing, and additional lumped cost according to the following guidelines [46]. 

Owner’s cost Estimate basis 

Prepaid royalties 

Any technology royalties are assumed to 
be included in the associated equipment 

cost, and thus are not included as an 
owner’s cost. 

Pre-production costs 

•6 months operating labor 
• 1 month maintenance materials at full 

capacity 
•1 month non-fuel consumables at full 

capacity 
•1 month waste disposal 

•25% of one month’s fuel cost at full 
capacity 

• 2% of TPC 
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Working Capital 
Although inventory capital is accounted 
for, no additional costs are included for 

working capital 

Inventory Capital 

•0.5% of TPC for spare parts 
•60 day supply (at full capacity) of fuel. 

Not applicable for natural gas. 
•60 day supply (at full capacity) of non-
fuel consumables (e.g., chemicals and 

catalysts) that are stored on site. 

Financing cost 

•2.7% of TPC 
This financing cost covers the cost of 
securing financing, including fees and 
closing costs but not including interest 

during construction (or AFUDC). The “rule 
of thumb” estimate is 2.7% of TPC 

Other owner’s cost 

•15% of TPC 
The “rule of thumb” estimate is 15%. The 

lumped cost includes: 
•Preliminary feasibility studies, including 
a Front-End Engineering Design (FEED) 

study 
• Economic development (costs for 

incentivizing local collaboration) 
•Construction and/or improvement of 
roads and/or railroad spurs outside of 

site boundary 
•Legal fees 

•Permitting costs 
•Owner’s engineering (staff paid by 

owner to give third-party advice) 
•Owner’s contingency 

Table 7 Estimation of Owner's costs 

 

5.8 Economic assessment of investment projects in the 

energy sector 
 

The economic assessment of investment projects in the energy sector may be based on 

relatively few methods. Discounted cash flow (DCF) methods are the most diffused and 

all of them rely on some general considerations [46]: 

 The rate of return of the investment should be higher than a threshold level called 

hurdle rate that is fixed by the investor. 

 The higher the risk, the higher the expected rate of return. 

 The threshold level must reflect the financial combination adopted to finance the 

investment (e.g., ratio between equity and debt capital). 
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 Revenues should be evaluated basing on cash flows originated over the whole 

lifetime of the project. 

5.8.1 Discount rate 
In DCF methods, it is fundamental to choose a proper discount rate to compare cash 

flows that derive from an investment over the whole lifetime. The discounted rate has 

therefore a key role in the assessment of an investment. It must be chosen considering 

[46]: 

- The real, risk-free discount rate referring to other possible and alternative 

investments 

- Inflation during the whole lifetime of the project that reflects the loss of purchasing 

power of the capital invested in the same period 

- A premium to assign to its own equity capital as a metric of the expected rate of 

return from a risky investment 

The discounted rate is therefore the cost of capital that is the expected rate of return of 

investors: 

- Stakeholders that share private equity capital (𝐾𝑒) expect to achieve a rate that 

is equal to the risk-free discounted rate plus a premium from the specific 

investment. 

- Stakeholders that share debt capital (𝐾𝑑) expect to achieve a rate that is equal to 

the cost of the debt of the specific investment. 

 

5.8.2 Net present value – NPV 
The net present value of a cash flow that is originated from a specific investment is given 

by the algebraic sum of the investment cost, I, with the net cash flows 𝐵𝑡 over the whole 

lifetime of the project (revenues less costs but including the amortization) that are 

discounted at a certain nominal rate, i, established by the investor: 

𝑁𝑃𝑉 = −𝐼 +
𝐵1

(1 + 𝑖) 
+

𝐵2

(1 + 𝑖)2
+ ⋯ +

𝐵𝑛

(1 + 𝑖)𝑛
= −𝐼 + ∑

𝐵𝑡

(1 + 𝑖)𝑡

𝑛

𝑡=1
 

An investment project is accepted once the NPV≥0. The basic rule suggests to choose 

the project with the higher NPV, among others that have a comparable initial investment. 

The NPV methodology is not able to differentiate projects with low investment cost and 

fast pay-back period with projects with high investment cost and slow pay-back period 

once they have the same NPV. However, it is useful to choose among investments with 

the same (e.g., comparable) initial investment cost. Thus, determine the effective 

monetary return but without giving any information about the rate of return of the 

investment. 

NPV does not include explicitly the uncertainty that can affect the estimation of 

independent variables (quantity, unit production price, retail price). In fact they are 

considered to be constant over the whole project lifetime. Thus a sensitivity analysis is 

often carried out on these variables to obtain a spider diagram. 
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5.8.3 Benefit-cost ratio- BCR 
BCR describes the average profitability of an investment per unit of invested capital. 

Thus, the effect of size on the project is therefore removed from the analysis. The project 

with the higher BCR value should be chosen, so the project with the higher BCR is 

suggested to be chosen. 

𝐵𝐶𝑅 =
∑

𝐵𝑡

(1 + 𝑖)𝑡
𝑛
𝑡=1

𝐼
 

5.8.4 Internal rate of return – IRR 
The internal rate of return is the value of 𝑖 that makes the discounted cash flow equals 

to the investment cost. 

−𝐼 + ∑
𝐵𝑡

(1 + 𝑖)𝑡

𝑛

𝑡=1
= 0 

Therefore, the internal rate of return makes 𝑁𝑃𝑉 = 0 and 𝐵𝐶𝑅 = 1. 

The internal rate of return should be higher that the nominal discount rate to make the 

project possible. 

5.8.5 Pay back time- PBT 
PBT describes the opportunity to choose the investment with the shortest period of return 

of the invested capital. 

PBT measures the time τ when negative cash flows equal to positive cash flows: 

−𝐼 + ∑
𝐵𝑡

(1 + 𝑖)𝑡

𝜏

𝑡=1
= 0 

 

The choice of an investment with the shortest PBT may hinder the effect of the whole 

lifetime of a project and therefore may not capture the real rate of return of the 

investment. 

5.8.6 Weighted average cost of capital - WACC 
In the economic evaluation of an investment, the discount rate can be chosen equal to 

weighted average cost of capital that accounts for the features we stated at the beginning 

of the lecture [46]: 

 The real, risk-free discount rate referring to other possible and alternative 

investments. 

 Inflation during the whole lifetime of the project that reflects the loss of purchasing 

power of the capital invested in the same period. 

 A premium to assign to its own equity capital as a metric of the expected rate of 

return from a risky investment. 

The weighted average cost of capital is calculated basing on the financial structure of 

the investment and therefore it is depends on the cost of equity (𝐾𝑒) and the cost of debt 

(𝐾𝑑) [46]: 
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𝑊𝐴𝐶𝐶 = 𝐾𝑒 ·
𝐸

𝐷 + 𝐸
+ 𝐾𝑑 ·

𝐷

𝐷 + 𝐸
 

Cost of equity, 𝐾𝑒, accounts two components, that is the specific risk of a certain 

investment and a systemic risk that is depending on the evolution of the economy as a 

whole. 

 

 

 

 

 

 

 

 

 

 

Thus, the cost of equity should be at least equal to the systemic risk Rf (risk ‘free’): 

𝐾𝑒 ≥ 𝑅𝑓 

In most of cases, it can be assumed 𝑅𝑓 as the government bond at short term since it is 

the less risky investment. However, the investor expect to have a premium: 

𝐾𝑒 = 𝑅𝑓 + 𝑝𝑟𝑒𝑚𝑖𝑢𝑚 

The way to estimate the premium is as proceed: 

𝑝𝑟𝑒𝑚𝑖𝑢𝑚 = 𝑅𝑠 + 𝛽 · (𝑅𝑚 − 𝑅𝑓) 

Where: 

𝑅𝑚 is the market return. 

𝑅𝑚-𝑅𝑓 is the equity market risk premium (EMRP). 

𝛽 is the sensitivity of a specific investment rate of return to the market modification. 

𝑅𝑠 is the small stock premium due to reduced equity, only for small investors. Normally 

it will be equal to zero. 

On the other, the cost of debt 𝐾𝑑 is defined as indicates the next formula: 

𝐾𝑑 = (𝐼𝑅𝑆 + 𝑠𝑝𝑟𝑒𝑎𝑑) 

Where: 

𝐼𝑅𝑆 is the interest rate swap and it is a fixed interest rate equivalent to a variable interest 

rate. 

Figure 25 Cost of Equity 



71 
 

𝑆𝑝𝑟𝑒𝑎𝑑 is the increase of the interest rate depending on the capability of the investor to 

return the capital. 
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6 Exergo-economic analysis of a biogas 

upgrading plant 
 

In this section, the analysis of a small-scale biogas upgrading plant is discussed from a 

technical point of view. The biogas stream is produced through the anaerobic digestion 

of pig manure, obtained in a pig farm with around 25.000 herds [48].   

A small-scale system, as the one studied in this work, is able to produce a stream of 

biogas equal to 500 Sm³/h. The biogas composition is 60 mol% of methane and 40 mol% 

of carbon dioxide. To obtain the biogas production rate, around 1.000 t/a of molasses 

are also added to the process. 

For simplicity, the biogas is assumed to contain only CH4 and CO2, therefore it is 

considered al-ready free from other components (water, hydrogen sulphide, siloxanes 

etc.) usually present in the raw gas. Anyway, the biogas cleaning techniques have been 

explained in the section 2.1. 

The aim of the upgrading plant is to produce biomethane with a purity of 97% in order to 

achieve chemical and physical specifications established in the decree of 2007 

developed and explained in the section 1.2. 

In order to understand the problem an exergo-economic analysis has been done, 

following the theory and the methodology, different parameters have been calculated as 

the exergy destruction, the exergy cost, the exergo-economic vector of the streams, the 

efficiency of the process, the energy consumption, the cost of the components and the 

final cost of production of the biomethane. On the other hand, also an economic study 

has been done to the biogas upgrading plant with the aim of calculate the economic 

parameters to understand if the plant is feasible or not. 

Furthermore, not only the base case has been studied, several sensitivity analyses have 

been carried out as the variation of the methane purity in the biomethane, the variation 

of the capacity of the biogas upgrading plant and the change in the operational conditions 

in the absorber, specifically, the variation in the operational temperature has been 

studied. 

The discussion of all the cases allows to characterize the performance of the biogas 

upgrading plant. Thus, to conclude this section, several conclusions have been written 

in order to collect all the results. 
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6.1 Methodology to obtain the results  
 

All the theory has been explained on the previous sections, thus, due to those definitions 

the exergo-economic analysis has been done for the base case that have been defined. 

This means, a biomass volume flow of 500 m³/h with the main objective to obtain a 97% 

purity of CH₄ at the end of the process. 

The next methodology has been followed to obtain the final results: 

 Use of Aspen Plus to carry out the simulation of the process. 

 Use of Excel to compute the different values of the unknowns and to calculate 

the exergo-economic analysis. 

6.1.1 Aspen plus simulation 
As it has been defined previously, Aspen plus is a program designed by AspenTech in 

which a process can be simulated to obtain as result all the parameters and variables of 

the process itself. 

To carry out the simulation is important to follow several steps before running the 

program. These steps are defined by order in the consequent points. 

6.1.1.1 Properties definitions 
The definition of the properties is the first step in every engineer process, in this case all 

the temperature, flow, pressure, heat, work, etc. units have been set to make easier the 

way of work. 

Another important definition in this step is the definition of the exergy reference 

environment properties (temperature and pressure): 

 

 

 

After characterize this, the chemical components that are involved in the process needs 

to be also described in this section. There are several components that have been also 

defined but that not have been used along the process as the sulfur components. It has 

been done in this way just in case a sulfur removal is studied, but as it is said before the 

biogas is just defined as carbon dioxide and methane. See Figure 27. 

 

Figure 26 Exergy reference envirnment properties 
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The next point is to choose the method to calculate the simulation. The first choice is the 

property method. The method used is the ELECNRTL that have been defined in the 

Section 3.1. Besides the property method, the electrolyte calculation is chosen, in this 

case is defined by ourselves in the chemistry section of Aspen. 

 

 

 

 

 

 

 

Not all the properties that are needed to carry out the exergo-economic analysis are 

defined by Aspen. Thus, in the Property Sets of Aspen several physical properties are 

set: 

  

 

 

 

Figure 28 Chemistry definition in Aspen 

Figure 29 Property sets in Aspen 

Figure 27 Components definition in Aspen 
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H0 and S0 are, respectively, the enthalpy and the entropy for the reference environment 

properties that have been defined in the Figure 26. On another hand, CO2XAPP, 

H2OXAPP and MEAXAPP are the apparent component mole fraction of the MEA, H2O 

and CO2. This is necessary due to the fact that in the process that is simulated several 

compounds are electrolytes. 

The apparent composition is also needed to define the Loading, the definition of the 

loading and the apparent composition have been explained in the section 4.2.2. 

6.1.1.2 Aspen Simulation  
The simulation characteristics are showed in the Figure 30. There are so many options 

to be filled before the simulation itself and during the definitions of the components of the 

process.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Basically, the first folders are already defined in the properties definition explained in the 

previous section. Thus, the first thing to do is to design the process on the flowsheet, this 

means that all the components and streams have to be described, the connections 

between the components are made by these streams. 

The streams can be described as a material, heat o work stream. Normally, the most 

used kind of stream is the material one, however, in the biogas upgrading process an 

important heat stream is used. This stream allows to divide the heat exchanger that heat 

up the MEA rich stream (DPUMOUT) before get in the stripper and also cold down the 

stream that get out of the stripper with a lower concentration of MEA (FLEANOUT). So, 

this heat stream makes possible divide the heat exchanger in two heat exchangers, the 

Figure 30 Simulation in Aspen 
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heat stream is defined to impose that the heat exchanged between the divided heat 

exchangers is the same. 

The division is carried out due to the fact that is easier for Aspen to converge, this an 

important issue because in several cases Aspen has problems to achieve the 

convergence of the problem. 

 As it is described before, the flowsheet for a biogas upgrading process is defined. Since 

the intent of the study was to perform parametric studies on the system, it was decided 

to model the flowsheet as an open-loop simulation since this would allow an easier 

convergence and facilitate to perform multiple runs quicker. However, design 

specifications were put in place to ensure that the simulation would converge at the 

optimal results are achieved. The developed flowsheet is shown in Figure 31. 

6.1.1.3 Blocks 
As it is shown, the flowsheet is implemented using different components, a little definition 

for every component is given: 

 Blower (compressor).The main goal of this component is to guarantee the input 

pressure in the absorber, in this case, 1.5 bar. This value has been adopted 

according the optimal parameters for the absorbing process. Thus, the blower 

rise the pressure from the input biogas pressure to 1.5 bar. 

To define the compressor is necessary to give some additional information as the 

isentropic and the mechanical efficiencies. In this case, the values taken are the 

next ones: 

 

 

 

The material used for the blower is the stainless steel, this fact is important to 

define the material factor need to calculate the cost of this component. 

 

Figure 31 Biogas upgrading flowsheet in Aspen 

Figure 32 Blower efficiencies 
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 FHXHOT. It is assumed as an air cooler heat exchanger. The goal of this 

component is to acclimate the biogas temperature to 40°C that is the optimal 

temperature for the absorber to carry out the chemical absorption process. The 

pressure drop in this component is assumed equal to zero. 

The material used is stainless steel as well. Another several properties will be 

defined when the cost calculation is required as, for example, the area of the heat 

exchanger.  

 Absorber. It is simulated on Aspen with a Radfrac column, the optimal parameters 

for the biogas upgrading are 1.5 bar and 40°C, as it said before, these parameters 

are achieved due to the use of the blower and the FHXHOT heat exchanger that 

acclimate the biogas stream.  

In this column, the chemical absorption is carried out, the biogas and the 

LLEANIN stream are the inputs and the CRICHOUT and BGASOUT are the 

outputs.  

The pressure drop is assumed as 𝛥𝑃 = 0.5 bar in the absorber. Several 

parameters are needed to define properly the absorber. The sizing and packing 

rating defined on Aspen have several choice that are necessary to fill. 

Those characteristics are given from another study [49]. Regarding the stages, 

normally, the amine stream is usually introduced on the second stage from the 

top with make-up water entering at the first stage. This allows the first stage to 

function as a water wash to remove any entrained MEA that may be carried out 

along with the vent gas that is stripped of CO2 [50]. 

 Pump. It is needed to control the value of the pressure of the CRICHOUT stream, 

because of the fact that the optimal value of pressure in the Stripper is 1.6 bar. 

However, the pressure is raised to 2.1 bar due to the pressure drop in the stripper. 

 

 Cross Heat Exchangers. As it is said before, this component has been divided on 

Aspen to simplify the calculation, and, in this way, obtain a higher convergence 

velocity. As before, the main goal is control the temperature before get in the 

Stripper. The optimal temperature after the heat exchanger for the stream 

incoming in the Stripper is about 100°C. Basically, two stainless steel heat 

exchangers are assumed: the HXRICH and the HXLEAN, the heat stream that 

join both of them is called HEATHX. The scheme on Aspen is described in Figure 

34 

 

Figure 33 Sizing and packing rating of the absorber 
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In addition, to matching the heat duties of HEXLEAN and HXRICH, it is necessary 

to set a design specification on the approach temperature to the cross-

exchanger. For this purpose, the temperature of the outlet stream of HEXLEAN 

is set to 15°C above the temperature of the inlet stream to HXRICH. All the design 

specifications will be defined lately. 

 

 Stripper. It is a fundamental component due to the fact that the amine 

regeneration is done in this component. To achieve this goal, it is needed a steam 

stream at 130°C, because of that, a reboiler fed by biogas is needed. The 

distillate to feed ratio is 0,045184404 mole. The heat needed is a design 

specification, and it will be explained later. The sizing and packing rating defined 

on Aspen have several choice that are necessary to fill as in the absorber. 

 

The rich amine enters at the second stage of the stripper and flows down the 

column, counter to the direction of the vapors from the reboiler. 

 Dehydrator. It is the component in charge to remove the water concentration of 

the CO₂ rich stream, named NCONDOU. The water stream removed is named 

OWATER and the final stream rich on CO₂ is PCO2. 

The flash specifications are the pressure that is 1.6 bar as the output pressure of 

the stripper, and the temperature that is a design specification. 

Figure 34 Cross heat exchanger scheme in Aspen 

Figure 35 Figure 33 Sizing and packing rating of the stripper 
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The material stipulated for this component is assumed as stainless steel also. 

 

 SHXHOT. Another heat exchanger defined as an air cooler one. It is needed to 

acclimate the temperature of the GSHXIN stream to 40°C, this temperature is the 

same that the LLEANIN one due to the fact that is the operational temperature 

needed by the absorber. 

 MIXER. Mix the makeup stream and the regenerated MEA stream. 

 

 

 

 

 

 

 

 
The composition of the IMAKEUP stream is also a design specification to obtain 

a final stream MLEAN equal to LLEANIN. 

 SEPARATOR. It is another flash stage to remove the water from the BGASOUT 

stream to obtain a final stream only rich in methane, at 97%. 

  

 

 

 

 

 

 

 

 

 

Figure 36 Dehydrator in Aspen 

Figure 37 Mixer scheme in Aspen 

Figure 38 Separator scheme in Aspen 
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6.1.1.4 Streams 
At this time, the properties and the block characteristics are studied, the next step is to 

define the input streams in the system. There are only three streams to be defined: 

 AAFLUEGA. The biogas stream is an input of the system. Several variables are 

defined like the temperature, pressure, total flow rate and the composition, all 

well known. 

The Figure 39 only shows the composition of the methane but also the CO₂ is 

defined. 

 LLEANIN. It an input stream in the absorber, this stream carry the MEA to perform 

the chemical absorption. The initial values are calculated thanks a mass balance 

in the absorber. However, these values will be different at the end of the 

simulation because of the fact that the IMAKEUP stream changes its values 

because it is a design specification. 

 IMAKEUP. It is the stream added to the process to maintain the MEA values 

constant through the process. In the Section 6.1.1.6 will be explain its design 

specification. 

6.1.1.5 Aspen Chemistry  
The different reactions that take place in the absorber and in the stripper are defined in 

this section of Aspen. For every single reaction a model is used to calculate the kinetic 

factor or the equilibrium constant depending if the reaction is kinetic or equilibrium one. 

 

 

 

 

 

 

Figure 39 Biogas input stream definition in Aspen 

Figure 40 Aspen Chemistry of the MEA model 
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If the reaction is a kinetic one, an Aspen model is used to obtain all the data to, finally, 

calculate the kinetic factor. For example, for the next kinetic reaction: 

𝐶𝑂2 + 𝑂𝐻−
 

→ 𝐻𝐶𝑂3
− 

The next fields must be filled, the values of k and E are taken directly from Aspen. 

 

 

 

 

 

 

 

 

 

 

 

On the other hand, if the reaction is an equilibrium reaction, another Aspen model is 

used, in this case computes the equilibrium constant from the Gibbs energies. Thus, for 

the next equation: 

𝑀𝐸𝐴𝐻+ + 𝐻2𝑂
 

↔ 𝑀𝐸𝐴 + 𝐻3𝑂+ 

As it is shown in the Figure 42, Aspen itself does not need any information about different 

parameters as the constants A, B, C or D. With the option “compute the Keq from Gibbs 

energies” Aspen takes the data from its data base. 

 

 

 

 

 

 

 

 

 

Figure 41 Power Law kinetic expression in Aspen 

Figure 42 Equilibrium paramters of the chemistry in Aspen 
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In other cases, the values of A, B, C and D are known and give to Aspen, the definition 

is as proceed: 

 

 

 

6.1.1.6 Design specifications 
Several properties are unknown in the process and because of that the design 

specifications are needed. To reach that value, an iteration method is used by Aspen. 

Inside the flwosheeting options, in Aspen, the next design specifications have been 

implemented. 

 

 

 

 

 

 

 

An initial value has been assumed for every single property, and with the Aspen solver, 

an iteration process has been carried out in order to achieve the final result. The initial 

values have been chosen taking into account the problem convergence, because of that 

several energy and mass balance have been calculated to obtain an initial value close 

enough to guaranteed the convergence of the problem. 

 

Figure 43 Built-in Keq expression in Aspen 

Figure 44 Flowsheeting options in 
Aspen 
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In Aspen, several “design spec” have been implemented in order to find the optimal result 

for the parameters defined above. 

1. Vent CO₂: The absorber has a design specification (CAPRATE) which regulates 

the amount of CO₂ that is vented from the top of the absorber. The desired extent 

of capture is achieved by varying the amount of amine flow into the absorber 

column. This design specification is specified in the Flowsheeting Options tab. 

2. Reboiler Duty: The reboiler duty is varied so that the composition of the stream 

FLEANOUT (output from the stripper) is equivalent to the composition of the 

stream LLEANIN. This ensures that the simulation would converge in a closed 

loop manner as well. This is done by matching the loading of the two streams. In 

the Prop Sets tab, two property sets CO2XAPP and MEAXAPP are defined. 

These calculate the apparent molar flows of CO₂ and MEA in the stream. The 

ratio of CO2XAPP to MEAXAPP is the loading of the stream. This property is set 

to the desired value (the value in the LLEANIN stream) and the reboiler duty is 

varied till the desired value is reached. 

On Aspen the design specification is named LLOAD and it is defined as proceed: 

 

Being the previous variables: 

 

 

 

 

 

 

 

 

Figure 45 Variation of the flowsheeting options 

Figure 46 Desing specifications expressions in Aspen 

Figure 47 Variables in the reboiler duty specification 
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3. Cross-exchanger approach temperature: the cross-exchanger has been divided 

in two heat exchangers: HXRICH and HXLEAN. The heat must be remain the 

same between them, so a heat stream has been used. However, it is need to 

define a design specification on Aspen to ensure the pinch point is equal to 15°C 

between the TRichLoading,out and the TLeanLoading,in.  

 

To reach this goal, the heat duty of the HXRICH is varied in the design 

specification, named as PINCH. 

 

 

 

4. Water and MEA balance: It is necessary to maintain the MEA and the water 

balance in the plant in order to have closed loop convergence. For this purpose, 

the flowrate of the make-up stream is varied to achieve an overall water balance. 

Two design specifications are needed to achieve this purpose (MIXH2O and 

MIXMEA). The main goal is to ensure that the final stream MLEAN will be equal 

to LLEANIN, because of that the apparent compositions of MEA and H₂O are 

equalled. 

  

 

 

 

 

 

 

Figure 48 Variables in the cross-exchanger specification 

Figure 49 Variation of the flowsheeting options 

Figure 50 Manipulated variables in the Water balance 
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The design specification is showed in the Figure 51. As it is indicated, the main 

goal is to achieve the same water apparent composition in the MLEAN and 

LEANIN.  

Being these variables: 

 

 

 

 

For the MEA balance the methodology is the same, only the definitions of the 

variables is different, instead of the water apparent composition, the MEA 

apparent composition is used. 

 

6.1.1.7 Input summary 
 The input data are collected in the Table 8 and it is implemented on Aspen. 

 UNIT VALUE 

Biogas temperature °C 25 

Biogas pressure bar 1 

Biogas volumen flow m³/h 500 

Solvent mass fraction wt% 30 

Lean Loading mol% 0.229 

Rich Loading mol% 0.455 

Absorber pressure bar 1 

Absorber pressure drop bar 0.5 

Stripper pressure bar 1.6 

Stripper pressure drop bar 0.5 

Steam temperature °C 130 

Pinch Point = TRichLoading,out-
TLeanLoading,in 

°C 15 

Pump Outlet Pressure 
bar 2.1 

Capture rate % 97 

Table 8 Input summary 

Figure 51 Design specifications in the Water Balance 

Figure 52 Variables in the Water Balance 
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The solvent has 30% of mass concentration in water, comes in at loading of 0.229, is 

called Lean Loading (LL) and is stripped of CO2, while it leaves at a loading around 

0.455, is called Reach Loading (RL) and is loaded with CO2. 

Another input data have been assumed from Aspen as the type of the stripper and the 

type of the absorber, the definition in both cases is explained in the section 6.1.1.3. 

 

6.1.2 Final Results of the Base Case 
Once Aspen plus has run the simulation, the results are plotted in a table. To work with 

all the obtained values, they are all exported to Excel in order to make easier the following 

calculations. The data exported from Aspen are the following, several of these properties 

are given in various measure units, the data is collect in the Table 9.  

Mole Flow for every compound kmol/sec   Enthalpy    kJ/kmol        

Mole Fraction for every compound             Entropy     kJ/kmol-K      

Total Flow  kmol/sec       Density     kg/cum         

Temperature °C              Average MW                 

Pressure    bar            *T=25.00000 °C*               

Vapor Fraction *P=1.013250 bar*               

Liquid Fraction              Enthalpy    kJ/kmol        

Solid Fraction                 Entropy     kJ/kmol-K      

CO2XAPP       MEAXAPP        
Table 9 Data calculated by Aspen 

The data related to the components of the biogas upgrading is also given by Aspen, 

especially, the heat and the work developed by them to carry out the process itself. 

QFHXHOT 
(kW) 

BLOWER 
(kW) 

PUMP 
(kW) 

HXRICH 
(kW) 

HXLIN  
(kW) 

STRIPPER 
CONDENSER 

(KW) 

STRIPPER 
REBOILER 

(KW) 

SHXHOT 
(KW) 

DEHYDR 
(KW) 

SEPARATOR 
(kW) 

-3,7107 7,5468 0,69774 390,1466 -390,146 -750,8784 1234,820 -327,332 -145,525 -7,09523 

Table 10 Heats and work of the different components in the base case 

Thus, all this data allow to start the exergo-economic analysis of the biogas upgrading 

plant. All the theory has been explained in the Section 5.2.2.1, so now it is time to apply 

those definitions to the biogas upgrading plant. 

The first step is to calculate the exergy of every single stream to, then, be able to obtain 

the exergy destruction of the components. As it is said before, the total exergy is the sum 

of the chemical and the physical exergy. 

6.1.2.1 Physical exergy of the streams 
Due to the fact that Aspen calculates the enthalpy and the entropy of every single stream 

and the enthalpy and entropy at the reference environment, the physical exergy can be 

calculated directly through the equation: 

𝑒𝑝ℎ = (ℎ1 − 𝑇0 · 𝑠1) − (ℎ0 − 𝑇0 · 𝑠0) 



87 
 

 

6.1.2.2 Chemical exergy of the streams 
The data needed to calculate the chemical exergy of a stream is the molar fraction of the 

components that are presented in the stream and the chemical exergy of the 

components, to finally obtain the chemical exergy of the mix. 

𝑒𝐶𝐻 = ∑ 𝑦𝑖,0 ·

𝑖

𝑒𝐶𝐻,𝑖 + 𝑅 · 𝑇0 · ∑ 𝑦𝑖,0 · 𝑙𝑛 𝑦𝑖,0

𝑖

 

The chemical exergy of the components are collected in the Table 11.  

Thermodynamic properties 
of pure components at 25 

°C, 1 atm 

 

MW 
(kg/kmol) 

𝒆𝑪𝑯,𝒊 (kJ/kmol) 

O2 31,9988 3970 

N2 28,01348 720 

CO 28,0104 275100 

CO2 44,0098 19870 

H2O (l) 18,01528 900 

H2O (v) 18,01528 9500 

CH4 16,04276 831650 

H2 2,01588 236100 

Table 11 Chemical exergy of the components 

 

The chemical standard exergy of the MEA has been calculated in with the following data 

given by Geuzebroek et al. 

 

Figure 53 Aspen results of the base case 



88 
 

chemical standard exergy of MEA 

 kJ/kmol 

ech0 NH3,l 337900 

ech0 C2H4 1360300 

ech0 O2 3970 

g0 C2H4O -11800 

g0 O2 0 

g0 C2H4 68400 

deltag0 C2H4O -80200 

ech0 C2H4O 1442485 

g0 C2H7NO 156417,894 

g0 NH3,l -26570 

deltag0 C2H7NO -194787,894 

ech0 C2H7NO  (MEA) 1975172,89 
Table 12 Chemical standard exergy of MEA 

  

6.1.2.3 Total exergy results 
The total exergy is the sum of the chemical and the physical exergy. Finally, the results 

are collected in the                Table 13: 

 AAFLUEGA ABFLUEGA AFLUEGAS BGASOUT CRICHOUT DPUMPOUT ERICHIN FLEANOUT GSHXIN HSHXOUT 

Chemical Exergy 
(kJ/kmol) 

5,05E+05 5,05E+05 5,05E+05 7,49E+05 2,22E+05 2,22E+05 2,22E+05 2,28E+05 2,28E+05 2,28E+05 

Physical exergy 
(kJ/kmol) 

0 1027,427 981,264 32,6753 151,974 150,6745 663,073 1134,330 305,301 34,5257 

TOTAL kJ/kmol 5,05E+05 5,06E+05 5,06E+05 7,49E+05 2,23E+05 2,23E+05 2,23E+05 2,30E+05 2,29E+05 2,28E+05 

Total EXERGY kW 2.88E+03 2,88E+03 2,88E+03 2,84E+03 2,60E+04 2,60E+04 2,60E+04 2,61E+04 2,60E+04 2,59E+04 

 

 IMAKEUP LLEANIN MLEAN NCONDOU OWATER PCO2 S5 S6 

Chemical Exergy 
(kJ/kmol) 

1,93E+03 2,22E+05 2,22E+05 1,22E+04 9,19E+02 1,95E+04 8,08E+05 7,69E+03 

Physical exergy 
(kJ/kmol) 

29,319645 36,82154 30,44113 1400,27725 7,25287 1129,95812 32,700801 34,250409 

TOTAL kJ/kmol 1,96E+03 2,22E+05 2,22E+05 1,36E+04 9,19E+02 2,06E+04 8,08E+05 7,72E+03 

Total EXERGY kW 6,34E+00 2,59E+04 2,59E+04 7,17E+01 2,79E+00 4,61E+01 2,84E+03 2,13E+00 

               Table 13 Total exergy results of the case base 

 

6.1.2.4 The incidence matrix 
The next step is definition of the definition matrix that make possible to calculate the 

exergy destruction of the components of the biogas upgrading plant. As it is explained 

previously,  when a stream is defined as an input of the component, the value in the 

matrix is one, on the other hand, if the stream is an output, the value in the matrix is -1. 

The same values are adopted with the heat and work streams. See Table 15. 

 



89 
 

6.1.2.5 Exergy destruction 
Finally the exergy destruction can be calculated, so following the next matrix equation: 

𝐴 · 𝐸 = 𝐼 

The incidence matrix and the exergy vector have been calculated. Thus, the exergy 

destruction results are collected in the Table 14. 

 EXERGY DESTRUCTION (kW) PERCENTAGE 

BLOWER 1,696710489 0,28% 

FHXHOT 0,262848718 0,04% 

ABSORBER 26,86765024 4,48% 

PUMP 0,623414862 0,10% 

HXRICH 84,22453512 14,04% 

STRIPPER 336,6321006 56,13% 

HXLIN 94,15144125 15,70% 

SHXHOT 30,67929669 5,12% 

MIXER 1,344096343 0,22% 

DEHYD 22,82570699 3,81% 

SEPARATOR 0,417579388 0,07% 

 

TOTAL 599,7253807 100% 
Table 14 Exergy destruction of the base case 

 

 

0

100

200

300

400

500

600

Base Case

Ex
e

rg
y 

d
es

tr
u

ct
io

n
 (

kW
)

Exergy destruction SEPARATOR

DEHYD

MIXER

SHXHOT

HXLIN

STRIPPER

HXRICH

PUMP

ABSORBER

FHXHOT

BLOWER

Figure 54 Exergy destruction of the base case 
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AAFLU 

EGA 
ABFLU 

EGA 
AFLU 
GAS 

BGA 
SOUT 

CRICH 
OUT 

DPUMP 
OUT 

ERICH 
IN 

FLEAN 
OUT 

GSHX 
IN 

HSHX 
OUT 

IMAKE 
UP 

LLEAN 
IN 

MLE 
AN 

NCON 
DOU 

O 
WA 
TER 

P 
CO2 

S5 S6 
Q-

FHX 
HOT 

W-
BLO 
WER 

W-
PUMP 

Q-
HX 

RICH 

Q-
HX 
LIN 

Q-
STRIPPER 

COND 
ENSER 

Q-
SHX 
HOT 

Q-
DEHY 

DR 

Q-SEP 
ARATOR 

BLOWER 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 

FHXHOT 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 -1 0 0 0 0 0 0 0 0 

ABSORBER 0 0 1 -1 -1 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

PUMP 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 

HXRICH 0 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 

STRIPPER 0 0 0 0 0 0 1 -1 0 0 0 0 0 -1 0 0 0 0 0 0 0 0 0 -1 0 0 0 

HXLIN 0 0 0 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 -1 0 0 0 0 

SHXHOT 0 0 0 0 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 -1 0 0 

MIXER 0 0 0 0 0 0 0 0 0 1 1 0 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

DEHYD 0 0 0 0 0 0 0 0 0 0 0 0 0 1 -1 -1 0 0 0 0 0 0 0 0 0 -1 0 

SEPARATOR 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 -1 -1 0 0 0 0 0 0 0 0 -1 

Total 1 0 0 0 0 0 0 0 0 0 1 1 -1 0 -1 -1 -1 -1 -1 1 1 1 -1 -1 -1 -1 -1 

Table 15 Incidence Matrix 
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The data is also plotted (see Figure 54) trying to make clear all the results obtained. The 

discussion of this results is quite important because of the fact the exergy destruction is 

a significant parameter in an exergo-economic analysis.  

It is characteristic the huge value of the exergy destruction in the stripper. It is in this way, 

due to the fact that the MEA regeneration is achieved thanks to the use of steam, this 

steam is generated in the reboiler of the stripper, burning biogas, as it is said previously. 

Because of this fact, the final value of the stripper is 336,321 kW which means the 

56.13% over the total exergy destruction.  

The next point, where the exergy destruction is significant, is the cross heat-exchanger, 

between both of them, the exergy destruction reach a value of 178,375 kW which means 

the 24.74% of the total. The main reason is the heat exchange in each heat exchanger 

that is around 390.15 kW. It is a huge value of heat exchange and because of that, the 

exergy destruction raise to that value. 

Emphasize the fact that the absorber only contribute to the total exergy destruction with 

26,867 kW, around the 4.48% of the total. The meaning of this fact, it is that the chemical 

absorption is made in a quite high efficiency way. 

Summarizing, the greatest amount of exergy is destructed in the stripper and in the heat 

exchangers, specifically in the cross heat exchanger and in the SHXHOT heat 

exchanger. On the other hand, there are several processes that not suppose a significant 

exergy destruction like the blower, the pump, the FHXHOT heat exchanger, the mixer 

and the separator that only contribute with the 0.72% of the total with a value of 4.344 

kW. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



92 
 

6.1.2.6 The productive structure 
The productive structure can be defined in several ways, in this case, the next 

configuration has been chosen in order to consider the productive purpose of the process 

units, which means the definitions of fuels and products and the distribution of the 

resources throughout the plant.  

The following quantities are identified for each component: 

 Products P ("Products") 

 Resources F ("Fuels") 

 Waste flows L (“Losses") or D (“Discharges) 

  F P L 

BLOWER AAFLUEGA+W-BLOWER ABFLUEGA - 

FHXHOT ABFLUEGA AFLUEGAS Q-FHXHOT*CARNOT 

ABSORBER AFLUEGAS+LLEANIN BGASOUT+CRICHOUT - 

PUMP CRICHOUT+W-PUMP DPUMPOUT - 

HXRICH DPUMPOUT+CARNOT*Q-HXRICH ERICHIN - 

STRIPPER ERICHIN+CARNOT*Q-STRIPPER 
REBOILER 

FLEANOUT+NCONDOU 
Q-STRIPPER 

CONDENSER*CARNOT 

HXLIN FLEANOUT GSHXIN Q-HXLIN*CARNOT 

SHXHOT GSHXIN HSHXOUT Q-SHXHOT*CARNOT 

MIXER HSHXOUT+IMAKEUP MLEAN - 

DEHYD NCONDOU PCO2 Q-DEHYDR*CARNOT+O-WATER 

SEAPARATOR BGASOUT S5 S6+Q-SEPARATOR*CARNOT 

Table 16 Productive structure of the base case 

Replacing the values of the exergy in the table, the values of the products, fuels and 

losses are given in the Table 17: 

  F P L 

BLOWER 2884,5299 2882,8331 - 

FHXHOT 2882,8331 2882,5703 0,00000 

ABSORBER 28820,2017 28793,3340 - 

PUMP 25958,6691 25951,1966 - 

HXRICH 26095,4968 26011,2723 - 

STRIPPER 26467,9849 26131,3528 0,0000 

HXLIN 26059,6317 25965,4802 0,0000 

SHXHOT 25965,4802 25934,8009 0,0000 

MIXER 25941,1451 25939,8010 - 

DEHYD 71,7212 46,1060 2,7895 

SEPARATOR 2842,21 2839,66 2,13 
Table 17  Values of the productive structure 

It is time to make a clarification due to the fact that there are losses with a value of zero. 

This situation is given because the Carnot’s factor for those heaters that exchange their 

heats with the ambient, the Carnot’s factor is equal to zero. 

However, for the HXRICH and the reboiler of the Stripper, the Carnot’s factor is not equal 

to zero. It has been assumed that the heat exchanger HXRICH and the reboiler receive 

heat from an external source – idealized as a thermostat with infinite specific heat 
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capacity – at the constant temperature 𝑇𝑖=200°C. Being 𝑇𝑖, the temperature used  on the 

Carnot’s factor equation. 

𝛩 = (1 −
𝑇0

𝑇𝑖
) 

 

6.1.2.7 Exergy Cost Accounting 
 

Following the methodology to carry out the exergy cost accounting, it is necessary to 

build the cost matrix in order to obtain the exergy cost of the streams. Thus, the cost 

allocation rules are needed to build the cost matrix from the incidence matrix obtained 

before. 

𝐸∗ = [𝐴𝑐]−1 · 𝑌𝑒 

Where 

[𝐴𝑐] is the cost matrix (see Table 19). 

𝑌𝑒 is the vector of external assessment. 

The first step is calculate how many equations must to be added to the incidence matrix. 

The theory said that the number of additional equations is the number of streams minus 

the number of components. Thus, the biogas upgrading flowsheet counts with 28 

streams and 11 components, which means 17 additional equations are needed. 

Taking into account the productive structure defined on the previous section, the rules 

used are the P1, P2 and the P4 rules, due to there is no stream when the resource of a 

component is defined as difference of two streams. 

Just to remember the meaning of the different rules explained on the section 5.3.3.1. 

 P1 rule: The unit exergy cost of resources is one. As many equations can be 

formulated 𝐸𝑖
∗ = 𝐸𝑖

    as flows entering the plant. 

 P2 rule: the exergy cost of a waste stream to the environment is assumed to be 

zero 𝐸𝑖
∗ = 0 

 P4 rule: when the product of a component is defined as sum of two streams, the 

unit exergy cost of the two flows is the same. 

−
𝐸𝑗

𝐸𝑖
· 𝐸𝑖

∗ + 𝐸𝑗
∗ = 0 
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All the rules applied to the different streams are explained in the Table 18. The resources 

are defined with the P1 rule, then all the losses follow the P2 rule and when the product 

is defined as sum of two streams, the P4 rule is used. 

 

Stream Rule applied 

AAFLUEGAS P1 

LLEANIN P1 

QHXRICH P1 

Q-STRIPPER BOILER P1 

IMAKEUP P1 

W-BLOWER P1 

W-PUMP P1 

QFXHOT P2 

Q_STRIPPER COND P2 

Q_HXLIN P2 

Q-SHXHOT P2 

Q_DEHYD P2 

OWATER P2 

S6 P2 

Q-SEPARATOR P2 

BGASOUT+CRICHOUT P4 

FLEANOUT+NCONDOU P4 
Table 18 Cost allocation rules applied in the base case 

 

The final results after the definition of the cost matrix and the vector of external 

assessment give as results the exergy cost and with it, it is of interest to compute the 

unit exergy cost. 

𝑘𝑖
∗ =

𝐸𝑖
∗

𝐸𝑖
  

This is the amount of exergy associated to the external resource used to produce a unit 

exergy associated with a particular flow. 

All the unit exergy cost are equal or greater than one, as it is logical (see Table 20). The 

biggest one is the unit exergy cost of the stream PCO2, due to the fact the dehydrator 

makes a process where two streams are wasted, one of water and another of heat.  
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HX 
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Q-
STRIPPE
R COND 
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Q-
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Y 
DR 

Q-SEP 
ARATO
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BLOWER 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 

FHXHOT 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 -1 0 0 0 0 0 0 0 0 

ABSORBER 0 0 1 -1 -1 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

PUMP 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 

HXRICH 0 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 

STRIPPER 0 0 0 0 0 0 1 -1 0 0 0 0 0 -1 0 0 0 0 0 0 0 0 0 -1 0 0 0 

HXLIN 0 0 0 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 -1 0 0 0 0 

SHXHOT 0 0 0 0 0 0 0 0 1 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 -1 0 0 

MIXER 0 0 0 0 0 0 0 0 0 1 1 0 -1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

DEHYD 0 0 0 0 0 0 0 0 0 0 0 0 0 1 -1 -1 0 0 0 0 0 0 0 0 0 -1 0 

SEPARATO
R 

0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 -1 -1 0 0 0 0 0 0 0 0 -1 

P1 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

P1 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

P1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 

P1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 

P1 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

P1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 

P1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 

P2 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

P4 0 0 0 -9,13 1 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0 

P4 0 0 0 0 0 0 0 -0,00275 0 0 0 0 0 1 0 0 0 0 0 0 0 0 0 0 0 0 0 

Table 19 Cost matrix 
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    E* (kW)   E (kW)   k 

AAFLUEGA   2876,983023   2876,983023   1 
ABFLUEGA   2884,52986   2882,833150   1,00058856 
AFLUEGAS   2884,52986   2882,570301   1,0006798 
BGASOUT   2845,057322   2842,211766   1,00100118 
CRICHOUT   25977,1039   25951,122250   1,00100118 
DPUMPOUT   25977,80165   25951,196576   1,0010252 
ERICHIN   26122,10189   26011,272284   1,00426083 
FLEANOUT   26505,86523   26059,631650   1,01712356 
GSHXIN   26505,86523   25965,480209   1,02081167 
HSHXOUT   26505,86523   25934,800912   1,02201923 
IMAKEUP   6,344171904   6,344172   1 
LLEANIN   25937,63137   25937,631365   1 
MLEAN   26512,20941   25939,800988   1,0220668 
NCONDOU   72,94927959   71,721158   1,01712356 
OWATER   0   2,789494   0 
PCO2   72,94927959   46,105957   1,58220941 
S5   2845,057322   2839,664219   1,0018992 
S6   0   2,129968   0 
Q-FHXHOT   0   0,000000   0 
W-BLOWER   7,54683774   7,546838   1 
W-PUMP   0,697741443   0,697741   1 
Q-HXRICH   144,3002425   144,300242   1 
Q-HXLIN   0   0,000000   0 
Q-STRIPPER CONDENSER   0   0,000000   0 
Q-STRIPPER REBOILER   456,7126255   456,712625   1 
Q-SHXHOT   0   0,000000   0 
Q-DEHYDR   0   0,000000   0 
Q-SEPARATOR   0   0,000000   0 

Table 20 Exergy cost and exergy unit cost of the case base 

6.1.2.8 Cost of components 
In this section the cost of the components used in the biogas upgrading plant are 

calculated using the Module costing technique and cost functions explained in the 

Section 5.5. 

Basically, the module costing technique give several equations in order to calculate the 

final cost of a component. To calculate this value, it is necessary to know the type of 

component, the unit used to define that component, several parameters K1, K2 and K3 

that can be found on tables and the material and pressure facture. 

That work has been made on Excel, calculating, firstly, the Cp_0, then the Bare Erected 

Cost in 2001, later a scale factor is applied just in case, and finally, the Bare Erected 

Cost in 2015 (see Table 21). All this methodology is explained on the section 5.5. 

The pressure factor in all the components is equal to one because the components of 

the biogas upgrading plant work with pressures not higher than 2.1 bar that is a small 

pressure. 
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 Type K1 K2 K3 Range 
Min 
A max A A unit A A definit. Cp_0 [$] 

Scale  
Factor F_p F_m 

Type 
of 
Fm B1 B2 

C_BEC [$] 
no size 

C_BEC [$] 
(2001) 

CEPCI 01 to 
15 

C_BEC [$] 
(2015) 

BLOWER Centrifugal 2,2897 1,3604 
-

0,1027 No 450 3000 7,546837 kW 450 150027,1608 0,016770 1 5,9 Fbm No No 885160,249 14844,80 1,432493 $21.265,08 

FHXHOT air cooler 4,0336 0,2341 0,0497 No 10 10000 3,224151 m^2 10 20768,25464 0,322415 1 2,9 Fm 0,96 1,21 92813,33 29924,42 1,432493 $42.866,54 

ABSORBER 
Process 
Vessel - - - No - - 0,785398 m^3 8 8648,68 0,098174 1 3,2 Fm 2,25 1,82 69829,4423 6855,489 1,432493 $9.820,45 

FILLING 
ABSORBER - - - - No - - 0,785393 m^3 8 1908,44 0,098174 1 3,2 Fm 2,25 1,82 15408,7446 1512,749 1,432493 $2.167,00 

PUMP 
Reciprocatin
g 3,8696 0,3161 0,122 Yes 0,1 200 0,697741 kW 0,697741 6655,374045 1 1 2,2 Fm 1,89 1,35 32345,1179 32345,11 1,432493 $46.334,18 

HXRICH u-tube 4,1884 
-

0,2503 0,1974 Yes 10 1000 66,82938 m^2 66,82938 24493,59805 1 1 2,75 Fm 1,63 1,66 151737,84 151737,84 1,432493 $217.363,50 

STRIPPER 
Process 
Vessel - - - No - - 0,785398 m^3 4 5665,98 0,196349 1 3,2 Fm 2,25 1,82 45747,1225 8982,42 1,432493 $12.867,27 

FILLING 
STRIPPER - - - - No - - 0,785398 m^3 4 965,74 0,196349 1 3,2 Fm 2,25 1,82 7797,38476 1531,01 1,432493 $2.193,17 

HXLIN air cooler 4,0336 0,2341 0,0497 Yes 10 10000 108,8535 m^2 108,8535 52073,47242 1 1 2,9 Fm 0,96 1,21 232716,348 232716,34 1,432493 $333.364,70 

SHXHOT air cooler 4,0336 0,2341 0,0497 Yes 10 10000 211,4276 m^2 211,4276 70245,31031 1 1 2,9 Fm 0,96 1,21 313926,292 313926,29 1,432493 $449.697,44 

MIXER No data - - - - - - - - - - - - - - - - - - 1,432493 $0,00 

DEHYD 
Process 
Vessel 3,5565 0,3776 0,0905 Yes 0,1 628 1 m^3 1 3601,637504 1 1 3,2 Fm 2,25 1,82 29079,6212 29079,62 1,432493 $41.656,37 

SEPARATO
R 

Process 
Vessel 3,5565 0,3776 0,0905 Yes 0,1 628 1 m^3 1 3601,637504 1 1 3,2 Fm 2,25 1,82 29079,6212 29079,62 1,432493 $41.656,37 

Table 21 BEC calculations
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Regarding the material factor, all the components are supposed as stainless steel 

materials, taking into account the data from the tables [47]. The material factor for the 

components is defined as proceed: 

 

 

 

 

 

 

 

 

 

The cost of the Mixer is assumed as zero, because two reasons. There is no data about 

mixers and the influence in the total price would be negligible. 

The Bared Erect Cost is not the cost that is needed to calculate the exergo-economic 

cost, the Total Overnight Cost is the one needed taking into account the methodology. 

 C_BEC [$] EPCC [$] TPC [$] TOC [$] 

BLOWER $21.265,08 $23.391,59 $32.748,23 $39.363,37 

FHXHOT $42.866,54 $47.153,20 $66.014,48 $79.349,40 

ABSORBER $11.987,45 $13.186,20 $18.460,67 $22.189,73 

PUMP $46.334,18 $50.967,60 $71.354,63 $85.768,27 

HXRICH $217.363,50 $239.099,85 $334.739,79 $402.357,23 

STRIPPER $15.060,44 $16.566,48 $23.193,07 $27.878,07 

HXLIN $333.364,70 $366.701,17 $513.381,64 $617.084,74 

SHXHOT $449.697,44 $494.667,18 $692.534,05 $832.425,93 

MIXER $0,00 $0,00 $0,00 $0,00 

DEHYD $41.656,37 $45.822,01 $64.150,82 $77.109,28 

SEPARATOR $41.656,37 $45.822,01 $64.150,82 $77.109,28 
Table 23 Levels of capital costs 

 

To calculate the Total Overnight Cost several hypothesis haven been done following the 

theory explained on the section 5.7.1. 

 

 

 

 Material Fm 

BLOWER SS 5,9 

FHXHOT SS tube 2,9 

ABSORBER SS 3,2 

PUMP SS 2,2 

HXRICH SS (tube & shell) 2,75 

STRIPPER SS 3,2 

HXLIN SS tube 2,9 

SHXHOT SS tube 2,9 

MIXER - - 

DEHYD SS 3,2 

SEPARATOR SS 3,2 

Table 22 Material factor of the components 
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Hypothesis Use 

EPC (10%) EPCC 

Commercial process (10%) TPC 

Project contingencies (30%) TPC 

Pre-production costs (2%) TOC 

Inventory Capital (0.5%) TOC 

Financing cost (2.7%) TOC 

Other owner’s costs (15%) TOC 
Table 24 Cost Estimation Methodology for Assessments of Power Plant Performance 

The table means that to calculate the EPCC (Engineering, Procurement and 

Construction Cost) is assumed that the value is the BEC plus the 10% of the BEC. Then, 

the Total plant Cost is the EPCC plus the 10% of commercial process and the 30% of 

project contingencies. Finally the Total Overnight Cost is the TPC plus all the overnight 

cost, including the owner’s costs that is assumed a 20.2% of the TPC. 

6.1.2.9 Cost of the resources 
The cost of the resources must be calculated in order to carry out the exergo-economic 

analysis. The resources in the biogas upgrading plant are the biogas stream, the electric 

power needed in the pump and the blower, the MEA used in the system and the 

additional biomass burned in the reboiler of the stripper. 

1. Biogas stream. The biogas flow in the base case is 500 m³/h, the total biogas 

used in one operational year, 7008 horas because the plant is working the 80% 

of the year, is 3.504.000 m³/year. The price of the biogas is taken from 

bibliography: 

 

 

 

 

 

 

 Finally, the biogas cost every year is 473.040€. 

2. The electricity used by the pump and the blower. The price of the kWh is 

0,1357697 $/kWh . The consumption of the pump is 4.889,77 kWh/year and the 

blower is 52888,24 kWh/year. In conclusion, the total cost every year is  

7.844,51$. 

3. The MEA stream to maintain the MEA balance in the process. This MEA is added 

in the IMAKEUP stream, the MEA quantity over one year of operation is 2.632,92 

kg. The price of the MEA is taking from the bibliography [51] and the value 

correspond with 1,5 $/kg. Thus, the cost every year of the MEA is 3.949,3861 

$/year. 

4. The heat needed in the stripper is generated burning biogas in a burner. This 

burner is not included in the stripper itself, because in the bared erected cost 

calculated for the stripper, the stripper is only assumed as a process vessel, 

because of that fact the burner (reboiler) is considered now. 

bibliography euro/Sm3 

Mårtensson, 2007  0,09 

DOE EIAmin, 2007  0,09 

DOE EIAmax, 2007  0,23 

Kool et al, 2005  0,13 

Average Value 0,135 

Table 25 Biogas costs 
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The biogas is burned to obtain 483,9419 kW, that it is the difference between the 

heat of the reboiler minus the condenser heat of the stripper. Thus, 45.346,235 

m³/year of biogas are burned with a final price of 6.121,74 €/year. 

On the other hand, the cost of the burner is calculated following the Module 

costing technique. 

 C_BEC [$] EPCC [$] TPC [$] TOC [$] TASC [$] 

BURNER $683.311,28 $751.642,41 $1.052.299,38 $1.264.863,85 $1.441.944,79 

Table 26 Levels of capital cost of the burner 

6.1.2.10 Exergo-economic cost 
All the previous calculus are necessary to develop the exergo-economic analysis and 

design improvement of the energy system. The methodology says that the next step 

consists on apply the cost balance equation that adding the auxiliary equations and in a 

matrix form, the equation is: 

𝐶 = [𝐴𝑐]−1 · 𝑍𝑒 

Being 

[𝐴𝑐] The cost matrix (see Table 19). 

𝑍𝑒  is defined as [
−𝑍
𝐶𝑒

0
] where 𝑍 is the vector accounting for the cost rate of the different 

components and 𝐶𝑒 is the costs of the resources. 

 

The vector 𝑍 is obtained from the TOC values of the components. The calculation of 𝑍 

from the TOC needs several economic definitions, the main concept is the weighted 

average cost of capital (WACC) that is the discount rate applied in the economic part of 

the exergo-economic analysis. 

 

WACC 

The economical meaning and the way of calculation have been defined on the section 

5.8.6. All the values are collected in the Table 27 in order to clarify the final value of the 

WACC. 

The financial structure has been divided in a 75% of debt and 25% equity, the project 

financing will be studied in the economic part of the analysis. 

 

 

 

 



101 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Once the WACC is known, the concept of present value of uniform series is applied in 

order to calculate the annuity of the components. 

𝑎𝑛 =
(1 + 𝑖)𝑛 − 1

𝑖 · (1 + 𝑖)𝑛
= 17.084 

Being 𝑖 the WACC and 𝑛 the lifetime of the plant, in the upgrading biogas plant is 

estimated in 30 years. 

Finally, the vector accounting for the cost rate is calculated dividing the annuity by the 

operational time of the plant. The Table 28 shows the data for the components: 

 TOC [$] i 𝒂𝒏 Annuity [$/yr] 𝒁𝒊  [$/s] 

BLOWER $39.363,37 4,1% 17,0839985 $2.304,11 9,13285E-05 

FHXHOT $79.349,40 4,1% 17,0839985 $4.644,66 0,000184102 

ABSORBER $22.189,73 4,1% 17,0839985 $1.298,86 5,14832E-05 

PUMP $85.768,27 4,1% 17,0839985 $5.020,39 0,000198994 

HXRICH $402.357,23 4,1% 17,0839985 $23.551,70 0,000933524 

STRIPPER $27.878,07 4,1% 17,0839985 $1.631,82 6,4681E-05 

HXLIN $617.084,74 4,1% 17,0839985 $36.120,63 0,001431722 

SHXHOT $832.425,93 4,1% 17,0839985 $48.725,47 0,001931343 

MIXER $0,00 4,1% 17,0839985 $0,00 0 

DEHYD $77.109,28 4,1% 17,0839985 $4.513,54 0,000178904 

SEPARATOR $77.109,28 4,1% 17,0839985 $4.513,54 0,000178904 

Table 28 Ccost rate calculations 

WACC 

Cost of equity    

Rf 1,57% 
BTP rate of return at 10 
years 

Rm-Rf 8% 
Equity market risk 
premium, EMRP 
Depending on countries 

Rs 0% Small stock premium 

β 1,0987   

Ke 10,4%   

Cost of debt    

IRS (10 years) 1,0% Euroswap 10 years 

Spread 1,50%   

Kd 2,0%   

Aliquota 0%   

Kd(T) 2,0%   

Financial structure   

D 75%   

E 25%   

WACC 4,1%   

Table 27 Weighted average cost of capital 
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Finally, the vector 𝑍𝑒 is complete and the final values of the exergo-economic cost can 

be obtained. With this vector and the cost matrix, the exergo-economic cost vector can 

be calculated. 

    𝑍𝑒  

BLOWER  -9,13285E-05 

FHXHOT -0,000184102 

ABSORBER -5,14832E-05 

PUMP -0,000198994 

HXRICH -0,000933524 

STRIPPER -6,4681E-05 

HXLIN -0,001431722 

SHXHOT -0,001931343 

MIXER 0 

DEHYD -0,000178904 

SEPARATOR -0,000178904 

AAFLUEGAS P1 0,01875 

LLEANIN P1 0 

QHXRICH P1 0 

Q-STRIPPER BOILER P1 0,00358816 

IMAKEUP P1 0,000156543 

BLOWER P1 0,00028462 

PUMP P1 2,63145E-05 

QFXHOT P2 0 

Q_STRIPPER COND P2 0 

Q_HXLIN P2 0 

Q-SHXHOT P2 0 

Q_DEHYD P2 0 

OWATER P2 0 

S6 P2 0 

Q-SEPARATOR P2 0 

BGASOUT+CRICHOUT P4 0 

FLEANOUT+NCONDOU P4 0 

Table 29 Vector Ze 

It is important to remark the fact that the cost rate of the components in the final vector 

𝑍𝑒 are negative. Instead, for all the losses and the products defined as the sum of two 

streams (P2 and P4 rules) the values of the cost rate are equal to zero. In case that the 

stream is a resource, P1 rule, the values are positive. 

The values of the cost-rate vector for all the streams are collected in the Table 30. 
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 Cost Rate of the 
Streams [$/s] 

AAFLUEGA 0,01875 

ABFLUEGA 0,019125949 

AFLUEGAS 0,01931005 

BGASOUT 0,001911192 

CRICHOUT 0,017450342 

DPUMPOUT 0,017675651 

ERICHIN 0,018609175 

FLEANOUT 0,022200915 

GSHXIN 0,023632637 

HSHXOUT 0,02556398 

IMAKEUP 0,000156543 

LLEANIN 0 

MLEAN 0,025720523 

NCONDOU 6,11012E-05 

OWATER 0 

PCO2 0,000240005 

S5 0,002090096 

S6 0 

Q-FHXHOT 0 

W-BLOWER 0,00028462 

W-PUMP 2,63145E-05 

Q-HXRICH 0 

Q-HXLIN 0 

Q-STRIPPER CONDENSER 0 

Q-STRIPPER REBOILER 0,00358816 

Q-SHXHOT 0 

Q-DEHYDR 0 

Q-SEPARATOR 0 

Table 30 Exergo.economic cost rate vector of the case base 

The highest value is obtained in the MLEAN stream, is obvious due to the fact this stream 

has passed along all the process, from the absorber, passing through the stripper and 

the heat exchangers. Moreover, the MLEAN stream is a mix of two streams, the 

IMAKEUP one that includes a MEA flow that is also a cost in the process.  

 

6.1.2.11 Design improvement of energy systems 
Once, the exergo-economic cost vector has been calculated, it is time to start the design 

improvement of the energy system. The methodology has been described in the section 

5.4.1.2 the steps have been followed in order to know where the main design problems 

are, and consequently, develop the possible solutions to that problems in order to 

improve the energy efficiency or the economic one. 
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Ordered Z+Cd 

relative cost 
difference 𝒓𝒋 

exergo-economic 
factor 𝒇𝒊 

I (kW) 

STRIPPER 1,016988473 0,016638058 6,91862E-05 336,63210 

HXLIN 0,290582118 0,068261062 0,004927082 94,151441 

HXRICH 0,207600246 0,050344797 0,004496741 84,224535 

SHXHOT 0,102582696 0,082898516 0,018827184 30,679296 

DEHYD 0,070279395 5,1040827 0,002545614 22,825706 

ABSORBER 0,064860202 0,004330919 0,000827946 26,867650 

BLOWER 0,040398231 0,0053894 0,002260705 1,6967104 

FHXHOT 0,006461965 0,009717813 0,028490033 0,2628487 

MIXER 0,00477437 0,006099185 0 1,3440963 

PUMP 0,001711459 0,01140233 0,116271734 0,6234148 

SEPARATOR 0,001190495 0,094521806 0,150277183 0,4175793 

Table 31 Exergo-economic analysis and design improvement 

Following the steps, the parameter Z+Cd has been ordered from the biggest one to the 

smallest one. As it is showed in the table that the Stripper has the highest value which 

means that is the component where an improvement can be carried out. But this 

parameter is not only important, the components with the higher value of the relative cost 

difference are likely to be improved; in particular the one that account for a higher relative 

cost difference 𝒓𝒋. The kind of improvement is defined by the value of the exergo-

economic factor, a high value of this parameter indicates a high incidence of the cost of 

investment, and a low value indicates a high incidence thermodynamic efficiency. 

The stripper has a low value of the exergo-economic vector due to the fact that the exergy 

destruction is the highest, so a thermodynamic improve can be done. Basically, the main 

reason is the steam production in the reboiler. An improvement regarding this aspect is 

quite difficult to achieve because it is an intrinsic irreversibility process itself.  

On the other hand, the cross heat-exchanger that it was divided into the HXLIN and 

HXRICH appears in the second and third position. The main improvement that can be 

done is the use of another heat exchanger cheaper in order to decrease the costs. 

Just to conclude, a thermodynamic improvement in the rest of the components has no 

sense due to the fact that their exergy destruction are so low. The main goal is to reduce 

their costs, normally the way of doing that is chosen another type cheaper or change the 

material factor because all the components are defined as stainless steel. However, not 

all the components can be built in a cheaper material because some problems as 

corrosion can be appear (in the blower, for example) but in certain components as the 

separator or the dehydrator, a carbon steel material can be used in order to reduce their 

costs. 
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6.1.3 Efficiency and economic study 
This section is described with the main goal to obtain the efficiency of the biogas 

upgrading process in first place and subsequently, the economic and energy efficiency 

to obtain a cubic meter of biomethane. 

The energy system process efficiency is calculated as proceed: 

𝑒𝑓𝑓 =
𝐸𝑏𝑖𝑜𝑚𝑡ℎ𝑎𝑛𝑒

(𝐸𝑏𝑖𝑜𝑔𝑎𝑠  +  𝐸𝑒𝑙𝑒𝑐𝑡𝑟𝑖𝑐)
 

where 

𝐸𝑏𝑖𝑜𝑚𝑡ℎ𝑎𝑛𝑒 = 𝑛𝐶𝐻4
· 𝐿𝐻𝑉 · 𝐶𝐹 · 𝑛  

Being 𝑛𝐶𝐻4
 the molar flow of methane in the biomethane, 𝐶𝐹 the capacity factor, 𝑛 is the 

lifetime of the plant and the 𝐿𝐻𝑉 is the lower heating value of the methane. 

𝐸𝑏𝑖𝑜𝑔𝑎𝑠 = 𝑛𝐶𝐻4
· 𝐿𝐻𝑉 · 𝐶𝐹 · 𝑛  

Being 𝑛𝐶𝐻4
 the molar flow of methane in the biogas, 𝐶𝐹 the capacity factor, 𝑛 is the 

lifetime of the plant and the 𝐿𝐻𝑉 is the lower heating value of the methane. 

𝐸𝑒𝑙𝑒𝑐𝑡𝑟𝑖𝑐 = (𝑃𝑝𝑢𝑚𝑝 + 𝑃𝑏𝑙𝑜𝑤𝑒𝑟 + 𝑃𝑠𝑡𝑟𝑖𝑝𝑝𝑒𝑟) · 𝑛 · 𝐶𝐹 

Being the 𝑃𝑝𝑢𝑚𝑝, 𝑃𝑏𝑙𝑜𝑤𝑒𝑟 and 𝑃𝑠𝑡𝑟𝑖𝑝𝑝𝑒𝑟 are the electrical power of the pump, the blower 

and the stripper. 

The molar flow needed is the following and it is given by Aspen. 

 𝑛𝐶𝐻4
 (kmol/s) 

Biogas 0,00341637 

Biomethane 0,0034157 

 

The 𝐿𝐻𝑉 of the methane is 803.31 kJ/kmol, the capacity factor is 0.8 and the lifetime is 

30 years. The electrical power of the stripper is the third part of the heat power of the 

reboiler of the stripper. 

Finally, the efficiency of the biogas upgrading process is calculated in the Table 32. 

𝐸𝑒𝑙𝑒𝑐𝑡𝑟𝑖𝑐 (𝑘𝐽)  3,1777E+11 

𝐸𝑏𝑖𝑜𝑔𝑎𝑠 (𝑘𝐽) 2,08E+12 

𝐸𝑏𝑖𝑜𝑚𝑡ℎ𝑎𝑛𝑒 (𝑘𝐽) 2,08E+12 

    

𝑒𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 86,71% 
Table 32 Efficiency of the base case 

The next step is to calculate the unit cost of the biomethane produced. Thus, all the costs 

are included in the Table 33. 
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 Value Unit Definition 

Cann $132.523,98 $/year Annual capital cost 

Celec $7.844,51 $/year Electrical cost 

Cbiogas $473.040,04 $/year Biogas cost 

Cworkers $120.000,00 $/year 40.000 $/year worker 

Cmaintenance $22.002,26 $/year 3% of the sum of the others 

Csteam $84.403,24 $/year Burner of the stripper 

Cbiogas stripper $6.121,74 $/year Biogas cost for the burner 

CMEA $3.949,39 $/year MEA cost 

TOTAL $849.885,15 $/year  
Table 33 Costs per year of the case base 

The annual capital cost is calculated following the economy concepts defined in the 

Section 5.6. Specifically, the formula is as proceed: 

𝐶𝑎𝑛𝑛 =
𝑇𝑂𝐶 · 𝑊𝐴𝐶𝐶 · (1 + 𝑊𝐴𝐶𝐶)𝑛

(1 + 𝑊𝐴𝐶𝐶)𝑛−1
 

Being 𝑛 the lifetime of the biogas upgrading plant. 

Several costs are obtained directly as the electrical costs, the biogas costs, the burner 

cost and the MEA cost. These costs have been calculated previously in order to carry 

out the exergo-economic analysis. 

On the other hand, the workers costs are assumed as 40.000 $/year for every operator, 

and it is assumed three operators in the biogas upgrading plant. Furthermore, the 

maintenance cost is also defined, in this case, as the 3% of the annual capital cost, the 

electrical cost and the biogas cost. 

Thus, the biomethane produced per year is about 1.9 Million cubic meters, concretely 

1930297,87 m³/year. Thus, the biomethane cost of production is 0,440287 $/m³.  

Another value calculated is the energy consumption along the process. 

  Electricity Heat TOTAL 

kWhe/year 57778,01091 1130488,493 - 

Kwh/m3 biogas 0,016489158 0,322627995 0,339117153 

kWh/m3biomethane 0,029932174 0,585654944 0,615587118 

J/year 2,08001E+11 4,06976E+12 - 

MJ/m3biogas 0,05936097 1,161460781 1,220821751 

MJ/m3biomethane 0,107755825 2,1083578 2,216113625 
Table 34 Exergy consumption of the base case 

In the second column of the Table 34 is shown the energy consumption due to the 

electricity of the process that is the pump and the compressor consumption. 

On the other hand the third column, it is shown the heat consumption of the stripper that 

is assumed as the difference between the heat needed in the reboiler minus the heat of 

the condenser. To calculate the electrical power of the heat from the stripper, I divided 

the thermal power by 3. This value can be chosen in a different way depending on the 

efficiency. This is done to add the electrical consumption to the heat consumption. 

The bibliography values are collected in the Table 35. 



107 
 

Bibiolography values 

  Unit Value Bibliography 

Persson 2009 kWh/m3biomethane 0,15 [52]  

Beil 2009 kWh/m3biomethane 0,12 [52] 

Bemdt 2006 kWh/m3biomethane 0,646 [52] 

Yajing Xu 2014 kWh/m3biogas 0,426 [53] 

Fredric Bauer 2013 kWh/m3biogas 0,67 [7] 

Raul Muñoz 2015 kWh/m3biogas 0,245 [54] 

Table 35 Energy consumption bibliography 

The final value is not very good defined in the different bibliographies due to the fact that 

one of them includes the heat necessary in the process and other references not. But 

this information is not specified, all the values have been collected to have a general 

idea of the power consumption. Also, the values also change with the capacity of the 

plant, only it is given the value of the volume flow for the Yajing Xu case, he works with 

a volume flow of 500 m3/h that is the same flow that the base case study. 

Probably the kWh/m3 biogas related to the electricity consumption (pump + compressor) 

is quite low due to the fact a possibly final compression stage for the CO2 has been 

neglected in this study, because the main goal is to obtain a biomethane stream, no a 

compressed CO2 stream to storage. In the different studies, this additional stage is 

sometimes included and another times no, it is not quite good defined. 

In conclusion, there is a quite wide range of possible values due to the fact that these 

values depend on the plant size, the inclusion or no of the thermal consumption and the 

additional CO2 compression stage. Excluding all this fact, the final value of 0,615587118 

kWh/m³biomethane seems acceptable.  
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6.2 Economic evaluation of the plant 
After the simulation on Aspen and the exergo-economic analysis, an economic 

evaluation is necessary in order to understand if the biogas upgrading plant is feasible 

and its implementation is reasonable. Furthermore, several sensitivity analyses have 

been done in order to observe how the variation in several parameters changes the final 

solution of the problem.  

6.2.1 Hypothesis for the economic evaluation 
In the economic evaluation there are several parameters that need to be defined before 

the beginning of the calculations. All the assumptions that have been done are listed and 

explained in the next points. 

 The discount rate is defined as the Weighted Average Cost of Capital (WACC) 

as it is done in the exergo-economic calculations. The final value of the WACC 

is the 4.1%. 

 The investment is defined as the total overnight costs of the components, this 

amount of money is equal to 2.264.039,45 $ for the base case. Thus, this 

quantity is defined in a financial way as the 75% debt and the 25% equity. 

 The operational costs for every year have been calculated and collected in the 

Table 33Table 34 and the value correspond with 849.885,1462 $/year.  

 The financial data includes the inflation defined as 1% and the taxes, 23%. In 

the section6.2.2 will be explained the financial structure in a more detail way. 

 The price paid for the selling of the biomethane produced is a difficult parameter 

to obtain. The hypothesis that have been done are that the base price is equal 

to the gas natural prices (0,0448 €/kWh) take it from Gas Natural Fenosa. To 

that prices is added the incentive cost of the 10% of the base price due to the 

fact the capacity of the biogas upgrading plant is equal or minus of 500 m³/h [55]. 

Finally, another incentive is added related for the production of biomethane, the 

value is taken from European Biogas Association and is 0.016 €/kWh [56]. The 

final value obtained is 0,0728828 $/kWh. 

 

6.2.2 Financial structure 
The financial structure of the project refers to the specific mixture of long–term debt and 

equity that a company uses to finance its operations, in this case, the financing of a 

biogas upgrading plant. The composition of the financial structure directly affects the risk 

and value of the associated business. Thus, the financial manager must decide how 

much money should be borrowed and the best mixture of debt and equity to obtain. 

As it is said in the previous section, the financial structure chosen is the 25% equity and 

the 75% debt with a duration of the project financing duration is 15 years. The cost of 

debt (𝑘𝑑) will be necessary, its value (2%) was calculated in the Section 6.1.2.10. 

The final results of the financial project are collected in the Table 36: 
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Project financing 

year Payment ($) Capital ($) Interests ($) residual debt($) 

0       1698029,591 

1 132149,95 98189,36 $33.960,59 1599840,228 

2 132149,95 100153,2 $31.996,80 1499687,078 

3 132149,95 102156,2 $29.993,74 1397530,865 

4 132149,95 104199,3 $27.950,62 1293331,527 

5 132149,95 106283,3 $25.866,63 1187048,203 

6 132149,95 108409 $23.740,96 1078639,212 

7 132149,95 110577,2 $21.572,78 968062,0415 

8 132149,95 112788,7 $19.361,24 855273,3275 

9 132149,95 115044,5 $17.105,47 740228,8392 

10 132149,95 117345,4 $14.804,58 622883,4611 

11 132149,95 119692,3 $12.457,67 503191,1755 

12 132149,95 122086,1 $10.063,82 381105,0442 

13 132149,95 124527,9 $7.622,10 256577,1903 

14 132149,95 127018,4 $5.131,54 129558,7792 

15 132149,95 129558,8 $2.591,18 -1,65892E-09 
Table 36 Project financing 

The financial structure has been defined with a constant payment, several definitions are 

added in order to calculate the payment, the capital, the interest and the residual debt 

for every single year. The following equations are needed to calculate the project 

financing. 

𝑃𝑎𝑦𝑚𝑒𝑛𝑡 =
(𝐼𝑛𝑣𝑒𝑠𝑡𝑚𝑒𝑛𝑡 ∗ 𝐷𝑒𝑏𝑡) · (𝑘𝑑 · (1 + 𝑘𝑑)𝑛)

(1 + 𝑘𝑑)(𝑛−1)
 

Being 𝑛 the duration of the financing project. 

𝐶𝑎𝑝𝑖𝑡𝑎𝑙 =
𝑃𝑎𝑦𝑚𝑒𝑛𝑡

(1 + 𝑘𝑑)(𝑛−𝑡+1)
 

Being 𝑡 the year in which the capital is calculated. 

𝐼𝑛𝑡𝑒𝑟𝑒𝑠𝑡𝑠 = 𝑃𝑎𝑦𝑚𝑒𝑛𝑡 − 𝐶𝑎𝑝𝑖𝑡𝑎𝑙 

Due to the fact that the payment is constant, the interest are higher at the beginning and 

lower at the end of the financing project. The first year of the project 33.960,59 $ are 

paid, instead, the last year of the financing project, only 2.591,18 $ are paid. 
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6.2.3 Economic Results 
The results obtained in an economic analysis are the Net Present Value, the internal rate 

of return, the payback time and the benefit-cost ratio. That parameters are explained in 

the Section 5.6. 

 

 

 

 

 

Before the discussion of the results, it is necessary to remember the criteria for the 

different economic parameters. 

 NPV: the Net Present Value must be higher than zero, in other case, the project 

cannot be accepted. In this case, the NPV is higher than zero. 

 IRR: the internal rate of return must be equal or higher than the discount rate. In 

this case, the discount rate is equal to the WACC (4.1%). In conclusion, the IRR 

is higher than the discount rate (15.20% > 4.1%). 

 BCR: the benefit-cost ratio must be greater than one because describes the 

average profitability of an investment per unit of invested capital, in biogas 

upgrading plant project, the ratio is 3.89 which means that per dollar invested, 

3.89$ will be received.  

 PBT: the payback time is better when the PBT is shorter. In the studied case, 6 

years seems a reasonable time in a 30 year lifetime project. 

NPV $6.548.550,32 

IRR 15,20% 

PBT 6 years and 6 days 

BCR 3,89 

Table 37 Economic results of the base case 
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6.2.4 Sensitivity analysis 
In the economic evaluation, the study of only one possible scenario has no sense 

because of the fact that there are so many parameters that can change through the 

lifetime of the project, especially, in long projects like the one studied in this thesis whose 

lifetime is 30 years. 

The variation of three parameters has been studied in this section: the incentives for the 

biomethane production, the discount rate and the biomethane production. 

6.2.4.1 Incentives sensitivity analysis 
 

The amount of money give it for the production of one kWh of biomethane is a parameter 

that can vary along the lifetime of the project. Especially this value is important to be 

studied due to the fact that there is not a big information about the incentives. Thus, a 

variation between 0.006 €/kWh and 0.026 €/kWh has been done in order to calculate the 

sensitivity analysis. 

Incentive (€/kWh) 0,006 0,011 0,016 0,021 0,026 

Total Price paid 
($/kWh) 

0,061718185 0,06730051 0,072882835 0,07846516 0,084047485 

NPV ($) $2.041.214,66 $4.294.882,49 $6.548.550,32 $8.802.218,15 $11.055.885,98 

IRR 5,46% 10,52% 15,20% 19,71% 24,10% 

BCR 1,901580868 2,896999841 3,892418815 4,887837788 5,883256762 

PBT (years) 13,34821918 8,027123288 6,016684932 4,757315068 3,952630137 
Table 38 Incentives sensitivity analysis 

The variation in the incentives generates a big change in the values of the different 

parameters that define the economic study. The conclusion that can be done is that the 

changes in the amount of money paid for the governments to produce biomethane 

provoke big changes in the profitability of the biogas upgrading plants. 
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6.2.4.2 Discount rate sensitivity analysis 
The discount rate defined as the Weighted Average Cost of Capital (WACC) is a 

parameter that can changes along the time due to the fact that it is defined by many other 

parameters that are influenced by the global economy as the Euroswap, the equity 

market risk premium or the state bonus that are issued at 10 years. Because of that a 

variation of the discount rate has been done in order to know how can affect to the 

project. Thus, a variation between 3.1% and 5.1% has been done in order to calculate 

the sensitivity analysis. 

WACC 3,1% 3,6% 4,1% 4,6% 5,1% 

IRR 16,41% 15,81% 15,20% 14,60% 14,01% 

NPV ($) $7.888.845,78 $7.186.045,94 $6.548.550,32 $5.969.308,93 $5.442.109,87 

BCR 4,484411796 4,173993245 3,892418815 3,636574606 3,403716886 

PBT (years) 5,785232877 5,898356164 6,016684932 6,143232877 6,276246575 
Table 39 Discount rate sensitivity analysis 

In this case, the variations in the WACC do not generate a huge change in the economic 

parameters which means that the biogas upgrading plants are not big influence by the 

fact of a variation of the discount rate. It is clear that if the discount rate increases, the 

net present value also decrease due to the fact that higher the  WACC is, lower the NPV 

is by definition. 

 

 

 

 

 

 

 

 

 

 

 

6.2.4.3 Biomethane production sensitivity analysis 
The biomethane production is a factor that can be change along the lifetime due to 

several reasons that are exposed then: 

 The capacity factor of the plant can be changed, in the base case is defined as 

0.8 but along the lifetime ca be varied. 

 The efficiency of process can be reduced because of the fact that the 

components can be decrease their own efficiency due to the use and the time. 

 Other external factors. 
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Thus a variation of ±200.000 m³/year has been done, the results are collected in the 

Table 40. 

Biomethane m3/year 1730297,872 1830297,872 1930297,872 2030297,872 2130297,872 

IRR 8,79% 12,06% 15,20% 18,27% 21,27% 

NPV ($) $3.499.913,36 $5.024.231,84 $6.548.550,32 $8.072.868,80 $9.597.187,28 

BCR 2,545871186 3,219145 3,892418815 4,565692629 5,238966444 

PBT (years) 9,556027397 6,373863014 6,016684932 5,098383562 4,437041096 
Table 40 Biomethane production sentivity analysis 

The obtained results show that a variation of ±200.000 m³/year in the production 

generates important changes in the Net Present Value and also in the other parameters. 

This scenario is really important because the production can decrease along the lifetime. 

A reduction of 200.000 m³/year in the production provokes that the NPV is reduced three 

million dollars respect the base case, still is profitable but not in the same way. 
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6.3 Sensitivity analysis of the biogas upgrading plant 
The main goal of this section is vary several parameters in order to understand how they 

influence in the results respect the base case. 

6.3.1 Variation of the CH₄ purity 
The first situation is the variation of the purity of the stream rich in CH₄. In the base case, 

this concentration is 97% CH₄, this purity has been varied between 60% and 97%. The 

first comment is that the Separator included in the base case is eliminated in the rest of 

the cases because the concentration is high enough at the exit of the absorber and the 

Separator is not necessary. 

Exergy 
destruction 
(kW) 

60% 65% 70% 75% 80% 85% 90% 97% 

BLOWER 1,697 1,697 1,697 1,697 1,697 1,697 1,697 1,697 

FHXHOT 0,263 0,263 0,263 0,263 0,263 0,263 0,263 0,263 

ABSORBER 19,777 21,141 22,919 23,561 24,565 25,160 26,868 26,868 

PUMP 0,551 1,272 0,535 0,852 0,069 0,067 0,623 0,623 

HXRICH 38,449 41,197 43,589 45,349 48,207 51,958 84,225 84,225 

STRIPPER 142,250 171,164 193,147 211,114 233,894 251,006 336,632 336,632 

HXLIN 41,216 46,385 51,402 53,635 58,735 62,640 94,151 94,151 

SHXHOT 11,245 16,201 19,462 23,544 26,585 29,020 30,679 30,679 

MIXER 0,534 0,692 0,594 0,502 0,967 1,088 1,344 1,344 

DEHYD 4,091 5,757 7,251 8,634 10,350 11,762 22,826 22,826 

SEPARATOR 0,000 0,000 0,000 0,000 0,000 0,000 0,000 0,418 

         

TOTAL I (kW) 260,073 305,769 340,858 369,151 405,330 434,660 599,308 599,725 

Table 41 Exergy destruction at different CH₄ purity 

The Figure 59 is a comparative between the total exergy destruction of the different 

cases taking into account the different concentrations of CH₄. 
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The total exergy destruction increases when the composition increases in a linear way 

except between the 85% and the 90% concentrations. To understand this fact is 

interesting to discuss the Figure 61 and the Figure 60. 

 

The main issue to observe in the previous graphics is the fact that the exergy destruction 

has a linear behavior in the SHXHOT all the time. However, this linear behavior 

disappear in the stripper between the 85% and 90% concentration, this characteristic is 

also observed in the total exergy destruction. 

The stripper accumulates the main irreversibilities in the process, the huge difference 

between the exergy destruction in 85% and 90% is due to the fact that the heat needed 

to carry out the MEA regeneration increases 302,813 kW but only 63,025 kW between 

the 80% and 85% cases, this situation happens due to the fact the input stream flow of 

the absorber and the MEA concentration. 

Regarding the exergy cost of the streams, the better way to compare them is using the 

definition given by the unit exergy cost. The results of the unit exergy cost are collected 

in the Table 42. 

The conclusions that can be obtained from the Table 42 are that the unit exergy costs 

decrease when the concentration of methane increases, which means that the amount 

of exergy associated to the external resource used to produce a unit exergy associated 

with a particular flow decreases. It is obvious that the values of the unit exergy cost 

remain constant when they are zero or one due to the fact that they are following the 

rules of this methodology. 
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 60 % 65 % 70 % 75 % 80 % 85 % 90 % 

AAFLUEGA 1 1 1 1 1 1 1 

ABFLUEGA 1,00058856 1,00058856 1,00058856 1,00058856 1,00058856 1,00058856 1,00058856 

AFLUEGAS 1,0006798 1,0006798 1,0006798 1,0006798 1,0006798 1,0006798 1,0006798 

BGASOUT 1,0015736 1,00145283 1,00141977 1,00135038 1,00129264 1,00124361 1,00100118 

CRICHOUT 1,0015736 1,00145283 1,00141977 1,00135038 1,00129264 1,00124361 1,00100118 

DPUMPOUT 1,00162397 1,00155043 1,00145625 1,00140348 1,00129651 1,0012471 1,0010252 

ERICHIN 1,00512164 1,00469771 1,00441754 1,00422024 1,00401573 1,00397886 1,00426083 

FLEANOUT 1,01798679 1,01770078 1,01746687 1,01726021 1,01713745 1,01710389 1,01712356 

GSHXIN 1,02181539 1,02131748 1,02102964 1,02065736 1,02051535 1,0204613 1,02081167 

HSHXOUT 1,022865 1,02258675 1,02238508 1,0221558 1,02205167 1,02202426 1,02201923 

IMAKEUP 1 1 1 1 1 1 1 

LLEANIN 1 1 1 1 1 1 1 

MLEAN 1,02290541 1,02262114 1,02241637 1,02218512 1,02210061 1,02207952 1,0220668 

NCONDOU 1,01798679 1,01770078 1,01746687 1,01726021 1,01713745 1,01710389 1,01712356 

OWATER 0 0 0 0 0 0 0 

PCO2 1,17564643 1,21243015 1,24366616 1,27105439 1,30302302 1,32868773 1,58220941 

Q-FHXHOT 0 0 0 0 0 0 0 

W-BLOWER 1 1 1 1 1 1 1 

W-PUMP 1 1 1 1 1 1 1 

Q-HXRICH 1 1 1 1 1 1 1 

Q-HXLIN 0 0 0 0 0 0 0 

Q-STRIPPER 
CONDENSER 

0 0 0 0 0 0 0 

Q-STRIPPER 
REBOILER 

1 1 1 1 1 1 1 

Q-SHXHOT 0 0 0 0 0 0 0 

Q-DEHYDR 0 0 0 0 0 0 0 

Table 42 Unit exergy cost at different CH4 concentrations 

The final results of the exergo-economic analysis are the cost rate of the streams and 

they are showed in the Table 43. The conclusions that can be done are that the carbon 

dioxide capture is a process in which if the capture needs to be increased, the cost rate 

of the streams also increases. It can be said that in the biogas upgrading the contribution 

that comes from the monetary cost of the exergy entering the plant needed to produce 

the different streams and products within the plant increases with the increase of the 

purity, this fact is showed in the exergy destruction study. 

And there is another contribution that covers the rest of the cost generated in the 

productive process associated with the achievement of product, this part will be 

explained in the economic part. 
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 Cost Rate of the Streams [$/s] 

 60% 65% 70% 75% 80% 85% 90% 

AAFLUEGA 0,01875 0,01875 0,01875 0,01875 0,01875 0,01875 0,01875 

ABFLUEGA 0,01912595 0,01912595 0,01912595 0,01912595 0,01912595 0,01912595 0,01912595 

AFLUEGAS 0,01931005 0,01931005 0,01931005 0,01931005 0,01931005 0,01931005 0,01931005 

BGASOUT 0,004009 0,00347729 0,00315139 0,00291891 0,00268588 0,00252542 0,00191119 

CRICHOUT 0,01535254 0,01588424 0,01621015 0,01644262 0,0166782 0,01683612 0,01745034 

DPUMPOUT 0,01554142 0,01608197 0,01641151 0,01664708 0,01688629 0,01704702 0,01767565 

ERICHIN 0,01622128 0,0167828 0,01712844 0,01737246 0,01763187 0,01781279 0,01860918 

FLEANOUT 0,02007696 0,02053271 0,02082473 0,0210308 0,02126383 0,02142996 0,02220092 

GSHXIN 0,02110588 0,02159918 0,02191933 0,02213992 0,02240712 0,02260665 0,02363264 

HSHXOUT 0,02234916 0,02301456 0,02345497 0,02378354 0,0241435 0,02440188 0,02556398 

IMAKEUP 0,00015531 0,00015531 0,00015526 0,00015523 0,00015568 1,7093E-05 0,00015654 

LLEANIN 0 0 0 0 0 0 0 

MLEAN 0,02250448 0,02316987 0,02361023 0,02393877 0,02429918 0,02441897 0,02572052 

NCONDOU 6,4101E-05 6,4349E-05 6,4321E-05 6,4234E-05 6,416E-05 6,3973E-05 6,1101E-05 

OWATER 0 0 0 0 0 0 0 

PCO2 0,000243 0,00024325 0,00024322 0,00024314 0,00024306 0,00024288 0,00024001 

Q-FHXHOT 0 0 0 0 0 0 0 

W-BLOWER 0,00028462 0,00028462 0,00028462 0,00028462 0,00028462 0,00028462 0,00028462 

W-PUMP 1,5228E-05 1,7792E-05 1,8871E-05 1,9803E-05 2,0903E-05 2,1768E-05 2,6314E-05 

Q-HXRICH 0 0 0 0 0 0 0 

Q-HXLIN 0 0 0 0 0 0 0 

Q-STRIPPER 
CONDENSER 

0 0 0 0 0 0 0 

Q-STRIPPER 
REBOILER 

0,0038551 0,00374958 0,00369593 0,00365789 0,00363144 0,00361646 0,00358816 

Q-SHXHOT 0 0 0 0 0 0 0 

Q-DEHYDR 0 0 0 0 0 0 0 

Table 43 Cost rate of the streams 

 

The exergy study has been characterized with the previous parameters, the next aspect 

that needs to be studied is the economical one in order to know the tendency that follows 

the biogas upgrading plant varying the CH₄ concentration. 

Firstly, it is calculated the production of biomethane in the different cases. This result is 

collected in the Table 44. 

Biogas flow 
(m3/h) 

60 65 70 75 80 85 90 97 

Biomtheane 
(m3/year) 

3,22E+6 2,97E+6 2,76E+6 2,57E+6 2,38E+6 2,27E+6 2,14E+6 1,93E+6 

Table 44 Biomethane produced at different CH₄ purity. 
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The biomethane production is also plotted in the Figure 62 in order to appreciate the 

tendency of this parameter. 

 

 

 

 

 

 

 

 

 

 

The linear tendency is clearly appreciated in the Figure 62 this is completely normal due 

to the fact that to obtain one cubic meter of biomethane at 60% purity there is a 40% that 

it is not methane and because of that the biomethane production is less expensive and 

the final amount of biomethane produced is higher. 

Another important parameter that needs to be studied is the total overnight cost of the 

components of the plant, the final results are collected in the Table 45 and plotted in the 

Figure 63. The calculated TOC includes all the total overnight costs of the components. 

Biogas flow 
(m3/h) 

60% 65% 70% 75% 80% 85% 90% 97% 

TOC ($) $1.593.101 $1.695.207 $1.767.206 $1.824.581 $1.890.182 $1.938.385 $2.183.526 $2.264.039 

Table 45 TOC at different CH4 concentrations 
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Figure 62 Biomethane production at different CH4 concentrations 
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As it is said before, higher the CH₄ concentration is, higher the total overnight costs are. 

It is absolutely logical due to the fact that the process itself is to increase the methane 

concentration because of that if the final methane concentration required is low, the 

process costs will be also lower.  

Anyway, still is needed more information to obtain the final value of the biomethane cost. 

Because of that, the next step is to calculate the total costs per year of the plant, this 

includes the annual cost of the capital, the electric cost, the biogas cost (the input biogas 

and the biogas burned in the reboiler), the cost of the operators of the plant, the 

maintenance cost, the cost of the burner where the biogas is burned and the MEA cost. 

All this information is collected in the Table 46 and the total costs are plotted in the Figure 

64. 

Biogas flow 
(m3/h) 

60 65 70 75 80 85 90 97 

Cann ($/year) $93.251 $99.228 $103.442 $106.801 $110.640 $113.462 $127.811 $132.524 

Celec ($/year) $7.565 $7.629 $7.657 $7.680 $7.708 $7.730 $7.845 $7.845 

Cbiogas 
($/year) 

$473.040 $473.040 $473.040 $473.040 $473.040 $473.040 $473.040 $473.040 

Cworkers 
($/year) 

$120.000 $120.000 $120.000 $120.000 $120.000 $120.000 $120.000 $120.000 

Cmaintenanc
e ($/year) 

$20.816 $20.997 $21.124 $21.226 $21.342 $21.427 $21.861 $22.002 

Csteam 
($/year) 

$94.428 $91.228 $89.474 $88.124 $87.083 $86.419 $84.403 $84.403 

Cbiogas 
stripper 
($/year) 

$2.831 $3.370 $3.770 $4.160 $4.534 $4.820 $6.122 $6.122 

CMEA 
($/year) 

$3.918 $3.918 $3.917 $3.916 $3.928 $3.941 $3.949 $3.949 

TOTAL 
($/year) 

$815.849 $819.410 $822.424 $824.947 $828.275 $827.329 $845.031 $849.885 

Table 46 Costs per year at different CH4 compositions 
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The same reasoning that in the TOC results discussed previously can be made, higher 

the CH₄ concentration is, higher the total costs per year are. Remark that there is a higher 

increases between the 85% and the 90% as it happens in the exergy destruction. 

Another important parameter that needs to be studied is the specific investment, in this 

case, the amount of money needed to produce a cubic meter of biomethane is given by 

the Figure 65. 

 

 

 

 

 

 

 

 

The Figure 65Figure 73 shows that higher is the CH₄ concentration is, higher the 

investment is. This investment is calculated with the Total Overnight Cost of the 

components. The results vary between 3.000$ and 4.500$ invested to produce a one 

cubic meter of biomethane. 

Finally, the biomethane cost has been calculated and plotted in the Figure 66Figure 74 

and collected in the Table 47. The values goes from 0.25$/m³ (60% of CH₄ 

concentration) to 0.45 $/m³ in the 97% CH₄ concentration. 

Biogas flow (m3/h) 60 65 70 75 80 85 90 97 

Biomtheane cost ($/m3) $0,25352 $0,27597 $0,29845 $0,32044 $0,34748 $0,36429 $0,39423 $0,44029 

Table 47 Biomethane costs at different CH4 compositions 
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6.3.2 Variation of the capacity of the plant 
Another sensitivity analysis has been defined as the variation of the volume flow of the 

biogas stream, this biogas stream is the resource of the system, named as AAFLUEGAS. 

This stream defines the capacity of the biogas upgrading plant. 

Several properties and results have been obtained and compared in order to understand 

how the size of the upgrading plant influence in the thermodynamics and in the economic 

part. In the first place, the exergy destruction is compared, in the Table 48 are collected 

all the data calculated. 

 Capacity of the plant m³/h 

Exergy 
Destruction (kW) 

250 500 750 1000 1250 

BLOWER 0,84835902 1,69671049 2,5450695 3,39342477 4,24177995 

FHXHOT 0,13142419 0,26284872 0,39427291 0,52569727 0,65712163 

ABSORBER 14,134509 26,8676502 36,5046336 43,7593823 56,6204654 

PUMP 0,1798275 0,62341486 1,57478199 4,64210933 7,49708656 

HXRICH 75,4082401 84,2245351 82,3683961 103,158919 129,46429 

STRIPPER 341,756418 336,632101 268,608665 278,887259 363,669409 

HXLIN 76,797104 94,1514413 100,25912 117,418875 156,294015 

SHXHOT 16,8455353 30,6792967 49,6565765 46,3874439 67,4455104 

MIXER 1,04168588 1,34409634 1,54634119 0,94419362 1,71589544 

DEHYD 22,7462848 22,825707 18,827113 14,0255402 22,2405755 

SEPARATOR 0,06644173 0,41757939 0,16082356 9,29254313 7,91393973 

 

TOTAL 549,95583 599,725381 562,445794 622,435387 817,760088 
Table 48 Volume flow variation. Exergy destruction 

The tendency of the total exergy destruction is to increase with the volume flow which 

means that bigger the volume is, bigger the total exergy destruction is. Only in the case 

of the 750 m³/h the exergy destruction is smaller than the 500 m³/h due to the fact that 

the exergy destruction in the Stripper is smaller.  
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The Figure 67 shows the final results of the total exergy destruction. As it is said before, 

the tendency is to increase the value with the volume flow, but in the 750 m³/h case does 

not happen. In general terms, the exergy destruction varies between 550 kW and 817 

kW and the highest values are obtained in the stripper in all cases because of the fact 

that the regeneration of the MEA take place here with the aid of the steam produced in 

the reboiler of the stripper, the heat exchanges are processes in which the exergy 

destruction is quite high. 

 

 

 

 

 

 

 

 

 

The Figure 68 shows the percentage of the exergy destruction in Stripper respect to the 

total one, the tendency is clearly decreasing with the increasing in the volume flow of the 

biogas. 

On the other hand, the exergy cost of the streams is clear that increases with the 

increasing of the volume flow, this conclusion is obvious due to the fact that an increasing 

in the volume flow implies an increase in the exergy and, therefore, the exergy cost 

because of the fact the exergy is directly proportional to the flow. 

The final results of the exergo-economic analysis are given by the cost rate of the 

streams. (See Table 50). Basically, the costs rate of the different streams increase with 

the capacity of the plant due to the fact that the volume flow of the streams are higher. 

The exergo-economic study has been characterized with the previous parameters, the 

next aspect that needs to be studied is the economical one in order to know the tendency 

that follows the biogas upgrading plant. 

Firstly, it is calculated the production of biomethane in the different cases. This result is 

collected in the Table 49. 

  

The tendency is clear in the biomethane production. Bigger the biogas flow is, bigger the 

biomethane production is. In order to observe in a clear way, the Figure 69 shows the 

same results that the Table 49 but in a graphical way. 

 

Biogas flow (m³/h) 250 500 750 1000 1250 

Biomtheane (m³/year) 964826,8149 1930297,872 2895644,602 3860917,866 4826100,71 

Table 49 Biogas production 
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 Cost Rate of the Streams [$/s] 

Biogas flow 
(m³/h) 

250 500 750 1000 1250 

AAFLUEGA 0,009375 0,01875 0,028125 0,0375 0,046875 

ABFLUEGA 0,00956297 0,01912595 0,02868892 0,0382519 0,04781487 

AFLUEGAS 0,00965503 0,01931005 0,02896508 0,0386201 0,04827513 

BGASOUT 0,00066133 0,00191119 0,00354408 0,0056359 0,00669721 

CRICHOUT 0,00904518 0,01745034 0,02571059 0,03360199 0,04343131 

DPUMPOUT 0,00925689 0,01767565 0,0259459 0,03384216 0,0436938 

ERICHIN 0,01012872 0,01860918 0,0268814 0,03487721 0,04487438 

FLEANOUT 0,01375575 0,02220092 0,03098043 0,03968585 0,04932796 

GSHXIN 0,01509768 0,02363264 0,03241495 0,04125752 0,05108665 

HSHXOUT 0,01663752 0,02556398 0,03469938 0,04351144 0,05378499 

IMAKEUP 0,0001562 0,00015654 0,00015693 0,00015825 0,00015909 

LLEANIN 0 0 0 0 0 

MLEAN 0,01679372 0,02572052 0,03485631 0,04366969 0,05394408 

NCONDOU 3,5215E-05 6,1101E-05 9,3091E-05 0,00012623 0,00015363 

OWATER 0 0 0 0 0 

PCO2 0,00021412 0,00024001 0,00037713 0,00065191 0,00073643 

S5 0,00084023 0,0020901 0,00382812 0,00616158 0,00728001 

S6 0 0 0 0 0 

Q-FHXHOT 0 0 0 0 0 

W-BLOWER 0,00014231 0,00028462 0,00042693 0,00056924 0,00071155 

W-PUMP 2,2017E-05 2,6314E-05 2,9584E-05 3,1203E-05 3,8882E-05 

Q-HXRICH 0 0 0 0 0 

Q-HXLIN 0 0 0 0 0 

Q-STRIPPER 
CONDENSER 

0 0 0 0 0 

Q-STRIPPER 
REBOILER 

0,00365254 0,00358816 0,00360999 0,00364125 0,00378367 

Q-SHXHOT 0 0 0 0 0 

Q-DEHYDR 0 0 0 0 0 

Q-
SEPARATOR 

0 0 0 0 0 

Table 50 Cost rate at different biogas volume flow 
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The linear dependency between the biogas volume flow and the biomethane production 

is clearly observed in the Figure 69 which means that the behavior can be approximated 

following the next first polynomial equation. 

𝑦 = 3861.2738 · 𝑥 − 491.6588 

Where 

𝑦 is the biomethane production (m³/year). 

𝑥 is the biogas volume flow chosen (m³/h). 

Another important parameter that needs to be studied is the total overnight cost of the 

components of the plant, the final results are collected in the Table 51. The calculated 

TOC includes all the total overnight costs of the components. 

Biogas flow (m³/h) 250 500 750 1000 1250 

TOC ($) $1.939.542,38 $2.264.039,45 $2.893.417,86 $3.699.452,02 $4.479.183,42 
Table 51 TOC at different biogas volume flows 

As happens with the biomethane production, the TOC increases with the increasing of 

the capacity of the plant. In the Figure 70 this tendency is clearly observed. The TOC 

value always increase but it is in the final case, when the biogas volume flow is 1250 

m³/h, where there is a slightly higher increase in the TOC respect, for example, the 250 

m³/h case. This is provoked by the fact that the components, especially the absorber and 

the stripper, their volumes increase in a non-linear way. However, the TOC necessary 

varies between almost two million dollars in the first case and almost four and a half 

million dollars in the 1250 m³/h case. 
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Still is needed more information to obtain the final value of the biomethane cost. Because 

of that, the next step is to calculate the total costs per year of the plant, this includes the 

annual cost of the capital, the electric cost, the biogas cost (the input biogas and the 

biogas burned in the reboiler), the cost of the operators of the plant, the maintenance 

cost, the cost of the burner where the biogas is burned and the MEA cost. 

 

Biogas flow (m³/h) 250 500 750 1000 1250 

Cann ($/year) $113.529,77 $132.523,98 $169.364,21 $216.544,86 $262.185,89 

Celec ($/year) $4.145,77 $7.844,51 $11.517,30 $15.148,46 $18.932,51 

Cbiogas ($/year) $236.519,85 $473.040,04 $709.559,89 $946.080,08 $1.182.599,92 

Cworkers ($/year) $80.000,00 $120.000,00 $160.000,00 $200.000,00 $240.000,00 

Cmaintenance ($/year) $13.025,86 $22.002,26 $31.513,24 $41.333,20 $51.111,55 

Csteam ($/year) $87.922,60 $84.403,24 $83.250,14 $83.008,53 $83.386,52 

Cbiogas stripper 
($/year) 

$4.226,61 $6.121,74 $7.825,56 $8.855,74 $12.070,82 

CMEA ($/year) $3.940,81 $3.949,39 $3.959,14 $3.992,47 $4.013,65 

TOTAL ($/year) $543.311,26 $849.885,15 $1.176.989,47 $1.514.963,33 $1.854.300,88 
Table 52 Costs per year at different biogas volume flows 

The different costs collected in the Table 52 increase with the biogas volume flow as 

seems logic. The linear tendency of the total costs is viewed in the Figure 71. The 

behavior can be explained by the next first polynomial equation. 

𝑦 = 1310.989 · 𝑥 + 215563.85 
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The highest cost respect the total is derivate from the biogas purchasing, in the figure is 

showed the percentage respect the total of the biogas cost. 

  

The biogas cost (sum of the biogas burned in the stripper and the inlet biogas to be 

upgraded), depending of the case, is between the 44% and the 65% respect the total. It 

is obvious that if the capacity of the biogas upgrading increases, the biogas cost 

contribution also increases.  

From this graphic the next conclusion can be done, if the total cost wants to be reduced, 

the reduction of the biogas cost is an option to consider due to the fact that its contribution 

to the final value of the total cost is so high, always around the 50% of the total. 
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Another important parameter that needs to be studied is the specific investment costs, 

in this case, the amount of money invested needed to produce a cubic meter of 

biomethane is given by the Figure 73. 

The Figure 73 shows that higher is the capacity of the plant, lower the investment is. This 

investment is calculated with the Total Overnight Cost of the components. The results 

can be compared with the Figure 11 and it is possible to say that the tendency is the 

same that the one obtained in the simulation. 

Finally, the biomethane cost has been calculated and plotted in the Figure 74 and 

collected in the Table 53. 
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The obtained values decreases with the increasing of the capacity of the biogas 

upgrading this is a logic result because it is known that if the capacity increases, the cost 

of the products normally decrease and tend to a certain value. In this case, the 

biomethane cost tends to 0.38 $/m³. 

Finally, an energy consumption and efficiency study has been done in order to 

understand how the variation in the biogas volume flow affects in those parameters. The 

Table 54 collects the efficiency and the energy consumption defined as the kWh/m³ of 

biogas and kWh/m³ of biomethane.  

Biogas flow (m³/h) 250 500 750 1000 1250 

Efficiency 77,88% 86,71% 91,29% 92,86% 92,45% 

Kwh/m3 biogas 0,45421544 0,33911715 0,29915774 0,26519965 0,29425876 

kWh/m3biomethane 0,84062039 0,61558712 0,52836534 0,45246871 0,49077678 
Table 54 Efficiencies and energy consumptions at different biogas volume flow 

The efficiency of the process increase with the increasing of the biogas volume flow, as 

it is observed in the Figure 75 there is a tendency to a certain value near to 93% which 

is logic due to the fact that an energy process cannot achieve a final value of 100%. More 

in detail, the final value of the efficiency at 1250 m³/h is lower than the efficiency at 1000 

m³/h due to the fact an increase in the heat needed in the stripper. 

 

 

 

 

 

 

 

 

 

 

 

 

Basically, the same reasoning can be carried out with energy consumption, higher the 

biogas volume flow is, lower the energy consumption is. It can be said that increasing 

the capacity of the plant, the efficiency increase and the energy consumption to produce 

biomethane decrease. 

Biogas flow (m³/h) 250 500 750 1000 1250 

Biomtheane cost ($/m3) 0,563117 0,440287 0,406468 0,385017 0,384223 

Table 53 Biomethane cost at different biogas volume flows 
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Figure 75 Energy efficiency at different biogas volume flow 
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6.3.3 Variation of the absorber conditions 
 

The absorber is the component of the biogas upgrading plant in which the absorption of 

the carbon dioxide is carried out. The absorber in the base case is defined as a process 

vessel that works at 40°C and 1 bar. These conditions are the values where the chemical 

absorption is optimal, especially regarding the reactions and the degradation of the MEA. 

It is showed that this process can be done between 40-60°C, in other studies the optimal 

temperature is 55°C for the MEA process [57]. However, in this section, a variation of 

the temperature will be carried out in order to understand how the different values of 

exergy destruction, cost of the biomethane, etc. change respect the base case. 

In Aspen has been simulated the variation of the temperature between 30°C and 55°C. 

In the Table 55¡Error! No se encuentra el origen de la referencia., the exergy 

destruction is showed and in the Figure 76 the total exergy destruction is plotted. 

 

Exergy 
desstruction (kW) 

30°C 35°C 40°C 45°C 50°C 55°C 

BLOWER 1,69671 1,69671 1,69671 1,69671 1,69671 1,69671 

FHXHOT 0,33548 0,27601 0,26285 0,18253 0,09236 0,04966 

ABSORBER 32,97511 29,62525 26,86765 24,84088 22,42447 18,28582 

PUMP 1,56901 1,03355 0,62341 0,43442 0,51503 2,03737 

HXRICH 158,04354 105,33390 84,22454 70,34724 65,67805 66,46060 

STRIPPER 408,71518 355,64018 336,63210 331,91087 347,66164 378,49949 

HXLIN 141,13954 107,39358 94,15144 83,93453 85,00796 89,23842 

SHXHOT 21,92843 27,61071 30,67930 35,68204 40,30101 43,29939 

MIXER 1,52564 2,27270 1,34410 1,91001 0,73760 1,26146 

DEHYD 36,30721 26,27219 22,82571 21,96270 24,64935 29,89098 

SEPARATOR 30,48732 4,53838 0,41758 22,53851 0,27303 0,92738 

 

TOTAL I (kW) 834,72319 661,69316 599,72538 595,44043 589,03722 631,64729 
Table 55 Exergy destruction at different absorber temperatures 

 

The results show that the total exergy destruction decreases when the temperature gets 

higher, the main reason is that the heat exchangers reduce their exergy destruction due 

to the fact the difference of temperatures are lower. However, the total exergy destruction 

increases in the last case (50°C) due to the fact that the exergy destruction in the stripper 

is higher than in the other cases. (See Figure 76). 
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The fact explained before about the reduction of the exergy destruction in the heat 

exchangers can be also explained regarding the Figure 77¡Error! No se encuentra el 

origen de la referencia. where the contribution of the exergy destruction respect the 

total is showed. When the operational temperature increases, the contribution is also 

higher, this is provoked by the fact that the exergy destruction in the heat exchangers 

decrease. 

 

 

 

 

 

 

 

 

 

 

 

An economic study has been done in order to calculate the investment and the final cost 

of produce a cubic meter of biomethane. In the first place, it is clear that the biomethane 

production will be almost constant and equal to that one from the base case, which is 

1930297,872 m³/year.  

On the other hand, the total overnight costs decrease due to the fact the heat exchangers 

becomes smaller when the operational temperature gets higher. This different is about 
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Figure 76 Total exergy destruction at different absorber temperatures 

35%

40%

45%

50%

55%

60%

65%

30 35 40 45 50 55

P
er

ce
n

ta
ge

Temperature (°C)

Stripper cotribution to the total

Figure 77 Stripper exergy destruction contribution to the total 



131 
 

half a million dollars between the 30°C case and the 55°C case as shows the Figure 

78¡Error! No se encuentra el origen de la referencia.. 

 

 

 

 

 

 

 

 

 

 

 

 

As in the previous studies in which a variation has been made, it is time to add all the 

other costs in order to calculate the final costs per year. 

 30°C 35°C 40°C 45°C 50°C 55°C 

Biomtheane (m3/year) 1930004,01 1930213,10 1930297,87 1930348,73 1930354,38 1930331,78 

TOC ($) 2654122,48 2400096,93 2264039,45 2166300,52 2131612,09 2128288,60 

Cann ($/year) 155357,22 140488,01 132523,98 126802,90 124772,44 124577,90 

Celec ($/year) 7958,76 7873,50 7844,51 7837,86 7863,73 7912,05 

Cbiogas ($/year) 473040,04 473040,04 473040,04 473040,04 473040,04 473040,04 

Cworkers ($/year) 120000,00 120000,00 120000,00 120000,00 120000,00 120000,00 

Cmaintenance ($/year) 22690,68 22242,05 22002,26 21830,42 21770,29 21765,90 

Csteam ($/year) 83405,71 83997,39 84403,24 84504,09 84222,53 83788,97 

Cbiogas stripper 
($/year) 

7456,53 6547,25 6121,74 6029,87 6298,89 6813,61 

CMEA ($/year) 3988,94 3988,94 3949,39 3948,93 3955,43 3968,79 

TOTAL ($/year) 873897,88 858177,17 849885,15 843994,12 841923,34 841867,26 

Table 56 Costs per year at different absorber temperatures 

The main difference between the different operational temperatures of the absorber is 

given by the total overnight costs due to the fact that the heat exchangers have smaller 

areas when the absorber temperature increases. The other parameters that finally 

integrates the final value of the costs per year are almost the same. 

The total costs per year at different absorber temperatures have been plotted in the Figure 

79¡Error! No se encuentra el origen de la referencia.. The total costs per year 

decreases as it is explained previously. 
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Finally the biomethane cost production has been calculated for the different cases. The 

results obtained show a variation between 0.46 $/m³ and 0.44 $/m³ which means that in 

economical way the change in the operational conditions of the absorber not carried out 

a huge change in the production of biomethane. SeeFigure 80. 

 

 

 

 

 

 

 

 

 

 

 

However, all the results obtained and calculated can be interpreted as proceed: higher 

the temperature is, smaller the biomethane production cost is and smaller the exergy 

destruction is. But if the interpretation is only made in this way, another important 

characteristic is not taking into account is the efficiency of the process and the energy 

consumption. 

Thus, to conclude this case of study, the efficiency and the energy consumption have 

been calculated and the data obtained have been collected in the Table 57. 
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Temperature (°C) 30°C 35°C 40°C 45°C 50°C 55°C 

Efficiency (%) 84,279% 86,046% 86,714% 86,888% 86,335% 85,336% 

kWh/m³biogas 0,40970344 0,36160305 0,33911715 0,33426151 0,3484934 0,37572217 

kWh/m³biomethane 0,7438331 0,65643378 0,61558712 0,60675686 0,63258896 0,6820229 
Table 57 Efficiencies and energy consumptions at different absorber temperatures 

In order to understand all the data, the results have been plotted. In a first way, the 

efficiency has been plotted in the Figure 81, and the energy consumptions referred as 

kWh/m³biogas and kWh/m³biomethane have been plotted in the Figure 82. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

The conclusions that is done in the variation of the operational temperature of the 

absorber is that if the several studies developed are interpreted in a separately way the 

final conclusions can be not the optimal solution.  
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Figure 81 Efficiencies at different absorber temperatures 
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In this case if the exergo-economic accounting is only interpreted, the optimal solution is 

that the operational temperature of the absorber is 50°C. It is obvious, that the 

differences between the exergo-economic solution at 50°C and at the temperature of 

45°C are not so excessive, but different enough to conclude that the optimal temperature 

is 50°C.  

However, the study of the energy consumption and the efficiency of the process is also 

necessary to find the optimal solution, the highest efficiency and the lowest energy 

consumption is given by the operational temperature of 45°C. 

In conclusion, the optimal operational temperature considering all the aspects of the 

study is 45°C in the biogas upgrading plant studied in this project. 

 

6.4 Final conclusions 
The production of biomethane from the biogas is carried in a biogas upgrading plant. 

The base case studied in this project takes biogas with a composition of 60% methane 

and 40% carbon dioxide and it is able to obtain biomethane with a 97% of methane, this 

is the main goal of the process. 

The capacity installed in the plant is 500 m³/h and it generates at the end of the year 

1930297,87m³ of biomethane. During the process, the total exergy destruction 

calculated is almost 600 kW, concretely 599,725 kW. The major amount of exergy 

destruction is generated in the stripper because of the fact that is where the regeneration 

of the MEA takes place with a stream of steam generated in the reboiler. 

In order to understand the formation of the irreversibilities and the influence of the cost 

in the process, an exergo-economic analysis has been carried out. The methodology 

explained in the theory has been followed. The cost of the components has been 

calculated thanks to the use of several tables and bibliography, the major costs are 

obtained in the heat exchangers, especially, in the SHXHOT where the area is the 

biggest. 

Continuing the exergo-economic analysis, the resources of the plant have been 

characterized and calculated, the calculation of the MEA and the biogas is an important 

fact in the biogas upgrading plant. 

Finally, the cost-rate vector is calculated and the methodology to improve the design of 

the plant is applied. The results say that the stripper is the component in which a 

thermodynamic improvement is easier, however, the heat transfer in the reboiler and the 

MEA regeneration itself is a process with a little room for improvement. Thus, the best 

solution is try to reduce the cost of the components, especially, the separator and the 

dehydrator changing their construction materials. 

Furthermore, the efficiency of the process is calculated, the final value is 86.71% and 

also the energy consumption that is 0.61558 kWh/m³biomethane. The energy 

consumption value has been compared with the values collected in the bibliography, but 

all the data collected is not good defined in terms of including the heat consumption or 

the definition of the capacity of the plant. 

In economic terms, the biogas upgrading plant, have been also discussed. The financial 

structure and the free cash flows have been calculated. The final results from the 

economic part shows that the Net Present Value is 6.548.550,32 $ with an Internal Rate 
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of Return of 15.2%, a Payback Time of six years and six days and, finally, a Benefit-cost 

ratio of 3.89. All the obtained values are logical regarding the definitions of the own 

parameters. Furthermore, several sensitivity analyses have been studied. 

Once, the base case is well defined. Several sensitivity analyses have been developed 

in order to understand how the variation of certain parameters affect to the biogas 

upgrading plant. The first one consist in the variation of the purity of the methane, from 

60% to 97%. The results are that higher the purity is, higher all the parameters are. With 

the use of the word parameters it is wanted to englobe the main parameters as the total 

exergy destruction, the biomethane cost of production and the energy consumptions. 

Another analysis is the variation of the capacity of the plant. The capacity of the plant is 

related with the volume flow of biogas in the inlet of the process. The final results say 

that higher the capacity is, lower the specific investments are. But also it can be said that 

the biomethane cost of production decreases and the energy efficiency increase. The 

results are logical due to the fact that if in an energy plant increase the capacity, the 

specific costs reduce and the efficiency of the process increase. 

Finally, the variation in the operational temperature of the absorber has been studied. 

The MEA processes can work between 40-60°C. Taking into account the results, the 

optimal temperature is 45°C and not the 40°C which is the temperature used in the case 

base. 

In conclusion, the biogas upgrading process is an alternative more as renewable energy. 

From a thermodynamic point of view is totally feasible but in the economic way, some 

incentives are necessary in order to be possible in this way. If governments are 

committed with the development of this kind of plants and energies, the impact on the 

environment will be significant in a positive way. 
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7 Future research lines 
The project developer in this thesis is based on the biogas upgrading using amines 

through a chemical absorption process. A base case and several sensitivity analyses 

have been defined and studied in order to understand the process itself. The variations 

in the base case have been the methane purity variation, the capacity of the plant and 

the change of the operational conditions in the absorber. 

A number of research directions can be followed to continue this work further: 

 In this work, only the MEA solvent has been used in the chemical absorption 

process. In the section 4.1.1 different solvents have been defined. A possible 

work is the development of the same biogas upgrading plant but using caustic 

solvents (sodium hydroxide, potassium hydroxide, and calcium hydroxide) are 

the second most abundant solvents which can chemically absorb CO₂ from a 

mixture of gases after amine solutions. Another option is the employ of amino 

acids that can replace the use of alkanolamines for CO₂ absorption due to the 

presence of the amine group.  

Finally, the use of a mixture of 2-amino-2- methyl-propanol (AMP) and piperazine. 

The authors claimed that by using this mixture, compared to MEA, the overall 

process energy loss decreased significantly [58]. 

 

 Design of new solvents: it is not directly related with the exergo-economic 

analysis carried out but other researches [50] have attempted to explore and 

understand the parameters that influence the performance of different solvent 

systems. Using those approaches, efforts can be made to design new solvent 

systems that will have lower energy consumption. 

 

 Capture and storage of the CO₂ of a stream. The chemical absorption process 

can be also applied in order to capture the CO₂ and reduce its impact in the 

environment, it is a post-combustion process. In order to storage the CO₂, an 

additional stage is needed, this stage increase the pressure of the carbon dioxide 

in order to storage it. ASPEN could be used to develop this work due to the fact 

only the composition and the volume flow of the input stream would be different 

respect the biogas upgrading process. 

The energy integration with the power plant can be also studied, the main goal 

would be to reduce the energy penalty of CO2 capture performing as much 

energy integration of the power plant with the CO2 capture system as possible. 

This will ensure that all sources of waste heat in the system are utilized. Using 

software such as GT PRO, a model of the power plant can be built and integrated 

with the ASPEN models of the capture system and the energy integration 

between the two systems can be optimized. 
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 Other kind of study is to develop a novel method for reducing the amine 

regeneration cost is the application of concentration swing absorption (CSA). The 

heat consumption for regenerating CO2 rich solvent is reduced by swinging the 

amine and the CO2 concentration in the solvent. The CSA is performed by 

implementing a conventional absorption process at the normal amine 

concentrations (up to 30% for MEA), then the rich solvent concentration of MEA 

is increased by removing water [59].  

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 83 Process flow diagram for CO2capture from CO2enriched gas stream using CSA concept [59] 
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8 Thesis planning 
 

In this chapter the main objective is to explain the planning and the different stages that 

have been followed in order to carried out the development of this work. 

Several tools can be used as the Gantt chart and the Work Breakdown Structure (WBS) 

to understand how the time and the resources have been distributed along the duration 

of the project. Furthermore, an economic evaluation taking into account the materials 

and the time needed by the student has been also done. 

8.1 Budget 
The budget estimation takes into account two kind of costs: material costs and personal 

costs.  

The material costs include several components as the physical ones, for example, the 

computer. On the other hand, the different software must be included in order to compute 

all the costs. 

Concept Unitary cost (€) Number of units Total (€) 

Computer 700 1 700 
ASPEN Plus 0 1 0 
Microsoft Office 0 1 0 

Total 700 
Table 58 Material costs of the project 

 The ASPEN Plus software has been assumed a unitary cost equal to zero. It is obvious 

that the software itself has a certain cost, but in the student use, a license of the 

Politecnico di Torino has been used and because of that the cost is assumed as zero. 

Regarding the personal costs, the main cost is generated by the total hours of work of 

the student. The Gantt chart give an approximation of 427 hours of work in the project. 

The cost of the hour is assumed as 30€. Furthermore, additional costs are included 

taking into account the light and water consumption, the transport, etc. 

Concept Unitary cost (€) Number of units Total (€) 

Worked hours 28 427 11.956 
Indirect costs (light, water…) 30 6 180 

Total 12.136 
Table 59 Personal costs of the project 
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8.2 Gantt Chart 
 

Task Name Work Duration Start End 

PROJECT 427 horas 231 días lun 02/11/15 lun 19/09/16 

   PROJECT SEARCHING 11 horas 15 días lun 02/11/15 vie 20/11/15 

      Week 1 5 horas 5 días lun 02/11/15 vie 06/11/15 

         Project Search 5 horas    

      Week 2 4 horas 5 días lun 09/11/15 vie 13/11/15 

         Meeting with the Academic 
Advisor 

2 horas    

         Meeting with Leone 2 horas    

      Week 3 2 horas 5 días lun 16/11/15 vie 20/11/15 

         Project Confirmation 2 horas 1 día   

   Project Start 0 horas 0 días lun 23/11/15 lun 23/11/15 

   Week 4  7 horas 5 días lun 23/11/15 vie 27/11/15 

      Information Search 7 horas    

   Week 5 9 horas 5 días lun 30/11/15 vie 04/12/15 

      Information Search 8 horas    

      Meeting with Leone 1 hora    

   Week 6 7 horas 5 días lun 07/12/15 vie 11/12/15 

      Informartion Search 7 horas    

   Week 7 9 horas 5 días lun 14/12/15 vie 18/12/15 

      Informartion Search 4 horas    

      Informartion Study 5 horas    

   Christmas Holidays 0 horas 15 días lun 21/12/15 vie 08/01/16 

   Exams Period 0 horas 15 días lun 11/01/16 vie 29/01/16 

   Week 14 9 horas 5 días lun 01/02/16 vie 05/02/16 

      Base Case Study 8 horas    

      Meeting with Leone 1 hora    

   Week 15 10 horas 5 días lun 08/02/16 vie 12/02/16 

      Base Case Study 10 horas    

   Week 16 13 horas 5 días lun 15/02/16 vie 19/02/16 

      Base Case Approach 12 horas    

      Meeting with Leone 1 hora    

   Week 17 11 horas 5 días lun 22/02/16 vie 26/02/16 

      Base Case Approach 11 horas    

   Week 18 10 horas 5 días lun 29/02/16 vie 04/03/16 

      Base Case Approach 9 horas    

      Meeting with Leone 1 hora    

   Week 19 12 horas 5 días lun 07/03/16 vie 11/03/16 

      Base Case Implementation 12 horas    

   Week 20 11 horas 5 días lun 14/03/16 vie 18/03/16 

      Base Case Implementation 10 horas    

      Meeting with Leone 1 hora    
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   Holidays 0 horas 6 días lun 21/03/16 lun 28/03/16 

   Week 22 13 horas 4 días mar 29/03/16 vie 01/04/16 

      Base Case Implementation 7 horas    

      Redaction of the project 6 horas    

   Week 23 10 horas 5 días lun 04/04/16 vie 08/04/16 

      Base Case implementation 9 horas    

      Meeting with Leone 1 hora    

   Week 24 12 horas 5 días lun 11/04/16 vie 15/04/16 

      Convergence problems Aspen 12 horas    

   Week 25 10 horas 5 días lun 18/04/16 vie 22/04/16 

      Convergence problems Aspen 8 horas    

      Meeting with Giandomenico 2 horas    

   Week 26 12 horas 5 días lun 25/04/16 vie 29/04/16 

      Run the simulation 11 horas    

      Meeting with Leone 1 hora    

   Week 27 10 horas 5 días lun 02/05/16 vie 06/05/16 

      Redaction of the project 5 horas    

      Run the simulation 5 horas    

   Week 28 16 horas 5 días lun 09/05/16 vie 13/05/16 

      Run the simulation 9 horas    

      Redaction of the project 7 horas    

   Week 29 11 horas 5 días lun 16/05/16 vie 20/05/16 

      Calculations 10 horas    

      Meeting with Leone 1 hora    

   Week 30 13 horas 5 días lun 23/05/16 vie 27/05/16 

      Calculations 13 horas    

   Week 31 16 horas 5 días lun 30/05/16 vie 03/06/16 

      Calculations 15 horas    

      Meeting with Leone 1 hora    

   Week 32 15 horas 5 días lun 06/06/16 vie 10/06/16 

      Redaction of the results 15 horas    

   Week 33 11 horas 5 días lun 13/06/16 vie 17/06/16 

      Redaction of the results 10 horas    

      Meeting with Leone 1 hora    

   Week 34 10 horas 5 días lun 20/06/16 vie 24/06/16 

      Redaction of the conclusions 6 horas    

      Study of new cases 4 horas    

   Week 35 12 horas 5 días lun 27/06/16 vie 01/07/16 

      Study of new cases 12 horas    

   Week 36 14 horas 5 días lun 04/07/16 vie 08/07/16 

      Study of new cases 4 horas    

      Development of the new cases 8 horas    

      Meeting with Leone 2 horas    

   Holidays 0 horas 15 días lun 11/07/16 vie 29/07/16 

      Week 37 0 horas 5 días lun 11/07/16 vie 15/07/16 
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      Week 38 0 horas 5 días lun 18/07/16 vie 22/07/16 

      Week 39 0 horas 5 días lun 25/07/16 vie 29/07/16 

   Week 40 18 horas 5 días lun 01/08/16 vie 05/08/16 

      Implementation of the new 
cases 

12 horas    

      Redaction of the new cases 6 horas    

   Week 41 17 horas 5 días lun 08/08/16 vie 12/08/16 

      Implementation of the new 
cases 

6 horas    

      Simulation of the new cases 7 horas    

      Redaction of the project 4 horas    

   Week 42 14 horas 5 días lun 15/08/16 vie 19/08/16 

      Calculations 14 horas    

      Redaction of the project 0 horas    

   Week 43 26 horas 5 días lun 22/08/16 vie 26/08/16 

      Calculations 14 horas    

      Redaction  12 horas    

   Week 44 29 horas 5 días lun 29/08/16 vie 02/09/16 

      Feedback from the tutors 3 horas    

      Introduction of the changes 16 horas    

      Redaction 10 horas    

   Week 45 18 horas 5 días lun 05/09/16 vie 09/09/16 

      Details 10 horas    

      Last revision 8 horas    

   Delivery Indusnet 0 horas 0 días lun 12/09/16 lun 12/09/16 

   Week 46 1 hora 5 días lun 12/09/16 vie 16/09/16 

      Print the project 1 hora    

   Delivery Secretary 0 horas 0 días lun 19/09/16 lun 19/09/16 
Table 60 Gantt Activities 

 

The activities developed along the project have been explained and collected in the 

Table 60. The table was made by the Project Office software, the main results obtained 

with the software are the Gantt Chart, the total duration of the project and the time worked 

in the project. Thus, the total duration of the project is 231 days in which 427 hours have 

been worked in order to obtain the project. The Gantt chart is plotted in the Figure 84. 

The work distribution has not been equal along the project. Firstly, the simulation process 

and the development of the different cases have been studied in Italy, basically, due to 

the fact that the tutor was there so in case of doubts in those things, the resolution would 

be easier. Furthermore, the writing process has been done in Spain in the last part of the 

project. 
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Figure 84 Gantt Chart
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8.3 Work Breakdown Structure (WBS) 
The WBS methodology is a deliverable-oriented decomposition of a project into smaller 

components. A work breakdown structure is a key project deliverable that organizes the 

team's work into manageable sections. The division is made it in a pyramidal way, which 

means that to accomplish a superior level, the lower levels must be accomplish firstly.

TFM

Previous 
Documentation

Base Case Study

Properties and 
methods 
definition

Flowsheet 
definition

Simukation

Results analysis

Sensitivity 
Analyses

Definition of 
different cases

Elaboration of the 
cases on ASPEN

Results analysis

Post-processing
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