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RESUMEN

1. Introducción
Hoy en día, la tendencia al alza en la concienciación sobre el desarrollo sostenible y la
disminución de los recursos disponibles implica que las industrias globales busquen
rutas sintéticas sostenibles para la producción química, así como la optimización de
todo el proceso involucrado. Por ello, las industrias se enfocan en la producción de
distintos compuestos químicos utilizando fuentes de energía renovables a la vez que
intentan desarrollar estos procesos con los menores costes económicos asociados.
Una de las rutas sintéticas de mayor interés es la síntesis de Fischer-Tropsch.
Inicialmente, este proceso se desarrolló para la producción de combustibles en los que
el material de partida era el carbón. Hoy en día, el material de partida suele ser el gas
de síntesis que da lugar a una mezcla de hidrocarburos con una distribución muy
amplia de pesos moleculares, desde gases hasta líquidos como gasolina, queroseno o
lubricantes, además de ceras Fischer-Tropsch que pueden ser tratadas a través de un
proceso de craqueo para obtener productos como el diésel.
Una alternativa a la conversión directa de combustibles es el hidroprocesamiento,
concretamente el hidrocraqueo, de estas ceras Fischer-Tropsch. De este modo, se
obtiene un producto que consiste en un hidrocarburo de cadena larga que se presenta
tanto en estado líquido como en estado sólido, en función de los distintos parámetros a
los que es sometido el proceso, pudiendo ser utilizados como ceras de parafina o
lubricantes.
Por lo tanto, el objetivo de este trabajo es llevar a cabo un estudio sobre las
propiedades resultantes del producto, como es la propia composición del producto o la
longitud de cadena, a través de un reactor de lecho fijo que está sujeto a variaciones
en los parámetros del proceso, como el tiempo de residencia del reactivo en el reactor
o la ausencia de hidrógeno. También se estudiará el perfil de temperatura resultante a
lo largo del reactor y la pérdida de presión, así como el balance de masa resultante.
Finalmente, los resultados obtenidos para el reactor de lecho fijo y su tratamiento se
comparan con los obtenidos en un estudio previo para un reactor de suspensión.

2. Conceptos teóricos
Como se ha mencionado con anterioridad, el proceso que se lleva a cabo a lo largo de
este estudio es el hidroprocesamiento de ceras Fischer-Tropsch. Estas ceras son un
compuesto de origen sintético, producidas a través de la polimerización de monóxido
de carbono a alta presión. El hidrocarburo resultante en este proceso es destilado para
separar los combustibles de las ceras, las cuales poseen un punto de fusión que oscila
entre 45°C a 100°C.
El hidroprocesamiento es un conjunto de cualquiera de los diversos procesos de
ingeniería química que incluyen hidrogenación, hidrocraqueo e hidrotratamiento. No
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obstante, la parte del hidroprocesamiento que se lleva a cabo en este proyecto es la
de hidrocraqueo e hidroisomerización.
El hidrocraqueo se define como un proceso de craqueo catalítico combinado con un
proceso de hidrogenación, que se basa en la adición de hidrógeno a un hidrocarburo,
mejorando sus propiedades, iniciando la desalquilación aromática, la apertura de
anillos insaturados y la saturación de enlaces carbono-carbono. Se consigue así
reducir el peso molecular del hidrocarburo resultante, además de un producto de
mayor valor agregado. El catalizador utilizado es de tipo bifuncional, es decir, posee un
sitio metálico donde ocurre la hidrogenación y un sitio ácido donde ocurre el craqueo.
La hidroisomerización es un proceso en el que la isomerización se lleva a cabo en
presencia de hidrógeno, permitiendo que los puntos de fusión de los compuestos
parafínicos y nafténicos disminuyan considerablemente sin cambiar sus pesos
moleculares, además de transformar los alcanos cerosos de cadena larga en
productos ramificados. Al igual que ocurre con el hidrocraqueo, precisa del uso de un
catalizador bifuncional, donde en la parte metálica ocurre la hidrogenación, mientras
que en el ácida ocurre la isomerización.
El mecanismo de reacción para la hidroisomerización e hidrocraqueo de n-parafinas
en catalizadores bifuncionales se muestra en la Figura R1.

Figura R1. Mecanismo de reacccion para la hidroisomerización e hidrocraqueo.
Para
que
el
proceso
discurra
de
forma
correcta,
el
sitio
de
hidrogenación/deshidrogenación requiere que el hidrógeno esté presente. Así, cuando
la parafina es adsorbida en el sitio de hidrogenación/deshidrogenación, la parafina es
deshidrogenada, resultando en la correspondiente n-olefina. Posteriormente, la nolefina se difunde a un sitio ácido protonando y dando lugar a una carbocatión, que a
su vez puede isomerizarse en un iso-carbocatión y/o romperse resultando en una
olefina y carbocatión más ligeras. Posteriormente, después de la desprotonización, los
productos de las olefinas son difundidos nuevamente a un sitio de
hidrogenación/deshidrogenación e hidrogenados, para finalmente desabsorber los
productos hidrogenados del catalizador.
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3. Metodología
Los materiales utilizados para llevar a cabo los experimentos son las ceras FischerTropsch, el catalizador y el material inerte que se introducen en el reactor de lecho fijo.
Las ceras Fischer-Tropsch utilizadas en este proyecto, son hidrocarburos saturados de
cadena larga en estado sólido e insolubles en agua. El catalizador es un catalizador de
hidrocraqueo destilado comercial de óxidos de cobalto y molibdeno sobre un soporte
de sílice-alúmina amorfo y el material inerte es SiC (carburo de silicio), que debe ser
utilizado, puesto que en este reactor se espera que se alcancen bajas velocidades
lineales, causando un distribución deficiente del flujo, con el consecuente uso
ineficiente del lecho del catalizador. Se solventa así el problema, consiguiendo una
reducción considerable de la dispersión axial y por tanto, se obtiene una mayor
retención de líquido en los lechos diluidos.
Al comienzo de este proyecto la instalación en la que se lleva a cabo el proceso
estaba incompleta, por lo que se fueron ensamblando equipos y tuberías, dando lugar
a una instalación inicial que posteriormente fue sujeta a cambios con el objetivo de
mejorar y optimizar el proceso. La Figura R2 muestra la instalación inicial antes de ser
sujeta a estos cambios.

Tanque
contenedor

Bomba de
impulsión

Reactor
3º separador

1º separador

2º separador

Figura R2. Instalación inicial antes de ser sujeta a cambios.
Tanto al inicio como al final del proyecto, los equipos principales utilizados fueron un
tanque contenedor, una bomba de descarga, un reactor de lecho fijo y tres
separadores, además de las tuberías que los conectaban. Estos equipos se
mantuvieron durante todo el proceso sin modificaciones, con la excepción del reactor,
en el que se varió la forma de calefacción, y la adición de una válvula entre la bomba
de impulsión y el reactor para la toma de muestras.
La Figura R3 muestras las etapas necesarias para llevar a cabo el proceso.
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Figura R3. Etapas necesarias del proceso.
La instalación consiste en un tanque contenedor calentado, donde las ceras son
fundidas y mantenidas a una temperatura de 85 °C, siendo impulsadas a través de una
bomba de pistón al reactor, que posee una válvula con el fin de poder obtener
muestras. En el reactor se introduce además argón e hidrógeno. Este reactor de lecho
fijo consiste en un tubo cilíndrico de 700 mm de largo y 14,9 mm de diámetro interno
con un espesor de 3,2 mm con dos bridas, superior e inferior, operando a 380 ºC y 30
bars. La salida el producto se dirige al primero de los tres separadores. Este primer
separador se conoce como el primer separador caliente (165 ºC), que tiene una
válvula en su parte inferior a través de la cual se eliminan los condensados, donde el
producto restante pasa a un segundo separador conocido como el segundo separador
caliente (50 ºC), ocurriendo lo mismo que en el primero. Una vez que el producto ha
pasado por ambos separadores calientes, llega al separador frío (temperatura
ambiente), donde el posible condensado restante también se elimina a través de una
válvula en su parte inferior.
A lo largo del proceso, se realizaron una serie de implementaciones en la instalación,
donde la más significativa es la adición de un sistema de calefacción en todas las
líneas a través de las cuales circulan las ceras Fischer-Tropsch, para evitar la pérdida
de calor y, por lo tanto, aumentando el consiguiente rendimiento en el proceso.
La calefacción de las tuberías del proceso se realizó a través de un cable calefactor y
un aislamiento con lana mineral con un espesor de 25 mm, añadiendo una capa de
cinta de aluminio. El calentamiento del tanque contenedor de cera se lleva a cabo a
través de una camisa de calefacción. En los separadores y en el reactor inicialmente
se realizó a través de un cable calefactor a lo largo de sus superficies y aislado con
lana mineral y cinta adhesiva de aluminio.
Inicialmente, el sistema de calefacción del reactor consistía en un cable calefactor que
recorría en su totalidad la longitud del reactor, añadiendo una capa de aislamiento de
lana mineral con espesor de 25 mm y cinta de aluminio, al igual que la calefacción de
las tuberías, tal y como se observa en la Figura R4.
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Figura R4. Calefacción del reactor inicial.
No obstante, este sistema de calefacción no era el adecuado para el reactor, puesto
que no se obtenía un perfil de temperatura estable, presentando fluctuaciones y no
alcanzando la temperatura requerida, por lo que fue cambiado a una carcasa que
contenía tres placas calefactoras, y que se ajustaba a la forma del reactor, sellando
con tornillos. En el espacio entre las placas calefactoras y la carcasa fue rellenado con
lana de vidrio para aislarlo térmicamente, obteniendo así un perfil de temperatura
homogéneo y constante.
Finalmente, la instalación resultante, con todos los cambios y mejoras presenta el
siguiente aspecto, mostrado en la Figura R5.

Figura R5. Configuración final de la instalación.
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El diagrama de flujo de toda la instalación es representado por la Figura R6, donde
pueden observarse una serie de válvulas (V) con las que se pueden regular los
caudales de cada equipo, así como indicadores de presión (PI) o temperatura (TI),
además del controlador indicador de flujo (FIC), el controlador indicador de
temperatura (TIC) o el indicador de peso (WI).

Figura R6. Diagrama de flujo del proceso.
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Uno de los métodos para caracterizar fracciones y productos derivados del petróleo es
la destilación simulada, siendo un método cromatográfico que ofrece la posibilidad de
realizar rápidamente la distribución del rango de ebullición de los hidrocarburos. Las
muestras recogidas de los tres separadores y el reactor se analizan en una columna
cromatográfica no polar que separa los hidrocarburos en orden de sus puntos de
ebullición. Estos se correlacionan con los tiempos de retención, a través de una curva
de calibración. Para ello, se utiliza una cromatografía de gases proporcionada por
Agilent Technologies, en la que la muestra se inyecta manualmente y se procesa a
través de software que arroja una serie de resultados que deben interpretarse.
Una vez que la instalación está funcionando y se dispone de todos los materiales
necesarios, comienza la recogida de datos, que son tratados y analizados con el fin de
poder obtener una serie de conclusiones.
La recogida de datos consiste en tomar muestras para distintos caudales de producto
(0,5, 1, 2, 3, 4 y 5 ml/min) con los consiguientes tiempos de residencia asociados
(1,33, 0,66, 0,33, 0,22, 0,16 y 0,14 h). Una vez recogidas las muestras, se pesan, se
almacenan y se analizan mediante un cromatógrafo.

4. Resultados
Uno de los objetivos de este proyecto era realizar un balance de masa en dos
situaciones distintas, mientras la reacción no tiene lugar (inerte) y a lo largo del
proceso cuando la reacción está teniendo lugar. En ambos caso, el balance debe
cumplir el principio de conservación de masa, donde el caudal de entrada es igual al
de salida, y que se compone a su vez de la suma de los caudales de los tres
separadores. Por lo tanto, si existe alguna diferencia entre la suma de todos los
caudales de salida y el caudal de entrada, se considera una pérdida en forma de
fracción gaseosa.
En balance de masa cuando la reacción no tiene lugar refleja que todo el producto
líquido obtenido se recoge en el primer separador, por lo que toda la diferencia entre la
entrada y la salida se debe a una pérdida de gas. Así pues, la proporción de producto
líquido obtenido es del 97,43 % y la pérdida del 2,57 %.
En el caso del balance de masa cuando la reacción está teniendo lugar y a diferentes
tiempos de residencia, refleja que a bajos tiempos de residencia el 100% del producto
se obtiene en el primer separador, y según va aumentando este tiempo, comienzan a
aparecer fracciones en los otros dos separadores. Así pues, la proporción de producto
líquido en el primer separador es del 94,58 %, en el segundo separador del 0,22 % y
en el tercero del 0,54 %. Por lo tanto, el porcentaje promedio de pérdida es del 4,66 %,
y el balance de masa se puede determinar en el 95,34 %. De forma visual, se presenta
la Figura R7, donde se observa el resultado del balance de masa cuando la reacción
no tiene lugar y durante la reacción.
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Figura R7. Resultados del balance de masa para inerte (izquierda) y durante la
reacción (derecha).
Como se ha mencionado anteriormente, otro aspecto a estudiar a lo largo del proyecto
era el perfil de temperatura resultante. A través de la forma de calefacción inicial del
reactor se determina que no existe una tendencia clara, y el perfil de temperatura
resultante es desigual, ya que sólo 25 cm de la longitud del reactor, que coincide con
la parte media del reactor, muestran una temperatura constante. Sin embargo, una vez
realizados los cambios en la calefacción se obtiene un perfil de temperatura más
estable que en el caso anterior. En más de 50 cm el perfil de temperatura permanece
estable, lo que implica que esta forma de calefactar el reactor es más efectiva que la
primera utilizada, y por lo tanto el cambio producido en la forma de calefactar está
justificado. La Figura R8 muestra la variación del perfil de temperatura a lo largo de la
longitud del reactor con la forma final e inicial de calefacción.

Figura R8. Variación del perfil de temperatura final (izquierda) e inicial (derecha).
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La influencia del tiempo de residencia en la fase líquida del reactor se realiza tomando
una serie de mediciones a distintos tiempos de residencia. Así pues, en tiempos de
residencia más cortos, las muestras obtenidas se solidifican rápidamente a
temperatura ambiente, mientras a que a altos tiempos de residencia las muestras
comienzan a tener una apariencia más viscosa para dar lugar a muestras líquidas
según avanzan los tiempos. Las muestras tienen un color blanco amarillento para
tiempos de residencia más cortos, y a medida que aumenta el tiempo de residencia las
muestras se vuelven de un color amarillo más intenso. Finalmente, para los tiempos de
residencia más largos las muestras son transparentes.
A través del análisis SimDest, se estudió la influencia del tiempo de residencia en el
producto líquido del reactor. Los datos obtenidos permiten evaluar los resultados
obtenidos en función de diferentes representaciones.
A bajos tiempos de residencia la proporción de cadenas cortas es baja (rango de
hidrocarburos de C9 a C21), hasta alcanzar la fracción de peso máximo en C31,
disminuyendo esta fracción al aumentar longitud de la cadena. A tiempos de
residencia más largos se alcanzan las fracciones de mayor peso en longitudes de
cadena más cortas y existe una tendencia a disminuir la fracción a medida que
aumenta la longitud de la cadena. La Figura R9 representa las fracciones de peso con
la longitud de la cadena para los diferentes tiempos de residencia.

Figura R9. Fracciones de peso vs longitud de la cadena para diferentes tiempos de
residencia.
Otra forma de evaluar los datos obtenidos es combinar los hidrocarburos en grupos en
función de la longitud de la cadena y representarlos de acuerdo con las fracciones de
peso y el tiempo de residencia en el reactor. Se determina así que inicialmente todos
los grupos de hidrocarburos están presentes, con aquellos de largas longitudes de
cadena en mayor proporción (C26-30 y C31-35). Los grupos C26-30, C31-35 y C> 35
tienen una tendencia muy similar, donde a tiempos de residencia bajos están
presentes en mayor proporción y disminuyen a medida que aumenta el tiempo de
residencia. Existe una menor presencia de fracción de peso de las longitudes de C915 y C16-20 para tiempos de residencia bajos.
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Al final de todos los experimentos, se determina que el grupo con la mayor fracción de
peso es C9-15 y el grupo con la menor es C> 35. Esto implica que a medida que
aumenta el tiempo de residencia, el craqueo que ocurre durante todo el proceso da
como resultado la formación de compuestos con cadenas de hidrocarburos cada vez
más cortas.
Además, con los datos disponibles se puede relacionar la conversión del reactivo con
el tiempo de residencia. Así pues, se determina que a tiempos de residencia más
bajos, hay una menor conversión de craqueo, permaneciendo prácticamente estable
hasta alcanzar tiempos medios en los que un ligero aumento en la conversión
comienza a aparecer hasta alcanzar valores más altos a tiempos de residencia más
altos.
Con la obtención de todos estos resultados se puede proceder a la comparación de los
mismos con los que fueron obtenidos en estudios anteriores para un reactor de
suspensión.
Por lo tanto, se puede determinar que, a pesar de tener diferentes tiempos de
residencia, en ambos reactores el producto muestra el mismo comportamiento en
términos de composición por fracción en peso. A tiempos de residencia más cortos, el
craqueo da como resultado cadenas de longitud C31-40, seguidas de C21-C30,
aunque debe tenerse en cuenta que en el caso del lecho fijo, la relación entre estos
dos grupos es muy similar, mientras que no ocurre así en el reactor de suspensión. A
tiempos de residencia medios, se produce un aumento significativo en la fracción de
peso para las cadenas C9-20, que se mantiene al alza a medida que aumenta el
tiempo de residencia, a diferencia del resto de las cadenas, donde al aumentar este
tiempo de residencia, las cadenas más largas (C21-30, C31-40, C41-50) comienzan a
desaparecer o su formación directamente no se produce. La Figura R10, muestra la
comparación en la tendencia del reactor de lecho fijo y el reactor de suspensión en
términos de la composición de fracción en peso.

Figura R10. Comparación de la tendencia de la composición de fracción en peso para
lecho fijo (izquierda) y suspensión (derecha).
Otra forma de comparar los resultados obtenidos entre ambos reactores consiste en
comparar directamente las longitudes promedio de las cadenas con respecto al tiempo
de residencia. Se determina así que a medida que aumenta el tiempo de residencia, la
longitud promedio de la cadena disminuye para los dos reactores. Esto es consistente
con los datos presentados y analizados previamente, donde se refleja que a tiempos
de residencia más cortos producen cadenas más largas (C> 25 en el caso del reactor
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de lecho fijo y C> 30 en el caso del reactor de suspensión) y que el proceso termina
obteniendo una longitud promedio de cadena en ambos casos entre C9-15.
A lo largo del proceso experimental, inevitablemente se produjo la desactivación del
catalizador. Este evento se descubrió de forma fortuita en una de las mediciones, ya
que cuando se obtuvieron las muestras, se observó que el color que presentaban era
diferente del que se había obtenido previamente (blanco amarillento), convirtiéndose
en un color más oscuro. Este cambio de color es el resultado de una variación de los
parámetros del proceso. Gracias a experimentos anteriores se sabe que la falta de
hidrógeno conduce a un aumento en la formación de subproductos como olefinas,
aromáticos y coque. Esta falta de hidrógeno da como resultado la desactivación del
catalizador, debido a que los residuos de coque se colocan en los centros activos del
mismo.
Para esa muestra en concreto, la cual sirvió de estudio para determinar la conversión
del craqueo, se observa que que la conversión es total cuando se activa el catalizador,
a diferencia de lo que sucede cuando se desactiva, en el que la conversión con
respecto al caso anterior es 3,37 veces menor. Esto implica que cuando el catalizador
se desactiva, se necesitarían tiempos de residencia más largos en el reactor para
acercarse al mismo grado de conversión que cuando está activado, sin tener la
garantía de que se pueda alcanzar. Por lo tanto, es necesario controlar los parámetros
del proceso para evitar, por ejemplo, en este caso, una disminución en el flujo de
hidrógeno, que es la causa de la pérdida de actividad del catalizador.

5. Conclusiones
Con la finalización de este trabajo, se completa con éxito el segundo lote de
mediciones que comienza con el trabajo de hidroprocesamiento de cera FischerTropsch en un reactor de suspensión y sirve como guía para futuras investigaciones.
Dado que la desactivación del catalizador causada por la no presencia de hidrógeno
se estudió durante un tiempo de residencia, se abre la posibilidad de obtener
resultados para un rango de diferentes tiempos de residencia, así como la capacidad
regenerativa del catalizador y qué parámetros podrían considerarse en futuros
estudios, además de cómo se podría optimizar la regeneración.
Con respecto al grado de isomerización, un método diferente de análisis de los datos
puede implicar que los datos obtenidos se puedan ser usados y, por lo tanto, puedan
compararse los mismos en la conversión por craqueo y la isomerización.
Para evitar tener pérdidas en la fase gaseosa al realizar los balances de masa, se
puede proponer algún sistema de recolección de esta fase para cerrar los balances de
masa con un porcentaje mayor que el obtenido.
En la simulación destilada se puede utilizar un método más potente en la
cromatografía de gases para obtener información y resultados para cadenas de menor
longitud (C3-C8).
Por lo tanto, a modo de conclusiones se puede determinar lo siguiente:
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Existe una mayor pérdida de fracción de producto cuando la reacción está
teniendo lugar en el proceso en comparación a cuando no.
Durante la reacción a flujos más bajos, mayor pérdida del producto en forma
gaseosa y mayor fracción en peso en los otros separadores.
Al calefactar el reactor con la carcasa y las placas se obtiene un perfil de
temperatura en longitud dos veces más estable que al calefactarlo con hilo
conductor.
Un tiempo de residencia bajo provoca el craqueo en cadenas de longitud
resultantes de C> 30 en ambos reactores.
Un tiempo de residencia elevado provoca el craqueo en cadenas de longitud
resultantes de C9-15 en ambos reactores.
A medida que aumenta el tiempo de residencia, la longitud promedio de la
cadena disminuye en ambos reactores.
Existe la posibilidad de la desactivación del catalizador.

12

Start-up of a fixed bed reactor for kinetic
measurements for hydroprocessing of
Fischer-Tropsch waxes

Master´s thesis
provided by

Cristina Vázquez Mesa

Engler - Bunte – Institut
Bereich Chemische Energieträger – Brennstofftechnologie
Karlsruher Institut für Technologie (KIT)

Supervisor: Prof. Dr.-Ing. Reinhard Rauch
Co-supervisor: Philipp Neuner, M. Sc.

Karlsruhe, September 2019

Engler-Bunte-Institut
Chemische Energieträger
– Brennstofftechnologie
Prof. Dr.-Ing. Reinhard Rauch

Task description for the master thesis of
Miss cand. M.Sc. Cristina Vázquez

Start-up of a fixed bed reactor for kinetic measurements for hydroprocessing
of Fischer-Tropsch waxes
Renewable fuels are becoming more and more relevant. Therefore, the production and
upgrading of it is a necessary step towards emission free energy consumption and fossil fuel
divestment. One possibility is to use regenerative carbon sources and hydrogen from
electrolysis to produce synthesis gas and subsequent transportation fuels through
Fischer- Tropsch synthesis. A byproduct of this process are paraffins with high chain lengths,
so called Fischer-Tropsch waxes (FTW). At the Engler-Bunte-Institute the upgrading of these
waxes through hydroprocessing is being researched. In this particular case, hydroprocessing
only connotes to isomerization and cracking of long chain paraffins.

Task description:
The objective of this thesis is to develop a process to measure reaction kinetics of cracking
and isomerization of FTW. This includes an intense literature study, a setup of the reaction
network, and a clear definition of the resulting yield factions. During this thesis, the first yielddependent reaction rates are to be measured and evaluated.
In the scope of this master thesis, a newly built fixed-bed reactor is to be commissioned. This
includes ensuring its mechanical and software based functionality. The online analytics like the
gas chromatograph need to be set up and calibrated. Furthermore, the student is required to
calculate and elaborate the basic operating conditions for the reactor itself. These include
particle sizes of the inert and catalyst material, the resulting pressure loss and the expected
flow profile inside the reactor. In previous work the hydroprocessing of FTW in a stirred tank
reactor has been researched. This process shall be adapted to fixed-bed operations in order
to run analogous experiments to compare both reactor types.
The results of this thesis are to be documented in writing. During the conduct of this work the
student will be following the principle of “good scientific practice” and will present the results in
the Fuel Technology Seminar.

Start of Thesis:
Supervisor:

01.04.2019
Philipp Neuner, M.Sc.

Supervising Professor:

Prof. Dr.-Ing. Reinhard Rauch

Contents

Statement
I hereby affirm that I have prepared the present work independently and only with the
sources and aides indicated in the bibliography.

I agree that a copy of this work may be placed in the library of the Engler-Bunte-Institut at
the Karlsruhe Institute of Technology (KIT) and may be copied.

Karlsruhe, 30th September 2019

______________________
Cristina Vázquez Mesa

III

Contents

Thanksgiving
I thank Prof. Dr.-Ing. Reinhard Rauch the opportunity offered to do my master's thesis at
the Engler-Bunte-Institut in the field of chemical energy and fuel technology.
I would also like to thank Mr. Philipp Neuner. At all times he has given me his support, time
and patience, as well as new ideas and improvements to carry out this work.
To also thank all the staff of the Institute for their help, kindness and cooperation making
the general conditions for the preparation of this work the best.
Finally, thank Mr. Francisco Ismael Díaz Moreno for giving me the opportunity to guide me
on this project at my home university

IV

Contents

CONTENTS
1 INTRODUCTION..................................................................................................................1
2 THEORETICAL BASICS .....................................................................................................2
2.1.1

Basics concepts ..........................................................................................2

2.1.2

Basic knowledge of catalysis ......................................................................3

2.1.3

Model reactors ............................................................................................4

2.1.4

Basic operation conditions ..........................................................................9

2.2.1

Hydrocracking ...........................................................................................12

2.2.2

Hydroisomerization ...................................................................................13

2.2.3

Catalysts for hydrocracking ......................................................................13

2.2.4

Kinetics of paraffin hydrocracking .............................................................15

3 MATERIAL AND PROCEDURE ........................................................................................18
3.1.1

Fischer-Tropsch waxes ............................................................................18

3.1.2

Catalyst.....................................................................................................18

3.1.3

Inert material .............................................................................................18

3.2.1

Installation ................................................................................................19

3.2.2

Heating .....................................................................................................23

3.3.1

Mass flow controller ..................................................................................26

3.3.2

Simulated Destillation ...............................................................................28

4 RESULTS AND DISCUSSION ..........................................................................................29

4.2.1

Inert ..........................................................................................................30

4.2.2

During the reaction ...................................................................................31

5 SUMMARY ........................................................................................................................43
6 FUTURE PERSPECTIVE ..................................................................................................44
7 LITERATURE .................................................................................................................XLV

V

Contents

8 APPENDIX ...................................................................................................................XLVIII

8.3.1

Latin alphabet ............................................................................................LI

8.3.2

Greek alphabet .........................................................................................LII

VI

1. INTRODUCTION

1

INTRODUCTION

The upward trend on awareness of sustainable development, and a decrease in available
resources make global industries look for sustainable synthetic routes for the production of
chemical products, as well as how to optimize the entire process involved. This means that the
production of renewable energy sources is reaching more viable economic levels and therefore
they are generating more interest.
One of these synthetic routes is the synthesis of Fischer-Tropsch (FTS). Initially this process
was developed for the production of fuels in which the starting material was coal. Today the
starting material is the synthesis gas to give rise to a mixture of hydrocarbons with a very wide
distribution of molecular weights, from gases to liquids such as gasoline, kerosene or
lubricants, in addition to Fischer-Tropsch waxes (FTW) that they can be treated through a
cracking process in order to obtain products such as diesel.
An alternative to the direct conversion of fuels is the hydroprocessing of these Fischer-Tropsch
waxes. Thus, a product consisting of long chain hydrocarbons that can be used as paraffin
waxes or lubricants is obtained. This implies that the product has a higher aggregate value,
which varies according to the required specifications.
Therefore, the objective of this work is to carry out a study on the resulting properties of the
product, through a fixed bed reactor to which it is subjected to variations in the process
parameters, such as the residence time of the reagent in the reactor or the absence of
hydrogen. A temperature profile will also be carried out along the reactor and a mass balance.
Finally, the results obtained for the fixed bed reactor will be compared with those obtained in
a previous study for a slurry reactor and thus compare product properties such as chain length.
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2

THEORETICAL BASICS
Reaction technology

2.1.1

Basics concepts

In the field of the chemical synthesis, a chemical reactor is a tool that is used to determine
different aspects that they affect to a reaction system, as it is the speed of the reaction. This
speed is affected by factors like the concentration of the species (ci) and of the temperature
(T). [1]
In chemical reaction engineering (CRE), the information obtained from the kinetics is a
means to determine a series of parameters on the reactor, such as reactor size, flow and
thermal configuration, product distribution, etc. [1]
The reaction rate is defined for a species involved in a reaction system, being able to
participate as a reactant or as a product. The system can be single-phase or multi-phase,
just as it can have fixed or variable density as the reaction progresses, and the properties
they present can be uniform or variable, such as pressure, concentration, temperature or
density with respect to position at any given time.
As an example, the A → B reaction is had, so, the extensive reaction rate with respect to a
species A (RA), is the observed rate of formation of A: [1, 2, 3, 4, 5]

𝑅𝐴 =

𝑚𝑜𝑙𝑒𝑠 𝐴 𝑓𝑜𝑟𝑚𝑒𝑑

(Eq. 1)

𝑡𝑖𝑚𝑒 𝑢𝑛𝑖𝑡

The intensive reaction rate, rA, is the rate referred to a specified normalizing quantity (NQ),
or rate basis, such as the volume of the reaction system or the catalyst mass: [1, 4, 5]

𝑟𝐴 =

𝑚𝑜𝑙𝑒𝑠 𝐴 𝑓𝑜𝑟𝑚𝑒𝑑
𝑢𝑛𝑖𝑡 𝑡𝑖𝑚𝑒 𝑥 𝑢𝑛𝑖𝑡 𝑁𝑄

=

1 𝑑𝑛𝑖
𝑉 𝑑𝑡

(Eq. 2)

This reaction rate can be also be shown depending on the concentration and the partial
pressure of the reactant: [2, 4]

𝑟𝐴

= 𝐾𝐶 · 𝐶𝑛𝐴

(Eq. 3)

𝑟𝐴

= 𝐾𝑃 · 𝑃𝑛𝐴

(Eq. 4)

Where KC and KP are rate constants, CA is the concentration and PA is the partial pressure
of A and n is the reaction order.
The rate, RA or rA, as defined, will be negative if A is consumed, and positive if A. is
produced. While RA is dependent of the size of the reaction system and the physical
circumstances of the system, rA is not. Therefore, it can be considered to be the punctual
or intrinsic rate at the molecular level and is the most useful amount. The two rates are
related as follows, with volume V as NQ. [1]
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So that, for a uniform system:

𝑅𝐴

= 𝑟𝐴

·𝑉

(Eq. 5)

· 𝑑𝑉

(Eq. 6)

For a non-uniform system:

𝑅𝐴

= 𝑟𝐴

The parameters on which the reaction rate depends are named below. [1, 3]
•
•
•
•
•
•

The nature of the species involved in the reaction.
Concentrations of species (Ci).
Temperature (T).
Catalytic activity.
Nature of contact of reactants.
Wave-length of incident radiation.

In the case of concentration and temperature, it is important to note that they are related to
each other through the Arrhenius equation, which also takes into account the activation
energy of the reaction. [3]

𝑟𝐴

= 𝐾𝐶 · 𝐶𝑛𝐴 = 𝑘0 · 𝑒

−

𝐸𝑎
𝑅·𝑇

· 𝐶𝑛𝐴

(Eq. 7)

Where k0 is a pre-exponential factor, Ea is the activation energy, R is the universal gas
constant and T is the temperature.

2.1.2

Basic knowledge of catalysis

A catalyst affects the speed of the reaction, but remains unchanged at the end of the process.
The catalyst modifies a reaction rate by using a different molecular reaction pathway. Thus,
the catalyst modifies the speed of a reaction without affecting its thermodynamic equilibrium.
[1, 4]
The following types of catalysis can be distinguished: [1]
•

•

•

Autocatalysis: A process where one or more of the formed products acts as a catalyst
for the initial reaction. This creates a positive feedback loop as long as enough educt
is present, therefore continuously increasing the speed of the reaction.
Homogeneous catalysis: A process where reactants and catalyst are presented in the
same phase. Gas phase species can also serve as catalysts. It is responsible for
approximately 20% of the production of commercial catalytic reactions in the chemical
industry.
Heterogeneous catalysis: A process where the catalyst and reactants are in different
phases. Some reactions are in the gas phase catalyzed by solids, while others involve
two liquid phases. Approximately 80% of commercial catalytic reactions use this type
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•

of catalysis, due to the greater flexibility compared to homogeneous catalysis, and the
additional cost of separating the catalyst from a homogeneous system.
Surface catalysis: A process where catalysis takes place in the surface solids of an
extended solid.

Thus, the most important characteristic of a catalyst is its selectivity, since it only changes the
rates of specific reactions, often a single reaction, leaving the rest unaffected. The formula of
the selectivity, for example for A → B reaction, is represented in equation 8. [1, 3]

𝑆𝐵 =

𝑎𝑚𝑜𝑢𝑛𝑡 𝑜𝑓 𝑑𝑒𝑠𝑖𝑟𝑒𝑑 𝑝𝑟𝑜𝑑𝑢𝑐𝑡 𝐵 𝑓𝑜𝑟𝑚𝑒𝑑
𝑎𝑚𝑜𝑢𝑛𝑡 𝑜𝑓 𝑎𝑙𝑙 𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 𝑓𝑜𝑟𝑚𝑒𝑑

(Eq. 8)

Since the catalysts detect an alternative route for the reaction to occur, the catalyst provides a
route with lower activation energy. Therefore, the activation energy of the reaction is reduced
from the activation energy (Ea) to catalysis energy (Ecat) by use of a catalyst, increasing the
reaction rate, as can be seen in Figure 1. [5]

Figure 1. Representation of the influence of a catalyst. [5]
Through this figure it can be seen how the activation energy, which is represented through the
upper curve has higher values than in the case of the catalysis energy, lower curve, along the
reaction path.

2.1.3

Model reactors

A batch reactor (BR) is used both for the investigation of the kinetics of a chemical reaction in
the laboratory, and for large-scale (commercial) operations in which several different products
are produced due to different reactions intermittently. [1, 3, 4, 5]
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A continuous stirred tank reactor (CSTR) is usually used for liquid phase reactions, both on a
laboratory scale and on a large scale. However, it can also be used for gas phase reactions,
especially when solid catalysts are involved and needs to be in a separate liquid phase.
Agitated tanks can also be used in serial arrangement. [1, 3, 4, 5]
A plug flow reactor (PFR) is used for reactions both in the liquid phase and in the gas phase
and it can be used to measure kinetic data or produce large amounts of product for industrial
processes. The reactor can be an empty tube, like a fixed bed, or vessel, as well as a packed
catalyst bed. [1, 3, 4, 5]
A PFR is a reactor that operates under a constant product flow and its mixing properties
depend on the location of the particles. This reactor cannot separate the liquid from the gas
flow. [1, 3, 4, 5]
Figure 2 represents the scheme of a PFR, where it is observed that the molar flow rate of
species j (Fj, in mol/time unit) is dependent on the location of the particles (z) in a length (L).
[3]

Figure 2. Scheme of a plug flow reactor. [3]
A CSTR is a reactor that operates under a constant product flow and its mixing properties do
not depend on the location of the particles or time. This type of reactor is capable of separating
the liquid from the gas flow. [1, 3, 4, 5]
Figure 3 shows the diagram of a CSTR, which shows that the composition of the mixture is the
same in all points of the system by continuous stirring. [3]

Figure 3. Scheme of a continuous stirred tank reactor. [3]
A BR begins its (discontinuous) operation with all reactants inside it from the beginning and its
mixing properties depend on time. Figure 4 represents the diagram of BR. [1, 3, 4, 5]
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Figure 4. Scheme of a batch reactor. [3]
As a summary, Table 1 is presented, which shows the main advantages and disadvantages of
the reactor types discussed in this section. [3]
Table 1. Comparison of advantages (+) and disadvantages (-) of BR, CSTR and PFR
reactors. [3]
Type of reactor

BR

CSTR

PFR

Cleanout

+

+

-

Continuous operation

-

+

+

Large throughput

-

+

+

On-line analysis

-

+

+

Product certification

+

-

-

Reactor size for given conversion

+

-

+

Simplicity and cost

+

+

-

Fixed bed reactor
A fixed bed reactor consists of a cylindrical tube that is usually filled with catalyst particles the
reactants are constantly flowing through the packing with the catalyst acting as immobile
phase. [5, 7]
The particles can be cylindrical, spherical or random and the flow of a fixed bed reactor is
specific downward. Figure 5 represents the configuration of a fixed bed reactor. [5, 7]

Figure 5. Downflow fixed bed reactor (left) and upflow fixed bed reactor (right). [5]

6

2. THEORETICAL BASICS

Catalyst dilution
The low linear velocities of the liquids that occur in some laboratory reactors, like the fixed bed
reactor, cause poor flow distribution, which leads to inefficient use of the catalyst bed. [6]
In order to avoid it, dilution of the catalyst bed with small inert particles is carried out, resulting
in a considerable reduction of the axial dispersion, being able to assume the flow of the plug,
also producing a greater retention of liquid in the diluted beds, which leads to better wetting
and utilization of catalyst particles. [6]

Slurry reactor
A slurry reactor is a type of reactor that contains the catalyst in powder or granular form. This
reactor is typically used when the reaction volume is to be known and due to the flexibility, it
provides in industrial processes. The reactant gas is directed through the liquid and dissolves
and subsequently diffuses on the catalyst surface. Suspension reactors can use very fine
particles, which leads to problems of separation of the catalyst from the liquid. [5, 7]
Figure 6 represents a standard configuration of a slurry reactor.

Figure 6. Standard configuration of a slurry reactor. [3]

Reactor comparison
The main characteristics of a fixed bed reactor, and therefore comparable to other types of
reactor are: [7, 8]
•
•
•
•
•
•

Easy construction with low associated operation and maintenance costs.
Easy separation of the catalyst from the reactor effluent stream.
Greater contact between reactant and catalyst than in other types of reactors.
Increased product formation due to greater contact between reactant and catalyst.
Effective at high temperatures and pressures.
Catalyst particle size restricted by the allowable pressure drop (> 100 µm).

7

2. THEORETICAL BASICS

•
•
•
•
•

Difficult temperature control.
Possibility of radial and axial temperature gradients.
Need for catalyst regeneration.
Integral measure of kinetic data.
Laboratory and industrial scale reactors.

The main characteristics of a slurry reactor, and therefore comparable to other types of reactor
are: [7, 8]
•
•
•
•
•
•
•
•

Difficulty in the design of the reactor.
Easy temperature control.
Catalyst particle size smaller than in other reactors (< 100 µm).
Constant catalytic activity by updating a small amount of catalyst.
The high thermal capacity of the reactor acts as a safety measure against temperature
gradients.
Need for catalyst regeneration / replacement.
Differential measure of kinetic data.
Laboratory and industrial scale reactors.

The most relevant differences between the two reactors are discussed below. [7, 8, 9]
In the slurry reactor, the particle size is smaller than in the fixed bed. Therefore, the contact
area is larger and a higher conversion is reached. As this particle are smaller, they need to be
granulated. That requires more time than in the fixed bed reactor, where it is not necessary to
granulate these particles.
For high temperatures and pressures using solid catalysts, the process is commercially viable
in the fixed bed reactor.
Temperature control is easier in the slurry reactor since there is agitation in the reactor that
removes hot spots, which does not occur in the fixed bed reactor.
In the slurry reactor the catalyst particles are the slurry reactor is a differential reactor, where
it is considered that there is only one temperature, pressure and composition, so that a single
reaction rate and a single coefficient of kinetic velocity are obtained. However, the fixed bed
reactor has gradients or changes in the entire volume of the reactor, so it needs to be
integrated over the different zones of the reactor, each with a temperature, pressure,
composition in the exact point, reaction speed, etc.
Both reactors are used on a laboratory and industrial scale. At the laboratory level, the
preparation of the catalyst, its own detection, the establishment of reaction networks, kinetic
studies and tests to scale at the industrial level requires time and financial investments.
The fixed bed is the reactor most used for tests with catalysts, since the catalyst can be
regenerated, unlike the slurry reactor, where it is practically impossible to regenerate it, and
must be replaced, increasing the preparation time, and therefore the economic expenses.
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2.1.4

Basic operation conditions

This section will proceed to discuss parameters and operating conditions affecting the process
such as the particle size and the reactor pressure drop and the flow profile.

Particle and reactor size
According to the values provided by different authors, Table 2 is obtained, in which the values
for both the length and the diameter of the reactor are summarized, with their corresponding
relationship between both values. [10, 11, 12, 13, 14, 15]
Table 2. Summary of theoretical values for reactor length and the diameter. [10, 11, 12, 13,
14, 15]
Reactor
Nr.

1

2

3

4

5

6

7

Length
(cm)

50-200

100

-

125

-

149

100

Diameter
(cm)

2,504,00

11,4019,40

2,00

5,00

1,60

16,5

11,4

L/D ratio

20-50

5-8

-

25

-

9

9

Table 3 summarizes the theoretical values of the particle diameter, in addition to the diameter
of the reactor and its corresponding relationship between both values. [10, 11, 12, 13, 14, 15]
Table 3. Summary of theoretical values for particle diameter and reactor diameter. [10, 11,
12, 13, 14, 15]
Reactor
Nr.

1

2

1,0 - 5,0

Reactor
diameter
(cm)
D/dp ratio

Particle
diameter
(cm)

3

4

5

6

7

3,0 – 6,0 -

1,6

0,625

3,0

6,0

2,504,00

11,4019,40

2,00

5,00

1,60

16,5

11,4

8-25

32-38

-

31

25

55

19
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Another important aspect to take into account is the wall effect. It happens when mono sized
spheres are packed in a cylindrical container and the radial distribution of voidage within the
bed is not uniform due to the existence of the wall. In order to avoid this effect, it has to be a
relation between a certain type of parameters in reactor and particles. [16]
One of the main dependencies is between the diameter of the reactor and the particle size in
theoretical values. According to different authors a ratio D/dp between 25 and 31,25 is
sufficient to prevent wall effects: [11, 17]
Another relation is the one between particle size and wall effects, so, in order to avoid wall
effects, particle size should be between 0,59 and 0,89 mm: [11, 17]

Flow regime
Simultaneous downward flow between the gaseous and liquid phase flowing through a bed full
of solid particles is a much more complex situation compared to the single phase flow. In this
type of reactor several flow regimes are observed at different gas and liquid flow rates. [18]
Apart from these speeds, the flow rate is also a function of parameters such as the dimensions
of the reactor, the size and shape of the particles, the method of packaging and the
thermophysical properties of the gas and liquid phases. [18]
Thus, four different flow regimes can be identified. [18]
•
•
•
•

Trickle flow regime.
Pulse flow regime.
Spray flow regime.
Bubbly flow regime.

In industrial practice, reactors are often operated close to the flow transition boundary between
trickle and pulse flow regimes, which are described briefly below. [18]
The trickle flow regime is presented at low flow rates of liquid and moderate flow rate of gas,
where the liquid flows in the form of streams over the catalyst particles. Figure 7 shows the
representation of this type of flow, where there is a low interaction regime. The continuous
phase, the fluid phase of a colloid within which solid or fluid particles are distributed, is a gas
and the liquid is the semicontinuous phase, a middle point between the continuous phase and
the disperse phase, where the particulate solid or liquid phase of a colloid is distributed within
a fluid. [18]
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Figure 7. Representation of trickle flow regime. [18]
In the case of the pulse flow regime, local flow path for gas phase is blocked by liquid
plugs/pockets which form alternate gas and liquid-enriched zones. In the liquid-enriched
zones, occurs a complete wetting of particles under this flow regime. Figure 8 shows the
representation of this type of flow, where there is a low interaction regime. The gas is a
semicontinuous phase and also the liquid. [18]

Figure 8. Representation of pulse flow regime. [18]

Pressure drop
The pressure drop in reactors is an important design parameter, since it is one of the key
interaction indices for the system, and that is why it is often used as a correlation parameter
for the prediction of other parameters, such as the liquid-gas or liquid-solid mass transfer
coefficient, the wetting efficiency or the heat transfer coefficient. [18]
Compared to the particle diameter (dp), the diameter of the reactor column (D) has a relatively
minor influence on the pressure drop. This influence is more significant for a low D/dp ratio
(with proportions of D/dp less than 0,23). For a high D/dp ratio, the variation of the pressure
drop with the column diameter is almost negligible, while for a low D/dp ratio, the variation of
the porosity near the wall plays an important role, since that due to the high porosity near the
wall, a bypass of the fluid occurs, resulting in a lower pressure drop. [18]
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The way to calculate this pressure drop based on the length of the reactor is through the Ergun
equation (Eq. 8), that take into account the viscosity (µ), porosity (ε), particle diameter (dp) and
superficial velocity (U0): [5]

∆𝑃
𝐿

=

150∙𝜇∙(1−𝜀)2 ∙𝑈0
𝜀 3 ∙𝑑𝑝2

+

1,75∙(1−𝜀)∙𝜌∙𝑈0 2
𝜀 3 ∙𝑑𝑝

(Eq. 9)

Hydroprocessing
Hydroprocessing is a set of any of the various chemical engineering processes that include
hydrogenation, hydrocracking and hydrotreatment. [3]
Brief definitions of the processes that are part of hydroprocessing are below.
Hydrotreatment or also called as catalytic treatment with hydrogen is the process responsible
for removing hetero atoms from petroleum fractions, making them selectively react with
hydrogen at relatively high temperatures at moderate pressures in a reactor. [19]
Hydrocracking is a catalytic refining process that aims to improve petroleum raw materials by
adding hydrogen, as well as removing impurities and cracking to a desired boiling range. [19,
20]
Hydrogenation is a process that involves the addition of hydrogen to a hydrocarbon, improving
its properties, initiating the aromatic dealkylation, the opening of unsaturated rings and the
saturation of carbon-carbon bonds. [20]
Hydroisomerization is a process in which isomerization is carried out in the presence of
hydrogen that allows the melting points of paraffinic and naphthenic compounds to decrease
greatly without changing their molecular weights. [21]

2.2.1

Hydrocracking

One of the main characteristics of hydrocracking is the fact that it reduces the molecular weight
of the feed, so at the end, the products have a molecular weight less than the feed. These
feeds go regularly from high-vacuum diesel and coke diesel to atmospheric diesel and
products typically in the range from heavy diesel to light gasoline. [19]
Hydrocracking converts the heavy feedstock into products of lower molecular weight, removes
sulfur, nitrogen, saturates olefins and aromatics. [19]
Hydrocracking reactors are subject to and operate in a variety of conditions, and many factors,
such as the type of feed or the desired duration of the cycle. However, they will generally
operate in the following range of conditions: [19]
•

Liquid hourly space velocity (LHSV): 0,5 – 2,0.
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•
•
•

H2 circulation (gas to oil ratio): 850 - 1,700 Nm3 / m3.
H2 partial pressure: 10 – 100 bars.
Temperature: 400 - 450 °C.

Section 2.2.3 will proceed to describe the catalysts used for this process, as well as the
activation and deactivation processes.

2.2.2

Hydroisomerization

The hydroisomerization transforms long chain waxy alkanes into branched products. Long
straight chain hydrocarbons on one side improve the thermal stability and viscosity of the fuel,
although they can have adverse effects on other properties of the fuel, such as freezing and
pour point. [22, 23].
The process takes place in the following operating ranges: [24]
•
•
•
•

Speed of liquid space per hour (LHSV): 1,0 – 3,0.
H2 / HC circulation: 400 - 900 Nm3 / m3.
Pressure: 40 - 80 bars.
Temperature: 275 - 375 °C.

In relation to catalysts, hydroisomerization is generally carried out on a bifunctional catalyst
that has both hydrogenation and acidic properties. The metal sites are responsible for the
hydrogenation of n-paraffins to olefins, followed by the hydrogenation of iso-olefins to isoparaffins, while the acid sites are responsible for the skeletal isomerization of olefins through
the carbenium ion. [22, 23]

2.2.3

Catalysts for hydrocracking

The catalyst used in the hydrocracking process are dual-function, which means that they have
a cracking function, affected by an acidic support and a hydrogenation function, controlled by
metals. In order for the reaction to occur, both metal and acid sites need to be present on the
catalyst surface. [3, 19]
The acidic support is one that consists of amorphous oxides, such as silica-alumina, a
crystalline zeolite, and binder, such as alumina. Cracking and isomerization reactions occur in
the acidic support. [19, 25]
Depending on the current relationship between the acidic support compounds, Al and Si,
zeolites vary in the severity of their acidity. It should also be taken into account that the
crystalline structure that the zeolite presents influences the final composition of the product,
since the molecules may not be catalyzed according to their spatial structure and size, in case
the active sites are within the pores of the particle. [26]
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The metals are responsible for providing the hydrogenation/dehydrogenation function, being
noble metals such as Pd or Pt, or non-noble metal sulphides such as Mo, W, Co or Ni. They
catalyze the hydrogenation of the reactant, making it more reactant in order to favor cracking
and the reduction of heteroatoms to reduce the rate of coke formation. [19, 25]
Depending on the type of metal chosen, the activity of the catalyst will vary. Thus, noble metals,
unlike what happens with non-noble metals, have a higher activity, but are more expensive
[19].
The relationship between the two functions of the catalyst (cracking and hydrogenation) can
be varied depending on activity and selectivity. Some of the key performance criteria by which
catalysts are evaluated are: [19]
•
•
•
•

Initial activity, which is measured by the temperature required at the start of the process
to obtain desired product.
Product quality, which measures the ability of the process to produce products with the
desired usage specifications.
Product selectivity, which measures the ability of a catalyst to produce the slate of the
desired product.
Stability, depending on the rate of temperature increase required to maintain the
conversion.

Activation
The catalysts have to be activated. In most catalysts, the metals are in their oxidized form, at
the end of the manufacturing process. Through the reduction the catalyst with hydrogen, these
metal catalysts are activated. In order to avoid the sintering of metals, before the reduction, an
early calcination is carried out in air. [19]
Activation usually takes place between about 300 and 400 °C, although it should be taken into
account that not all catalysts are the same, and that the activation instructions provided by the
manufacturers of each particular catalyst must be followed. [19]

Deactivation
The deactivation of a catalyst is the loss either in the activity or in the selectivity of the catalyst
itself. This loss occurs gradually or very quickly, so the periods of time vary depending on the
process and the conditions to which the catalyst is subjected. [16, 27]
Although catalyst deactivation is unavoidable in almost all processes, it is possible to avoid,
postpone or reverse some of its most drastic and immediate consequences. [26]
Catalyst deactivation can be grouped into six main mechanisms, being poisoning, fouling,
thermal degradation, vapor formation, vapor-solid reactions and/or solid-solid, and
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attrition/crushing, where the basic causes of deactivation are chemical, mechanical or thermal.
[27]
Poisoning is a chemical type of deactivation of catalysts, where the principle of the process is
a strong chemisorption of species in catalytic sites with the consequent blocking of the sites
for catalytic reaction. [19, 27, 28]
Fouling is a mechanical type of deactivation of catalysts, where there is a physical deposition
of fluid phase species on the catalytic surface and in the pores of the catalyst. [19, 27, 28]
Thermal degradation and sintering is a type of deactivation of catalysts, where there is a
thermally induced loss of the catalytic surface area, support area and active phase support
reactions. [19, 27, 28]
Vapor formation is a chemical type of deactivation of catalysts, where the reaction of the gas
with the catalyst phases produces volatile compound. [19, 27, 28]
Vapor-solid and solid-solid reactions are a chemical type of deactivation of catalysts, where
the reaction of the vapor, the support, or the promoter with the catalytic phase produces
inactive phase. [19, 27, 28]
Attrition/crushing is a mechanical type of deactivation of catalysts, where either the loss of
catalytic material occurs due to abrasion or loss of the internal surface area due to
mechanically induced crushing of the catalyst particle. [19, 27, 28]
Although it is not possible to completely eliminate the catalyst deactivation, the properties of
the catalyst, the process conditions (impurities of the raw material, contact methods and
process design) can be controlled. [18, 26, 28]

2.2.4

Kinetics of paraffin hydrocracking

Figure 9 shows the reaction mechanism for the hydroisomerization and hydrocracking of nparaffins in bifunctional catalysts. [29]
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Figure 9. Bifunctional mechanism for hydroisomerization and hydrocracking of a n-paraffin.
[29]
In order for the operation to be correct, the hydrogenation/dehydrogenation site requires that
hydrogen
be
present.
Thus,
when
the
paraffin
is
adsorbed
at
the
hydrogenation/dehydrogenation site, the paraffin is dehydrogenated resulting in the
corresponding n-olefin. Subsequently, the n-olefin diffuses to an acidic site protonating and
giving rise to a carbocation, which in turn can isomerized into an iso-carbocation and/or rupture
resulting in a lighter olefin and carbocation. Then, and after deprotonization, the olefin products
are diffused again to a hydrogenation/dehydrogenation site and hydrogenated, to finally desorb
the hydrogenated products from the catalyst. [29]
There are two successive reaction steps for the formation of cracked products,
hydroisomerization and hydrocracking.
There are two types of mechanisms that govern the hydroisomerization process, type A and
type B. In type A the degree of branching of the carbocation does not change. However, the
ramifications undergo positional changes through the displacement of alkyl and hydride. In
type B the degree of carbocation branching is reduced or increased by the formation of
intermediate cycles of carbon ions. Different studies have shown that type A isomerization is
much faster than type B isomerization. Figure 10 shows the two types of hydroisomerization.
[29]
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Figure 10. Examples of the hydroisomerization reactions type A (above) and type B (below)
of carbonium ions. [29]
Hydrocracking occurs through the cutting of the carbon-carbon bond at the β position of the
carbon atom that is positively charged with the carbocation. This process is referred to as βscission. As a result, the formation of a smaller carbocation and an olefin is obtained.
Depending on the stability of the carbocations present, five types of β-scissions are
distinguished, which are summarized in the Table 4.
Table 4. Different types of β-scissions. [29]
Type

Carbenium ions involved

A

tert → tert

B1

sec → tert

B2

tert → sec

C

sec → sec

D

sec → prim

Example

The cracking rates are related to the stability of the carbocations that are present. Thus, the
reaction follows this order: [29]
A >> B1 ≈ B2 > C >>> D
And the rate of isomerization and β-scission reactions decreases follow this order: [29]
A β-scission >> A isomerization >> B isomerization ≈ B1 and B2 β-scission > C β-scission >>
D β-scission
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Raw materials

This section describes the main materials used to carry out the experiments.

3.1.1

Fischer-Tropsch waxes

Fischer-Tropsch waxes used throughout this project, "Sasobit LM" are those provided by the
company Sasol Wax. It is a long chain saturated hydrocarbon, insoluble in water, and which is
available in solid state.
The density of the wax in a liquid state was determined experimentally.
More properties, both physical and chemical, can be found in Table 5.
Table 5. Physical and chemical properties of Fischer-Tropsch “Sasobit LM” wax. [30]
Property

Value and units

Chemical formula

CnH2N+2

Density (100 °C, liquid)

0,73 g/cm³

Physical state

Solid at 25°C, liquid above congealing point

3.1.2

Catalyst

The catalyst that has been used is a commercial distillate hydrocracking catalyst, distributed
by Albemarle, specifically GoBio DX-10/20, which comprises cobalt and molybdenum oxides
on an amorphous silica-alumina support, and is applied in the extruded form. [31]

3.1.3

Inert material

Inert materials are used to avoid temperature spikes, or unnecessary side reactions. The inert
material completed for this project is SiC (silicium carbide), and has properties such as low
porosity, good wear resistance in sliding, abrasive and corrosion environments in most
chemical environments, as well as low thermal expansion and high thermal conductivity
leading to excellent resistance to thermal shock. [32]

Setup description
This section describes both the assembly with which the Project began, as well as the final
result. A series of modifications were made throughout the process in order to optimize and
improve the conditions and operations to which it was subdued.
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For this, a description of the installation is made before and after with its corresponding Flow
sheet, and one of the most important operating conditions that was subject to change, the
heating of the main parts of the installation.

3.2.1

Installation

Both initially and at the end of the project, the main equipment used was a container tank, a
discharge pump, a fixed bed reactor, and three separators. This equipment was maintained
throughout the process without modification, with the exception of the reactor, in which the way
of heating it was varied, and what will be discussed in Section 3.2.2.1.
The installation consists of a heated container tank, in which Fischer-Tropsch waxes are
melted down and kept on constant temperature of 85°C, which are driven through a piston
pump to the reactor, where along that path is a valve that allows samples to be taken when be
necessary.
In turn, a supply of gases to the reactor is produced through two mass flow controllers (MF1
and MF2), which are controlled via Siemens PLC, which allows the variation of argon and
hydrogen flow rates, which are the two gases used in the process, as well as the pressure and
temperatures of the entire system.
The three inlet streams to the reactor, argon, hydrogen and hot waxes flow along the reactor,
which consists of a tube, and is explained in more detail in section 3.2.1.1, and at the outlet
the product is directed to the first of the three separators, the first being a separator which is
referred as the first hot separator (165 ºC), which has a valve in its lower part through which
condensates are removed.
The second separator is referred as the second hot separator (50 ºC), and it occurs the same
as in the first. Once the product has passed through both hot separators, it reaches the cold
separator (ambient temperature), where the possible remaining condensate is also eliminated
through a valve at its bottom. The three separators have valves that allow to close the stream
between the separators if required.
Throughout the process, a series of implementations were made in the installation, where the
most significant are the addition of a heating system in all the lines through which FischerTropsch waxes circulate, in order to avoid the loss of heat and thus the consequent yield in the
process. Also, initially, the section of pipe linking the pump and the reactor was modified in
order to take samples and thus be able to optimize the process.
Another major change was the way to heat the reactor, as mentioned above and explained in
section 3.2.2, with the consequent additions of temperature indicators.
An example of the running setup to which a series of better ones are added later presents an
aspect like the one that can be seen in Figure 11.
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Container
tank

Piston
pump

Reactor

Third
separator
First
separator

Second
separator

Figure 11.Setup example before being subject to improvement.
Finally, after all the changes and improvements to which the installation was submitted, it
remained as shown in Figure 12.

Figure 12. Final setup of the installation.
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Reactor
As mentioned above, the reactor used in this process is a fixed bed reactor, consisting of a
cylindrical tube 700 mm long and 14.9 mm internal diameter and with a thickness of 3.2 mm,
and has a top and bottom flange.
Figure 13 shows the way that the reactor looks, in addition to a spare reactor and two of the
separators that are used in the process after they have been washed and rinsed to ensure that
they did not present any possible residue inside.

Figure 13. From left to right, the two separators and the two reactors.
Inside the reactor tube is the catalyst diluted in the inert material, with a particle size between
100 and 150 micrometers.
The conditions to which the reactor is design in order for the reaction to occur are 450 °C and
200 bars.

Flowsheet
As can be seen in the installation diagrams that represent throughout the entire installation
there are a series of valves (V) with which the flow rates of each equipment can be regulated,
as well as pressure indicators (PI) or temperature (TI), in addition to Flow Indicating Controller
(FIC), Temperature Indicating Controller (TIC) or Weight Indicator (WI).
Below is Figure 14, which show the final Flowsheet of the process.

21

V14

3. MATERIAL AND PROCEDURE

Figure 14. Flowsheet of the final setup of the installation.

22

3. MATERIAL AND PROCEDURE

3.2.2

Heating

As mentioned in section 3.2.1, along all pipes through which Fischer-Tropsch waxes circulate
were heated in order to improve operating conditions.
The heating of the lines was through a heating cable and insulation with mineral wool with a
thickness of 25 mm and a layer of aluminum tape.
Figure 15 shows a section of the line from the pump to the reactor, which also coincides with
the valve (V14) with which samples are taken mentioned in section 3.2.1.

Figure 15. Heating and insulation in a pipe section.
The heating of the entire installation is shown in Figure 12, of section 3.2.1, where all the lines
and all the equipment are heated and insulated, with the exception of the third separator, which
is the cold separator, as it is see in Figure 16.

Figure 16. Heating and insulation of first and second separator.
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The heating of the wax container tank is carried out through a heating jacket in order to keep
Fischer-Tropsch waxes warm and in a liquid state, which were initially poured directly onto the
tank and melted in it, but this operation required much time, so eventually melted waxes
externally before pouring into the tank. Part of this shirt can be seen in Figure 10.
The reactor heating is described in greater detail in the following section.

Reactor
The reactor has been heated and isolated in two different ways, which are described below.
Initially, the heating of the reactor was performed by using a heating wire along the surface of
the reactor. Once this is done, the reactor is insulated with mineral wool and then all the wool
is covered with aluminum adhesive tape. Thus, the reactor is heated and isolated as seen in
Figure 17.

Figure 17. Initial heating and insulation of reactor (left).
The top and bottom flanges were also insulated in the same way, as can be seen in Figure 18,
where the lower flange is shown before using the mineral wool and adhesive tape.
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Figure 18. Heating of bottom flange.
However, when making measurements to obtain a temperature profile, it was observed that
the heating system used was not adequate, since there was no stable temperature profile,
presenting fluctuations in it and not reaching the required temperature of 380 ° C. This was
because a lot of heat was lost through the flanges.
It was decided to change the heating system, in which the reactor was placed inside a frame
containing three heating plates, and which were adjusted to the shape of the reactor, being
sealed by screws. In the gap between the heating plates and the frame it was filled with glass
wool in order to insulate it thermally.
Because of the three independent heating zones, a homogeneous and constant temperature
profile is obtained. Figure 19 shows the outside of the heating and insulation.

Figure 19. Final heating and insulation of reactor.
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Measurement and control technology
3.3.1

Mass flow controller

Through these instruments, the output signal is continuously compared with a setpoint signal
from a voltage source. Any deviation between the setpoint signal and the measured signal
results in an adjustment of the solenoid control valve until the two signals are identical. [31]
For this project, the mass flow controllers used are those corresponding to the EL-FLOW®
Select series, suitable for mass flow controllers at the laboratory level. [33]
Figure 20 shows the two MFC used in the installation.

Figure 20. The two Mass Flow Controller used.
Below is Figure 21, which results in the calibration of the mass flow controller related to H2.
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Measured flow of MFC / ml/min
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Figure 21. Measured gas flow rates vs gas flow rates established during room temperature
calibration for hydrogen
Through the equation of the straight line obtained, the calibration equation for hydrogen is
deduced, shown in Equation 8 and with which all the data obtained is corrected.

𝑉𝐻2,𝑟𝑒𝑎𝑙 = 0,0361 ∙ 𝑉𝐻2,𝑒𝑥𝑝𝑒𝑐𝑡𝑒𝑑 − 23,983

(Eq.10)

Where VH2, real and VH2, expected have both units of ml/min.
In the same way that the mass flow controller related to H2 was carried out, Figure 22,
corresponding to the calibration of the mass flow controller related to Ar, is performed similarly.

Measured flow of MFC / ml/min
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y = 0,014x - 0,202
R² = 0,9993

200
150
100
50
0
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25000

30000

Established flow of MFC / ml/min

Figure 22. Measured gas flow rates vs gas flow rates established during room temperature
calibration for argon.
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Through the equation of the straight line obtained, the calibration equation for the argon, shown
in Equation 9, is deduced, and with which all the data obtained is corrected.

𝑉𝐴𝑟,𝑟𝑒𝑎𝑙 = 0,0140 ∙ 𝑉𝐴𝑟,𝑒𝑥𝑝𝑒𝑐𝑡𝑒𝑑 − 0,202

(Eq. 11)

Where VAr, real and VAr, expected have both units of ml/min.

3.3.2

Simulated Destillation

Simulated distillation consists of a chromatographic method that is used to characterize
fractions and products that are derived from petroleum, because it offers the possibility of
rapidly distributing the boiling range distribution. [34]
The samples are analyzed in a non-polar chromatographic column that separates the
hydrocarbons in order of their boiling points. These are correlated with retention times, through
a calibration curve, obtaining a known mixture of hydrocarbons, usually n-alkanes, that cover
the expected boiling range in the sample under the same conditions. The results are reported
as a correlation between boiling points and sample percentages eluted from the column. Thus,
information on the composition of the samples is obtained by integrating the areas that are
under the peaks that are in the chromatogram result. [34]
For this, a Gas Chromatography (GC) provided by Agilent Technologies is used, in which the
sample is manually injected, processing through the Instrument 3 program online and throwing
the results through the Instrument 3 program. An example of these results can be seen in
Figure 23, where each of the peaks observed is obtained based on the different retention times
of the compounds (minutes, x-axis) present in the injected sample, and from which information
can be obtained through the area under the peaks (y-axis).

Figure 23. Chromatogram obtained through the different GC programs.
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Pressure drop over the reactor
The pressure drop of a gas over the length of the reactor (L) can be determined through the
Ergun equation (equation 8) that take into account the viscosity (μ), porosity (ε), particle
diameter (dp) and superficial velocity (Uo).

∆𝑃
𝐿

=

150∙𝜇∙(1−𝜀)2 ∙𝑈0
𝜀 3 ∙𝑑𝑝2

+

1,75∙(1−𝜀)∙𝜌∙𝑈0 2

(Eq. 9)

𝜀 3 ∙𝑑𝑝

For this, the values used are the following:
•
•
•
•
•
•

ε = 0,38.
μ = 3,12 MPa·s.
ρ = 760 kg/m³.
L = 0,7 m.
dp = range of different values in m.
Uo = 9,54·10-5 m/s.

Thus, obtaining Figure 24, which shows how the pressure loss (ΔP) varies depending on
the size of the particle diameter (dp).
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Figure 24. Pressure drop in the reactor as a function of different particle sizes.
Therefore, for a particle size between 100 and 150 μm, using the equation 8, a pressure
drop between 0,312 and 0,139 bar is obtained.
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The pressure drop of a liquid over the length of the reactor is determined by the installation
itself, where the temperature controllers show a pressure loss that oscillates over the 3 bars.

Mass balance
The mass balance is based on the principle of conservation of mass, as observed in
equation 11.

𝑚̇𝑖𝑛 = 𝑚̇𝑜𝑢𝑡 = 𝑚̇𝑆1 + 𝑚̇𝑆2 + 𝑚̇𝑆3

(Eq. 11)

Where 𝑚̇𝑖𝑛 represents the inlet flow rate, 𝑚̇𝑜𝑢𝑡 the outlet flow rate, and 𝑚̇𝑆1 , 𝑚̇𝑆2 and 𝑚̇𝑆3
the flow rates in the first, second and third separator respectively, all in ml/min.
Therefore, if there is any difference between the sum of all the flow rates and the inlet flow
rate, it is considered a loss, which cannot be measured at the time the experiments are
performed because it was a gaseous fraction.

4.2.1

Inert

Figure 25 represents the mass balance for different wax flows pumped to the reactor when
the reaction is not taking place.
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Figure 25. Mass balances at different wax flows in the reactor at 380 °C.
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The diagram shows the liquid product obtained in the first separator, which implies that no
product is obtained in the second and third separators, and therefore, all the difference
between the input and the output is due to a gas loss.
Since a series of measurements were made for each of the different wax flow rates, the
standard deviation for each flow rate is also shown in thick lines, indicating how scattered
the data are with respect to the total average.
The most significant deviation occurs in the flow rate of 3 ml/min. This can be attributed to
the fact that when performing the series of experiments, they were stopped abruptly due to
a problem with an alarm in the installation, subsequently starting a new series of
experiments, resulting in a possible lack of stabilization throughout the series of measures.
So that, the proportion of liquid product obtained is 97,43 % and the loss of 2,57 %. This
value of 97,43 % is the value with which the balance is closed.

4.2.2

During the reaction

The most important reaction parameters during the process are those listed in Table 6.
Table 6. Reaction parameters during the process.
Wax flow

5, 4, 3, 2, 1, and 0,5 ml/min

Argon flow

60 ml/min

Hydrogen flow

540 ml/min

Pressure

30 bars

Temperature

380 ºC

Catalyst mass

5,61 g

Catalyst volume

10 ml

Figure 26 represents the mass balances for the different residence times in the reactor
when the reaction is taking place.
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Figure 26. Mass balances at different residence times in the reactor at 380 °C during the
reaction.
As it can be seen in the diagram, when residence times are low (0,14 h, 0,16 h, 0,22 h and
0,33 h), 100 % of the product is obtained in the first separator, while increasing the
residence time, weight fractions begin to appear in the other two separators.
This is directly related to the flow of waxes injected into the reactor. At higher flows, greater
recovery of the liquid product in the first separator, while as they decrease there is an
increase in loss.
Therefore, it can be concluded that at lower flows, greater loss of the product in gaseous
form and greater fraction by weight in the other separators.
The proportion of liquid product in the first separator is 94,58 %, in the second separator of
0,22 % and in the third of 0,54 %. Therefore, the average percentage of loss is 4,66 %, and
the mass balance can be determined at 95,34 %.
Unlike what happens in Figure 25, there is less loss of the gas phase, and a larger weight
fraction is obtained in all separators.

Temperature profile comparison
As it is explained in Section 3, the reactor heating system was subject to modifications, so
that the temperature profile obtained can be compared with the first and second ways.
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In the first way of heating the reactor, by using a heating wire along the surface of the
reactor, insulated with mineral wool and covered with aluminum adhesive tape, the following
temperature profile was obtained.
The second way of heating consists of three heating plates that are located around the
reactor.
In order to compare the two temperature profiles, Figure 27 is presented. The reactor is
shown on the left. The grated part is the part that represents the internal tube of the reactor,
where the catalyst and the inert material are located and where the waxes flow from top to
bottom. In the external part of the reactor the three heating plates are represented (second
way of heating).
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Next to the reactor are the two temperature profiles. The profile on the left corresponds to
the first way of heating the reactor and that of the right to the second, both depending on
the length of the reactor versus temperature.
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Figure 27. Representation of the reactor with its corresponding temperature profile in the
second way of heating the reactor.
In the diagram on the left there is no clear trend, and that the resulting temperature profile
is uneven, since only 25 cm of the length of the reactor, which coincides with the middle
part of the reactor, has a constant temperature.
The diagram on the right shows a more stable temperature profile than in the previous case.
Over 50 cm, twice the previous case, the temperature profile remains stable, which implies
that this way of heating the reactor is more effective than the first one used, and therefore
the change produced in the way of heating is justified.
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Hydroprocessing with varing LHSV
In order to measure the influence of residence time in the liquid phase of the reactor, a
series of measurements were taken after different residence time. These residence times
with their corresponding wax flows and LHSV are presented in Table 7.
Table 7. Residence times and wax flows.
Residence Time

Wax flow

LHSV

0,14 h

5 ml/min

7,5 h-1

0,16 h

4 ml/min

6 h-1

0,22 h

3 ml/min

4,5 h-1

0,33 h

2 ml/min

3 h-1

0,66 h

1 ml/min

1,5 h-1

1,33 h

0,5 ml/min

0,75 h-1

At shorter residence times the samples obtained solidify rapidly at room temperature. Up to
a flow of 2 ml/min (corresponding to 0,33 h) the samples solidify, while at lower flow rates
an inflection point occurs, where the samples begin to have a more viscous appearance to
give rise to liquid samples at flow rates of 1 ml/min (corresponding to 0,66 h) and 0,5 ml/min
(corresponding to 1,33 h).
The samples have a yellowish white color for shorter residence times (high flow rates), such
as 0,14 h and 0,16 h. As the residence time increases, 0,22 h and 0,33 h, the samples turn
into a more intense yellow color. Finally, for the longest residence times, 0,66 h and 1,33 h,
the samples are transparent.
Through the SimDest analysis, the influence of residence time on the liquid product of the
reactor was studied. The data obtained allow the evaluation of the results obtained based
on different representations.
Figure 28 represent the weight fractions with the chain length for the different residence
times and also the educt.
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Figure 28. Distribution of the weight fractions of the liquid phase of the reactor and of the
educt along the chain length at different residence times in the reactor at 380 °C.
The educt curve shows an increase of the weight fraction that begins in the chain length of
C21 until reaching the maximum in C31, from which the curve decreases as the chain length
increases. At low residence times (0,14 h, 0,16 h and 0,22 h) the proportion of short chains
is low (range from C9 to C21), until reaching the maximum weight fraction in C31,
decreasing this fraction according to increasing chain length. As can be seen, the educt
curve and low residence times are very similar. At longer residence times (0,66 h and 1,33
h) the curves show how the largest weight fractions are reached at shorter chain lengths
and where there is a tendency to decrease the fraction as the chain length increases. For
a middle residence time (0,33 h), the curve has a shape similar to the curves for high
residence times in short chain lengths (C9 to C21) and similar to the curves for low
residence times at lengths of longer chain (> C21).
Therefore, it is determined that for low residence times (0,14 h, 0,16 h and 0,22 h) and
educt, the C30 chain length is predominant. In the case of high residence time (0,66 h and
1,33 h), the predominant chain length is C9. In an intermediate residence time (0,33 h) it
has two ranges of predominant length, C9, as in high residence times and C25-30, as in
low residence times.
Another way to evaluate the data obtained is to combine the hydrocarbons in groups
according to the chain length and represent them according to the weight fractions and the
residence time in the reactor, as shown in Figure 29.

35

4. RESULTS AND DISCUSSION

C9-15

C16-20

C21-25

C26-30

C31-35

C>35

100%
100
90%

Weight fraction / wt%

90
80%
70%
80
60%
70
50%
60
40%
50
30%

20%
40
10%
30
0%
200 , 1 3
10

0,17

0,22

0,33

0,67

1,33

Residence time / h

0

Figure 29. Weight fractions of hydrocarbon clusters with different chain lengths as a function
of residence time in the reactor at 380 °C.
As it is shown in the diagram, initially all hydrocarbon groups are present, with those of high
chain lengths being in greater proportion (C26-30 and C31-35). Groups C26-30, C31-35
and C>35 have a very similar trend, where at low residence times they are in greater
proportion and decrease as residence time increases. The curve of the C9-15 and C16-20
hydrocarbons indicates that there is a lower weight fraction presence for low residence
times, both curves having a very similar behavior, and that their fractions increase as the
residence time increases. The curve for the C21-C25 group shows similar behavior to the
C9-15 and C16-20 groups at low residence times, while at a longer residence time a similar
trend follows the C26-30, C31-35 and C>35.
Therefore, it can be determined that at low residence times (0,14 h 0,16 h and 0,22 h) the
presence of longer chains, C26-30, C31-C35 and C>35, is predominant. For high residence
times (0,66 h and 1,33 h) the shorter length chains, C9-15 and C16-20 are predominant. If
these results are compared with the results through Figure 28, it can be seen that both
graphs have complementary results.
At the end of all experiments, it is determined that the group with the greatest weight fraction
is C9-15 and the group with the lowest C>35. This implies that as the residence time
increases, the cracking that occurs throughout the process results in the formation of
compounds with increasingly shorter hydrocarbon chains
A different way to evaluate the data would be to include a representation of the different
degrees of branching of the product based on the weight fraction versus residence time.
However, the data obtained for this do not yield results considered as correct in comparison
with other experiments performed before and therefore should be discarded.
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However, with the available data one more diagram can be represented. Figure 30
represents the conversion of the reactant as a function of residence time.
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Figure 30. Conversion of cracking in the liquid product as a function of residence time.
Where the results are calculated with equation 10.

𝑋𝑐𝑟𝑎𝑐𝑘𝑖𝑛𝑔 =

𝑊𝐹𝑇𝑊,𝐶21+ −𝑊𝐶21+ (𝑡)
𝑊𝐹𝑇𝑊,𝐶21+

(Eq. 11)

Where Xcracking is the cracking conversion, WFTW,C21+ is the amount of reactant substance
and is WC21+(t) the amount of product for hydrocarbon groups with a chain length greater
than 21 at different times.
As it can be seen in the graph, at lower residence times there is a lower conversion of
cracking, remaining practically stable until reaching average times in which a slight increase
in the conversion begins to appear until reaching higher values at higher residence times.
Therefore, it is determined that as the residence time in the reactor increases, the reactant
tends to reach higher conversion ranges. At 1,33 h the conversion of 100 % is achieved,
since only product with a C9-20 chain length is produced, unlike the rest of the times, where
there is a mixture of different ranges of chain length.

Comparison to slurry reactor
The results obtained for the fixed bed reactor are compared with those obtained in previous
tests for a slurry reactor.
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Figures 31 and 32 respectively represent the combination in groups of hydrocarbons
according to the chain length represented as a function of weight fractions and residence
time in the reactor.
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Figure 31. Weight fractions of hydrocarbon clusters with different chain lengths as a function
of residence time in the fixed bed reactor at 380 °C.
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Figure 32. Weight fractions of hydrocarbon clusters with different chain lengths as a function
of residence time in the slurry reactor at 380 °C.
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Both diagrams can be compared, despite having different residence times, since in the fixed
bed reactor these times are shorter. It is observed how in both reactors there is an upward
trend in the weight fraction for the C9-20 group as the residence time increases. In group
C21-30, in both cases there is an increase in the weight fraction at low residence times,
there is a tableland in middle times and a decrease in the fraction by increasing the
residence time. For group C31-40, although in slurry reactor the weight fraction is higher
than in the fixed bed at low residence times, both decrease with increasing residence time.
The C41-50 group exhibits the same behavior in both reactors, reducing the weight fraction
by increasing residence time. Finally, the C51-60 group only appears in the slurry reactor,
with minimum mass fraction values that remain constant throughout the increase in
residence time.
Therefore, it can be determined that, despite having different residence times, in both
reactors the product shows the same behavior in terms of composition by weight fraction.
At shorter residence times, cracking results in chains of length C31-40, followed by C21C30, although it should be noted that in the case of the fixed bed the ratio between these
two groups is very similar, while in the slurry reactor There is a bigger difference. At average
residence times, there is a significant increase in the weight fraction for the C9-20 chains,
which is maintained upwards as the residence time increases, unlike for the rest of the
chains, where by increasing this residence time, the longer chains (C21-30, C31-40, C4150) begin to disappear or their formation does not occur directly.
Comparing with Figures 28 and 29, it is again verified that as the cracking of the reactant
occurs, the final product obtained in greater proportion is formed by the C9-20 chains.
Another way to compare the results obtained between both reactors is to directly compare
the average chain lengths with respect to residence time. For this, Figures 33 and 34 are
presented, which respectively represent the results obtained for the fixed bed reactor and
the slurry reactor.
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Figure 33. Average chain length over residence time in a fixed bed reactor.
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Figure 34. Average chain length over residence time in a slurry reactor.
As it is observed in both cases, as the residence time increases, the average chain length
decreases for the two reactors. This is consistent with the data presented and analyzed
previously, where it is observed that shorter residence times produce longer chains (C>25
in the case of the fixed bed reactor and C>30 in the case of the slurry reactor) and that the
process ends up obtaining an average chain length in both cases between C9-15.

Deactivation
Throughout the experimental process, catalyst deactivation inevitably occurred. This event
was discovered when, to carry out a series of experiments with a flow rate of 0,5 ml/min,
the flow rate was first stabilized at 5 ml/min. When the samples were obtained, it was
observed that the color they presented was different from what had been obtained
previously (yellowish white), becoming a darker color.
This color change is the result of a variation of the process parameters. Thanks to previous
experiments it is known that the lack of hydrogen leads to an increase in the formation of
by-products such as olefins, aromatics and coke. This lack of hydrogen results in
deactivation of the catalyst, because the coke residues are placed in the active centers
thereof.
In order to have a more visual example, Figure 35 is presented, which shows the difference
in color in the samples when the catalyst is activated (left) and when it is deactivated (right).
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Figure 35. Color difference between two samples depending on the catalyst is activated or
deactivated.
Once the flow rate stabilized, it was lowered to 0,5 ml/min and samples were taken with a
time interval between them of 40 min. The samples obtained liquid had a yellowish color,
unlike expected, which was a transparent color.
Once the catalyst was regenerated, a new series of samples was taken, where they all
presented the expected transparent color.
Figure 36 shows the difference between cracking conversions achieved when the catalyst
is activated and deactivated for a residence time of 1,33 h.
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Figure 36. Comparison of the cracking conversion for activated and deactivated catalyst.
It is observed that for a residence time of 1,33 h the conversion of cracking is total when the
catalyst is activated, unlike what happens when it is deactivated, in which the conversion
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with respect to the previous case is 3.37 times minor. This implies that when the catalyst is
deactivated it would take longer residence times in the reactor to get close to the same
degree of conversion as when it is activated, without having the guarantee that it can be
reached. Therefore, it is necessary to monitor the process parameters to avoid, for example
in this case, a decrease in the flow of hydrogen which is what causes the loss of catalyst
activity.
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SUMMARY

Throughout this work, hydroprocessing on Fischer-Tropsch waxes with a commercially
available bifunctional catalyst was investigated.
In the first place, the installation was built, modified and improved in order to avoid heat
losses so that the process could take place. For this, a fixed bed reactor was available,
which was continuously fed with Fischer-Tropsch, hydrogen and argon waxes at a
temperature of 380 °C and 30 bars of pressure.
Once the process was carried out, a separation and subsequent analysis of the products
could be carried out in order to carry out a series of investigations, among which are the
preparation of a mass balance with respect to hydrocarbons. The mass balance when the
reaction was not taking place closes at 97,42 %, while when the reaction takes place it
closes at 95,34 %, in both cases identifying the difference up to 100 % as a loss in gas
phase way.
Since the installation underwent a series of changes and improvements, the temperature
profiles referred to before and after the improvements can be compared, where it is
determined that the improvements are justified, since the final temperature profile is more
stable, maintaining a constant temperature over two times the length of the initial one.
Through chromatographic analysis, the composition of the product is determined. For this,
the residence time of the reactant in the reactor was varied, as well as the presence of
hydrogen. Thus, it is determined that as the residence time increases, the length of the
product chain decreases and the smaller hydrocarbon groups are in greater proportion. The
non-presence of hydrogen causes a deactivation of the catalyst, in which it is observed how
the conversion of the reactant decreases more than three times compared to the results
obtained when the catalyst is activated and a color change in the samples caused by the
presence of olefins and aromatics as byproducts.
An analysis on the degree of isomerization could not be performed because the data
obtained did not show similarities with other studies, so they were discarded.
Finally, a comparison was made between the results obtained for the fixed bed reactor with
those obtained in previous works for a slurry reactor. Through this comparison it is
determined that both reactors produce a similar behavior in the composition of the product,
where it is found that as the residence time increases, the length of the product chain
decreases and the smaller hydrocarbon groups are found in greater proportion.
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FUTURE PERSPECTIVE

With the completion of this work, the second batch of measurements is successfully
completed that begins with the Fischer-Tropsch wax hydroprocessing work in a slurry
reactor and serves as a guide for future research.
Since the deactivation of the catalyst caused by the non-presence of hydrogen was studied
for one residence time, the possibility of obtaining results for a range of different residence
times, as well as the regenerative capacity of the catalyst and what parameters could be
considered in future studies and how they could optimize the regeneration.
With respect to the degree of isomerization, a different method of analysis of the data may
imply that the data obtained can be used and thus be able to make a comparison between
conversion by cracking and isomerization.
In order to avoid having losses in the gas phase when making the mass balances, some
collection system of this phase can be proposed in order to close the mass balances with a
percentage higher than that obtained.
In Distilled Simulation a more powerful method can be used in gas chromatography, in order
to obtain information and results for smaller length chains (C3-C8).
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List of Symbols
8.3.1

Latin alphabet

Symbol
C

Units
mol·m-3

Definition
Concentration

D

m

Reactor diameter

dp

m

Particle diameter

Ea

kg·m2·s-2

Activation energy

F

mol·s-1

Molar flow rate

k0

Pre-exponential order

Kc, KP

Specific for each reaction

Rate constant

L

m

Length reactor

LHSV

s-1

Liquid Hourly Space Velocity

m'

g/min

Mass flow rate

n

-

Reaction order

P

bar

Partial pressure

R

kg·m2·s-1·K-1

Universal gas constant

RA

mol·s-1

Extensive reaction rate

rA

mol·m3·s-1

Intensive reaction rate

S

-

Selectivity

T

K

Temperature

Uo

m·s

Superficial velocity

v

m3

Volume

V’

ml/min

Volume flow rate

W

-

Weight fraction of HC in FTS

X

-

Conversion

z

m

Location of the particles

ΔP

bar

Pressure drop
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8.3.2

Greek alphabet

Symbol
μ

Units
MPa·s

Definition
Viscosity

ρ

kg·m-3

Density

ε

-

Porosity
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