UNIVERSIDAD POLITÉCNICA DE MADRID
ESCUELA TÉCNICA SUPERIOR DE INGENIEROS AERONÁUTICOS

WATER EVAPORATION IN VERTICAL TUBES: AN ANALYTICAL
APPROACH FOR THE SUBCOOLED FLOW BOILING REGION AND
DEVELOPMENT OF A METHOD FOR EVALUATION AND SIZING
EVAPORATORS

Tesis Doctoral

Autor

José Zambrana González
Ingeniero Aeronáutico

Madrid, Diciembre 2009

DEPARTAMENTO DE MOTOPROPULSIÓN Y TERMOFLUIDODINÁMICA
ESCUELA TÉCNICA SUPERIOR DE INGENIEROS AERONÁUTICOS

WATER EVAPORATION IN VERTICAL TUBES: AN ANALYTICAL
APPROACH FOR THE SUBCOOLED FLOW BOILING REGION AND
DEVELOPMENT OF A METHOD FOR EVALUATION AND SIZING
EVAPORATORS

Autor
José Zambrana González
Ingeniero Aeronáutico

Directores
Pedro Pérez del Notario Martínez de Marañón
Doctor Ingeniero Aeronáutico

Teresa J. Leo Mena
Doctora en Ciencias Químicas

Madrid, Diciembre 2009

Abstract
WATER EVAPORATION IN VERTICAL TUBES: AN ANALYTICAL APPROACH FOR
THE SUBCOOLED FLOW BOILING REGION AND DEVELOPMENT OF A METHOD
FOR EVALUATION AND SIZING EVAPORATORS

The present thesis analyses in detail the process of water evaporation for convective
upward flows in vertical tubes, used in industrial applications. Both, the heat transfer
process and the pressure drop mechanism, are considered. However, special attention
has been put on the heat transfer process in the transition from pure liquid to two-phase
flow, known as subcooled flow boiling region.
The empirical correlations for the heat transfer coefficient on the water side for
subcooled flow boiling region, provided by the usual bibliography, do not ensure
continuity between this region and the pure liquid and two-phase flow regions. This is,
in fact, opposite to the physics of the phenomenon.
In order to get continuity between the subcooled flow boiling region and its
extremes, ensuring consequently physical coherence, this thesis proposes to use an
analytical correlation of elliptical type for the water heat transfer coefficient in the
subcooled flow boiling region.
Using this correlation in the transition region for the water heat transfer coefficient
together with other empirical correlations commonly used for pure liquid and two-phase
flow, has allowed developing a method of calculation for a single tube. Similar methods
or correlations for the pressure drop determination in each of the regions have been
used.
At the same time, to extend the method developed for a single tube to a bank of tubes
has allowed to develop an engineering tool valid for performance analyses and/or sizing
of industrial evaporators.
The tool here developed has several advantages when it is compared to the ones used
commonly in the industry, the ε-NTU methods. The first advantage is the fact itself of
being able to analyse evaporators where phase change occurs inside them, determining
dynamically where each region begins and ends (pure liquid, subcooled flow boiling
region and two-phase flow region). The second advantage is that this tool allows a local
analysis of the heat exchanger instead of a global one, as usual. It is possible then for
the designer a better evaluation of the evaporator under study.

Resumen
EVAPORACIÓN DE AGUA EN TUBOS VERTICALES: ANÁLISIS DE LA REGIÓN DE
EBULLICIÓN SUBENFRIADA Y DESARROLLO DE UN MÉTODO DE EVALUACIÓN Y
DIMENSIONADO DE EVAPORADORES

La tesis presente lleva a cabo un estudio detallado del proceso de evaporación de
agua para flujos convectivos ascendentes en tubos verticales, empleados en aplicaciones
industriales. Este estudio aborda tanto el fenómeno de transferencia de calor como el de
pérdida de presión, si bien se ha prestado especial atención a la transferencia de calor en
la región de transición líquido puro – flujo bifásico, conocida como región de ebullición
subenfriada.
Las correlaciones empíricas del coeficiente de transferencia de calor del agua para la
región de ebullición subenfriada proporcionadas por la bibliografía de referencia no
consiguen asegurar la continuidad entre esta región y las de líquido puro y flujo
bifásico. Este hecho en sí mismo contradice la física del fenómeno.
Para conseguir la continuidad de la región de ebullición subenfriada con sus
extremos y guardar por tanto coherencia con la física del fenómeno, esta tesis propone
utilizar una correlación analítica de tipo elíptico para el coeficiente de transferencia de
calor del agua en la región de ebullición subenfriada.
La elección de esta correlación analítica para la determinación del coeficiente de
transferencia de calor del agua en la zona de transición, junto con otras empíricas
comúnmente aceptadas para líquido puro y flujo bifásico, así como la elección también
de métodos o correlaciones para el cálculo de pérdida de presión en cada una de las
regiones, ha permitido el desarrollo de un método de cálculo para un único tubo.
A su vez, el método desarrollado para un único tubo ha sido extendido a un banco de
tubos, permitiendo el desarrollo de una herramienta válida para el análisis de
actuaciones y/o dimensionado de evaporadores de uso industrial.
La herramienta aquí desarrollada presenta varias ventajas frente a las habitualmente
usadas en la industria, métodos ε-NTU. La primera de ellas reside en el mismo hecho de
ser capaz de analizar evaporadores en cuyo seno ocurre el cambio de fase, determinando
dinámicamente el inicio y fin de cada uno de las regiones (líquido puro, ebullición
subenfriada y flujo bifásico). La segunda es que este análisis no se aborda de una forma
global, sino de forma local, permitiendo al diseñador y/o analista una mejor evaluación
del evaporador bajo estudio.
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Chapter 1

Introduction
1.1 Scientic and technological environment
The present thesis is placed into the scientic-technological environment of energy optimization and, particularly, optimization of the combined-cycle gas turbine power plant (CCGT). A CCGT basically consists of a combination of an
open circuit (gas turbine), and a closed cycle (steam turbine) [39, 40]. Due to
the rising world electrical energy consumption, the number of combined plants
have increased substantially.
Within this environment it is of capital importance to use eciently the hot
gases coming out from the exhaust of the gas turbine used to generate steam,
which is the responsible of driving the vapour turbine. This process is done in
the boiler of a heat recovery steam generator (HRSG) of a combined-cycle power
plant. Among the dierent types of heat exchangers which are possible to nd
in a HRSG, special attention should be put on the steam generators [100], where
the evaporation of water occurs. Horizontal and vertical congurations for the
tubes inside are both possible [2]. Natural convection is the usual mechanism
for vertical conguration, leading to large lengths of tubes.

Due to that, the

present work has considered of huge interest to study a vertical conguration of

1
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the tubes but under forced convection for water circulation. This will lead to
reduce the length of the tubes.
However, it is necessary to point out that evaporation of water inside the
tubes is a hugely complex process, mainly in the regions of transition from pure
liquid to biphasic ow. There are many models for the convection heat transfer
coecient (HTC) in such areas and important discrepancies can be found. To
describe physically the problem, trying to understand it as much as possible,
will be mandatory in the present work.
Besides, the external heat ux is usually treated in the bibliography as constant, because this bibliography deals typically with nuclear reactors. This is
not the case for steam generators in the combined-cycle power plants, where the
heat ux is not constant along the tube. It would be necessary to face the actual
conditions for such application where heat ux, wall temperature and temperature of the external gases heating up the tubes could all of them change. The
vapour qualities for the current application are relatively low.

1.2 Objectives of the work
Three are the objectives of the present work. The rst objective is to investigate deeply the process of the water boiling inside a single vertical tube, when
the circulation of the water is due to forced convection. Most of the available
bibliography deals with constant heat ux conditions up along the tube or, in
a few cases, with constant wall temperature conditions. To extrapolate the results corresponding to these two cases to dierent imposed conditions will be
intended along the present work. It includes choosing properly the heat transfer coecient to be used in each of the regimes, taking into account that water
comes into the tube as subcooled liquid and leaves it as biphasic uid. Because
of the complexity of the phenomena and the confusion in the transition from
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pure liquid to biphasic uid, called  subcooled boiling ow region , the second
objective of the thesis appears; to propose a heat transfer coecient for this
transition area which allows determining, in a liable way, the length of the tube
for some xed conditions. Special attention is put in this area. The third objective is to use the results obtained for design and performance evaluation of
compact heat exchangers [50] with rows of vertical tubes, where water circulates
under forced convection, to be used in combined-cycle power plants.

CHAPTER 1.
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Chapter 2

Bibliographical antecedents
2.1 Heat Recovery Steam Generators
As previously stated, the present thesis focuses on the water evaporation inside
vertical tubes of a HRSG integrating a CCGT.
A CCGT derives its name from the fact that a gas turbine engine, which
operates on the Brayton cycle, is combined with a HRSG and a steam turbine,
which operates on the Rankine cycle [39, 40]. The hot gases coming out from
the gas turbine heat up to evaporation the water owing inside the HRSG
(where the evaporation process takes place), a turbine driven by this evaporated
water provides work to a generator, a condenser converts the vapour again into
liquid, and nally a pump moves the water as pure liquid from the condenser
to the HRSG. To take advantage of the thermal energy of the hot gases leaving
the gas turbine to evaporate water, which will drive the free steam turbine
to provide work, it is a way of increasing the overall eciency of the process
from approximately 33-38% to 50-55% [22, 105].

In addition, a lot of recent

researches have been developed with the intention to improve even more their

5
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thermal eciency [4, 5, 102].
One of the most common ways for increasing the eciency of a CCGT is
optimizing the design of the HRSG [29, 66, 98].

A wide description of the

HRSGs can be found in the available bibliography [2].

It is possible to have

ring or not for the turbine gases before transferring heat to the HRSG, being
o

o

possible in case of reheating to have temperatures up to 900 C  1000 C.
In a conventional HRSG design three types of heat exchangers play a well
dened role [22]: economizers (water preheating), evaporators or steam generators (vaporisation) and superheaters (superheating).

Apart from these heat

exchangers where the heat transfer itself occurs, other devices such as steam
drums for liquid  vapour separation, up and downcomers and pumps are required [2].
It is inside the steam generator tubes where the transition from pure liquid
to biphasic uid takes place.

This process is very complex and, due to that,

there are many models describing the convection heat transfer coecient in such
regions, and signicant discrepancies can be found between them. This is why
the present thesis will focus on these evaporator tubes trying to understand as
much as possible the physics of this transition region.
To note that the evaporator tubes inside a HRSG of a CCGT belong to
the conventional tubes. This is, their diameters can be considered as large.
Dierent heat transfer and pressure drop mechanisms apply to small diameter
tubes (about 3 mm or less). These are often met in electronic industry and have
been subject of many studies over the last decade [45, 51, 70, 73, 74, 93, 95]

CHAPTER 2.
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2.2 Evaporation inside vertical tubes: ow regimes
and empirical correlations for the heat transfer coecient and friction factor
Flow boiling in tubes and channels is perhaps the most complex convective phase-change process encountered in applications. In most evaporators and
boiler applications, the ow is either vertically upward or horizontal. The widest
possible range of ow conditions is encountered if the liquid enters as subcooled
liquid or pure liquid- and leaves as superheated vapour. Main authors describing these ow regimes are V.P. Carey [12], and K. Stephan [94]. For upward
ow in a vertical round tube the possible observed ow regimes are indicated in
gure 2.1. The water can enter as

pure liquid

After it the ow is usually found to be in the

or

subcooled ow , in liquid state.

bubbly ow

regime, which is char-

acterized by discrete bubbles of vapour dispersed in a continuous liquid phase.
In the bubbly ow the mean size of the bubbles is generally small compared to
the diameter of the tube. When the quality increases slightly smaller bubbles
may coalesce into slugs that span almost the entire cross section of the channel.
The resulting ow is usually referred to as

slug or plug ow .

At intermediate qualities, one of two regimes may be observed. If both the
liquid and vapour ow rates are high, an annular-type ow is observed with
heavy  wisps of entrained liquid owing in the vapour core. This is designated
as

wispy annular ow.
For intermediate qualities but lower ow rates, the vapour shear on the

liquid-vapour interface tends to be unstable and oscillatory which is referred as
to

churn or churn-annular ow.
At much higher qualities, the two-phase ow generally assumes an annular

conguration, with most of the liquid owing along the wall of the tube and the
gas owing in the central core. For obvious reasons, this regime is termed the

CHAPTER 2.
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regime.

When the core of ow consists primarily of vapour, the vapour then tears
drops out of the liquid lm, because it ows much faster than the liquid (entrainment). This is the range of

spray ow.
uperheated vapour ow

The last found regime is the s

when all the liquid

droplets have been evaporated.

Flow patterns
Superheated vapour

Spray flow

Annular flow

Churn flow

Plug flow

Bubbly flow

Subcooled liquid
(pure liquid)

Figure 2.1: Water evaporation: Flow patterns for upward vertical ow.

All these regimes can be included into three important regions well established in gure 2.2:

single-phase liquid region (pure liquid), subcooled ow

boiling region and saturated two-phase ow boiling region.

CHAPTER 2.
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Figure 2.2: Flow regions during upward ow boiling in a vertical tube: singlephase liquid ow, subcooled ow boiling and two-phase saturated ow boiling.

If, as said, the ow boiling is a very complex process, the subcooled ow boiling region is the most dicult region to understand inside it. It occurs when the
uid changes from the single-phase liquid ow region to the two-phase saturated
ow boiling region [12, 90, 94]. Two circumstances must take place: the temperature of the surface in contact with the heated liquid
saturation temperature of the liquid

Tsat

Tw

has to exceed the

at the local pressure and, at the same

CHAPTER 2.
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location, the temperature of the bulk liquid

Tb

10

remains below saturation. In this

case if the wall-adjacent layer is suciently superheated, then vapour bubbles
are formed on the wall, which detach after reaching a critical size, roughness of
tube considerably lower than the tube diameter, and diuse to the core of the
ow. As long as the core is still subcooled, the bubbles condense again. This
will happen until the core of ow has reached the saturation temperature.
It is easy then also to understand that for the entire subcooled ow region
the dominant regime will be the bubbly ow.
From that point the saturated two-phase ow boiling region can experience
the other referred regimes, including also the bubbly ow one: slug ow, churn
ow, annular ow, etc.
For a proper design of any device in which water evaporation occurs the
need of using appropriate heat transfer coecients and friction factor arises.
It becomes evident that the model employed to describe the convection heat
transfer coecient of water will aect the nal result. These will be developed
along this chapter.

2.2.1 Pure liquid
As indicated, water can enter the duct below its boiling point as compressed
liquid (pure liquid).
Usual bibliography [106] provides several correlations or methods possible
to be used to calculate the pressure drop (Nikuradse [71] and Moody [68], for
instance).

However is usual to calculate the Fanning-friction factor for pure

f l,

for fully developed turbulent ow by means of Blasius correlations

liquid,

[50] with dierent exponents and coecients depending on the value of the
Reynolds number Re

= GDh /µl :
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fl =




0.079Re-0.25

for 3×10 <Re<5×10



0.046Re−0.20

for 3×10 <Re<10

3

4
(2.1)

4

6

In a similar way many correlations for the convection heat transfer coecients can be found in the usual bibliography [106, 81]. Among the most widely
used are the correlations proposed by Gnielinski [32], Petukov and Popov [75],
and Dittus-Boelter [14].

As will be seen along this thesis there are a lack of

continuity between the heat transfer coecients provided by these correlations
and those provided by the correlations used in the subcooled ow boiling. This
gap is lower when the Dittus-Boelter correlation is used. Due to that this study
will prefer to use it, although some reference authors like Kandlikar [47, 46, 48]
recommend the Petukov and Popov correlation. The Dittus-Boelter correlation
is expressed as:

0.4
hl = 0.023Re0.8
l Prl (kl /Dh )

where Prl is the Prandtl number of the pure liquid,
of the liquid and

Dh

(2.2)

kl is the thermal conductivity

is the hydraulic diameter of the tube.

2.2.2 Subcooled ow boiling region
The subcooled ow boiling region is located between the pure single-phase liquid
ow and the two-phase ow boiling region. As said, two circumstances are necessary: the wall temperature

Tw

of the surface in contact with the heated liquid

has to exceed the saturation temperature

Tsat

meanwhile the temperature of the bulk liquid

of the liquid at the local pressure,

Tb

remains below saturation.

Three sub-regions, indicated in gure 2.3, have been described to integrate
the subcooled ow boiling region [12, 46, 48, 77, 94]: partial boiling, fully developed boiling and signicant void ow regions.
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Figure 2.3: Subcooled ow boiling sub-regimes

The transition from the single-phase liquid ow to the subcooled ow boiling
is placed at the location point called onset of nucleate boiling (ONB). The ways
to determine it will be studied later. As stated this point is reached when the
wall temperature

Tw

exceeds the saturation temperature

Tsat

of the liquid in a

certain quantity, bringing about the nucleation process. The region downstream,
where the contribution to heat transfer dual eect of convection and evaporation
is notable, is called the partial boiling region. This occurs until the convective
contribution becomes insignicant.

At this location, denominated FDB, the

fully developed boiling, with nucleation as dominant mechanism, is established.
This region extends until some point, designed as the onset of signicant void
ow (OSV) or net vapour generation (NVG), where the convective eects could
become important again, due to the huge increase in the amount of vapour.
This region between the OSV and the onset of saturated ow boiling has been
denominated the signicant void ow region. Consequently, a variety of heat

CHAPTER 2.
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transfer coecients for the dierent above mentioned regions is expected to
exist.

2.2.2.1 Subcooled ow boiling region: Methods of predicting heat
transfer in the dierent sub-regimes
Meanwhile for the single-phase (pure liquid) and the saturated regions there
are well-established correlations, physically plausible, and showing well agreement with experimental data, the subcooled ow boiling, as a complex physical
phenomenon, is not so well understood to allow reliable predictions of heat
transfer and pressure drop with simple and generally applicable correlations.
As stated by Kandlikar [47], heat transfer coecients several times higher (up
to 20 in some applications) than those ones for pure liquid can be expected in
the saturated region (see gure 2.4)
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8

h
tp

4

/h
lo

2

0
-0 .6

-0 .4

-0 .2

0 .0

0 .2

0 .4

0 .6

Q u a lity x ( o r tu b e le n g th )

Figure 2.4: Example of heat transfer coecients in the pure liquid region,
and two-phase saturated ow boiling region,

htp ,

against

x

hlo ,

(or tube length) as

coordinates

In gure 2.4

htp

and

hlo

represent the two-phase heat transfer coecient and

the pure liquid heat transfer coecient, respectively. The evolution of its ratio

htp /hlo

is dened as a function of the quality, what would be similar to choose

the length as the abscisas coordinate (the higher the length, the higher the
quality). Positive values of quality refer to the saturated two-phase ow region
(with a well understood physical meaning), while negative values of quality
apply to the pure liquid region and to the subcooled ow boiling region where
the quality

x

is dened as:

N o n - d im e n s io n a l h e a t tr a n s fe r c o e ffic ie n t

6
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x=

(il − il,sat )
ilv

(2.3)

being il the pure liquid specic enthalpy, il,sat the specic enthalpy of liquid at
the saturation temperature corresponding to the local pressure, and

ilv

is the

enthalpy of vaporization. This equation can be expressed in the subcooled ow
boiling region also as
as

x = −∆Tsub · cpl /ilv

∆Tsub = Tsat − Tb . cpl

where the liquid subcooling is dened

designates the specic heat of pure liquid (J/(kg K)).

In order to cover the subcooled ow boiling region several correlations and
methods have been proposed over the last fty years. One of the earliest approximation was proposed by Collier [17], who assumed linear interpolation between
the single-phase region and the saturated region.

This method did not accu-

rately represent the heat transfer coecient in the subcooled ow boiling region
[47]. Other ways to study this region were investigated from then. However, the
present thesis wants to highlight that to ensure at least continuity between both
regions, pure liquid and two-phase ow, can be an interesting proposal because
of its physical sense. As will be seen later some of the dierent methods and
correlations proposed by dierent authors do not full it and, in fact, it is the
intention of this work to provide a method that not only ensures continuity but
also derivability.
The methods and correlations proposed since Collier's approximation can be
divided into two groups: single and non-dimensional heat transfer correlations,
and superposition methods for the heat ux, in which the forced convective and
nucleate boiling contributions are calculated separately and then added.

Simple non-dimensional correlations.

They assume that the heat transfer

coecient in the subcooled region is a function of the following variables:

h = F (q, p, ∆Tsub , G, ilv , µl , kl , cpl , ρl , ρv , Dh )

(2.4)
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where

q

is the heat ux,

p

is the pressure,

specic heat of the pure liquid, and
vapour respectively. As said,

ilv
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4Tsub

the enthalpy of vaporization,

of the liquid, respectively, and

ρl

G

and

is the water mass ux,

ρv

cpl

is the

the densities of the liquid and

represents the liquid subcooling (Tsat − Tb ),

µl and kl the viscosity and thermal conductivity

Dh

the hydraulic diameter of the tube.

These variables can be grouped together using the Buckinghan Pi-theorem
leading to correlations of this type:

St

= F (Rel ,

Prl , Bo, Ja, ρl /ρv )

= h/ (G · cp ),

based on the Stanton number , St
Nusselt number, Nu

= h · Dh /k ,

Nu

= St

Ja

= (cpl · ∆Tsub ) /ilv .

or expressed based on the

as:

Re Pr

being the boiling number Bo

(2.5)

= F (Bo,

Ja, Pr,

= q/ (G · ilv ),

ρl /ρg )

and the modied Jakob number

The eect of the wall superheat

considered to be included into the heat ux

q

(2.6)

∆Tsat = Tw − Tsat

is

and, consequently, not considered

in a separate way.

Papell's correlation.

The rst correlation of that type that can be found

was developed by Papell [72]:

Nusub
Nul

"
= 90

Bo

−1.20

· Ja


·

ρv
ρl

0.08 #0.7
(2.7)

where the Nusselt number for pure liquid Nul is calculated by the Colburn-type
equation Nul

= 0.021 · Re0.8
· Prl0.4
l

, practically equal to the Dittus-Boelter

correlation.
The existence of two distinct modes of heat transfer are assumed in this
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The rst mode is responsible for the amount of heat transfer by

turbulent mixing as a result of the velocity gradient, convective eect, and
it is taken into account mainly by the Nusselt number for pure liquid Nul .
The second mode was a measure of the heat transfer due to molecular mass
transfer caused by bubbles departing from the heated surface, and is accounted
for the boiling number Bo. Additionally Papell found an inuence of the liquid
subcooling, represented by the modied Jakob number Ja, and the spread of
data due to pressure was eliminated by the inclusion of the ratio of vapour
density to liquid density

ρv /ρl .

Apart from others limitations in terms of range of pressures, uid velocities
and heat uxes, Papell did not validate his correlation for liquid subcoolings

4Tsub

o

lower than 15 C. The reason for that was the wide scatter encountered

for low subcoolings.

According to Papell, at low subcoolings small errors in

the bulk temperature measurements could result in large deviations, taking
into account that the term containing the degree of subcooling of the uid,

−1.20

Ja

1.20

= [ilv / (cpl · 4Tsub )]

, becomes innite when the bulk temperature

approaches to saturation conditions (4Tsub

Badiuzzaman's correlation.

→ 0).

After Papell several authors proposed improved

correlations inherited from the Papell's correlation. Badiuzzaman [3] included
the inuence of

Tsat

itself into equation 2.4, leading to the denition of a new

non-dimensional group

∆Tsub /Tsat .

Badiuzzaman proposed the following cor-

relation:

Nusub
Nul

C

and

m

"
=C

−1.20

Bo·Ja


·

ρv
ρl

0.08 

∆Tsub
Tsat

0.6 #m
(2.8)

were found to be 178 and 0.75 respectively for water.

Although Badiuzzaman does not say anything specically about the corre-
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lation validity for low subcooling, and the new group diminishes its eect, the
approaching of

∆Tsub

of Nusub (Nusub /Nul

to cero, saturation condition, still leads to innite values

0.6

∝ (1/4Tsub )

). This way, this correlation does not avoid

the Papell's correlation problems at low subcooling.

Hodgson's correlation.

Hodgson [38] included in his correlation the consid-

eration of a growing bubble. For a bubble to grow, a pressure gradient must
exist between vapour and liquid phases. With increasing pressure, the required
pressure gradient and the wall superheat decreases.

This was taken into ac-

count by the variation of the saturation temperature with pressure,
The vapour volume decreases with increasing pressure.

dTsat /dp.

Thus the heat trans-

fer area to the liquid phase on a surface partially covered by bubbles will be
increased. The term

−d (ρl /ρv ) /dp,

which denes the variation of densities ra-

tio, is included in order to take it into account. This is the nal form of the
correlation:

Nusub
Nul
dening

= C · Bo0.7 Ja−0.55 ·

Z = −d (ρl /ρv ) /dp

and



ρv
ρl

−0.7 

X = dTsat /dp,

Z · ilv
X · cpl

−0.08
(2.9)

and being 141 the value of C

for water.
Apart from being more dicult to manage, this correlation maintains the
same problems related to low subcooling.

Moles and Shaw's correlation.

Moles and Shaw [67] found a dierent inu-

ence of the Prandtl number and a dierent tuning of the dierent coecients
found by previous authors (Papell and Badiuzzaman), leading to the following
expression:
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Nusub
Nul

"
= 78.5

−0.746

Bo·Ja


·

ρv
ρl

0.045

#0.67
0.69
Prl

(2.10)

Moles and Shaw put hard restrictions to the use of this correlation. This way
they declared that the surfaces used to obtain the correlation were smooth and
clean type and, consequently, unwise to use it for materials such as mild steel
or cast iron. The use of these correlations in such cases would result in a system
over, rather than under, designed, what could lead to burnout conditions. Again,
Moles and Shaw declared that the lowest value of subcooling reported in the
o

data used for experimental tting was 3 C, but most of the data were obtained
o

for values from 10 C upwards. This was the recommended minimum value to be
used with this correlation. According to Moles and Shaw, again, the inaccuracy
measurement at low subcoolings can be higher than the liquid subcooling

∆Tsub

itself, rejecting the use of these kind of correlations for those conditions. Moles
and Shaw also noted that the use of this correlation at the inception of boiling
was erroneous.

In addition, the right-terms of the previous equations do not

tend to unity at the beginning of the subcooled boiling region. Although Papell
stated that the Nusselt ratio was greater than unity when there was boiling, but
remaining at a value of unity for nonboiling data, its correlation will not provide
this result in general, but only for specic conditions (the correlated data and
conditions considered in order to obtain that correlation).
As explained by Papell, Badiuzzaman and Hodgson, these correlations were
obtained for experimental set-ups which reproduce uniform heat ux conditions.
Moles and Shaw however extended them to constant wall temperature cases.
Extending them to other non-uniform heat ux cases could be feasible if there
is no other information available.

Even more if there are small dierences in

the heat ux along the tube. This can be the case to be studied in the current
thesis, as will be seen later.
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Prodanovic's correlation.

All the previous correlations were formulated when

only two sub-regions were accepted for the subcooled boiling region: the partial
boiling region and the fully developed boiling region.

This is not the case of

Prodanovic [76, 77], who proposed his correlation after the publication of the
review of Kandlikar [48] where a third region, the signicant void region, was
also dened. This is the region closer to saturation and net vapour generation
is assumed, although it would be a non-equilibrium state because the bulk uid
temperature still remains below saturation. This region will be widely explained
later along this thesis. It is important to highlight then that the previous correlations could not cover this region because, simply, they did not know about
its existence.
Prodanovic proposed a modication of the Moles and Shaw correlation given
by:

Nusub
Nul

= exp (14.452) Bo

0.729

−0.354

Ja



ρv
ρl

1.811

7.032

Prl

(2.11)

For the Nusselt number of pure liquid Prodanovic proposes the DittusBoelter correlation (equation 2.2).

The larger exponent of the density ratio

suggests a stronger inuence of pressure on the overall heat transfer rate. However, perhaps this can be expected since the bubble size range over the pressure
range considered by Prodanovic (1-3 bar) changed signicantly. At higher pressures such a large variation does not occur. Also the Prandtl number shows a
more stronger inuence.
Although Prodanovic formulated his correlation after the acceptance of the
third sub-region for the subcooled ow boiling region, the signicant void region, the correlation is only proposed for the partial and fully developed boiling
o

regions. Again it is not recommended for liquid subcoolings lower than 10 C.
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Considering that

the relations above described were, in many cases, improvements of the previous
ones, it is advisable to compare the Nusub /Nul ratios obtained with them. This
is done for the conditions dened in table 2.1, which are close to the low pressure case developed in section 4.4, establishing the comparison for the dierent
correlations in table 2.2.

3

ρl

kg/m

ρv

kg/m



950.0



0.83

3

ρv /ρl

8.7e-4

Tsat (o C)

110.0

2

N·s/m

µl



2.50e-4

cpl (kJ/(kg o C))

4.23

kl (W/(m o C))
Prl

q

= µl · cpl /kl

1.55



17.0

2

kW/m

G kg/

m

s2



ilv (kJ/kg)
Bo

0.683

= q/ (G · ilv )

50.0
2.23e3
1.52e-4

4Tsub (o C)
Ja

= cpl · 4Tsub /ilv

15.0
0.028

Table 2.1: Conditions considered for the comparison of simple non-dimensional
correlations in the subcooled ow boiling region.
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Author

Papell

Badiuzzaman

Moles and Shaw

Prodanovic

Nusub /Nul

2.57

1.61

1.28

1.30

Table 2.2: Nusub /Nul ratios provided by the dierent simple non-dimensional
correlations in the subcooled ow boiling region.

Table 2.2 shows similar values provided by Prodanovic and Moles and Shaw,
something expected if it is taken into account that Prodanovic declared to obtain
his correlation from Moles and Shaw's one. Papell and Badiuzzaman estimate
higher values than Moles and Shaw and Prodanovic. Particularly high is the
value provided by Papell. Considering that Moles and Shaw and Prodanovic's
correlations were the last ones to be developed, covering consequently a larger
experimental database, they are expected to be more reliable.

It is possible

to conclude then that Papell and Badiuzzaman overestimate the heat transfer
coecient

h

in the subcooled ow boiling region.

The non-applicability of this type of correlations, simple non-dimensional
ones, to low liquid subcoolings is applicable to all of them, as seen in equations 2.7-2.11. They do not cover the whole subcooled ow boiling region, as
the signicant void region remains uncovered, what can be considered as the
major disadvantage of this kind of correlations. As said previously, the authors
explained it due to the lack of accuracy of the experimental set-ups and measurements.

This can be true taking into account the state of the art of the

experimental set-ups and acquisition equipments at the time when they were
formulated, all of them relatively old.

However, the current work considers

that the equations themselves fail in that area. As explained by Papell not net
vapour generation is assumed and, consequently, all the heat transfer is used to
increase the uid temperature:

Q · z/L = G · cp · (Tb,z − Tb,in )

(2.12)
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where the second term on the right side is a measure of the temperature rise of
the uid caused by the heat duty, being
This term is evaluated at each location,
temperature

Tb,in

Q

the heat duty for the whole tube.

z, and added to the measured inlet bulk

to obtain the local bulk temperature

Tb,z .

This can be eectively right for high subcooling levels, but not for the signicant void region where net vapour generation should be accounted for. Considering that the thermodynamic quality in this region should be less than zero,
some non-equilibrium condition should be taken into account in order to calculate a  true or  apparent quality, what could be achieved following Kandlikar
method [46] which uses Saha and Zuber correlation [82]:

xapp =

x − xN V G · exp(x/xN V G − 1)
1 − xN V G · exp(x/xN V G − 1)

where the nonequilibrium quality
in the signicant void region, and

x

(2.13)

dened by equation 2.3 has negative values

xN V G

for the NVG (or OSV) point [46, 82].

represents the nonequilibrium quality
Criteria to determine

xN V G

will be

developed in sub-section 2.2.2.3.
To choose specic correlations for the signicant void region becomes necessary, and special care should be put in order to ensure continuity with the
correlations applicable to the partial and fully developed regions.

Similarly,

continuity should be ensured between pure liquid and correlations for the subcooled ow boiling region. As explained previously, this is not ensured by the
simple non-dimensional correlations described above.

Although some authors

like Papell stated that the Nusub /Nul ratio remains equal to unity for nonboiling conditions, others like Moles and Shaw could not ensure this. Even for
Papell this looks like to apply only to the tted data, being not feasible to ensure
it as a general statement applicable to all possible cases. This can be considered
as another disadvantage of this kind of correlations.
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A dierent approach to the subcooled ow boiling region is provided by the
techniques which assume a superposition of heat transfer mechanisms. These
will be discussed just below.

Superposition methods for the convective and nucleate boiling contributions. Figure 2.5 shows a plot of the heat ux q as a function of wall
temperature

Tw ,

or as a function of the wall superheat

4Tsat = Twall − Tsat .

As seen, all the dierent curves for the single-phase forced convection and partial boiling regions, which depends on the liquid subcooling and ow velocity,
merged into a single curve in the fully developed boiling region.

q
Partial Boiling
Fully-developed nucleate
boiling curve
Single-phase liquid
forced-convection

Increasing subcooling
or flow velocity

∆Tsat
Figure 2.5: The partial boiling transition from single-phase, forced convection,
to fully developed nucleate boiling.
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According to gure 2.5, some authors like McAdams [61] and Guglielmini
[35], proposed curves of the type

q = F (4Tsat )

for the partial subcooled ow

boiling region, tted to specic empirical conditions.

Other authors included

correction factors for dierent pressures [43, 53, 96].

However, it can be un-

feasible to manage such kind of correlations for concrete applications.

Take

note that, as shown in gure 2.5, dierent liquid subcoolings or ow velocities
would lead to dierent curves of the described type in the partial boiling region. The liquid subcooling

Tsat − Tb

tube, and to use a single curve

will change, decreasing, downstream the

q = F (4Tsat )

is not possible. Means to select

dynamically dierent curves according to the local liquid subcooling can result
unfeasible of implementing into concrete applications. In order to understand
the complexity of such kind of approaches, the current thesis advises to study
the comprehensive review done by Kandlikar [47].
Simpler models, and easier to be implemented into practical applications,
are those ones that, also based in gure 2.5, assume in the partial boiling region
that the total heat ux is the sum of the contributions due to single-phase
liquid forced convection

qf c ,

and the latent heat transport associated with the

evaporation of the liquid microlayer between the bubble and the heater wall
(nucleate boiling)

qnb : qtotal = qf c + qnb .

The forced convective term, dominant

at ONB location, becomes zero in the fully developed boiling region, where only
the nucleate contribution is accounted for. A detailed review is done by Carey
[12] and Stephan [94]. Figure 2.6 shows graphically the contributions of both
terms, single-phase forced convection and nucleate boiling.
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Fully-developed nucleate
boiling curve
(Nucleate boiling
contribution)

q
Partial Boiling

qE

E (FDB)

Single-phase liquid
forced-convection

qD

Single-phase liquid
forced-convection extension

D

Single-phase
forced - contribution

C

∆Tsat,ONB
Figure 2.6:

q

∆Tsat, FDB

as a function of the wall superheating

∆Tsat

∆Tsat

in the subcooled ow

boiling region.

According to gure 2.6, the objective is to predict somehow the single-phase
contribution, and to add it to the correlation selected for the fully developed
boiling contribution. In order to reproduce such kind of curves dierent methods
can be proposed. Bowring [9] proposed to calculate the convective heat ux as:

qf c =




hl (Tsat − Tb ) Tsat ≤ Tw ≤ Tw,F DB


0

being

(2.14)

Tw,F DB ≤ Tw

hl the convective heat transfer for pure liquid, which is typically calculated

by the Dittus-Boelter equation 2.2,

Tw

and

Tb

the wall and bulk uid tempera-
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tures respectively, and

Tw,F DB

the wall temperature at the FDB location. The

nucleation term was calculated using a typical free convection correlation of the
type

n

qnb = c (Tw − Tsat )

.

Take note that the forced convective contribution

will lead to a discontinuity in the FDB location because at that location the uid
bulk temperature will be still lower than the saturation temperature

Tb < Tsat

A dierent approach was proposed by Rohsenow [80] who calculated
conventional single-phase correlations

qf c = hl · (Tw − Tb ),

qf c with

and the nucleation

term was calculated with his own correlation for pool boiling. In all the cases
the convective eect diminishes its value along the subcooled ow boiling region,
meanwhile the nucleation term, zero or negligible at ONB location, becomes
larger until to be the dominant eect in the fully developed region.
The use of pool boiling correlations to calculate the nucleation term was
explored by Rohsenow and Bergles [8], concluding that although for forced convection boiling the curves for dierent velocities approach to a common limiting
curve, this was not exactly an extension of the curves indicated by the pool boiling data. These results indicate that using a correlation based on pool boiling
data to predict the fully developed boiling curve, can result in signicant errors
in some cases.
Other authors like Kandlikar preferred to use dierent correlations to those
of pool boiling correlations in the fully developed boiling sub-region. Kandlikar
used rst the Shah correlations [47] (equation 2.67), and later [48] proposed
to use the term corresponding to the nucleation eect, exclusively, of his own
correlation corresponding to the nucleate boiling dominant region. As will be
seen later, this is calculated in equation 2.74 as

1058 · Bo0.7 .

In addition, gure 2.6 shows that it is also necessary to dene criteria for the
FDB determination. It is widely accepted the use of the Engelberg-Forester and
Grief criterion [25], which concluded that the heat ux at the FDB location

qE
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is given approximately by

qE = 1.4 · qD ,

where

qD

is the heat ux at the inter-

section of the single-phase convection curve extension and the fully developed
nucleate boiling curve, as show in gure 2.6. It is necessary then, for a concrete
application, to compare locally in each section of the tube the heat ux
location and the corresponding

qE .

q

at that

The FDB location will be reached when the

former is higher than the latter. As will be seen in the following sections, other
criteria to determine the FDB location are possible.
Other of the most widely accepted methods based on the superposition technique was proposed by Chen [15], modifying slightly the Rohsenow's proposal
[80]. As will be seen later, Chen's model was originally developed for saturated
ow boiling, but was later extended to the subcooled ow boiling region by
Butterworth [11]. Its basic form can be expressed as:

q = hf c · (Tw − Tb ) · E + hnb · (Tw − Tsat ) · S

(2.15)

For the single-phase forced convective eect Chen proposed the typical DittusBoelter correlation [14], equation 2.2. Although it was considered that the bubble agitation could enhanced the convective heat transfer,

E

in equation 2.15,

this eect was nally neglected in the subcooled ow boiling region (E

= 1).

For the nucleate boiling contribution the pure pool boiling Foster and Zuber's
correlation [28] was proposed, and a suppression factor
suppression factor

S

was applied.

This

takes into account that the convective ow leads to some

suppression of nucleate boiling.

S

S

As will be seen later, the suppression factor

considered by Chen was a function of a two-phase Reynolds number Retp ,

exclusively, in the saturated region, and of the liquid Reynolds number Rel in
the subcooled ow boiling region.
As one of the most commonly accepted methods, and still used nowadays specially in the automotive industry, Chen's model has been modied and improved
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by dierent authors over the last 40 years. One of the more recent modications
is due to Steiner [92]. The negligible inuence of the bubble agitation in order to
enhance the convective eect is here reinforced and, in agreement with Chen, no
enhancement factor
factor

Sf low

E

is applied. However, not only a ow-induced suppression

function of the Reynolds number is considered by these authors,

but also another one

Ssub

associated to the liquid subcooling

Tsat − Tb .

Slight modications of the superposition methods are those ones where the
heat transfer coecient is calculated with equations of the type
Originally proposed by Kutateladze [52], who proposed

h
i1/n
h = hnfc + hnnb
.

n = 2,

have been inves-

tigated by dierent authors. Recent examples of these kind of correlations are
provided by Mikieliwicz [64, 65].
However, as seen above, these superposition models cover only the partial
and fully developed boiling sub-regions, gure 2.3, but the signicant void region
remains uncovered, just as happened with the simple non-dimensional correlations. Means to determine the heat transfer coecient become again necessary
in the signicant void region, and continuity with the fully developed region can
not be ensured.
The reason is that, again, most of these methods were formulated prior to the
denition of the signicant void region developed by Kandlikar [48]. It was this
author who developed an approach which took into account the signicant void
region [47]. Kandlikar's procedure was very clever because ensured continuity
between the fully developed boiling region and the signicant void region. This
is so because, as said, Kandlikar proposed the nucleation term, exclusively,
of his own correlation corresponding to the nucleate boiling dominant region.
From the OSV location up to saturation, gure 2.3, Kandlikar proposed to use
the complete correlation for the nucleate boiling dominant region, not only the
nucleation term but also the forced convective one. The apparent quality was
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calculated using equation 2.13. As the apparent quality is zero at OSV location
(and consequently also the convective term of the correlation), continuity with
the fully developed boiling region is established.

Similarly, and taking into

account that the apparent quality converges to the thermodynamic quality when
increases, continuity between the signicant void region and the saturated ow
boiling region is also ensured. However, as said, the approach followed for the
partial boiling region (q

= F (4Tsat ))

makes unfeasible to apply it to concrete

applications.
It would not be either dicult to include the signicant void region into the
Chen's model, if ways to determine the apparent quality and the quality at the
OSV or NVG location (xN V G ) are provided. Such kind of approach has been
proposed recently by Jamialahmadi [42]. The apparent quality is not calculated
by the Saha and Zuber's correlation [82], equation 2.13, but by the Schröder
[85] procedure:

xapp = x − x · exp(
where

x

x
− 1)
xN V G

(2.16)

in the signicant void region is dened again by equation 2.3.

xN V G

is dened with the equation dened by Schröder [85], developed in sub-section
2.2.2.3. In addition, Jamialahmadi proposed the Gnielinski [32] correlation for
the convective heat transfer coecient, and the pool boiling correlation developed by Goreno [33] for the nucleate boiling eect.

Alternative correlations

for the forced-convective heat transfer coecients developed by Jamialahmadi
himself [41], were also proposed.
As said, this proposal ensures continuity between regions, what can be considered as a major advantage.

However, as major disadvantage to point out

that it is mandatory to use the Chen's model. As seen previously, this method
proposes a pool boiling correlation for the nucleate boiling eect. As said, these
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kind of correlations can not reproduce properly the physics when saturation occurs under forced ow conditions, leading to signicant errors in some cases. In
addition, as will be seen later in sub-section 2.2.3.3, depending on the concrete
application other correlations for the two-phase saturated ow heat transfer
coecient could t better than Chen's model.

In general, the current thesis

does not advise any approach which forces to use a specic correlation in the
two-phase saturated region, but to develop a method which allows to choose
that one which shows best agreement with the conditions of the particular case
under study.

2.2.2.2 Subcooled ow boiling region: Fanning Friction Factor Calculation
The Fanning friction factor calculation is a quite complex task and bibliography deals very scarcely with it. Regarding to friction losses two dierent
regions are typically distinguished [12, 58]: the high subcooled boiling region,
which is close to the ONB location and where the bubbles constitute a layer of
constant thickness, and the low subcooled boiling region, which is close to the
saturation point and appears when there is a sharp increase in the amount of
vapour generation.
The layer of the bubbles in the high subcooled ow boiling region can have
two opposite eects: an increase of the pressure losses because the bubbles can
act as a forced roughness, and a reduction of the friction losses because vapour
bubbles have a lower viscosity compared to the liquid. It is not clear what of
these eects dominates and opposite criteria can be found in the literature [12].
With these uncertainties it seems appropriate to use for this region the Fanning

f

friction factor, , used for pure liquid ow (equation 2.1).
However, in the low subcooled ow boiling region the ow behaviour should
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be almost identical to that shown in the saturated ow boiling region [12, 17, 48].
Thus, similar momentum equations used for the saturated ow boiling region
are also here applicable.

These will be developed and discussed on sections

2.2.3.1 and 3.1.3.1. The apparent quality already mentioned is calculated again
using for that equation 2.13.
For some time the key factor has been to establish where the sharp increase
in the amount of vapour occurs. Authors like Carey [12] or Levy [58] did not
dene it clearly, stating that its location was between the FDB and the starting
of saturation. Later, Kandlikar [46] and Prodanovic [77] stated that the point
where this sharp increase in the void fraction clearly occurs is the NVG (or
OSV). From this point up to saturation, gure 2.3, the equations to use, as
already said, are the same applicable to the saturated region using the apparent
quality already dened.

2.2.2.3 Subcooled ow boiling region. Means to determine the ONB,
FDB, OSV and the beginning of saturation
In order to change from one correlation to other in the subcooled ow boiling
region, to determine the ONB, FDB and OSV locations, and the beginning of
saturation, gure 2.3, becomes necessary.

Onset of boiling (ONB).

As previously said, a necessary, but not sucient,

condition for the onset of boiling ONB is that the wall temperature
be above the saturation temperature

Tsat

Tw

must

at the corresponding local pressure.

It is not sucient because the temperature prole in the boundary layer where
the bubble is formed, typically assumed as linear, will be always decreasing
from the wall to the bulk.

This way, if the wall temperature were just equal

to the saturation temperature, the tip bubble would condense.

A minimum

superheating is then necessary.
As explained in the usual bibliography [12, 94], some authors developed analytical treatments to determine the ONB. Widely explained by Karl Stephan [94]
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these treatments assume thermal, material and mechanical equilibrium between
the bubble and the surrounding liquid. Considering dierent simplied approximations several correlations can be proposed to predict the onset of boiling
condition, depending on the bubble shape.

Davis and Anderson's correlation.

Davis and Anderson [19] proposed the

following correlation:

qON B =
In this expression

σ

kl · hlv · ρv
2
[(Tw − Tsat )ON B ]
8 · Cθ · σ · Tsat

is the surface tension and

θ

(2.17)

is the contact angle of the

liquid-vapour interface on the solid surface for the model bubble considered in
the analysis.

Cθ

is calculated as

ical model bubble

1 + cos θ.

θ = 90o ; Cθ = 1,

It can be seen that for a hemispher-

becomes identical to the widely accepted

correlation of Sato and Matsumura [84]:

qON B =

kl · hlv · ρv
2
[(Tw − Tsat )ON B ]
8 · σ · Tsat

(2.18)

This correlation agreed well with experimentally onset of boiling conditions
for water reported by the authors responsible of it, Sato and Matsumura, and
also to those ones reported by Rohsenow [8]. For a saturation temperature

o

of 110 C, and a wall superheating

4Tsat = Tw − Tsat

Tsat

o

of 25 C, values close

to those ones used in the practical example developed along section 4.4, the
following values for

σ , kl , hlv , ρv ,

and

qON B

are obtained.
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kg/m



kl (W/(m

o

ρv

3

0.83
C))

hlv (kJ/kg)

Table 2.3:

qON B

0.683
2230

σ(N/m)
qON B

34

57.0

2

kW/m



15.8

value for a practical case.

Frost and Dzakowic's correlation.

Somewhat later, Frost and Dzakowic [31]

explored the applicability of the analytical treatment used by Davis and Anderson to other liquids.

Based on additional arguments regarding the eect of

liquid Prandtl number on the onset condition, they recommended the following
relation for the onset condition:

qON B =

kl · hlv · ρv
2
[(Tw − Tsat )ON B ] Prl2
8 · σ · Tsat

(2.19)

This correlation is identical to the Sato and Matsumura's correlation except

2

for the inclusion of the Prl multiplier. It was found to agree well with data for
a wide variety of uids, including water, various hydrocarbons, mercury, and
cryogenic liquids.
As explained by Karl Stephan [94] these analytical treatments dene a minimum roughness necessary for the bubble growth. A completely polished surface
will delay considerably the bubble formation and in these cases, or those others
with highly wetting liquids, these relations should be used with caution.

Bowring's approximation.

Apart from the previous analytical correlations,

other approach proposed by Bowring [9] in an early study was to assume the
onset of boiling ONB as the intersection of the single-phase convection curve
and the fully developed boiling curve. The ONB location will depend on the
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fully developed boiling curve chosen. This is in fact a very crude approximation
because it assumes an abrupt change between regions.

Bergles and Rohsenow's correlation.

It is possible to nd either empirical

correlations [12, 94] quite similar to equations 2.17-2.19 like the one developed
by Bergles and Rohsenow [8]:

2.41/p0.0234

qON B = 5.30 · p1.156 [1.80 (Tw − Tsat )ON B ]
where

p

is the pressure in kPa, temperatures are expressed in

(2.20)

o

C, and heat

2

ux in W/m . These correlations then are usually dimensional ones, and only
applicable to determined ranges of pressure, temperatures, ows, etc.
The location of the ONB will be dened by the intersection of the chosen correlation for the onset of boiling described above, and the heat transfer equation
corresponding to the pure liquid single-phase region

q = hl · (Tw − Tl ).

Conse-

quently this will depend on the physics of the application. To understand what
happens for the simplest and most common cases, this is, imposed constant heat
ux

q

and imposed constant wall temperature

Tw

respectively, allows predicting

the behaviour for other dierent cases, like the one considered in the current
application, where what is considered constant is the external temperature of
the hot gases.

Figure 2.7 shows the ONB determination, and the behaviour

close to it, for all these cases.
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ONB location for the
current application.

Nucleate Boiling
Region

Typical ONB curve, qONB

ONB location for
constant q case

ONB location for
constant Tw case

Increasing z for constant
wall temperature Tw.

Increasing z for constant
hot gases temperature Tg.

No Nucleate Boiling.
Single phase

Increasing z for constant
heat flux q.

q (kW /m2)
Figure 2.7: Onset of boiling conditions predicted for dierent cases: constant
heat ux

q,

temperature

constant wall temperature

Tw ,

and constant external hot gases

Tg .

The heat transfer equation in the single-phase region can be rearranged also
as:

q = hl · [(Tw − Tsat ) + (Tsat − Tl )]

(2.21)

For the imposed constant heat ux case, equation 2.21 can be combined with
the energy equation:


q=

Dh
4z


· G · cpl · [Tl (z) − Tl,in ]

(2.22)

which allows the determination of the water temperature at a distance
tube,

Tl (z),

for a given water temperature at the inlet,

Tl,in .

z

of the

In addition, it is

easy to understand from equation 2.22 that the water increases its temperature
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along the tube. If the variations in the heat transfer coecient for the

hl

and for the water saturation temperature

Tsat

are neglected, from

equation 2.21 can be deduced that the wall superheating (Tw
the wall temperature

Tw

− Tsat ),

and then

also, increases along the tube with the distance

z , until

the onset of boiling location ONB is reached. This trend is shown in gure 2.7,
where the heat ux

q

imposed case is represented as vertical line, indicating

that the wall superheating (Tw

− Tsat )

increases when the distance

More dicult to understand it is why the heat ux
distance

z

for the imposed wall temperature

Tw

q

z

does.

decreases with the

case, just as gure 2.7 shows

through an horizontal line indicating this trend. Equation 2.21 is again valid
for this case. Applying the dierential energy equation


q · π · dz · Dh = G ·

π · Dh2
4


· cpl · dTl

(2.23)

the following equation can be obtained:

q =G·

Dh
dTl
· cpl ·
4
dz

(2.24)

Combining equations 2.21 and 2.24 yields the equation:

dTl
=
dz

If the boundary condition



4 · hl
G · cpl · Dh

Tl = Tl,in

at


· (Tw − Tl )

z=0

(2.25)

is used, previous equation can

be solved as:



4 · hl · z
Tw − Tl (z) = (Tw − Tl,in ) exp −
G · cpl · Dh

(2.26)
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and consequently to equation:



4 · hl · z
q (z) = hl · [(Tw − Tsat ) + (Tsat − Tl,in )] exp −
G · cpl · Dh

(2.27)

where, neglecting again the variations in the heat transfer coecient for pure
liquid

hl

heat ux

and in the saturation temperature

q

decreases with the distance

z

Tsat ,

can be appreciated how the

when gets closer to the ONB location.

In other applications the combined variations of heat ux and wall superheat with downstream distance may be more complicated than the variations
that result for the constant heat ux

q

and wall temperature

described above. However, once the variation of heat ux
ing

(Tw − Tsat )

q

Tw

circumstances

with wall superheat-

along the tube for the concrete application has been obtained,

which is determined from the energy equation, the heat transfer equation, and
the imposed boundary conditions, its intersection with the chosen relation for
onset of boiling ONB, equations 2.17-2.19, will dene the ONB location. The
most noteworthy trends, derived from the study of the imposed heat ux
and imposed wall temperature

(Tw − Tsat )

Tw

q

cases, are that increasing wall superheating

and decreasing heat ux

q

favour the ONB appearance.

This is

maintained for other dierent cases and, consequently, the expected behaviour
for the case under study, where the boundary condition is an imposed temperature for the external gases, should be quite similar to the depicted in gure
2.7.

Fully developed boiling FDB.

Less correlations and methods have been

developed for the FDB location, most of them based on empirical data and not
on an analytical basis.
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As explained by Prodanovic [77] the rst method was proposed by McAdams
[61]. The FDB was dened as the intersection of the forced convection and fully
developed boiling curves. After compiling data from various sources, Shah [87]
found that plotting
subcooling (Tsat

∆Tsub /∆Tsat

− Tl )

and

∆Tsat

as a function of Bo, being
the wall superheat (Twall

∆Tsub

− Tsat ),

the liquid

showed two

distinct boiling regimes. One dependent on subcooling and ow rates while the
other, independent of these. Transition occurred at

∆Tsub /∆Tsat = 2

and was

used to calculate the FDB location. This is in excellent agreement with Shah's
observations.
Kandlikar [48] used the Bowring procedure [9], slightly dierent to McAdams'
method but based again in the intersection of the extension of the single-phase
curve and the fully developed curve. As already explained when the superposition methods for the heat transfer were discussed, this is the criterion suggested
by Engelberg-Forester and Grief [25]. These authors proposed that the heat ux
at the FDB location

qE

is given approximately by

qE = 1.4 · qD , where qD

is the

heat ux at the intersection of the single-phase convection curve extension and
the fully developed nucleate boiling curve. This was depicted in gure 2.6.

Signicant void ow OSV.

The OSV or NVG point of net vapour gener-

ation identies the location in the subcooled ow where the amount of vapour
increases signicantly. This point marks the beginning of the signicant void
ow region and, as postulated by Kandlikar [48], from that point the two-phase
ow eects would become important and the saturated ow boiling correlations should be applicable. Although the thermodynamic quality is negative in
this region, the non-equilibrium quality would be positive. Equation 2.13 can be
used to calculate an apparent quality accounting for the non-equilibrium eects.
This sub-regime was mainly developed for Kandlikar [47, 48], recommending the
Saha and Zuber [82] correlation to locate the OSV or NVG location:
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xN GV =




−0.022Bo·Relo ·Prl

for

Relo Prl

≤ 70.000



−0.154Bo

for Relo Prl

> 70.000

40

(2.28)

where Relo is the Reynolds number considering all ow as liquid.
A dierent proposal developed by Schröder [85] can be expressed as:

xN V G = r

being Bo the Boiling number (Bo
pure liquid (Pe

−Bo
2
455
+ 0.00652
P el

= q/ (G · ilv ))

(2.29)

and Pel the Peclet number for

= (ṁ · cp · Dh ) /k ).

2.2.3 Saturated ow boiling region
Saturated internal ow boiling is most often encountered in applications where
complete or nearly complete vaporization of the cold uid is desired. Although
perhaps the most frequently encountered example is the evaporator in a refrigeration or air-conditioning system, other examples include boilers in nuclear and
conventional power plant systems, as it is the case of the current application. In
order to avoid the high wall temperatures and or the poor heat transfer associated with the saturated lm boiling regime, vaporization must be accomplished
at low superheat or low heat ux levels. For this reason, evaporators and boilers
are usually designed to avoid the high wall superheat levels that may produce
lm boiling at some point during the process. Because of this, special attention
must be put on ow boiling processes at low to moderate superheat and heat
ux conditions. In most of the systems of practical interest, the onset of saturation boiling ow is assumed at or just beyond the point where the bulk ow
reaches the saturation conditions. From the OSV (NVG) point and also in this
saturation region both, nucleate boiling and liquid convection, may be active
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heat transfer mechanisms.

Usually the walls have plenty of active nucleation

sites, and at low quality the vapour fraction is relatively low and the nucleate
boiling mechanism is much more dominant than the forced-convective eect.
However, the relative importance of these two eects varies over the length of
the tube. As the ow proceeds downstream and vaporization occurs, the vapour
fraction rapidly increases at low to moderate pressures. As a result, the ow
must accelerate, which enhances the convective mechanism.
The increasing vapour fraction and acceleration of the ow also produce
changes in the ow regime along up the tube, as shown in gure 2.1. This way
bubbly ow at the onset location turns subsequently into plug, churn, annular
and spray ow.

Other congurations are possible when a large dierence in

the liquid and vapour densities occurs, as previously explained.

These ow

patterns and mechanisms are the same, in general, for both cases; the uniform
heat ux and the constant wall temperature conditions. Consequently, similar
behaviour is expected for the current application where neither the heat ux,
nor the wall temperature are necessarily constant. In all the cases it is expected
that the forced-convective eect becomes stronger and the nucleate boiling eect
becomes weaker as the ow proceeds downstream.
Taking into account that the internal stream structure has a great inuence
in the heat transfer process, the mechanical characteristics of the stream are
analyzed rst.

2.2.3.1 Saturated ow boiling region: Pressure losses calculation
The total pressure drop can be composed of three components: the frictional
pressure drop, the acceleration pressure drop, and the drop in pressure based
upon gravity, also called the geodetic pressure drop.
The frictional pressure drop results from the shear stress between the ow-
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ing uid and the tube wall, and for two-phase ow also between the individual
phases. The pressure drop due to acceleration results from the change in momentum of the two phases, because in vapour-liquid ows there occurs an evaporation resulting from ashing due to loss of pressure, similar to what happens
in heated tubes because of the addition of heat. This causes a change of mass
and velocity in each phase and, consequently, also of the momentum of both
phases. The geodetic pressure drop results from the gravitational force exerted
by the uid. It is null for horizontal ows, but can be the dominant term for
vertical upwards congurations. The acceleration pressure drop are often negligible in comparison to the frictional pressure drop, for horizontal ows, and
to the geodetic pressure drop for vertical upwards ones. Only in heated tubes
with large heat uxes the acceleration pressure drop can become considerable.
As said previously, the two-phase frictional pressure drop involves not only
the momentum transfer between uid and wall, but also between the two phases.
This constitutes a noticeable dierence compared to the frictional pressure losses
for single-phase uids and, because of it, special care should be put on it. Both
processes, uid-wall and two-phases momentum transfers, can not be measured
separately but only estimated for simple ows. Thus, there are only imprecise
notions about the inuence of the transfer of momentum between the two phases
and, consequently, it is necessary to rely extensively upon empirical methods.
In order to calculate the pressure drop it is advisable prior to dene several
concepts.
portion

α,

Firstly it is required to dene at any cross section

A

the vapour

also called the void fraction:

α = Av /A

(2.30)

what makes feasible to dene the ratio of the both phases velocities, what is
called slip or slip factor:
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s=

uv
x 1 − α ρl
=
ul
1 − x α ρv

what considers the following equations for both velocities

ul = G (1 − x) / (ρl (1 − α)),

(2.31)

uv = Gx/ (ρv α)

and

obtained from the continuity equation for each

phase separately. To note that a proper determination of the void fraction

α

is

specially required when the geodetic term is the dominant one.
Some approaches consider the two phases, water and steam, as a uniform homogeneous mixture with a calculable specic volume, and the frictional pressure
drop is calculated by means of the equation:



dp
dz


= −2 · f ·
f

G2
ρD

(2.32)

In this case the slip factor is assumed to be equal to unity (both phases have
the same velocity), what lead to obtain the void fraction as:



ρv 1 − x
α = 1/ 1 +
ρl x

(2.33)

and the density of the homogeneous mixture is:


ρ = 1/
The Fanning friction factor

f

x
1−x
+
ρv
ρl


(2.34)

is calculated according to Blasius correlations,

equation 2.1. The principal diculty in this calculations arises in the denition
of the Reynolds number of the mixture Re

= G · D/µ,

and more concretely

in the denition of the dynamic viscosity of the homogeneous two-phase ow.
As widely explained in reference [94] several assumptions can be suggested,
containing as limiting cases
proposed dierent models.

µ(x = 0) = µl

and

µ(x = 1) = µv .

Other authors
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McAdams [62]:

1
x
1−x
=
+
µ
µv
µl

(2.35)

µ = xµv + (1 − x) µl

(2.36)



µv
µl
µ=ρ x
+ (1 − x)
ρv
ρl

(2.37)

Cicchitti [16]:

And Dukler [21]:

Once one of these models is adopted, and the Reynolds number calculated
based on it, the friction factor, and consequently the frictional pressure drop,
can be estimated.
However, and as already said, the homogeneous model is applicable when
the slip factor is close to 1. This is the case of ows with a high concentration
of small bubbles (x
(x

→ 1),

→ 0),

ows with a high concentration of spray or drops

or ows with slight dierences in density, as occurs when approaching

the critical state.
A completely dierent approach mode can be proposed in which the frictional pressure drop during two-phase ow is often reduced to the pressure drop
occurring if only a single phase owed in the tube [59, 60].

In this case the

denition developed by Lockhart and Martinelli [59] is used:



or

dp
dz



= φ2l
f



dp
dz


(2.38)

l
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dp
dz


=
f

φ2v



dp
dz


(2.39)

v

is the frictional pressure drop of the liquid and

(dp/dz)v

that of

the vapour, assuming that each of the two phases owed alone inside the tube,
and

φl,v

are the two-phase multipliers required to obtain the pressure losses due

to friction of the two-phase uid.
In these approaches slip factors higher than unity are assumed and the heterogeneous or separated model is adopted, instead of the homogenous model.
The two phases are said to ow separately, having dierent velocities, existing
consequently a slip between them.
The procedure developed by Lockhart and Martinelli [59] was based on experimental data developed specically for isothermal ows of air and various
other liquids mixtures in horizontal tubes at low pressures. However, the data
were purposely presented in a tentatively generalized form, which should make
the results applicable to water-steam mixtures. This is based on the fact that
similar patterns to those ones occurring during boiling can be found in isothermal ows of air-liquid mixture without boiling. To obtain the data in isothermal ows and horizontal tubes congurations make easier to isolate the pressure
drop due to friction, exclusively. Horizontal congurations make null the gravitational term, and the isothermal ows allow a better determination of the
change of momentum of both phases. For this latter term if the pressure drop
is small compared with the absolute pressure, the density of each phase can be
considered constant along the tube.

This assumption would not be valid for

non-isothermal ows.
As previously said, the basic idea is to determine the frictional pressure drop
applying a correction factor

φl,v

to the frictional pressure drop of the individual

phases as if they owed alone (equations 2.38 and 2.39). The ratio of the two
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factors can be dened as:

(dp/dz)l
φ2v
= X2 =
2
φl
(dp/dz)v
(dp/dz)l

where

and

(dp/dz)v

(2.40)

are dened according to equation 2.32 for each

phase:





dp
dz

dp
dz

= −2 · fl

G2l
ρl D

(2.41)

= −2 · fv

G2v
ρv D

(2.42)


l


v

Additionally the water mass uxes
and

Gv = Gx

Gl and Gv are calculated as Gl = G (1 − x)

, respectively.

Equation 2.40 can be calculated then from the following expression:

X2 =
The factor
[59].

X

fl
fv



1−x
x

2

ρv
ρl

(2.43)

is usually characterized as the Lockhart-Martinelli parameter

The Fanning friction factors

fl

and

fv

are dened again according to

Blasius [50], equation 2.1, and the Reynolds numbers dened as:

Rel

=

R ev

G (1 − x) D
µl

(2.44)

G·x·D
µv

(2.45)

=

According to the previous equations, the Lockhart-Martinelli parameter can
be calculated with the following expression:
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2

X =

1−x
x

2−n 

µl
µv

n

ρv
ρl

(2.46)

Considering both phases turbulent, and the tube smooth, the exponent
lies between 0.2 and 0.25. With


Xtt =
where the subindex

tt

n

1−x
x

n

= 0.25, this becomes:

0.875 

µl
µv

0.125 

ρv
ρl

0.5
(2.47)

means that both phases are turbulent.

Lockhart and Martinelli [59] assumed that each of the two factors
can be depicted as a function of the parameter

X.

φl

and

φv

The curves are reproduced

well by the following equations:

φ2l = 1 +

C
1
+ 2
X
X

(2.48)

and

φ2v = 1 + CX + X 2
The values of the constant

C

(2.49)

depend on the regimes of both phases. Con-

sidering again both phases as turbulent the constant

C

can be approximated by

the value of 20. Figure 2.8 shows graphically the values of both friction factors.
Figure 2.8 also shows the values for the fraction of tube volume lled by vapour
or void fraction

α, and liquid 1 − α, developed graphically rst by Lockhart and

Martinelli and later correlated analytically by Butterworth [10].

48

BIBLIOGRAPHICAL ANTECEDENTS

10000

1.0

Parameters Φltt and Φgtt
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α
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0.1
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Figure 2.8: Plot of

φltt , φgtt , α

1 − α,

and

versus

√

Xtt .

These values were obtained at low pressures, close to ambient pressure, and
Martinelli and Nelson noticed considerable errors at high pressures [60]. Something easy to understand physically if the critical pressure, 22000 kPa, is considered. In this case the pressure drop of the two-phase ow (equations 2.38 and
2.39) should be equal to the pressure drop corresponding to all ow as liquid

(dp/dz)lo .

Consequently, if equation 2.38 is modied dividing it by



dp
dz




/

f

this should lead to a value of

dp
dz
φ2l


=
lo

φ2l



dp
dz

equal to 1.

Martinelli parameter close to unity, a value of




/
l

dp
dz

(dp/dz)lo

:


(2.50)

lo

However, assuming a Lockhart-

φ2l

about 22, quite far from unity,

is obtained from equation 2.48. This conrms the non-validity of equations 2.48
and 2.49 for high pressures.

CHAPTER 2.

49

BIBLIOGRAPHICAL ANTECEDENTS

In fact, Martinelli and Nelson determined theoretically the relation between
the friction factor

φltt

and the Lockhart-Martinelli parameter

Xtt

at the critical

pressure, leading to the following expression:


φltt =

Xtt + 1
Xtt

0.875
(2.51)

Then, the limiting curves for atmospheric and critical pressures are now
known.

The remaining curves at intermediate pressures were established by

trial and error, using dierent experimental data. The resulting plot is shown
in gure 2.9, which makes possible to extend the study to any pressure.

10000

1.0

Pcrit

Pamb
1- α
0.1

100

0.01

Φltt

1-α

1000

Φltt
10

0.001

Pamb
Pcrit
1.0
0.01

0.1

1.0

10

100

Parameter √Xtt

Figure 2.9: Plot of parameters

φltt

and

α

versus parameters

√

Xtt

for various

pressures from 1 atm abs pressure to critical presure for water and water vapour.

A similar procedure was developed by Martinelli and Nelson [60] for the

CHAPTER 2.

50

BIBLIOGRAPHICAL ANTECEDENTS

fraction of tube volume lled by liquid

1 − α.

Again the curve shown in gure

2.8, obtained at atmospheric pressure, was proven not to be valid at higher
pressures.

At the critical pressure it is easy to dene

1 − α = 1 − x.

The

intermediate pressures between these two limiting curves are also shown in gure
2.9. As stated, to determine properly the fraction of tube volume lled by liquid

1−α

becomes necessary for vertical congurations.

2.2.3.2 Saturated ow boiling region: Heat transfer coecient calculation
Because of the heat transfer coecient correlations would require an approach that accommodates a transition from a nucleate-pool-boiling condition
at low qualities, to a nearly pure lm evaporation condition at higher qualities,
in this section the dierent possible heat transfer correlations are described. To
determine the heat transfer coecient in the saturated region requires to take
into account both eects, the nucleate boiling mechanism and the convective
eect.

The former mechanism is the dominant eect at the beginning of the

region, and the latter at the end of it.
This can be done proposing single correlations able to cope the whole region,
or dierent correlations only applicable to a specic part of the region. Bibliography of reference [12, 81, 94], describes the correlations explained below. They
are usually obtained for conditions of constant heat ux, because this is the
condition easiest to obtain experimentally, and represent only a few of the large
number available in the literature, but they can be considered representative.
A brief description of simple guides to analyze or choose one of them will be
detailed in point 2.2.3.3.

Correlations based on Martinelli parameter Xtt. F(Xtt) correlations.
Several investigators have correlated convective boiling data in absence of
strong nucleate boiling eects. This can apply to relatively high qualities, annular ow pattern in gure 2.1, where the convective transport across the liquid
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lm can be approximated by the kind of analysis presented by Carey [12]. The
resulting heat transfer coecient can be correlated in terms of the turbulentturbulent Martinelli parameter
owing alone Rel (G (1

Xtt

− x) Dh /µl )

[60], the Reynolds number for the liquid
, and the liquid Prandtl number Prl :

hD
= F (Xtt ,
kl

Rel , Prl )

(2.52)

Variations of the above form can be turned into these others:

h
=F
hlo
In these relations

hlo




and

h
=F
hl



1
Xtt



the liquid phase owing alone.

hl

is the single-phase heat transfer coecient for

The turbulent-turbulent Martinelli parameter

was widely discussed in section 2.2.3.1, being applicable the equation 2.47.
If the Dittus-Boelter correlation, equation 2.2, is used to evaluate

hl ,

(2.53)

is the single-phase convection heat transfer coecient

for the entire ow as liquid and

Xtt

1
Xtt

hlo

and

it would be easy to understand the equivalence between equations 2.52 and

2.53.
Authors like Dengler and Addoms [20] proposed the following relation of
that kind for convective vaporization of water in a vertical tube:

h
= 3.5
hlo



1
Xtt

0.5
(2.54)

For organic liquids Guerrieri and Talty [34] proposed a similar correlation:

h
= 3.4
hlo



1
Xtt

0.45
(2.55)

As already said, these equations are only applicable when the nucleate boiling
has been completely suppressed and, consequently, only applicable to the last
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stages of the region. Their usefulness is then very limited and not applicable in
particular for the current application, because this is dealing with low qualities
where the nucleate boiling mechanism can be, in fact, the dominant eect.

F(Xtt, Bo) correlations.

In order to extend the previous correlation to

the whole saturation region, the boiling number Bo is included in as a mean
to calculate the nucleation mechanism at lower qualities in the rst stages of
the region.

The boiling number Bo is dened as Bo

= q/ (G · ilv ),

and such

correlations adopt the form:

h
=M
hl


Bo

· 104 + N



1
Xtt

n m
(2.56)

where the convective eect is again calculated through the Martinelli parameter,
and

hl , as said, is the heat transfer coecient for the liquid phase owing alone.

The empirical constants

M, N, n, m

of this equation depend on the uid and

conguration studied. For the current application, water owing under forced
convection upward, Schrock and Grossman [86] provided the following constants:

M = 0.79; N = 1.5; n = 2/3; m = 1.

Schrock and Grossman developed

this correlation for water covering exclusively the pressure region from 290 to
3480 kPa. It is recommended then to choose this correlation for that uid and
conditions.

Chen's correlation.

As explained in sub-section 2.2.2.1, Chen [15] originally

proposed his method assuming superposition of heat transfer contributions to
the saturated region.

This author argued that the heat transfer coecient

was equal to the sum of a microscopic (nucleate boiling) contribution
a macroscopic (bulk forced-convective) contribution

h = hnb + hf c

hf c

hnb ,

h

and

:

(2.57)
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The microscopic contribution was determined by applying a correction to
the Forster and Zuber [28] heat transfer correlation for nucleate pool boiling:

hnb =
"

#
0.49
h
i
kl0.79 c0.45
pl ρl
0.24
0.75
0.00122 0.5 0.29 0.24 0.24 Tw − Tsat (pl )
[psat (Tw ) − pl ]
S
σ µl hlv ρv
The suppression factor
tion of

hnb

S

(2.58)

corrects the fully developed nucleate boiling predic-

to account for the fact that when the macroscopic convective eect

increases, nucleation is more strongly suppressed.
temperature.

Tw

represents again the wall

Property values in equation 2.58 are in SI units, m, kg, N and

2

K, and also the pressure dierence in N/m .
obtained in W/

m2 K



The heat transfer coecient is

.

For the macroscopic contribution Chen proposed rst the

F (Xtt ) correlation

developed by Dengler and Addoms [20], equation 2.54. He conjectured further
that this macroscopic contribution should be related to a two-phase Reynolds
number Retp extending the Dittus-Boelter correlation, equation 2.2.
argued that the suppression factor

S

He also

ought to be a function of this two-phase

Reynolds number. Developing the Dittus-Boelter with such kind of considerations results in:

0.4
hf c = 0.023Re0.8
tp Prtp (ktp /Dh )

Considering
assumed as a

ktp = kl

(2.59)

, Prtp =Prl , and that the macroscopic eect can be

F (Xtt ) correlation, the two-phase Reynolds number can be dened

as:

Retp

1.25

= Rel [F (Xtt )]

(2.60)
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From a regression analysis of available data, Chen obtained

S (Retp )

F (Xtt )

and

curves that provided a best t for this technique. Originally presented

in graphical form, it was Collier [17] who later proposed the following relations:

F (Xtt ) =




1

for

−1
Xtt
≤ 0.1




2.35 0.213 +

1
Xtt

0.736

(2.61)
for

−1
Xtt
> 0.1

S (Retp ) = 1 + 2.56 × 10−6 Re1.17
tp

−1

(2.62)

Modications to the original Chen correlation were proposed by dierent
authors like Bennett [7], providing dierent correlations for the suppression
factor, and again Bennet together with Chen [6] modied the correlation to
account for liquids dierent to water.
Even more recent are the modications proposed by Steiner [92] and Jamialahmadi [42], as discussed in sub-section 2.2.2.1.
Steiner [92] proposed to use this correlation to the subcooled ow boiling
region, and dened a new suppression factor taking into account the eect of
the liquid subcooling (Ssub

= F (4Tsub = Tsat − Tb )).

Jamialahmadi [42] proposed to use such kind of method for both, the subcooled ow boiling region and the saturation region.

In order to cover the

signicant void region proposed to use the Schröder's procedure to calculate
the apparent quality and the quality at the OSV (or NVG) location

xN V G ,

equations 2.16 and 2.29. For the pure liquid convective heat transfer coecient
suggests to use the Gnielinski [32] correlation, and for the nucleate boiling eect
the pool boiling correlation developed by Goreno [33]:
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n 
· 1.2p0.27
+ 2.5pr +
r


pr
1 − pr

0.13 
0.25
kl · ρl · cpl
Rp
·
·
Rp,ref
kl,ref · ρl,ref · cpl,ref

the reduced pressure (pr

(µm). The subscript

ref

= p/pcritial )

and

Rp

(2.63)

the surface roughness

refers to reference values provided by Gorenfo [33] for

a reference value of heat ux

2

qref

of 20 kW/m .

Jamialahmadi also proposed to investigate for the convective heat transfer
coecient correlations developed by himself [41].

Shah's correlation.

Also considering both eects, Shah proposed a correla-

tion for saturated ow boiling in vertical and horizontal tubes [88]. The nucleate
mechanism is considered again through the boiling number Bo. However, for the
convective eect the Martinelli parameter is replaced by the convection number
Co with a form slightly dierent:


Co

=

1−x
x

0.8 

ρv
ρl

0.5
(2.64)

This way the heat transfer coecient correlation takes the following form:

h
= F (Co,
hl
where the Froude number, Frlo

=

the case under study. As usual,

Bo, Frlo )

(2.65)

G2
, can be ignored for vertical tubes, like
ρ2l gD

hl

designates the heat transfer coecient for

the liquid phase owing alone.
Provided rst in a graphical way, Shah recommended later the following
computational expression:
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Forced convective eect:

hf c
= 1.8Co−0.8
hl

(2.66)

The nucleate boiling eect for low convection (Co>1) is calculated with the
following correlations:




230Bo0.5

for
hnb
=

hl

1 + 46Bo0.5

Bo

> 0.3 × 10−4
(2.67)

for Bo

−4

≤ 0.3 × 10

meanwhile for moderate to high convections these are the correlations applicable
to the nucleate boiling eect:




F


0.5
exp 2.74Co−0.1
s Bo
hnb
=


hl

Fs Bo0.5 exp 2.47Co−0.15
where

Fs

for

0.1 < Co ≤ 1
(2.68)

for Co

≤ 0.1

is dened by the following correlations:

Fs =




14.7

for Bo

≥ 11 × 10−4



15.4

for Bo

< 11 × 10−4

(2.69)

Shah proposes for all the cases to select the higher term (hf c or

Gungor and Winterton's correlation.

hnb ).

The correlation proposed by these

authors is only applicable to vertical tubes. It takes the following form [36]:

"
h = hl 1 + 3000Bo
Here again,

hl

0.86


+

F (x) =

x
1−x

0.75 

ρl
ρv

0.41 #
(2.70)

is the heat transfer coecient for the liquid phase owing

alone, and Bo is the boiling number.



x
1−x

0.75 

ρl
ρv

0.41

The former, together with the term

, takes into account the convective eect, meanwhile

the latter accounts for the nucleation.
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Bjorge, Hall, and Rohsenow's correlation.

These authors did not propose

a correlation but a method for predicting the heat transfer. It was developed
for upward ow boiling in vertical tubes at qualities above 0.05. The technique
postulates a superposition of heat uxes rather than a superposition of heat
transfer coecient. This way the total heat ux was calculated by the following
correlation:

"



qtot = qf c + qnb 1 −
As usual

Tw

and

tively. The term

Tsat

(Tw − Tsat )i
Tw − Tsat

3 #
(2.71)

represent the wall and saturation temperatures, respec-

(Tw − Tsat )i

was dened as:

(Tw − Tsat )i =

8σTsat hl
kl hlv

where SI units are used, representing the term



1
1
−
ρv
ρl


(2.72)

(Tw − Tsat )i the wall superheating

at the onset of boiling ONB condition.
The convective heat ux

qf c

is calculated with a correlation of this kind:

0.9

qf c = FB (Xtt ) Prl (kl /D) (Tw − Tsat )

R el

C (Prl )

(2.73)

The nucleate boiling was predicted using the Mikic and Rohsenow correlation
for fully developed nucleate boiling [63].

Kandlikar's correlation.

Kandlikar without doubt is one of the authors

of reference in the two-phase studies.

His correlation is widely explained in

reference [46] and it has been widely accepted and used.
The Kandlikar's correlation tted a broad spectrum of data for ow boiling
heat transfer in vertical and horizontal tubes. Again is based on the convective
number, equation 2.64, and on the boiling number (Bo

= q/ (G · ilv )),

adopting
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the following form:

h
C
= C1 CoC2 (25Frle ) 5 + C3 BoC4 FK
hl
The constants

C1 − C5

are provided in table 2.4, and the factor

uid-dependent parameter. For vertical tubes
Co

< 0.65

(2.74)

(convective region)

Co

C5

FK

is a

is equal to zero.

≥ 0.65

(nucleate boiling region)

C1

1.1360

0.6683

C2

-0.9

-0.2

C3

667.2

1058.0

C4

0.7

0.7

C5

0.3

0.3

Table 2.4: Constants for the Kandlikar correlation

Kandlikar correlation shows a discontinuity at Co

= 0.65.

Kandlikar proposes

to eliminate it allowing the transition from one region to another at the intersection of their respective correlations.

2.2.3.3 Heat transfer correlations: comparison and analysis. Selection for a specic application
All the correlations described above have been used with some success to
correlate ow boiling heat transfer data over a nite range of ow conditions.
In order to select one of them for a specic application, it would be advisable
to select that one veried against data for uid and ow conditions that are as
similar as possible to those of the application. As an example, it would have
not too much sense to choose the

F (Xtt )

correlations, based on the Martinelli

parameter exclusively, for the current application. These do not reproduce the
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nucleate mechanism, the dominant one for those applications dealing with low
qualities, which is the case for the current study.
The importance of accurately predicting saturated ow boiling heat transfer coecients is well recognized.

Knowledge of these coecients and their

parametric behaviour can reduce the cost and avoid the drastic results due to
underdesign or overdesign of evaporators, boilers, and other two-phase process
equipments.
Most of the correlations sums the contribution of terms representing nucleate boiling and forced convective eects. Depending on the correlation the
convective eect is accounted for the convective number Co, Kandlikar and Shah
[46, 87]; the Martinelli parameter

Xtt , F (Xtt )

and

F (Xtt , Bo),

Chen [15], etc.;

or a similar number like the one used by Gungor and Winterton [36]. The nucleate boiling is represented mainly by the boiling number Bo, although some
of them prefer to use a fully developed nucleate boiling correlation to calculate
it.
The correlations for pool boiling have in general forms physically scarcely
plausible (in general they have dimensional forms, etc.) Additionally, dierent
authors demonstrated that the results for pool boiling are not applicable to
forced ow boiling. This is the case for the analysis of vapour bubble departure
diameter by Klausner [90]. In general an increase in mass ux leads to lower
departure diameters, and an increase in heat ux leads to larger ones, demonstrating that the mechanisms were quite dierent.

This can be understood

physically taking into account that the temperature rise through the boundary
layer is steeper for the forced convection case than for the free convection one,
what casts doubt on the validity of using pool boiling correlations to model the
nucleate component of the heat transfer in ow boiling. Bergles and Rohsenow
[12] specically explored this issue experimentally. They showed that the forced
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versus superheat curves for dierent velocities did ap-

proach to a common limiting curve at high superheat levels, independent of the
ow velocity then, but dierent to those ones indicated by pool boiling data.
This reinforces the fact that to use a correlation based on pool boiling data for
convective boiling can result in signicant errors, and this is why the authors
who usually recommend them, like Chen [15], have to use matching factors.
According to these considerations this study advises to use the boiling number
Bo as the mean to calculate the nucleation component instead of using a pool
boiling correlation.
In order to be also physically plausible the correlations should predict, as
the quality increases, a diminishing nucleate contribution and an increasing
forced-convective eect. In fact, the forced convective eect should be zero or
negligible at the beginning of the saturation, and the inuence of the mass ow
in the nucleation component also negligible.

Again the Chen's correlation in

its original forms does not full these requirements [15]. Neither the convective
eect is zero at the beginning of the saturation, nor the correlation proposed
for the convective term in the nucleation region decreases with quality. Bennet
modication to Chen's correlation shows a proper trend for both terms [6].
Shah's correlation is also dicult to understand physically, apart from being
analytically complex. In addition, can provide values not null for the convective
component at quality cero and can show dierent trends for the terms to the
expected ones.
Gungor and Winterton's correlation shows correct trends for both eects,
convection and nucleation, but fails again by predicting a convective component not null at the beginning of the saturation, something typical in those
correlations were the convective eect is recognized partial or totally by the
pure liquid heat transfer coecient

hl .
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However the Shrock and Grossman

F (Xtt , Bo)

correlation, and the Kand-

likar correlation full both requirements: both of them provide a zero value of
the convective component at quality zero, and plausible trends for the convective
and nucleation eects. The

F (Xtt , Bo)

correlations additionally ensure conti-

nuity and derivability between the nucleation and convection dominant regions
as a single correlation is used. Kandlikar however proposes a mean to avoid this
discontinuity as was explained previously.
In order to gain physical validity, the correlations should also ensure little
or null inuence of the water mass ow in the nucleation component and, when
this exits, it would go in the direction of decreasing the nucleation component
when the mass ux increases. This was the intention of the suppression factor
used by Chen [15].

Schrock and Grossman [86],

F (Xtt , Bo)

correlation type,

and Kandlikar's correlation [46] show also a negligible inuence of the water
mass ux

G

in the nucleation term. However, it looks like more logical Schrock

and Grossman's correlation than Kandlikar's one, because the former predicts
an inuence of

G−0.2

for the water mass ux in the nucleation component,

meanwhile Kandlikar's inuence is

G0.1

what, although negligible, looks like

against the physics.
Shah's correlation predicts also an inuence of

G0.3 ,

less negligible than

Kandlikar's prediction and again against the physics. Some of the considerations
above explained about the inuence of the mass ux

G

in the nucleate boiling

term are in agreement with what was stated by Carey [12], and supported by
the current work, but against of the conclusions considered by Stephan [94].
Meanwhile it looks like clear that the use the boiling number Bo is preferred
to a pool boiling correlation for the nucleation eect, such kind of assessment
is more dicult to establish for the convective term.

Physically it looks like

more plausible to use the Martinelli's parameter, as done by the

F (Xtt , Bo)
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correlations, instead of the convection number Co or similar numbers, as a way
of taking into account the viscosity ratio between phases

µv /µl .

However Shah

µv /µl

was negligible.

[87], and later Kandlikar [46], proved that the inuence of

However, and as was discussed at the beginning of this section, the best
reason to choose a correlation should be its tting with experimental data. In
that sense, as explained by Carey [12], the relatively good agreement with data
for a broad spectrum of uids over a wide range of conditions suggests that
Kandlikar's may be the most reliable general correlation.
Summarizing, the current thesis could recommend the widely accepted Kandlikar's correlation because physically is quite plausible and, additionally, is well
tted to experimental data although, in general and always taking into account
the concrete application, the

F (Xtt , Bo) correlations should be considered also.

2.3 Critical heat ux. Conditions and correlations
The term critical heat ux (CHF), or burnout, describes the conditions
where the wall temperature rises and or the heat transfer coecient decreases
sharply due to a change in the heat transfer mechanism.
CHF can appear in dierent ways depending on the bulk ow conditions and
qualities [12, 94]:
1. At subcooled conditions and low qualities CHF appear as a change in the
boiling mechanism from nucleate to lm boiling. In this case the CHF is
known as  departure from nucleate boiling (DNB). In Soviet literature
is also known as  burnout of the rst kind . The high thermal resistance
of the vapour lm leads to a drop in the heat ux in the case of a wall
temperature imposed or to a rise of the wall temperature when a constant
heat ux is applied. This kind of CHF will never occur for qualities above
0.5 [94].
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2. At moderate to high qualities CHF appears invariably in annular congurations, and the reason is the dryout of the liquid lm on the tube wall.
This is why this type of CHF is typically known as  dryout simply or, in
Soviet literature,  burnout of the second kind .

The current application deals with low qualities, around 0.2, so only the rst
kind of CHF can be possible.

It is worth to note also that vapour velocities

are usually high in annular congurations, leading to high convection from the
tube wall to the ow and, consequently, the heat transfer coecient drop is less
severe for the second type of CHF. However, the eects of the rst kind of CHF
(DNB) can be dramatic, and any design must avoid it.
It can be relatively easy to understand how an annular conguration can
derive in a CHF situation. The mechanism could be understood as a gradual
evaporation of the liquid lm.
Not so intuitive is to understand how bubbly or slug congurations (subcooled and or low qualities conditions) can generate a CHF condition. Although
the mechanisms are not totally well understood nowadays, Tong and Hewitt [97]
propose three dierent mechanisms for the rst kind of CHF (DNB):

•

Evaporation of liquid microlayer under a growing vapour bubble on the
heated tube wall.

•

At moderate liquid subcoolings,

4Tsub = Tsat − Tsub , bubbles can concen-

trate in a boundary layer near the wall, impeding the liquid to reach the
tube surface, if the size and number of bubbles is large enough. Liquid
evaporation between the bubbles at the surface can occur.

•

For low-quality saturated ows, slug or plug conguration in 2.1, the liquid
lm between the wall and the bubble can evaporate if the heat transfer
coecient is high enough.
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Any of the previous mechanisms lead to create thermal blanquets close to the
wall, worsening the heat transfer sharply, what can lead, as previously said, to
dramatic consequences.
According to several author like Carey [12] the critical heat ux CHF depends on

qcrit = F (D, p, G, x) for saturated

ow, or

qcrit = F (D, p, G, ∆Tsub )

for subcooled ow.
The inuence of some of these parameters is straight forward, meanwhile
others are more dicult to understand. For high mass uxes this is the inuence
of the more important variables [94]:

1. CHF decreases as the bulk uid enthalpy increases (subcooling decreasing
or quality increasing). If uid pressure and mass ow are xed, a linear
variation with subcooling or quality will t properly the values.

2. Fluid pressure eect:

(a) For subcooled conditions CHF increases when uid pressure decreases.
(b) For saturated conditions and moderate to high qualities the trend is
similar, except for high uid pressures where it is reversed slightly.

3. Mass ow eect shows a trend totally opposite for subcooled or saturated
conditions:

(a) For subcooled conditions, high mass ows lead to high convection
leading to an increase in CHF.
(b) For saturated conditions, high mass ows lead to, mainly for churn
and annular congurations, an increase of the entrainment of the
liquid drops into the bulk, decreasing the CHF.

The inuence of the tube diameter is not fully understood and dierent statements can be found in the bibliography. This way, meanwhile Carey [12] states
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that CHF is lower for larger diameters, Stephan [94] and Kandlikar [49] declare just the opposite, stating that CHF increases when the tube diameter
does. Other authors like Celata [13] are not able to determine any systematic
inuence of the tube diameter.
As stated, the current thesis deals with conventional tubes. Special cares
are required when two-phase ow boiling occurs in tubes whose diameters are
smaller than the Laplace constant ([σ/ (ρl
sion,

ρl and ρv

− ρv ) g]

0.5

), being

the liquid and vapour densities respectively and

σ

the surface ten-

g the acceleration

of gravity. These are called micro or mini channels and in these cases the bubble diameter can be of the same order or greater than the tube diameter. Both
contributions, forced convective term and nucleate boiling eect, can behave in
a dierent way as they do in conventional tubes. This applies also to the appearance of CHF. A large number of studies have been developed for this topic
over the last years [54, 78, 79, 83, 104]

2.3.1 Correlations used to predict the CHF
Although it is out of the scope of the present work to review deeply the CHF
correlations, it is mandatory for any designer to evaluate how far of those conditions is the application under study. Correlations available in the bibliography
can be used for that purpose.

Many of them are empirical and valid only to

specic ranges of mass ows, pressures, etc., or to specic regions (subcooled
ow boiling region or saturation region). It is necessary then to decide which
of them are adequate for the concrete application under study. To state clearly
what are the ow conditions of considered application is then required.
As noted, a very large number of correlations and methods have been described in the literature for predicting the CHF condition.

Discussion of all

such correlations is clearly impossible here. However, a representative sample of
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these correlations will be described in this section. Tables 2.5 and 2.6 summarize
the correlations applicable to subcooled and saturated conditions, respectively,
close to the conditions corresponding to the application under study, as will be
seen in the following sections. For simplicity, the correlations themselves, and
further details about them, are not provided. Details are given in the references
cited below.

Author

p (bar)

D (mm)

G (kg/m2 s)

Kim et al.
[89]

1.04-9.51

6-12

19.5-277

CHF
(kW/m2 )
120-1600

Thompson
& Macbeth
[89]

1.03-10

3.05-24

14.9-298.4

240-2060

Lowdermilk
et al. [89]

1.01

1.3-4.78

27.1-298.4

191-4006

Becker et al.
[89]

2.16-10

7.76-13.1

102-300

281-1991

Mishima
[89]

1.01

6

13-296

118-1486

Thompson
& Macbeth
[104]

1.03-190

1.02-5.74

13-15700

113-21400

Lowdermilk
et al. [104]

1.01-6.90

1.30-4.78

27.1-3420

167-41600

Table 2.5: Range of experimental data used for CHF correlations for subcooled
conditions.
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Author
Kureta [13]

p (bar) D (mm) G (kg/m2 s) CHF (kW/m2 )
1.0
1-6
10-19000
35-160000

Lowdermilk [13]

1.0

1.3-4.8

27-34000

167-41600

Macbeth [13]

1.0-110

1-37.3

10-18000

100-21000

Table 2.6: Range of experimental data used for CHF correlations for low qualities.

This information can be translated into graphical form leading to obtain
some kind of envelopes for the CHF, as seen in gure 2.10.

Two dierent

envelopes are obtained: one for subcooled conditions and other for saturated
conditions.

Comparison of the ow conditions corresponding to the concrete

application with those envelopes can help to determine if there is a risk or not
of reaching CHF. If the conditions of the application are out of the envelopes
and relatively far of them, there is no risk of reaching CHF. If the conditions of
the application are inside the envelopes or relatively close to them, the designer
should evaluate more deeply the possibility of having CHF. Corrective actions
in the design should be taken if this detailed evaluation conrms an actual
possibility of having CHF. As seen in gure 2.10, the current application, for
the three working pressures considered in chapter 4, is far from CHF conditions.
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Figure 2.10: CHF envelopes for subcooled and saturated conditions.
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Chapter 3

Water evaporation by
perpendicular gases
3.1 Water evaporation in a single vertical tube
under forced convection by means of a perpendicular and uniform stream of gases. Statement of the problem.
3.1.1 General equations governing the processes
Calculation of pressure, temperature and vapour quality along the length of
the vertical tube is performed from the well-known equations of conservation of
mass, momentum and energy written below:

G = ṁ/A = ρ · u = Constant

−

G2
du
dp
=ρ·g+2·f ·
+G·
dz
ρ · Dh
dz
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(3.1)

(3.2)
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A·G·

d(i + u2 /2 + g · z)
= π · Dh · U · (Tg − Tb )
dz

(3.3)

As small diameter tubes are being considered (diameter to length much less
than unity), the properties of the uid are considered uniform in each crosssection.

The length of the tube is accounted for by the coordinate

represents the uid velocity. As the mass ow rate
area of the tube

ṁ

z,

and

u

and the cross-sectional

A are xed by design, the mass ux G, equation 3.1, is constant.

As shown, the momentum equation 3.2 is expressed in terms of the Fanning
friction factor

f.

It is important to notice that in the energy equation 3.3,

the heat ux is not constant.

The bulk temperature of the uid

temperature of the hot gases stream
transfer coecient

U

Tg

Tb

appear together with the overall heat

referred to the water side, that can be expressed as:

1
1
1
rf ln(rg /rf )
=
+
+
U
hf
k
(Ag /Af ) · ηog · hg
where
tube,

hf

rf

and the

(3.4)

stands for the convection heat transfer coecient of water inside the

and

conductivity,

rg

are the inner and outer radius of the tube,

ηog

the extended nned surface eciency,

transfer coecient of the hot gases stream, and

Ag

and

k

is the tube thermal

hg

the convection heat

Af

the outer and inner

wetted surface areas, respectively.
Conduction heat transfer resistance has been neglected, and the term

ηog · hg ,

(Ag /Af )·

considered as an equivalent heat transfer coecient, is simplied by as-

signing it a xed value

hge ,

estimated in base to experimental data. That is,

the heat transfer characteristics of the external hot gases stream have been considered uniform.
work:

Then, the following expression for

U

has been used in this
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1
1
1
=
+
U
hf
hge

(3.5)

In addition to equations 3.1-3.5, the following relationship between the heat
ux

q

Tw

and the wall temperature

is satised in the case under study:

q = hge (Tg − Tw )
It must be noted that both,

hge

and

(3.6)

Tg , remain uniform for the single tube

study.

3.1.2 Liquid single-phase region
As indicated, water enters the duct below its boiling point as a compressed
liquid. As variations of the liquid density with the coordinate

z

can be assumed

to be negligible, the velocity of the uid can be taken as constant and the
momentum equation 3.2 results in this case:

−

G2
dp
= ρl · g + 2 · fl ·
dz
ρl · Dh

The Fanning friction factor

fl

(3.7)

for fully developed turbulent ow is calculated

by the already mentioned Blasius correlations (equation 2.1), being necessary
to calculate previously the Reynolds number

Re = GDh /µl .

The energy equation 3.3, assuming that the incompressible uid model for
liquid water is valid, becomes now:




d(cpl Tb )
1 dp
A·G·
+
+ g = π · Dh · U · (Tg − Tb )
dz
ρl dz
Correlations for

cpl , µl , kl ,

and

ρl

(3.8)

with temperature of compressed liquid

water can been obtained from tabulated data [37], once the pressure level of
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the water is established.

To calculate the overall heat transfer coecient

equation 3.5, only the heat transfer coecient of water
tube is required. In this region

hf

hf

U,

vertically upward the

has been identied as

hl .

To calculate the

heat transfer coecient of water as pure single-phase liquid the Dittus-Boelter
correlation (equation 2.2), as already explained in sub-section 2.2.1, has been
preferred to others.

3.1.3 Two-phase saturated ow boiling region
3.1.3.1 The momentum equation
When the bulk temperature of water reaches the value corresponding to saturation at the local pressure, the saturation state is reached.
The separated ow model of momentum transport is assumed in this work.
At the beginning of the saturation state the apparent quality is already relatively
far from cero, and quite far from one, and only for high pressures the densities
of both phases can be relatively close.

The required conditions described in

section 2.2.3.1 to assume homogeneous ow are consequently not fullled. This
is, the two phases are not assumed to ow at the same velocity, but separately
at dierent velocities. Therefore, in terms of the two-phase multiplier

φl ,

the

momentum equation 3.2 can be written as:

−



dp
G2 (1 − x)2
= (α · ρv + (1 − α) · ρl ) · g + φ2l 2 · fl ·
+
dz
ρl · Dh
 2

d
x
(1 − x)2
G2 ·
+
dz α · ρv
(1 − α) · ρl

being

α

the average void fraction in each cross-section,

factor for the liquid phase alone, as in equation 2.1, and

x

fl

(3.9)

the Fanning friction

the vapour quality. To

determine the pressure variation along the tube, the Lockhart and Martinelli
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generalized correlation method has been followed [12, 59].

In the case under

study, considering that if each phase owing alone in the tube were turbulent,
then the relation to use for the two-phase multiplier

φl

is equation 2.48. The

Martinelli parameter corresponding to the actual case of turbulent ow for both,
the vapour and the liquid, takes the form dened in equation 2.47.
Lockhart and Martinelli also correlated the void fraction as a function of
the Martinelli parameter. As noted by Butterworth [10] this correlation is well
represented by the relation:



0.71 −1
α = 1 + 0.28Xtt

(3.10)

Equation 3.10 has been found to be adequate for two-phase ows at low-tomoderate pressures [24], with reduced pressures less than 0.3. Similar comment
applies to the rest of equations developed along this section. All of them are
valid if low to moderate pressures are considered.

For high pressures, as ex-

plained in section 2.2.3.1, the Martinelli-Nelson method would be preferred to
the Lockhart-Martinelli correlations. In section 4.6 a practical example for high
pressures will be developed using the Martinelli-Nelson method.

3.1.3.2 The energy equation
In the two-phase saturated ow boiling region the conservation of energy equation 3.3 takes the form:

" 

∂
G 2 x2
AG
x
+ il + (1 − x)
∂z
2ρ2v α2

G2 (1 − x)2
2ρ2l (1 − α)2
AG

!

#
+ x (iv − il ) +

∂
(z · g) − πDh U (Tg − Tsat ) = 0
∂z

(3.11)
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stands for the saturation temperature at the local pressure. As

pressure diminishes upwards the tube, the corresponding saturation temperature
diminishes also. This equation can be simplied taking into account that the
kinetic terms into brackets have shown to be absolutely negligible, compared

i

with the enthalpy terms l and

x (iv − il ) = xilv .

Estimations have been made

in this case, indicating that kinetic terms represent less than 0.4% of the enthalpy
contribution.
Correlations for

Tsat (p), psat (T ), ilv , ρv

and

water have been taken from Irvine et al.

ρl

[44].

with temperature of saturated
Correlations for

µv

and

µl

of

saturated water have been obtained from tabulated data [37].
According to gure 2.1, several ow patterns can be identied in the sat-

x.

urated ow boiling region depending on the value of quality
limited to low heat uxes and

x ≤ 0.2.

This study is

Then, the widely used Kandlikar cor-

relation dened in equation 2.74 has been chosen to calculate the heat transfer
coecient of water appearing in equation 3.5, and required in equation 3.11.
Even more when the Kandlikar correlation has been proven to be the one which
best agrees with the experimental data obtained for dierent uids [12]. The
water heat transfer coecient is called

htp

in the subcooled ow boiling region.

It imposes a gradual suppression of nucleate boiling and a gradual increase in
liquid lm evaporation heat transfer with increasing qualities.
The correlation can be divided into two contributions:

one proposed for

low Co numbers, and applicable in the region where convective boiling is predominant, and that one for high Co numbers when nucleate boiling dominates.
Kandlikar proposes in principle to change from one region to the other when the
Co number is equal to 0.65. This can be considered only as an approximation,
advisable to be moved to that Co number where the discontinuity between both
regions is avoided, as previously explained.
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3.1.4 Subcooled ow boiling region
Attention is now focused on the three regions shown in gure 2.3: partial boiling
from ONB to FDB, fully developed boiling from FDB to OSV and signicant
void ow or net vapour generation from OSV to saturation.
To accommodate equations 3.1-3.3 in this intermediate region requires special care, as already explained, taking into account the transitional nature of
this region.
To calculate the overall heat transfer coecient

U, equation 3.5, the convec-

tive heat transfer coecient of water is again required. As explained in section
2.2.2.1 various correlations or methods for each of the sub-regimes can be used
in this region. After choosing those correlations or methods, it is possible to calculate the heat transfer through the heat transfer equation

q = U ·(Tg − Tb ).

As

already said, the major problem related to these correlations or methods is that
none of them are applicable to the whole region, leading to lack of continuity
and derivability between them.
For the momentum equation the situation is a little clearer.

In this case

the key factor is to determine the OSV or NVG point, as explained in section
2.2.2.2. Upstream OSV momentum equation 3.7 for pure liquid is applicable.
Downstream OSV to use momentum equation 3.9 for two-phase ow is advised.
This requires the calculation of the apparent quality dened in equation 2.13.
The criteria selected to determine the transition points from one to other subregime in the subcooled ow boiling region are stated in the following section.
This will allow the OSV (or NVG) determination.

3.1.5 Location of ONB, FDB and OSV
In order to determine the dierent sub-regimes inside the subcooled ow boiling
region, and consequently which heat transfer correlation and or pressure loss
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method is applicable to each of them, determination of the ONB, FDB and
OSV locations, see gure 2.3, is previously required. For that purpose, one of
the dierent criteria dened in section 2.2.2.3 should be chosen for the current
application.
As already said, to reach the ONB condition requires a wall temperature
equal or higher than the saturation one. Although this simple assumption can
be valid from a design point of view, the ONB will be determined from the
correlations proposed by Sato and Matsumura [84], equation 2.18. It is dicult
to know

a priori the shape for the bubble in contact with the wall and to assume

the simplest of them, a semispherical shape, can be as valid as any other shape.
As said in section 2.2.2.3, gure 2.7, the intersection of the local heat ux

q,

decreasing with the tube length, with the opposite trend dened by the heat
ux required to get ONB

qON B

provided by Sato and Matsumura's equation,

gives the ONB location.
In order to locate the transition from partial to fully developed boiling, FDB
location, the method proposed by Shah [87] has been preferred to those methods proposed by McAdams [61] and Kandlikar [46]. These latter methods are
orientated to heat ux imposed applications, meanwhile what keeps as constant
in the current application is the external hot gases temperature (ambient temperature). Additionally, to assume the transition when

∆Tsub /∆Tsat = 2,

as Shah proposes, is easier from a computationally point of view.

just

As said in

section 2.2.2.3 this is in excellent agreement with Prodanovic observations [77].
As also widely explained in section 2.2.2.3, the author who more deeply
analyzed the signicant void region was Kandlikar [46, 48].

In this work his

recommendation of predicting the point OSV from the correlation proposed by
Saha and Zuber [82], equation 2.28, will be followed.

Chapter 4

Subcooling. Analytical
approach for continuity
As stated in the previous sections, calculations over the single-phase region
are not dicult: heat transfer coecients are well established for this region.
The same occurs in the saturated two-phase boiling region, where the number
of empirical correlations, all being quite similar, is relatively small.

In this

work the Dittus-Boelter's correlation for pure liquid [14], and the Kandlikar's
approach for saturation [46] have been always used. On the contrary, as seen
before in section 2.2.2.1, many and very dierent correlations can be found for
the subcooled ow boiling region.
As discussed, no satisfactory specic heat transfer correlations have been
found for the entire region from ONB to saturation. In the next sections several
approaches to cover the subcooled ow boiling region, based on the literature,
are proposed. These approaches will show discontinuities in the heat transfer
coecients between regions, and will show how dicult is to manage the analysis when dierent correlations for each sub-regime are selected. To solve the
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problem analytical correlations will be proposed in order to avoid these discontinuities and make easier the mathematical approach. A recent study has
been published showing such kind of comparisons and a wide development of
analytical expressions [103].

4.1 Models based on available empirical heat transfer correlations
As already stated, it is intended in this study to establish an approach able
to cover the whole subcooled ow boiling region and avoiding discontinuities
with both, the pure liquid region and two-phase saturated ow.

In order to

cover the entire subcooled ow boiling region, the simplest model from a design
point of view would imply the use of a heat transfer coecient for pure liquid up
to saturation, maintaining the value of pure liquid in the whole subcooled ow
boiling region.

This will be analyzed in the current section, calling it model

D (see table 4.1).

Experimental data show how the heat transfer coecients

increase when bubble creation starts. The heat transfer coecients in the subcooled ow boiling region are then expected to be quite higher than those for
pure liquids. Therefore, assumption corresponding to model D does not seem
quite plausible from a physical point of view. Additionally, a sharp discontinuity at the saturation location is shown, as seen later. Dierent researches have
shown similar abrupt discontinuities for model D [55].
Two additional approaches using available correlations dierent from those
of pure liquid in the subcooled ow boiling region, models I and II, are dened
in table 4.1. These are based on convection heat transfer coecients found in
the literature covering partially, not totally, the subcooled ow boiling region.
This was widely discussed in section 2.2.2.1.
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Model I implies calculations by using Moles and Shaw [67] correlations modied by Prodanovic [77] over the whole region from ONB to OSV. This correlation, belonging to those found through dimensional analysis methods, is valid
for both, the partial and fully developed ow boiling, as long as the subcooling is
present. It takes the form dened by equation 2.11 and, as said, is proven to be
in excellent agreement with experimental data obtained for water at pressures
ranging from 1 to 3 bar.
Model II assumes two dierent correlations over the ONB-FDB and FDBOSV regions. The correlation proposed by Prodanovic is again used between
ONB and FDB, whereas Shah's [87] correlation is used between FDB and OSV
(equation 2.67), according to the Kandlikar's [48] proposal of extending his
nucleation term to the fully developed region.
In both cases, models I and II, a correlation covering the signicant void
region, from OSV to saturation, is required.

As explained before, Kandlikar

[48] also proposed to start by determining an apparent quality at the OSV
location, using their correlations for saturated ow from that point onwards.
This approach will be followed in both models.

4.2 Proposal of analytical correlations for the heat
transfer coecient in the subcooled ow boiling region. Linear and elliptical correlations
As seen previously, the approaches based on available correlations are dicult to manage. Additionally, they are expected, as will be conrmed later, to
generate discontinuities between the dierent regimes and subregimes. Taking
into account these circumstances two new models (III and IV) are proposed (se
table 4.1).
Model III gives a linear relationship between the heat transfer coecient
and the tube length

h

z, and maintains continuity for the heat transfer coecient
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values. Model IV has the mathematical expression of an elliptical function and
allows continuity for both, values and slopes, of the heat transfer coecient.
Both of them are represented graphically in gure 4.1.

h

S a tu r a tio n

P u r e liq u id

S u b c o o le d flo w b o ilin g r e g io n

h

ls 0

M o d e l III
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h -z e llip tic

h

l0

z

z
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Figure 4.1:

h-z

s a t

z

elliptical and linear approaches.

Both new expressions meet, at

zsat ,

the heat transfer coecient value at the

point of thermodynamic vapour quality zero

hls0 .

At ONB location

z0

both

correlations take the heat transfer coecient value corresponding to pure liquid

hl0 .

In the case under study these are predicted by Kandlikar correlation [46]

(equation 2.74) and Dittus-Boelter [14] (equation 2.2), respectively. However, it
must be pointed out that these approaches are independent from the correlations
used to describe the pure liquid and the saturated boiling ows. That is, the new
expressions can meet the continuity requirements with any other heat transfer
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coecients at pure liquid and saturated ow regions.
Either models based on empirical correlations or models based on analytical
expressions can be used for design purposes as, for instance, the calculation of
the length for an evaporator tube [56].

4.2.1 Linear expression
The linear expression, gure 4.1, takes the form

hl − hl0 =

hls0 − hl0
(z − z0 )
zsat − z0
zsat

is then assured,

but this is not the case for the derivatives. Indeed, in this case

(dhl /dz)z=zsat =

Continuity of the function values at the ends

z0

(4.1)

and

(hls0 − hl0 ) / (zsat − z0 ), but the saturated boiling correlations of Kandlikar [46]
at

zsat

has innite slope at quality zero (see the appendix A).

4.2.2 Elliptical expression
In this case, the elliptical expression shown in gure 4.1 is a little bit more
complicated:

s
h = hls0 −

(B + z) (zsat − z)
(hls0 − hl0 )
(B + z0 ) (zsat − z0 )

(4.2)

with

B = −z0 +

zsat − z0
1 − 2a (zsat − z0 ) / (hls0 − hl0 )


a=

dhl
dz


(4.4)

z=z0

Continuity of the function values at the ends
derivatives is assured. Indeed, in this case

(4.3)

z0

and

zsat

and also that of

two−phase

(dhl /dz)z=zsat = ∞ = (dhl /dz)z=zsat

,

CHAPTER 4.

SUBCOOLING. ANALYTICAL APPROACH FOR CONTINUITY 82

as seen in appendix A, and

single−phase

(dhl /dz)z=z0 = a = (dhl /dz)z=z0

.

4.3 Numerical method
The solution of the system of equations in the three regions is obtained numerically. Equations are integrated by means of the predictor-corrector trapezoidal
method using a simple Euler method as prediction step [18, 27]. Equations 3.7
and 3.8 in the single-phase and the subcooled region, and equations 3.9 and
3.11 in the saturated two-phase region have been integrated assuming that the
properties of water depending on temperature remain constant in each integration step,
of

4z

4z .

The global truncation error is proportional to

2

(4z)

. The value

has been diminished until convergence of the nal tube length, which is

reached when

4z = 0.01 m.

Also, the value of

4z

has been diminished until

convergence of the saturation point length, reached when
results have been obtained with

4z = 0.001 m.

Then,

4z = 0.001 m.

4.4 Comparison of results and discussion for the
lowest pressure level in a HRSG. Lack of continuity for the empirical correlations
Table 4.1 describes the models explained in sections 4.1 and 4.2 to be compared
and discussed here.
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Flow boiling regions
Single-phase
liquid ow

Subcooled ow boiling

Partial Flow
Boiling

Fully
Developed
Boiling

Signicant
Void Flow
(Net Vapour
Generation)

Twophase
saturated
ow
boiling

Models
Model I

Dittus-Boelter
[14]

Model II

Dittus-Boelter
[14]

Model D

Dittus-Boelter
[14]

Dittus-Boelter [14]

Kandlikar
[46]

Model III

Dittus-Boelter
[14]

Linear expression (eq. 4.1)

Kandlikar
[46]

Model IV

Dittus-Boelter
[14]

Elliptical expression (4.2)

Kandlikar
[46]

Table 4.1:
tubes.

Prodanovic [77]
Prodanovic
[77]

Shah [87]

Kandlikar [48]

Kandlikar
[46]

Kandlikar [48]

Kandlikar
[46]

Models used to analyze the water up evaporation inside vertical

The convection heat transfer correlations used in the dierent regions

are specied.

As said, the study has been developed for water pressures near to ambient
and nal low vapour qualities. Extension to the higher levels of pressure inside
a HRSG will be covered in section 4.6. Property values used in this analysis are
listed in table 4.2.
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Inner water stream
Inlet temperature
Inlet pressure

Mass ux

G

Tl,in (o C)

pl,in



80

o

(kPa) / saturation temperature (Tsat ( C))

2

kg/(m s)

Final vapour quality



150.0 (111.5)

47.2

xexit

0.20

Outer hot gases stream
Temperature

Tg

o

( C)

Equivalent heat transfer coecient

140.0

hge (W/(m2 K))

Vertical tube
Diameter D (cm)

600.0

2.60

Table 4.2: Property values used in the numerical analysis

They can be near to operating conditions of the low pressure level of a HRSG,
but with a liquid subcooling enough to detect the ONB.
The ve models of the heat transfer coecient of water stream, indicated in
table 4.1, have been studied and discussed.
Discontinuities in model I and II, gure 4.2, appear in transitions from the
single-phase region to the subcooled ow boiling one, and from the latter to the
saturated two-phase region, and also inside the subcooled ow boiling region,
when the heat transfer correlation is changed.
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Figure 4.2: Heat transfer coecient as a function of the tube length for the
subcooled ow boiling region. Calculations performed with available empirical
or semiempirical heat transfer correlations (models I and II in table 4.1).

Discontinuity between single-phase and subcooled ow boiling in models I
and II appears because Prodanovic correlation predicts heat transfer coecient
values somewhat below than that predicted by Dittus-Boelter at ONB location.
As indicated in section 2.2.1, Dittus-Boelter correlation [14] has been preferred
to those of Gnielinski [32] and Petukov and Popov [75] in the single-phase region, because the latter correlations predict higher heat transfer values than the
Dittus-Boelter equation, broadening the existing gap in the ONB transition.
Regarding the heat transfer coecients of models I and II in the subcooled ow
boiling region next to the saturation point, several comments must be high-
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lighted. Continuity is observed in model I at OSV location, that is, Prodanovic
[77] and Kandlikar correlations [46] show continuity at this point.

Model II

is discontinuous at OSV location because Shah's correlation [87] gives a heat
transfer coecient value higher than the Kandlikar equation [48].

Addition-

ally, as model II changes from Prodanovic to Shah correlation at FDB location,
in addition to the OSV discontinuity, a new one appears at FDB. Figure 4.3
shows a detail of the signicant void region in order to appreciate better the discontinuities around the OSV and beginning of saturation locations. The ones
appearing when saturation is reached are due to that an apparent quality is
calculated in the signicant void region, equation 2.13, meanwhile in the saturation what is determined is the thermodynamic quality itself (zero when the
saturation starts).
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Figure 4.3: Signicant void region detail. Heat transfer coecient for models I
and II (table 4.1).

As seen in sections 2.2.2.2 and 3.1.4, it is recommended to calculate the
pressure losses from OSV to saturation using the separated ow model applicable
to saturated ow, instead of the pure liquid Fanning friction factor (equation
2.1).

However, as will be seen later (table 4.3), the length of this subregion

is negligible when is compared to the total one (the length
about 1 cm whereas the total length is about 10 m).

zsat − zOSV

lies

According to it, the

selected model to calculate the pressure losses from OSV to saturation will
have a negligible impact on the results.

Based on it, the linear and elliptical

mathematical approaches for the heat transfer coecient

h,

models III and IV

where the FDB and OSV locations are not determined, will use the Fanning
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friction factor for pure liquid for the momentum equation.
Figure 4.4 establishes a comparison between the heat transfer coecients
of these two models, III and IV, and model D, which can be considered the
simplest model because heat transfer coecient correlation for pure liquid is
assumed in the whole subcooled ow boiling region up to saturation.

2 0 0 0
G =47 kg/m s
2

T

D

=2.60 cm

tube

=80ºC (water inlet)

l0

T g =140ºC h

=600 W/m K
2

Model III (h -z linear)
Model IV (h -z elliptic)
Model D (h -z discontinuous)
g e

satIII

1 0 0 0

satD
satIV

ONB

h

w a te r

[W /m

2

K ]

1 5 0 0

5 0 0

0

1

2

z [m]

3

Figure 4.4: Heat transfer coecient as a function of the tube length for the
subcooled ow boiling region. Calculations performed with the two new expressions proposed in this work for

h

as a function of

z

(models III and IV in table

4.1). Comparison with model D.

Figure 4.4 shows clearly that models III and IV ensure continuity at ONB
and saturation points.

This is the nal aim of these analytical correlations.

Model D also ensures continuity at ONB, as it is obvious, but a broad discon-

CHAPTER 4.

SUBCOOLING. ANALYTICAL APPROACH FOR CONTINUITY 89

tinuity is appreciated at the beginning of saturation.
Paying more attention to the discontinuous model D, which represents as said
the simplest case for design purposes, gure 4.5 shows saturation temperature,
water temperature, tube wall temperature and heat ux as a function of the
tube length for this model.

Figure 4.5: Water owing boiling upward a vertical tube. Some properties as
a function of the tube length. Heat transfer coecients of model D have been
used for calculations.

As shown in gure 4.5, when water enters the tube, the wall temperature is
just below the saturation temperature. As water ows upwards, the saturation
point of the liquid falls because of the decreasing hydrostatic pressure. Rising
upwards the tube, the temperature of the liquid increases as it is heated, at the
same time that the saturation point is falling. As expected, the wall temper-
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ature increases whereas the dierence

Twall − Twater

shortens until saturation

is reached. At this point the wall temperature decreases abruptly due to the
discontinuity in the increased value of the convection heat transfer coecient,
now corresponding to the saturated ow boiling.

Downstream the saturation

point, the wall temperature decreases showing a small peak at the location point
where the transition of Kandlikar correlation from the nucleate to the convective region takes place. In this case, this transition is allowed for Co = 0.72,
instead of Co = 0.65, avoiding so the discontinuity between both subregimes,
just as Kandlikar himself advises [46]. Once the boiling begins, the saturated
water temperature falls corresponding to the fall in pressure. The constraints
imposed to the problem under study, where the temperature and the equivalent
heat transfer coecient of the external stream,

Tg

and

hge ,

are uniform, lead

to non uniform heat ux along the tube, as seen in gure 4.5. For liquid water,
the heat ux

q

must decrease, and so does, as the wall temperature increases,

according to the relationship
transfer coecient

hwater

q = hge · (Tg − Twall ).

When the internal heat

rises signicantly in the saturated region, the heat

ux also rises along the tube.

4.5 The elliptical correlation. Validation for design purposes
As already stated, the two new models proposed, represented in gure 4.4, avoid
discontinuities in the values.

However, model III with a linear relationship

does not avoid discontinuity in the slopes. In addition to this, the

h-z

linear

approximation predicts heat transfer coecients higher than those obtained
with any other model, as a global comparison of all the models shows in gure
4.6.
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Figure 4.6: Water ow boiling upward a vertical tube.

Model II
Model IV (h -z elliptic)

2 .5

3 .0

Comparison between

heat transfer coecient models in the subcooled ow boiling region.

Models

I-IV and D. The total solutions are shown on the left corner. Discontinuities on
dierent locations are observed.

However, model IV using an elliptical function to describe the heat transfer
coecient, presents continuity in the values and also in the slopes, and predicts
values within the range of the models based on experimental correlations. So,
model IV is preferred because it constitutes an easy way of completely avoiding
discontinuities what, in addition, it is expected to be in agreement with the
physics of the problem. Because of it the present work recommends it for design and or analysis purposes. This is reinforced by the fact that this method
does not introduce major diculties from a computational point of view. Sim-
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ilar procedures can be found in recent published works, like the one developed
by Morales et al [69], where these discontinuities are avoided through splines
functions.
As shown in gure 4.7, discontinuities found for the heat transfer coecient
in the subcooled ow boiling region are transmitted to the heat ux, which diminishes in some tube intervals, although the heat transfer coecient increases.
This feature can be explained in gure 4.8 by the shortening of the dierence

Twall − Twater

as the water temperature

Twater

rises. Temperatures of tube wall

and water are represented in gure 4.8 for all the models.

Variations of the

wall temperature are also due to the heat transfer correlations used in each case
and to the water temperature. Important dierences are observed between the
dierent models.
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Figure 4.8: Bulk uid and wall temperatures as a function of the tube length
during upward water ow boiling using dierent heat transfer coecient models.

Again, gure 4.8 shows no discontinuities for both, the values and their
slopes, when using model IV, being its behaviour similar to those dened by the
empirical correlations.
In order to conrm the validity of the elliptical correlation, the tube lengths
at dierent locations obtained for the ve models are compared in table 4.3.
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Model
D

I

II

III

IV

zON B

(m)

-

0.382

0.382

0.382

0.382

zF DB

(m)

-

0.905

0.905

-

-

zOSV

(m)

-

2.526

2.324

-

-

zsat (m)

2.499

2.613

2.419

2.228

2.364

ztotal (m)

10.075

10.135

10.039

9.932

10.004

pexit (kPa)

115.16

114.17

115.96

117.49

116.32

Table 4.3: Calculated tube lengths to evaporate water (xexit

= 0.2) using dier-

ent models for the heat transfer coecients at pressure near to ambient (inlet
pressure 150 kPa).

Final tube lengths

ztotal

are not very dierent from case to case. Higher dif-

ferences are encountered for the saturation point. Model III gives lower lengths
due to the fact that the heat transfer coecient is overestimated.
According to the discussion developed along this section, the elliptical

z

h-

relation can be proposed for the subcooled ow boiling region. Apart from

avoiding discontinuities completely, it presents the advantage of allowing to use
any of the empirical correlations available for the single and two-phase regions.
The only required data are the
relation at ONB and the
saturation point,

x = 0

z

z

and

h

and

h

values of the single-phase liquid cor-

values of the saturated correlation at the

(gure 4.1).

In order to conrm a better agreement

with the physics of problem for the elliptical correlation, a comparison with
the Discontinuous model D is established in gure 4.9. Meanwhile the Discontinuous model D shows an abrupt change from single-phase to saturated ow,
the elliptical correlation ensures a smooth transition from one region to other.
Evolution of the vapour quality is also represented in this gure, as it allows to
appreciate clearly the saturation point.
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Figure 4.9: Water ow boiling upward a vertical tube. Comparison between the
new model proposed using an

h-z

region and the simple model D.

elliptic function on the subcooled ow boiling
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4.6 Extension to the other pressure levels in a
heat recovery steam generator. Friction factor for the highest pressure level
A HRSG may be designed for operation with multiple, separate pressure
water/steam circuits, in order to maximise heat recovery. Over the years, the
pressure levels available have increased from the early single level installations,
through the dual pressure systems of plants built in the early 1990's, to the
more recent triple pressure HRSGs. To increase the number of pressure levels,
as well as to use the reheat, has a direct eect on the steam cycle eciency,
improving it.
The study developed in the previous sections was focused on the lowest level
of pressure, slightly higher than ambient pressures. In this section it is intended
to extend it to the intermediate pressure level circuit (approx. 15 bar) and to
the high pressure level circuit (140 bar). The elliptical approximation will be
used in the subcooled ow boiling region in both cases, because it has been
proven to be valid for this region. Special care has to be put at high pressure
levels in order to estimate the Fanning friction factor.

As already seen, the

Lockhart and Martinelli method is not valid at hihg working pressures, and it is
necessary to replace it by the Martinelli-Nelson method. A comparison with the
discontinuous model (Model D), considered the simplest one, will be established
again.

4.6.1 Intermediate pressure level
As already said, a similar approach to the low pressure level can be followed for
this level of pressure. The practical case considered for the study is shown in
table 4.4.
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Inner water stream
Inlet temperature
Inlet pressure
Mass ux

G

Tl,in (o C)

pl,in (kPa)
2

kg/ m s

Final vapour quality

180

o

/ saturation temperature (Tsat ( C))



47.2

xexit

0.2

Outer hot gases stream
Temperature

1500 (198.2)

Tg (o C)

330.0

Equivalent heat transfer coecient

hge

W/ m

2

K



Vertical tube
Diameter D (cm)

600

2.60

Heat transfer
2
Heat ux q (approximated value, kW/m )

70

Table 4.4: Property values used in the numerical analysis for the intermediate
working pressure (1500 kPa).

Considering exclusively the discontinuous and elliptical models, models D
and IV in table 4.1 respectively, table 4.5 shows the comparison between the
results obtained with both models for the most representative lengths and pressure losses in the process.

As can be seen, the elliptical correlation provides

similar results to the discontinuous model but with a better reproduction of the
physics of the problem, just as in the low pressure case.

Model

D

IV

zsat (m)

0.490

0.400

ztotal (m)

2.140

2.050

pexit (kPa)

1492.14

1492.91

Table 4.5: Calculated tube lengths to evaporate water (xexit = 0.2) using models elliptical and discontinuos for the heat transfer coecients at intermediate
working pressure (1500 kPa).
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In order to conrm the better agreement with the physics of the phenomenon
for the elliptical approach, gures 4.10 and 4.11 show how this approximation
avoid discontinuities for the dierent considered parameters: heat transfer coecient, wall temperature and water temperature. However, the discontinuous
approrch shows abrupt changes at the saturation location.
At usual values of the water inlet temperature, the wall temperature exceeds
already the saturation temperature, this is, water enters the tube already at
subcooled ow boiling conditions.
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5 0 0 0
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Figure 4.10: Water ow boiling upward a vertical tube. Comparison between
heat transfer coecients for the elliptical and the discontinuous models, table
4.1.
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Figure 4.11: Bulk uid and wall temperatures as a function of the tube length
during upward water ow boiling for the elliptical approximation and the discontinuous model.

4.6.2 High pressure level
As said in sub-section 2.2.3.1 the Lockhart and Martinelli approximation for the
two-phase multiplier

φl , equation 2.48, is not valid for high pressure values close

to the critical pressure where the applicable correlation is dened by equation
2.51.

Between these two extreme curves, partial approximations are dened

for dierent pressures, as shown in gure 2.9.

Taking into account that the

gravitational eect is the dominant one, it is even more important to follow a
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similar procedure for the void fraction
fraction

1 − α.

α,

or its equivalent the liquid volume

For the liquid volume fraction

1 − α,

as also shown in gure 2.9,

it is necessary to dene an intermediate approximation between the curve at low
pressures, dened by equation 3.10, and the simple approximation at the critical
pressure

1 − α = 1 − x.

For the case considered in this work, shown in table 4.6,

specic correlations have been developed for

φl

and

1−α

at 140 bar. In order

to get them, the curves corresponding to 140 bar [60] have been approximated
by logarithmic interpolations

log10 φl , log10 (1 − α) = F log10

√

Xtt



.

Inner water stream
Inlet temperature
Inlet pressure
Mass ux

G

Tl,in (o C)

pl,in (kPa)
2

kg/ m s

Final vapour quality

320

o

/ saturation temperature (Tsat ( C))

14000 (336.8)



47.2

xexit

0.2

Outer hot gases stream
Temperature

Tg (o C)

Equivalent heat transfer coecient

Vertical tube
Diameter D (cm)

495

hge

W/ m

2

K



600

Table 4.6: Property values used in the numerical analysis for high pressure level

Similarly, as done for intermediate pressure levels, table 4.7 compares the
dierent lengths and pressure losses calculated with the elliptical and the discontinuous models, models IV and D respectively in table 4.1, and gures 4.12
and 4.13 show again how the elliptical approximation avoid discontinuities.

2.6
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Model

D

IV

0.570

0.450

(m)

1.280

1.150

(kPa)

13993.62

13994.43

zsat

(m)

ztotal
pexit

Table 4.7: Calculated tube lengths to evaporate water (xexit = 0.2) using models
elliptical and discontinuous for the heat transfer coecients at high pressure
level.
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Figure 4.12: Water ow boiling upward a vertical tube. Comparison between
heat transfer coecient for the elliptical approximation and the discontinuous
model at high pressure levels (reduced pressures

p/pcritical ≥ 0.3

[24]).
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Figure 4.13: Bulk uid and wall temperatures as a function of the tube length
during upward water ow boiling for the elliptical approximation and the discontinuous model at high pressure levels (reduced pressures

p/pcritical ≥ 0.3

[24]).

As can be seen in tables 4.3, 4.5 and 4.7, lower lengths in the saturated
region are obtained for the highest pressures. Taking into account the dierent
conditions considered in each case, three are the reasons which justify it:

1. The major eect is caused by the parameters which drive the heat transfer rate from the hot uid to the cold uid, equation

q = U (Tg − Tb ).

Meanwhile small dierences between cases are expected for the overall
heat transfer coecient

U,

because in all the cases the thermal resis-
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tance is imposed mainly by the external hot gases (hge

1/U = 1/hge + 1/hwater ),
for the term

Tg − Tb ,

temperature

Tb

 hwater

and

large dierences between cases are observed

noting that in the saturation region the bulk water

is equal to the saturation temperature

Tsat .

Higher heat

uxes, and consequently lower saturation lengths, are obtained for higher
dierences

Tg − Tb .

Table 4.8 summarizes all these comments, using for

that approximated values.

2. The inuence of the specic enthalpy of vaporization

hlv

or

ilv

has an

eect of second order. When the pressure increases, the specic enthalpy
of vaporization decreases, what means that to generate vapour becomes
easier.

Approximated values for the enthalpy of vaporization are also

shown in table 4.8.

3. The inuence of the hot gases and water properties (densities, viscosities,
etc.) has an impact of third order.

CHAPTER 4.

SUBCOOLING. ANALYTICAL APPROACH FOR CONTINUITY 105

Case
Low pressure

Intermediate

High pressure

level

pressure level

level

600

600

600

4500

6000

16000

530

550

575

Tg (o C)

140

330

495

Tsat (o C)

112

199

337

(Tg − Tsat ) (o C)

28

131

158

q (kW/m2 )

18

72

91

hlv , ilv (kJ/kg)

2230

1941

1030

Saturation length

7.5

1.6

0.7

hge

2

W/ m K

h̄water




2

(W/ m K ,

approximated
average value in
saturated ow)

U



2

(W/ m K )

(m)

Table 4.8: Comparison between pressure levels.

To establish a comparison between the Lockhart-Martinelli and MartinelliNelson's procedures can be advisable in order to have an idea of the dierences
between both methods.
As seen in gure 2.9, the curves of two-phase multiplier
for high

Xtt

to zero (Xtt

(or

√

Xtt )

converge to unity

values. It has physical sense, because for qualities close

→ ∞) all the uid is liquid, the applicable Fanning friction factor is

the corresponding to pure liquid

φl

φl

fl

and, consequently, the two-phase multiplier

has to tend to unity. It means that for qualities close to cero, there are no

dierences between the Martinelli-Nelson and the Lockhart-Martinelli approximations, taking into account that the lower curve in gure 2.9 represents this
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latter approach.
In a similar way, when

Xtt

tends to cero (x

→ 1)

all the

φl

curves converge,

tending to innite. In this case all the ow becomes vapour, and the Fanning
friction factor to apply is the corresponding to the vapour phase

fg (φv = 1).

There are neither dierences between both approximations for these

Xtt

or

qualities values.
It is for

√

Xtt values ranging from 0.8 to 2 where the gap between the lower φl

curve (Lockhart-Martinelli approximation for pressures close to ambient), and
the rest of

φl

curves (Martinelli-Nelson approximation for higher pressures),

reaches maximum dierences.
The liquid volume fraction
tend to unity when
for

Xtt → 0

Xtt → ∞

1−α

curves show similar trends: all of them

(all the uid is liquid); all of them tend to zero

(all the uid is vapor); and the widest gap between the curves

(Lockhar-Martinelli and Martinelli-Nelson approximations) is located for

√

Xtt

values between 0.8 and 2.
The determination of the Martinelli parameter for a concrete application
requires to know the liquid and vapour densities and viscosities. They are shown
in table 4.9 for the saturation temperature of the application under study, table

o

4.6, which is around 337 C. Introducing these values and an exit quality
0.2 into equation 2.47 results in a value of the Martinelli parameter
3.4 (

√

Xtt

x

of

about

Xtt ∼ 1.5).
3

ρl

kg/m

ρv

kg/m



610.5



92.5

3

µl (kg/(m · s))

7.5e-5

µv (kg/(m · s))

2.5e-5

Table 4.9: Densities and viscosities values for saturation temperature equal to

o

337 C (high pressure case, table 4.6).
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The logarithmic interpolations obtained for the

√

Xtt

range from 1.0 to 2.0

are the following ones:


φl,tt = 1.64 ·

1 − α = 0.33 ·

2
√
Xtt

p

0.67
(4.5)

Xtt

0.81

(4.6)

Table 4.10 shows considerable dierences for both, the two-phase multiplier

φl

and the liquid volume fraction

1 − α,

between the Martinelli-Nelson's proce-

dure, equations 4.5 and 4.6, and the Lockhart-Martinelli's approach, equations
2.38 and 3.10. However, opposite trends are observed for each parameter. This
way, meanwhile the two-phase multiplier

φl

is lower for the Martinelli-Nelson's

procedure, leading to lower pressure losses due to friction, Martinelli-Nelson predicts higher liquid volume fractions

1−α, increasing the density of the two-phase

ow and, consequently, increasing also the gravitational pressure losses.

Approximation

Lockhart-Martinelli

Martinelli-Nelson

φl (x = 0.2)

7

2

1 − α (x = 0.2)

40

46

Saturation pressure drop (kPa)

2.22

2.75

Table 4.10: Calculated two-phase multiplier

φl

for the exit quality (xexit = 0.2)

and pressure losses comparison between the Lockhart-Martinelli and MartinelliNelson methods for the saturation region.

To have higher pressure drops in table 4.10 with the Martinelli-Nelson's
approximation suggests that the gravitational pressure losses are the dominant
ones for the current application.

As already stated along this thesis, it can

be something expected for vertical upward ows, just as the case under study.
In order to conrm such assestment, table 4.11 provides order of magnitudes
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for the dierent terms involved in the momentum equation of the two-phase
saturated ow, equation 3.9. It is based on approximated values close to the
application developed along this sub-section (tables 4.6, 4.7, 4.9 and 4.10). This
way, a liquid volume fraction

1 − α average around 0.7 is considered (inlet value

equal to 1 and exit value around 0.4 - 0.45 in table 4.10), a saturation length
about 0.5 m (table 4.7), and a two-phase ow multiplier of 5 (table 4.10). An
average quality value of 0.1 is also adopted.

4z (m)

0.5

α / 1−α

0.3 / 0.7

Gravitational term =(α

· ρv + (1 − α) · ρl ) · g · 4z/1000 (kPa)

Quality x

2.2

0.1

Two-phase multiplier φl

5

Rel = G · (1 − x) · D/µl

14730

fl = 0.046 · Re−0.2
. Equation 2.2.
l

0.007

Frictional term =

h
i
φ2l 2 · fl · G2 (1 − x)2 / (ρl · D) 4z/1000 (kPa)

Acceleration term =



G2 · x2exit / (α · ρv ) + (1 − xexit )2 / ((1 − α) · ρl ) /1000 (kPa)

Table 4.11: Inuence of the dierent terms of the momentum equation in saturated ow.

Table 4.11 eectively shows how the frictional and acceleration terms are
negligible compared to the gravitational one. That is the reason why the differences in the two-phase multiplier

φl

between both approximations shown in

table 4.10 are not translated to the total pressure drop, meanwhile the dierences in the liquid volume fraction

1−α

are translated to the total pressure

losses.
In any case, the current thesis considers the relative dierences of the dier-

0.02

0.006
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ent parameters involved in the momentum equation, table 4.10, high enough to
advise the use of the Martinelli-Nelson's approximation, instead of the LockhartMartinelli's one, for high uid pressures.
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Chapter 5

Extension to a bank of
vertical nned tubes
In chapter 4, the evaporation of water inside a single vertical tube has been
studied. Final tube length for given vapour quality at the tube exit has been
calculated using empirical correlations for the heat transfer coecient, and a new
analytical expression has been proposed in the subcooled ow boiling region.
In this chapter attention is focused on the evaporation of water inside an
evaporator integrating a HRSG, and caused by an external perpendicular hot
gas ow. Authors like M.N. Dumont and G. Heyen [22] have developed steadystate mathematical models to simulate these heat exchangers. These simulations
are based on commercial boilers, focused mainly on once-through heat recovery
steam generators. Other studies have taken advantage of those mathematical
models to extend their use to transient analysis and to determine, for instance,
star-up procedures [1]. To analyze the transient behaviour is not the objective
of this work. However, it is intended to propose a steady-state mathematical
model for the evaporator tubes.

111
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There are two methods of generating vapour [100]:

1. Heating of overpressurized water inside the tube. In this case the evaporation does not take place inside the tube but by expansion of the hot
water through a valve located at its exit. This is usually known as ashing.

Vertical, horizontal or inclined tubes congurations are possible in

this case.

2. Evaporating the water inside the tube, raising the water temperature along
the tube up to saturated conditions. This leads to a vertical conguration
of the tubes to facilitate the stream to rise up the tube.

The applica-

tion of this method of evaporation under forced convection will lead to an
evident tube length reduction. It was well established that three important regions, see gure 2.2, can be observed inside an evaporation tube:
single-phase liquid region (pure liquid), subcooled ow boiling region and
saturated two-phase ow boiling region.

This second way of evaporation is investigated here, in order to consider further
HRSG designs. In this kind of gas-ow heat exchangers the limitations due to
friction pressure losses generally force the designer to arrange for moderately
low mass uxes, what means low Reynolds numbers on the hot gases side [50].
Low mass uxes together with low thermal conductivities of gases (low relative
to most of the liquids), result in low heat transfer rate per unit area.

Thus,

large amounts of surface area become a typical characteristic of gas-ow heat
exchangers. In order to increase the heat transfer area in the hot gases side, a
typical conguration of a bundle of nned circular tubes is used. A typical bank
conguration distributing the tubes by rows and columns is shown in gure 5.1.
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Figure 5.1: Typical bundle of nned circular tubes for cross-ow congurations.

This kind of heat exchanger is usually treated from a global point of view,
assuming global inlet conditions and determining the outlet conditions based
on a unique constant value for the overall heat transfer coecient
entire exchanger [81].

U

in the

This can not advisable when, at least, one of the two

uids experiences a change of phase due to the possible huge heat transfer
coecient variations.

This is the case of the current application where two-

phase water ow heat transfer coecients were found to be considerably higher
than those in the single-phase liquid region (see gures 4.6 and 4.9). It is better
in such cases to carry out the study locally for each row, considering the local
conditions for both, the hot gases stream and the water, along the tubes. This is
the reason why the present work proposes to generalize the calculation method
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developed for a single tube to cover all of them. Considering that no satisfactory
specic heat transfer correlations were found for the entire region from ONB
to saturation, linear and elliptical expressions for the heat transfer coecient

h = h(z)

were proposed in chapter 4.

The water heat transfer coecient in

the subcooled ow boiling region can be then approximated by the elliptical
expression proposed, as it was proven to be good for design purposes. The wellknown Dittus-Boelter [14] and Kandlikar [46] correlations for the water heat
transfer coecients in the single-phase region and the two-phase saturated ow,
respectively, are maintained.
The study for a single tube discussed in chapter 4 kept the hot gases stream

Tg

constant along the tube, meanwhile the heat transfer ux

q was not necessar-

ily constant. To assume uniform temperature for the external hot gases stream
perpendicular to the tubes can be valid again for the rst row of tubes, but
not for the rest of rows. In this case the external gases temperature prole will
be determined by the physics of the process itself. As in the single tube, and
in order to reduce the tube length as previously said, water is owing upwards
under forced convection conditions.

5.1 Statement of the problem. General equations
5.1.1 The water side
The equations governing the process are commented rst. Calculation of pressure, temperature and vapour quality along the length of the vertical tube are
performed using the well-known equations of conservation of mass, momentum
and energy, equations 3.1, 3.2 and 3.3, as seen in chapter 3.
In addition, the overall heat transfer coecient
equation 3.5, represented graphically in gure 5.2.

U

was calculated with the
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1.1
Approximated values for the
application under study

1.0

U/hge

0.9
0.8
0.7
0.6
0.5
0.4
0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1.0

h ge /h water
Figure 5.2:

U/hge

as a function of

hge /hf

for

hf

higher or equal to

hge .

Ap-

proximated values for the application under study are indicated.

Figure 5.2 shows that when

0),

hge is considerably lower than hwater (hge /hwater ≈

just as happens for the considered application,

(U/hge

≈ 1).

U

is dened basically by

hge

Then, when this occurs, increasing the heat transfer on the water

side by improving

hwater

will have a negligible impact on the design. To ap-

preciate the inuence of the water side in the design, small dierences between

hge

and

hwater

are required. When there is phase-change, the value of the heat

transfer coecient varies inside the heat exchanger. This can lead to important
variations in the overall heat transfer coecient

U

and, because of that, to

assume a unique constant value, as usually done [81], is not generally advisable.
Additionally, the relationship
satised, where

Tw

q = hwater · (Tw − Tb ) = hge · (Tg − Tw )

is the wall temperature and

Tb

is also

the temperature of the bulk

water. As already said, in the subcooled ow boiling the heat transfer coecient
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is calculated with the elliptical approximation dened in equation 4.2.

5.1.2 The hot gases stream side
5.1.2.1 The energy equation
The relation for a bank of tubes [50] is used in the present study to calculate
the external heat transfer coecient

hg :

hg = Gg · cpg · Stg

(5.1)

where the Stanton number, Stg , is an empirical function of the Reynolds and
Prandtl numbers

(Stg =Stg (Reg , P rg )).

As said, the major dierence with the

single tube problem comes from the fact that the external hot gases stream
changes its temperature prole along the tubes. This can lead to changes in the
remaining properties like the external heat transfer coecient

x

z

in both, axial ( ) and vertical ( ) directions, see gure 5.1.

y

hg . Tg

can change

No variations in

Tg

prole will be calculated

q · π · Dh · 4z
4ṁg · cpg

(5.2)

the perpendicular direction ( ) are considered. The
from:

4Tg (x, z) = −
where

cpg

is the specic heat of the hot gases stream at

T = Tg

and

4ṁg

is the local mass ow rate of the external stream for that length increment

(4z).

Combining the expression for the equivalent heat transfer coecient

hge = (Ag /Af ) · ηog · hg ,

and equation 5.1, the equivalent external heat transfer

coecient can be calculated as:

hge = (Ag /Af ) · ηog · Gg · cpg · Stg
where

ηog

(5.3)

is the extended nned surface eciency dened in sub-section 3.1.1.
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This calculation method diers from the hypothesis adopted in the single tube
study, where a constant
the inuence of the

hge

hge

value was assumed. In order to gain insight into

in the calculation developed in a general study, three

dierent assumptions are investigated.

A. Constant external gases heat transfer coecient. A single value
per row equal to the inlet value. This is the simplest assumption but also
the most unrealistic one. If a uniform
assumed,
on

Tg ,

hge ,

Tg

prole at the inlet of the rst row is

equation 5.3, can be also assumed as uniform (Pr depends only

and also Re because

Gg

is constant) and, consequently, be replaced by

a single value. This value is extended to the rest of rows, neglecting the eect
of axial and vertical
constant, but

Tg

Tg

variations in the

hge

calculation. That is,

hge

is kept as

varies from row to row.

This assumption is justied when the dierences between the average
row and the value at the inlet are negligible, and when the

Tg

Tg

per

proles are quite

uniform.

B. External gases heat transfer coecient based on a row average
temperature. A single value per row. In this case an average Tg per row
is obtained and introduced into equation 5.3 to obtain also a
row. That is,

Tg

variations in the gas ow direction,

into account, but not on the vertical direction,

z

x

hge

value for each

in gure 5.1, are taking

in gure 5.1. It leads to a more

realistic approach than case A, although more complex also.

C. External gases heat transfer coecient based on variable temperature up along the tube per row. The Tg temperature to be used in this
case in equation 5.3 is the local one at each length increment
a prole for

hge

(4z).

Therefore,

is derived. This is the more complex assumption from a calcu-

lation point of view but, on the other hand, the most realistic one because axial

CHAPTER 5.

and vertical

Tg

EXTENSION TO A BANK OF VERTICAL FINNED TUBES 118

variations are taken into account (x and

z

directions in gure

5.1).
The design of a new steam generator, or the performance analysis for an
existing one, can be dierent depending on which of the three assumptions is
adopted.

5.1.2.2 The momentum equation
The gas pressure loss is calculated through the following equation:

G2g υ1
4p
=
p1
2 p1


1+σ

2







υ2
Atr υm
−1 +f ·
υ1
Ac υ1

(5.4)

where the ow acceleration and the core friction are considered. In the previous
equation

Ac

and

Atr

represent the minimum free-ow area and the total heat

transfer area, respectively, on the gas side;

Af r

σ

represents the ratio

Ac /Af r , where

is total frontal area on the gas ow direction; and it is required to evaluate

the specic volume

υ

at the inlet and exit of the exchanger (υ1 and

υ2 ,

respec-

tively), and to obtain an average value for the whole exchanger (υm ). For ow
normal to the tube banks, entrance and exit loss eects are accounted for in the
friction factor [50]. If an overall pressure loss is considered, instead of a friction
factor, equation 5.4 can adopt a slightly dierent form [26]. Although the gas
temperature change from the inlet to the exit of the heat exchanger can be
considerable (up to a 30%), the ow acceleration component can be neglected
in any case (around a 1.5% of the total pressure drop).
the average specic volume,

υm ,

and the inlet one,

υ1 ,

Dierences between

are not accounted for.

According to these simplications the momentum equation results as:

4p =
being

Atr /Ac = L/rh

[50].

0.5 · G2g · f · (Atr /Ac )
ρ1

The hydraulic diameter

(5.5)

Dh

is given as

Dh /L =
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4 · rh /L = 4 · Ac /Atr .
In a similar way to the

Tg

calculation, the pressure loss is obtained row per

row, and not only at the inlet and outlet, as usually done [81].

5.1.2.3 Hot Gases Stream Properties
Determination of the specic heat, viscosity, thermal conductivity and density
of the hot gases stream is required to solve the equations governing the processes
under study.
Taking the hot gases exhaust of a commercial gas turbine [2], a molar composition of 8.8% O2 , 7.9% H2 O, 7.9% CO2 and a balanced 75.4% N2 is assumed.
In the previous composition the percentage corresponding to the Argon (Ar) is
included into that of N2 , meanwhile NOx and CO are neglected. Any exhaust
gases molar property  ψ  is then determined as:

ψ = 0.754 · ψN2 + 0.088 · ψO2 + 0.079 · ψCO2 + 0.079 · ψH2 O

(5.6)

5.2 The evaporator under study
As an example, the current application focuses on an evaporator of a HRSG
operating at its lowest pressure level in a power plant. Typical inlet operating
conditions for both uids [2, 22, 91], hot gases and water, are given in table 5.1.

CHAPTER 5.

EXTENSION TO A BANK OF VERTICAL FINNED TUBES 120

Hot gases stream
Inlet pressure

pg1 (kPa)

Inlet temperature

125.5

Tg1 (o C)

225.0

ṁg

112.5

Total mass ow rate

(kg/s)

Water ow conditions
Inlet pressure

pl,1 (kPa)

Inlet temperature

/ (saturation temperature

Tl,1 (o C)

Total ow rate per tube

ṁ

Tsat

o

( C)

155.5 / (112.56)
112.5

(kg/s)

0.025

Table 5.1: Inlet operating conditions for the outer hot gases stream and the
water ow used in the present study.

Table 5.2 describes the heat exchanger surface features used in this application [50].
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Basic Surface Features
Vertical

tube

D

26.0

between

78.2

diameter

(mm)
Frontal

distance

tubes, s (mm)
Longitudinal

distance

be-

52.4

Fin area/ Outer wetted sur-

0.825

tween rows , d (mm)

face area

Af in /Ag
σ

0.642

hot

13.21

Outer wetted area/Inner wet-

5.11

Free ow area/frontal area
Hydraulic
gases side

ted area,

diameter

Dhg

on

(mm)

Ag /Af

Fanning-friction

correlation

for external gases

fg

External gases heat transfer
correlation

log fg = −0.497 − 0.243 · log (Reg )


2/3
log Stg · P rg
= −0.536 − 0.421 · log (Reg )

2/3

Stg · P rg

Table 5.2: Basic surface features used in the present study.

Companies work their own basic surfaces and use specic heat transfer and
Fanning friction factor correlations for them but, when this information is not
available, bibliographic data can provide specic geometries, or some ways to
interpolate them [22, 26, 50]. Modern engineering tools like computational uid
dynamics (CFD) can also be used for that purpose [101]. In addition, a typical
value of 0.835 has been used for the extended surface eciency

ηog ,

dened in

sub-section 3.1.1.
Table 5.3 shows the conguration of tubes and overall dimensions of the
evaporator considered in this work.
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Heat exchanger geometrical data
Height H (m)
3.0
Number of columns
Number of rows

N2

N1

60
20

Table 5.3: Overall dimensions of the evaporator under study.

N1

and

N2

have been selected in order to get an appropriate frontal sec-

tion. Considering the values of the frontal distance between tubes, s, and the
longitudinal distance between rows, d, dened in table 5.2, the
ues lead to a width,

W,

N1

of 4.7 m and to an exchanger length,

and

L,

N2

val-

of 1.05 m.

Taking into account that the total water mass ow inside the 60 x 20 tubes
does not evaporate, the total vapour mass ow rate is about 4 kg/s, which is
derived from the quality. This fulls the requirement of the current application.
The resulting gas pressure drop through the exchanger is about 1.4 kPa, which
would be adequate from the gas turbine performance perspective.

Reg

and gases mass ux

Gg

The inlet

2

are about 6540 and 12.5 kg/(m s) respectively.

2

Those values lead to an inlet value around 532 W/(m K) for the hot gases heat
transfer coecient

hge ,

equation 5.3.

5.3 Results obtained at the rst row exit and
evolution of the main parameters up along
the heat exchanger. Performance comparison under dierent hypotheses
The calculation method developed is used in this section to evaluate the
performance of the evaporator selected. The inuence of

hge

will be analyzed

comparing the three dierent cases for its determination, A, B and C, proposed
in sub-section 5.1.2. As previously said, the analysis is carried out locally row
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by row, considering the local conditions for both, the hot gases stream and the
water.
As a rst step it is worthy to analyze the behaviour of the hot gases stream
after going through the rst row. This analysis is common to the three cases A,
B and C.

5.3.1 The rst row
o

The results obtained for a uniform 225 C

Tg1

prole are shown in gure 5.3.

These represent the temperature proles of water, tube wall and hot gases at the
exit of the rst row, the quality along the tube, and the internal heat transfer
coecient of water.

1 1 0

1 1 5

1 2 0

Twater

ge

1 2 5

Twall

h

p

225 ºC

125.5 kPa

g1

1 3 0

1 4 0

T

112.5 ºC

155.5 kPa

f1
f1

1 4 5

1 5 0

1 5 5

F lo w r a te 0 .0 2 5 k g /s

p

Water conditions

Temp (ºC)

1 3 5

2

531.88 W/m K

g1

T

Gases conditions

2 2 0

2 2 5

0 .0 0

0 .0 4

0 .0 8

0 .1 2

Vapour Quality

0 .1 6

0 .2 0

0 .2 4

1 5 0 0

4 5 0 0

2

6 0 0 0

hf (W/m K)

3 0 0 0

7 5 0 0

Evolution of water temperature, wall temperature, external gases

2 1 5

Tgases

Water ow boiling upward a vertical tube.

0 .0

0 .5

1 .0

1 .5

2 .0

2 .5

3 .0

temperature, quality and water heat transfer coecient along the tube length.

Figure 5.3:

H e ig h t ( m )
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Figure 5.3 shows a decreasing wall temperature
increases. The exhaust gases temperature

Tg

Tw

prole as the tube length

prole is also decreasing but with

o

negligible dierences, lower than 2.5 C. Water enters the tube at almost saturated conditions (the subcooled ow boiling region is shorter than 3 mm), what
explains why the water temperature prole is decreasing also along the tube (if
the saturation pressure lowers, the corresponding saturation temperature lowers also).

It is worthy to note that the water heat transfer coecient shows

important variations along the tube.
Note that the vapour quality at the tube exit of the rst row is 0.24 (gure
5.3).

5.3.2 Evolution of the main parameters and performance
comparison under dierent hypotheses
As previously said, the current work does not consider a unique value for the
overall heat transfer coecient

U . The appearance of phase-change can lead to

considerable variations, making unacceptable to assume a single value in some
cases.

For this reason, the evaluation of the evaporator main parameters is

carried out locally, row per row. In addition, comparison of the results obtained
using dierent hypotheses for the hot external gases heat transfer coecient

hge

allows to determine its inuence in the design or performance analysis. Some
of the results developed along this sub-section have been published separately
[57].
Figure 5.4 shows the average overall heat transfer coecient
equivalent heat transfer coecient on the hot gases side
perature of gases
A, B and C.

Tg ,

hge ,

U,

the average

the average tem-

and the quality at the exit of the tubes per row in cases
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h g e C a s e A
h g e C a s e B
h g e C a s e C
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Figure 5.4: Averages
cases A, B and C.
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There are no dierences between cases B and C, and these are small compared to case A. This is so even considering variations of the
consequently of the overall heat transfer coecient

U,

hge

value, and

from cases B and C to

case A. Values up to a 6.5% lower at the exit of the exchanger (4% if the average value of the exchanger is considered) are obtained for the two former cases
compared to the latter one. This is so because not only the overall heat transfer
coecient

U , but also the temperature dierence between uids (Tg − Tb ), drive

the heat transfer equation
provides higher values of

q = U · (Tg − Tb ).

U than

Taking into account that case A

cases B-C, gure 5.4, the application of the

heat transfer relation for a particular row will lead to lower values of

(Tg − Tb )

Tb

is practi-

in case A than in cases B-C. The temperature of the bulk water
cally constant and equal to the saturation value,

Tsat ,

along the exchanger, and

dierences between cases are negligible (no dierences between B and C, and
lower than a 0.01 % between them and case A). It means that lower hot gases
temperature
reduce the

Tg

Tg

per row will be obtained with case A than with cases B-C. To

at the exit of a particular row means to reduce the heat transfer

capacity for the following row. This way, the increase in heat transfer capacity
due to higher heat transfer coecients,
external hot gases temperature

Tg

U or hge ,

is balanced partially by the

decrease.

Table 5.4 shows the dierences for both, average values and values at the
exit of the last row, in
between uids

U , hge , hot gases temperature Tg , temperature dierence

(Tg − Tb ),

and quality

x.
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Cases
Variable

U
U

A

B-C

Dierence

(average, W/m K)

461

445

3.5%

2

433

408

5.8%

(average, W/m K)

532

511

4%

2

532

496

6.7%

180

180.7

0.7 C

149.1

150.6

1.5 C

(average, C)

68.1

68.8

0.74 C / 1.1%

o

37.9

39.4

1.5 C / 4%

(average)

0.142

0.139

2%

(last row exit)

0.075

0.073

2.2%

2

(last row exit, W/m K)

hge
hge

2

(last row exit, W/m K)

Tg
Tg

o

(average, C)

o

(last row exit, C)

(Tg − Tb )
(Tg − Tb )

(last row exit, C)

quality
quality

o

x

x

o

o

o

o

Table 5.4: Comparison between cases A and B-C

These dierences make feasible to conclude that any of the cases can be used
for preliminary studies. However, for performance and or design purposes, the
current work advises to use case B. No major diculties from a computational
point of view are observed compared to case A, but case B reproduces better
the physics of the problem. Meanwhile, as seen along the section, cases B and
C reproduce almost identically the physics of the problem, being consequently
not justied the major diculty from a computational point view for case C.
To have demonstrated that simple assumptions like

hge =

constant can be

valid, at least for preliminary studies, brings the possibility of simpler evaluations. To generalize the results of the analysis for a single tube placed in the
rst row of the exchanger, as done in subsection 5.3.1, can be assumed as the
simplest hypothesis. In this analysis, the hot gases temperature

Tg

prole at

the inlet of the exchanger, surrounding the tube, was assumed to be uniform.

CHAPTER 5.

EXTENSION TO A BANK OF VERTICAL FINNED TUBES 129

However, gure 5.4 shows how the quality at the tubes exit is reduced up to
around a 70% from the rst to the last row.

Figure 5.5 shows then that to

generalize the results for a single-tube study to the rest of them would lead to
increase the vapour quantity up to a 40%, what would represent a signicant
error. It is observed then that even for preliminary analysis it is not acceptable
to generalize the single-tube study.

Vapour single tube generalization
Vapour case A
Vapour case B
Vapour case C

7

6

2

T o ta l g e n e ra te d v a p o u r (k g /s )

C a s e A . C o n s ta n t h g e = 5 3 2 W /m
C a s e B . N o n c o n s ta n t h g e
C a s e C . P r o file h g e

5

K

4

3
Hot gases conditions

2
T

g1

.
m
1
p

g1
g

Water conditions

=225 ºC

T

=125.5 kPa

.
p

= 1 1 2 .5 k g /s
m

f1
f1
w

=112.5 ºC

=155.5 kPa

= 0 .0 2 5 k g /s

0
0

1

2

3

4

5

6

7

8

9

1 0

1 1

1 2

1 3

Number of row

1 4

1 5

1 6

1 7

1 8

1 9

2 0

2 1

Figure 5.5: Total amount of vapour obtained in cases A, B, C and the generalization of the single tube.

Considering that the major dierence with the study developed for a single
tube lies on the loss of uniformity of the

Tg

proles, special attention was paid
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to its evolution. With this aim gure 5.6 shows the

Tg

prole development from

the exit of the rst row, common to the three cases, to the exit of the last row,
which depends on the case considered.

3 .0

C a s e A . C o n s ta n t h
2 .8

= 5 3 2 W /m

C a s e B . N o n c o n s ta n t h

2 .5

C a s e C . h

2 .3

T

2 .0

g 1

g e

1 .3

K

g e

=225 ºC

First row profile
(common to all
cases)

Case A
Case B
Case C

1 .5

2

p r o file

Last row profiles

1 .8

H e ig th ( m )

g e

1 .0
0 .8
0 .5
0 .3
0 .0
1 4 4

1 4 7

1 5 1

1 5 4

1 5 8

1 6 1

T
Figure 5.6: Evolution of the

Tg

g

(ºC)

1 6 5

1 6 8

2 1 8 2 1 9 2 2 0 2 2 1 2 2 2

prole from the exit of the rst row to the exit

of the last row in cases A, B and C.

Note that the

Tg

prole variations are in agreement with the hypotheses

assumed in sub-section 5.1.2.2. As seen in gure 5.6 the

Tg

prole at the exit of

the rst row is still almost uniform. Only a smooth change in temperature (less
than

2o C)

is appreciated in the subcooled ow boiling region.

The prole is

completely at from that point up to the exit of the tube (saturation region). A
sharper change in temperature (about

15o C) can be appreciated in the subcooled

ow boiling region at the exit of the last row.

The length of this region is
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negligible for both rows although slightly shorter for the rst one, 3 mm, than

Tg

for the last row, 7 mm. The

prole is also less at for the last row in the

saturation region, where there is a change of around

3o C.

To assume uniform

prole can be feasible then for the rst rows, but not for the last ones. However,
gure 5.6 shows small dierences between cases. No dierence at all between

o

cases B and C, and around 1 C compared to case A.
Taking into account that case C assumes also an evolution of the

hge

prole,

gure 5.7 shows it from the rst row to the last one. This evolution for the
prole is similar to the

Tg

hge

prole evolution (gure 5.6).

3 .0
C a s e C . h

g e

p r o f ile s e v o lu tio n

2 .5

L a s t r o w p r o f ile

H e ig h t ( m )

2 .0

F ir s t r o w p r o f ile

1 .5

1 .0

0 .5

0 .0
4 9 4

4 9 6

4 9 8

h
Figure 5.7: Evolution of

hge

5 0 0
g e

(W /m

2

5 0 2

5 2 8

5 3 0

5 3 2

K )

prole from the rst to the last row. Case C.

CHAPTER 5.

EXTENSION TO A BANK OF VERTICAL FINNED TUBES 132

5.4 Comparison with the ε-NTU methods
In this section the

ε-NTU

methods are presented. In order to understand them

better, a simple thermal circuit representation of a two-uid exchanger is established in gure 5.8.

As an example, a counterow conguration has been

selected.

Heat transfer area A

Th,i

Th,o

Th
dx

Q

 ⋅

 m⋅ cp  = Ch

h

Wall thickness

Tc,i

Tc
Tc,o

 ⋅

 m⋅ cp  = Cc

c

Overall heat transfer
coefficient U

x direction

Figure 5.8: Thermal circuit representation of a two-uid exchanger (counterow
conguration example).

According to gure 5.8, the uid outlet temperatures for both, the hot and
the cold uid (Th,o and

Tc,o ,

respectively), and the total heat duty

Q

can be

considered functions of the rest of variables: the uid inlet temperatures (Th,i
and

Tc,i ), the heat capacities rates (Ch = ṁh · cph

heat transfer coecient

U,

the heat transfer area

and

Cc = ṁc · cpc ), the overall

A, and the ow arrangement.

Taking into account that the energy equation applied to both uids can be
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expressed as:

Q = Ch · (Th,i − Th,o ) = Cc · (Tc,o − Tc,i )

(5.7)

the following relation is then possible:

Th,o , Tc,o ,

or

Q = F (Th,i , Tc,i , Ch , Cc , A,

ow arrangement)

(5.8)

Six independent and three dependent variables for a given ow arrangement
can be transfered into two independent and one dependent non-dimensional
groups.
The adopted non-dimensional groups, apart from the ow arrangement, are
dened below:

•

Number of transfer units
NTU

•

UA
Cmin

(5.9)

Heat capacity ratio
C∗ =

•

=

(ṁ · cp )min
Cmin
=
Cmax
(ṁ · cp )max

(5.10)

Exchanger eectiveness
ε=

Ch · (Th,i − Th,o )
Cc · (Tc,o − Tc,i )
=
Cmin · (Th,i − Tc,i )
Cmin · (Th,i − Tc,i )

It is now possible to express the eectiveness

ε

(5.11)

as a function of the other

non-dimensional groups, together with the ow arrangement:

ε = F (NTU, C ∗ ,

ow arrangement)

(5.12)
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ε-NTU

application to two-phase exchangers

Special cares are required if the

ε-NTU

method wants to be applied to the

applications where there is phase change, just as happens to the water in the
application under study.
(Cmax

→∞

and

In those cases the heat capacity ratio tends to zero

C ∗ → 0)

and the energy equation 5.7 has to be replaced by

the relation:

Q = ṁw · hlv · 4x = Ch · (Th,i − Th,o )
where
and

ṁw

4x

is the water mass ow rate,

hlv

(5.13)

is the specic enthalpy of vaporization

the quality increment along the exchanger.

The application under study is even more complex because the phase-change
occurs along the heat exchanger.

This is, the water enters as subcooled ow

(subcooled ow boiling region), and experiences the phase-change inside the
exchanger (two-phase region). To split the heat exchanger into two parts, for
each region, applying to each of them the corresponding energy equation (equations 5.7 and 5.13, respectively) would become necessary. To apply the

ε-NTU

method is even more complex in those exchangers where, in addition to the subcooling ow boiling region and the two-phase ow, the pure liquid region also
exists. It would be necessary then to split the exchanger for the
application into those three parts.

ε-NTU method

These comments help to understand how

complex can be the implementation of the

ε-NTU

method in heat exchangers

with phase change inside them.
However, as seen in the previous sub-section, the subcooled ow boiling
region in the application under study was negligible compared to the two-phase
ow one (the subcooled ow boiling region lengths were about 5 mm, meanwhile
the total tube length was 3 m). To assume two-phase ow in the whole exchanger
can be considered as a valid hypothesis for the current application, adopted here
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for simplicity.
If, as said, the water heat capacity rate tends to inte, obviously the minimum heat capacity rate



Cmin = Cg = (ṁ · cp )g



Cmin

corresponds to the external hot gases stream

. Innite heat capacity rate also means that the heat

transfered to the water does not increase its temperature, but its quality. It is
possible to assume constant water temperature along the exchanger, equal to
the saturation temperature corresponding to the inlet water pressure, if the water pressure losses are neglected

(Tc,o = Tc,i = Tsat (pw,i )).

According to these

considerations equation 5.11 can be simplied by the following expression:

ε=

Tg,i − Tg,o
Tg,i − Tw,i

As seen in equation 5.12, the eectiveness
of the NTU, the heat capacity rate ratio

C ∗,

ε

(5.14)

can be expressed as a function

and the ow arrangement. A lot

of empirical correlations are provided in the bibliography [24, 81] for dierent
congurations (counterow arrangement, cross-ow congurations, etc.) However, when there is phase change the ow arrangement has not inuence and
the following analytical expression [50] can be obtained for the eectiveness

ε = 1 − exp (−NTU)

It is possible now to determine the eectiveness
fer coecient

U

(NTU

= U A/Cg )

ε:

(5.15)

ε and the overall heat trans-

for the evaporator under study, if the same

inlet and exit conditions considered in the previous sub-section are combined
with the equations dened above. Another interesting exercise can be to apply
the

ε-NTU

method to the actual evaporator considering the same inlet condi-

tions, obtaining so the exit conditions (the rating problem). Both problems will
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be developed below.

5.4.2 Determination of the eectiveness ε and the overall
heat transfer coecient U for the evaporator under
study considering the same inlet and exit conditions.
If case B developed in section 5.3 is taken as reference, gure 5.4 and table
5.4 show how the average hot gases temperature decreases from an inlet value of

o

o

225 C to an exit value of 150.6 C. As said, the water temperature will be considered constant along the exchanger, and equal to the saturation temperature
corresponding to the inlet water pressure. As seen in table 5.1 this saturation

o

temperature is 112.56 C.

Taking into account these values, and according to

equation 5.14, the eectiveness

ε

results in a value of 0.662 (66.2%).

From

equation 5.15 is possible to obtain a value of NTU equal to 1.08.
To determine the overall heat transfer coecient

U,

equation 5.9, requires

previous determination of the minimum heat capacity rate
transfer area

Cmin

and of the heat

A. In the considered case, as seen, the minimum heat capacity rate

corresponds to the hot gases (Cmin

= Cg ).

The heat transfer area

A along this

thesis has been always considered on the water side.
A total hot gases mass ow rate

ṁg

of 112.5 kg/s have been considered

(table 5.1), and if the specic heat of the hot gases

cpg

is evaluated considering

o

the average between the inlet and outlet hot gases temperatures (187.8 C) a
value of 1.114 kJ/(kgK) is obtained.
to 125.325 kW/K (Cg

Cg

results consequently in a value equal

= (ṁg · cpg )).

The determination of the heat transfer area on the water side
the following expression:

A = Π · D · H · N 1 · N2

A is done with
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The corresponding values

(D = 2.6 cm, H = 3 m, N 1 = 60,

and

were dened in tables 5.2 and 5.3, and lead to a heat transfer area

N2 =

A

20

)

of 294.05

2

m .
According to the previous calculations the overall heat transfer coecient
can be calculated from equation 5.9, resulting in a value of 461.9 W/
The comparison between this value, and the evolution of

U

m2 K

U


.

for case B is shown

in gure 5.9.

4 9 0
4 8 0
C o n s ta n t U o b ta in e d w ith th e
N T U m e th o d .

4 7 0

U (W /m

2

K )

4 6 0
4 5 0
4 4 0
4 3 0
U

e v o lu tio n f o r c a s e B

4 2 0
4 1 0
4 0 0
0

2

4

6

8

1 0

R o w

1 2

1 4

1 6

1 8

n u m b e r

Figure 5.9: Comparison between the overall heat transfer coecient
with the

ε-NTU method and the

U

2 0

evolution for case B (average

U

hge

obtained

considered

per row). Same inlet and exit conditions are considered in both cases.

The total heat duty
calculated as

Q

transfer from the hot gases to the water can be

Q = Cg · (Tg,i − Tg,o ),

resulting in a value of 932.42 kW. A total
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water ow rate of 30 kg/s results for a ow rate per tube of 0.025 kg/s (table 5.1)
and a number of columns and rows of 60 and 20, respectively. The calculated
heat duty and the total water mass ow allow to determine from equation 5.13
the average quality

x,

determining rst the specic enthalpy of vaporization

(2230.2 kJ/kg for the corresponding saturation conditions of 155.5 kPa and

o

112.56 C in table 5.1). The average quality

x

results then in a value of 0.14.

Figure 5.10 shows again the comparison between this value with the evolution
for case B.

0 .2 6
0 .2 4
0 .2 2
0 .2 0

Q u a lity x

0 .1 8
0 .1 6

C o n s ta n t x o b ta in e d w ith th e
N T U m e th o d .

0 .1 4
0 .1 2
0 .1 0

x e v o lu tio n f o r c a s e B

0 .0 8
0 .0 6
0

2

4

6

8

1 0

R o w
Figure 5.10:

1 2

x

1 6

1 8

2 0

n u m b e r

Comparison between the quality

method and the

1 4

evolution for case B (average

x
hge

obtained with the

ε-NTU

considered per row). Same

inlet and exit conditions are considered in both cases.
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5.4.3 Determination of the exit conditions for the evaporator under study considering the same inlet conditions (rating problem).
The

ε-NTU

methods are also commonly used by the designers for both, the

rating and the sizing problems [24, 81].

Determination of heat transfer and

pressure drop performance of an already sized exchanger is referred to as the
rating problem, just as it was done in section 5.3. The rating problem is also
sometimes referred to as the performance problem. In contrast, the design of a
new exchanger is referred to as the sizing problem. In a broad sense, it means
the determination of the exchanger construction type, ow arrangement, heat
transfer surface geometries and materials, and the physical size of an exchanger
to meet the specied heat transfer and pressure drops.
The rating problem applying the

ε-NTU

method is developed here for the

current evaporator (tables 5.2 and 5.3). The same inlet conditions dened in
table 5.1 will be considered for both uids, hot gases and water, but dierent exit
conditions (average hot gases temperature at the exit

Tg,o

and average quality

x ) to those ones obtained in section 5.3 will be calculated here.

A comparison

will be established between them.
As the hot gases temperature at the exit of the exchanger
being required in fact to calculate it, the eectiveness

ε

Tg,o

is unknown,

is neither known in

principle (equation 5.14). To assume an initial value and to iterate around it
becomes then necessary. The iteration loop is illustrated in gure 5.11.
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Iterative value

ε

Tg,o
Cmin
Q
x
U
NTU

Figure 5.11: Iteration loop for the

ε-NTU

method (rating problem).

These are the steps to follow in order to close the loop shown in gure 5.11:

•

The initial value assumed for the eectiveness
the exit hot gases temperature

ε

allows itself to determine

Tg,o (ε = (Tg,i − Tg,o ) / (Tg,i − Tw,i ), equa-

tion 5.14).

•

The smaller heat capacity can be calculated as
The specic heat capacity

cpg

Cmin = Cg = ṁg · cpg .

is determined considering an average value

of the inlet and exit hot gases temperatures,

Tg,i

and

Tg,o

respectively.
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The heat duty can be calculated as
calculate the quality

Q = Cg · (Tg,i − Tg,o ),

x (Q = ṁw · hlv · 4x, equation 5.13).

and used to

As said,

ṁw

the total water mass ow rate for all the tubes in the exchanger, and

is

hlv

the specic enthalpy of vaporization.

•

The overall heat transfer coecient
(equation 3.5). In that expression

U

htp

can obtained as

1/U = 1/htp +1/hge

designates the two-phase water ow

heat transfer coecient, being possible to calculate it using the well-known
correlation of Kandlikar [46]. The two-phase water heat transfer coecient

htp

is obtained considering an average quality value (x/2). The equivalent

heat transfer coecient

hge

was widely explained also in sub-section 3.1.1,

and equation 5.3 is used again for its calculation. Its calculation is also
based on the average hot gases temperature value,

•

The heat transfer area

(Tg,i + Tg,o ) /2.

A (considered on the water side) can be calculated

in a similar way as done in the previous sub-section (A

N 1 · N2 ).
5.9 (NTU

•

= Π·D·H·

To determine the NTU becomes now possible using equation

= U A/Cmin ).

The calculation of the NTU allows a new determination of the eectiveness

ε (ε = 1 −

exp (−NTU), equation 5.15) , starting again the loop until

convergence is reached.

To notice that apart from ignoring the pure liquid and the subcooled ow boiling regions, as previously said, the adopted hypothesis for the two-phase heat
transfer coecient with Kandlikar's equation, based on the average quality, also
neglects one of the sub-regimes inside the saturated region, nucleate boiling or
convective boiling, depending if the resulting convection number Co is higher
or lower than 0.65.
Operating as explained, a comparison between the results obtained in section
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5.3 for case B (average values) and the ones obtained with the

ε-NTU method is

established in table 5.5. As seen, similar results are obtained with both methods.
Cases B (section 5.3)
Vapour quality,

Tg,o

U

x

o

( C)

2

(W/(m K))

Evaporator eectiveness,

ε

ε-NTU

method

Dierence

0.14

0.14

0%

150.6

151.2

0.6 C

445

454

2%

∼ 66.2%

∼ 65.5%

0.7%

Table 5.5: Developed method (section 5.3) against

ε-NTU method.

o

Comparison

for the average global parameters.

5.4.4 Preliminary and detailed design concepts.
The comparison established in table 5.5 reinforces the validity of the method
developed in sections 5.1-5.3 because, as said, the

ε-NTU methods are commonly

accepted.
However, the

ε-NTU

method, just as has been applied here, can be consid-

ered valid only for preliminary purposes.

This approach is not enough when

more detailed information is required: to know the hottest wall tube temperature, in order to conrm the validity of the chosen wall material; to determine
where the highest temperature gradient is placed, in order to develop careful
stress analysis on those areas, etc. It becomes necessary in such cases methods
providing local information along the heat exchanger.
Some authors propose to use the

ε-NTU methods themselves.

M.N. Dumont

and G. Heyen [23] analyze a superheater (the entire ow as vapour) with such
kind of approach.

To proceed so requires to divide the heat exchanger into

mini-exchangers. The exchanger is divided in its rows, or even the rows are
divided in several parts, and the

ε-NTU

methods are applied on those mini-
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modules. The major problems related to these approaches come from the fact
that a correct initialization of the variables is required. Take note that the exit
temperatures of some mini-modules will be the inlet ones for others. To assume
initial values and to iterate on them is necessary. To get convergence requires,
as said, correct initialization.

However, the method developed in this thesis

avoids some kind of convergence problems. It is interesting to note also that the
method developed in sections 5.1-5.3 has considered tube length increments
of 1 mm, over a total length of 3 m. To apply the

ε-NTU

4z

methods would result

then 3000 mini-modules per tube, what would make unfeasible these approaches.
It gives an idea of how powerful providing information is then the method here
developed.
In addition, to apply the

ε-NTU methods becomes even more complex when

there is phase-change inside the exchanger, just as explained before. The main
reason is that ways to determine when the uid is pure liquid, subcooled ow
boiling or two-phase ow are required. The modern once-through HRSGs [30,
99] where the drum disappears, and the conventional economizer, evaporator
and superheater tubes converge into a single tube, are clear examples. The same
authors, M.N. Dumont and G. Heyen, propose for them a mathematical model
[22] quite similar to the one developed along this thesis, where empirical heat
transfer coecients for pure liquid or two-phase ow are selected dynamically.
However, the subcooled ow boiling region is uncovered and, as expected, abrupt
changes in the heat transfer coecients from pure liquid to two-phase ow are
observed. The method developed along the thesis, in agreement with the current
state of the art, overcomes this diculty.
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Chapter 6

Conclusions and future works
Phase-change phenomena have nowadays special interest from a technological
point of view, because a lot of industrial applications are based on water, or
other uids, evaporation.

Most frequent examples are the evaporators in re-

frigeration or air-conditioning systems, and boilers in nuclear and conventional
power plant systems. A clear dierence can be established between what are
called conventional tubes, and those others named micro or mini-tubes (diameters equal or smaller than the Laplace constant

0.5

[σ/ (ρl − ρv ) g]

). Dierent

literature has been developed for each kind of tubes. The current thesis focuses
on water evaporation for conventional tubes.
Considering mainly the water evaporation inside conventional tubes as said,
it has been the intention of the rst chapters of the thesis to review widely the
literature leading with this topic. The aim was to apply the results coming from
this review to the study of the water evaporation inside a single tube surrounded
by a hot gases stream. The temperature of the hot gases stream is considered
constant along the tube.

The water inside the tube ows vertically upwards

under forced convection.

145
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Water heat transfer coecient and heat transfer process.

The current thesis has used the means provided by the available bibliography
for the analysis of water evaporation inside tubes. However, it is worth to note
that most of the literature deals with cases where the heat ux is constant or,
less frequently, with imposed wall temperature cases. In the case under study
neither the heat ux nor the wall temperature are necessarily constant along
the tube.
This review developed along the rst chapters of the thesis has conrmed
that the ow boiling in tubes and channels is perhaps the most complex convective phase-change process encountered in applications. No special problems
are found for the water pure liquid region, where well-known and commonly
accepted correlations can be used for both, the calculation of the heat transfer coecient and the pressure losses.
two-phase saturated ow.

More diculties can be found for the

However, the work of several authors of reference,

Kandlikar mainly, can help to overcome these diculties providing again correlations widely accepted for the energy and momentum equations.
However, the subcooled ow boiling region, located between the pure singlephase liquid ow and the two-phase ow boiling region, is not so well understood
to allow reliable predictions of heat transfer and pressure drop with simple and
commonly used correlations. The subcooled ow boiling region can be divided
into three sub-regions: from the onset of nucleate boiling (ONB) location to the
fully developed boiling (FDB) location the sub-region is known as partial boiling,
from FDB to onset of signicant void (OSV) locations as fully developed boiling
region, and from OSV location up to the beginning of saturation as signicant
void region.
Most of the methods and correlations proposed for the heat transfer coefcient in this region do not cover all these sub-regions, but only specic ones,
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and, in addition, they are not applicable to any set of conditions, but to specic
ranges. This can lead to a lack of continuity between the heat transfer coecients provided by the correlations used for pure liquid and two-phase ow, and
those provided by the correlations used in the subcooled ow boiling. Even discontinuities between the dierent sub-regions inside the subcooled ow boiling
region are possible.
To develop methods or correlations of general application which ensure continuity between the dierent regions, as expected from a physical point of view,
becomes then necessary.

To use mathematical approximations which ensure

smooth transition between pure liquid and two-phase ow, not only in values
but also in the slopes, can be advisable. For that purpose the present thesis has
developed an elliptical approach for the subcooled ow boiling region. Apart
from avoiding discontinuities completely, it presents the advantage of allowing
to use any of the empirical correlations available for the single and two-phase
regions.
The elliptical approach has been compared with models which use empirical
correlations. This comparison has shown similar behaviours between the empirical models and the elliptical approximation, proven its validity for design and
or analysis purposes. However, the current thesis recommends as future work
to validate experimentally this elliptical proposal.
Although the elliptical approximation has been developed mainly for low
pressures, close to ambient, its use has been also extended to higher operating
pressures. Similar behaviours have been obtained, allowing to conclude that it
is feasible to use it independently on the selected working pressure.
Also related to the heat transfer process, the critical heat ux (CHF) phenomenon has also been considered in the review carried out over a single tube,
although it has not been the purpose of the current thesis to review it deeply.
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However, considering that to reach CHF is the cause for most of the failures in
evaporation processes, is mandatory for any designer to evaluate how far of it
is the application under study. With that aim, dierent correlations applicable
to the conditions of the cases developed along the thesis have been evaluated.
This evaluation has shown that there is not risk of reaching CHF for any of the
three considered operating pressures.

•

Momentum equation. Pressure losses.

The Fanning friction factor calculation for the subcooled ow boiling region
is again a quite complex task and bibliography deals very scarcely with it.
Specially dicult to understand is the eect of the layer of bubbles close to the
wall in the partial and fully developed boiling regions (from ONB to OSV). Two
opposite eects can be appreciated: an increase of the pressure losses because
the bubbles can act as a forced roughness, and a reduction of the friction losses
because vapour bubbles have a lower viscosity compared to the liquid. It is not
clear what of these eects dominates and opposite criteria can be found in the
literature. More clear is the situation in the signicant void region. Net vapour
generation starts at the OSV location, and most of the authors assume a ow
behaviour in the signicant void region identical to that of the saturated ow
boiling region.
Based on these considerations, a simple model assuming the Fanning friction
factor for pure liquid ow from the onset of nucleate boiling (ONB) to onset
of signicant void region (OSV), this is, partial and fully developed boiling
sub-regions, and similar momentum equation to that for saturated ow boiling
region from OSV, has been established.

Again, to validate empirically such

model can be proposed as future work. To generate similar approaches to that
developed for the heat transfer coecient, which ensure smooth transition from
pure liquid to two-phase ow also for the Fanning friction factor, should be
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taken into account in future researches too.
Not only in the subcooled ow boiling region, but also in the saturated
ow boiling one, special cares are required when the pressure drop is calculated.
Although a wide review of the two-phase multiplier

φl

has been developed along

the thesis, as one of the major dierences compared to the single-phase studies,
depending on the ow conguration the friction losses could not be necessarily
the dominant ones. This is the case for vertical upwards congurations, where
the friction losses (φl ) can be negligible compared to the gravitational term. In
such cases, to determine properly the void fraction
volume fraction
of the

φl ,

α, or its equivalent the liquid

1−α, becomes even more necessary than a proper determination

as this latter will have a limited impact on the total pressure drop.

Even more attention is required at uid pressures higher than a 30% of the
critical one. The Lockhart-Martinelli's procedure, commonly accepted for low
uid pressures, can lead to signicant errors in the determination of the twophase multiplier

φl

and the liquid volume fraction

1−α

at higher pressures.

Usual bibliography recommends the Martinelli-Nelson's approximation in such
cases. These latter authors, based on empirical data, provided in a graphical
way curves at dierent pressures for both, the two-phase multiplier
liquid volume fraction

1 − α.

φl

and the

To follow the Martinelli-Nelson's procedure con-

sists basically on selecting that curve close to the conditions under study, or to
interpolate between those curves close to them. The Lockhart-Martinelli's approach in fact represents the curve at ambient pressure in the Martinelli-Nelson's
method.
Following those recommendations the current thesis has applied the MartinelliNelson's approach to the highest working pressure considered along the thesis.
In addition, a comparison has been established for this case between both methods. This comparison has conrmed considerable dierences between them. It
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can be concluded then that also for vertical upwards ow congurations becomes advisable to use the Martinelli-Nelson's method, instead of the LockhartMartinelli's one, at relatively high uid pressures.

•

Proposed model for a single vertical tube.

A method of analysis for a single tube can be established once approximations
for both, the energy and momentum equation, have been selected in all the
regions, including the subcooled ow boiling region.
For the water heat transfer coecient

hwater

the current thesis has adopted

the Dittus-Boelter correlation for the pure liquid single-phase, the Kandlikar
correlation in the two-phase saturated ow, and the elliptical approach joining
both correlations, and avoiding discontinuities, for the subcooled ow boiling
region. It is worth to highlight again that the elliptical approximation would
have allowed to use any other well-accepted correlations for the pure liquid and
saturated regions.
For the momentum equation Fanning friction factor for pure liquid have been
selected up to saturation, covering not only the single-phase region, but also the
whole subcooled ow boiling region. In the saturated ow boiling region, the
Fanning friction factor, including the two-phase multiplier
and the liquid volume fraction

1−α

φl

determination,

are calculated following the Lockhart-

Martinelli's approach for low uid pressures, or the Martinelli-Nelson's ones at
uid pressures higher that a 30% of the critical pressure.

To point out that

to assume Fanning friction factor for pure liquid in the whole subcooled ow
boiling region, including the signicant void sub-region, is in disagreement with
most of the authors who, as said, assume similar behaviour in this sub-region
to that of saturated ow boiling region. The current thesis is in agreement with
these authors. The use of Fanning friction factor for pure liquid in the signicant
void region has been adopted for simplicity from a computational point of view
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and, in addition, it was conrmed to have a negligible impact for design and or
analysis purposes.

•

Extension to a bank of vertical tubes.

To have developed a method of analysis for a single tube brings the possibility
of extending its use to a bank of tubes where the water ows vertically upwards in all of them, being the water heated up to evaporation by an external
hot gases stream owing perpendicularly to the water (cross-ow conguration). Considering the importance of the energy optimization, and particularly
of the combined-cycle gas turbine power plant (CCGT), as practical application
a steam generator inside a heat recovery steam generator (HRSG) has been selected in chapter 5. The hot gases stream represents the exhaust gases of the
gas turbine in a CCGT to heat up the evaporator tubes inside the HRSG. To
assume forced convection for the water owing inside the tubes will lead necessarily to reduce the length of them. Between the dierent operating pressures
inside a HRSG in a power plant, the lowest one, near to ambient, has been
chosen.
The method of analysis for a bank of tubes developed in chapter 5 calculates the hot gases temperature prole at the exit of each row of tubes of the
exchanger, as a result of the heat transfer between the hot gases and water in
that row. At the same time, that hot gases temperature prole drives the heat
transfer process for the following row of tubes.

These hot gases temperature

proles can not be necessarily constant along the tubes, what constitutes the
major dierence with the single tube study. No dierences between the tubes
of the same row are considered.
The overall heat transfer coecient
mined with the equation

U

referred to the water side, is deter-

1/U = 1/hge + 1/hwater ,

where

heat transfer coecient for the external hot gases, and

hge

hwater

is the equivalent

is the heat transfer
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coecient for the water. The water heat transfer coecient

hwater

is calculated

in a similar way as it was done for the single tube study. In that study, a single
value has been assumed for the equivalent heat transfer coecient

hge

based on

empirical data. The extension to a bank of tubes requires the calculation of the
equivalent heat transfer coecient

hge

in each row of tubes. For that purpose

three assumptions have been considered in this thesis: to assume

hge

constant

along the exchanger and equal to the inlet value, named case A; to calculate a

hge

per row based on the average hot gases external temperature in that row,

named case B; and case C which calculates a

hge

prole along the tube in each

row, based on the hot gases temperature prole in that same row.
Cases B and C have shown almost identical results. It is then not justied the
increment in computational complexity related to case C. Neither considerable,
although no so negligible, are the dierences between cases B and A. It can be
concluded then that for preliminary purposes the hypothesis adopted for the
equivalent heat transfer coecient

hge

will have a limited impact.

However,

the method developed in chapter 5 carried out the study locally for each row,
obtaining the local conditions along the tubes at each length increment

4z .

This means that this method should be aimed to detailed analysis instead of
preliminary ones. In such cases, a slight increment of computational complexity
can be justied if a better reproduction of the physics of the process is obtained.
Based on it, the current thesis recommends to use for detailed studies hypotheses
similar to the one considered in case B.
In order to fulll the requirement specied for a concrete application, preliminary studies can require simply a rude estimation of the total mass vapour
ow generated. To apply the same vapour quality resulting from the single tube
analysis to all the tubes of the bank, can be one of the simplest assumptions
for these kind of studies. However, the evolution of the vapour quality at tube
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exit shows that this can be reduced considerably from the rst to the last row
of tubes of the exchanger. Simple hypothesis like assuming the same quality for
all the tubes can lead then to signicant errors. The current thesis advises to
avoid such kind of rude approximations even for preliminary purposes.

•

Comparison with the ε-NTU methods.

The last sub-sections of chapter 5 have established a comparison between the
method for the analysis of a bank of tubes developed along the thesis, and
the well-known and commonly used

ε-NTU

methods. The

ε-NTU

method has

been applied to the actual exchanger considering the same inlet conditions,
obtaining so the total amount of vapour generated and an average value for the
hot gases temperature at the exit of the exchanger.

To have obtained small

dierences between both methods, the one developed along the thesis and the

ε-NTU

method, reinforces the validity of the former. In any case, it would be

advisable as future work to demonstrate the validity of the method for concrete
industrial applications.
However, the application of the

ε-NTU methods to exchangers where phase-

change occurs can require special cares. This has not been the case for the actual
exchanger because in the considered application the water enters at subcooled
conditions, and the length of this region is negligible when compared to the
total one.

To assume then the whole exchanger at saturated conditions has

been then feasible. Such simplication would have not been possible in those
exchangers where the subcooled ow boiling region length were not negligible
compared to the total one.

It is even more dicult to apply that kind of

simplications in those cases where, in addition, the water can exist also as
pure liquid. To apply the

ε-NTU

methods in these cases will require means to

determine what part of the exchanger is pure liquid, and what others are at
subcooled or saturated conditions. If it is not possible to provide these means
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ε-NTU methods could not

be applied. The method developed along this thesis overcomes these diculties
because is able to determine dynamically the region of the water, and to select
the applicable heat transfer coecient according to it.
In addition, the

ε-NTU

method just as has been applied to the actual ex-

changer would be valid only for preliminary purposes.

This approach is not

enough when more detailed information is required: the hottest wall tube temperature in order to conrm the validity of the material; where the highest
temperature gradient is placed in order to develop careful stress analyses, etc.
Methods for detailed purposes like, as said, the one developed in chapter 5
become then necessary.
Even for detailed purposes some authors propose to use the

ε-NTU methods

themselves what, as said, can be not always possible for exchangers experiencing phase-change inside them.

To proceed so requires to divide the heat

exchanger into mini-exchangers. The exchanger is divided in its rows, or even
the rows are divided in several parts, and the
those mini-modules.

ε-NTU

methods are applied on

The major problems related to these approaches is that

a correct initialization of the variables is required.

The exit temperatures of

some mini-modules will be the inlet ones for others and to assume initial values
and iterate on them is necessary. To get convergence requires, as said, correct
initialization. The method developed in this thesis avoids those diculties. In
addition, the tube length increments considered in this method would have lead
to an equivalent number of mini-modules for

ε-NTU

methods computationally

unfeasible.
Most of the conclusions above explained are shared by some authors who
have investigated recently about this topic.

These authors have proposed for

exchangers where phase-change occurs mathematical models quite similar to the
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one developed along this thesis. To conclude that the model developed along
this thesis is inside of the current state of the art is then possible.
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Appendix A

Elliptical Correlation
The slope of the convection heat transfer coecient at

zsat ,

on the two-phase

dhls
dz zsat can be determined as follows. It can be written:



side,



dhls
dz




=

zsat

dhls
dx




x=0

dx
dz


z=zsat

The second factor on the right hand side can be obtained by means of the energy
equation in the two-phase region:

ṁ · hlv · dx = [πDU · (Tg − Tsat ) − ṁ · g] · dz
The rst factor on the right hand side is derived from the Kandlikar correlation
for Co
that

≥ 0.65.

Substituting the expressions for Co and Bo numbers and provided

q = U · (Tg − Tsat ):

hls
=
hl

(


0.6683

1−x
x

−0.16 

ρv
ρl

−0.1
+ 1058.0 (G · ilv )

Dierentiating:
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−0.7

h

0.7

U · (Tg − Tsat )

)
i
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d

hls
hl
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= 0.6683

ρv
ρl

−0.1 

−0.16 (1 − x)

−1.16


x−0.84 dx+
−0.7

1058.0 (G · ilv )

So when

x→0

it results that

dhls
dx x=0



→ 0.

(Tg − Tsat ) dU

That is, the two-phase model

proposed by Kandlikar starts with innite slope at quality zero (x= 0), i.e., it
approaches

zsat

with innite slope.
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NOMECLATURE

Appendix B

Nomeclature
A

2

cross-sectional area of the water tubes (m )

2

Ac

exchanger minimum free-ow area on the gases side (m )

Af

inner wetted surface area, water side (m )

2

2

Af in

n area (m )

Af r

exchanger total frontal area on the gases side (m )

2

2

Ag

outer wetted surface area, gases side (m )

Atr

exchanger total heat transfer area on one side (m )

Bo

boiling number,

CHF

critical heat ux

CCGT

C

2

q/ (G · ilv )

combined cycle gas turbine

heat capacity rate

(W/o C),

C

= ṁ · cp
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NOMECLATURE

cpl

specic heat of pure liquid (J/(kg K))

cpg

specic heat of hot gases (J/(kg K))

Co

convection number,

Dh

hydraulic diameter,


1−x 0.8
x

4rh



ρv
ρl

0.5

(mm)

d

distance between rows (mm)

E

enhanced factor of the forced-convective eect

f

Fanning-friction factor

FDB

fully developed boiling

Fr

Froude number,

G2
ρ2 gD

2

g

acceleration of gravity (m/s )

G

water mass ux (kg/ m s )

Gg

gases mass ux (kg/ m s )

hl

2



2



2



heat transfer coecient of the water inside the tube (W/ m K )

hlv

specic enthalpy of vaporization (J/kg),

hlv = ilv

hg

heat transfer coecient of the hot gases stream (W/ m K )

hge

equivalent heat transfer coecient of the hot gases stream (W/ m K )

2



2
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H
HRSG

i
ilv

NOMECLATURE

tubes height (m)

heat recovery steam generator

specic enthalpy (J/kg)

specic enthalpy of vaporization (J/kg)

k

thermal conductivity (W/(m K))

L

ow length of the heat exchanger (m)

ṁ

water total mass ow rate (kg/s)

ṁg

total mass ow rate of the hot stream gases (kg/s)

ṁv

total mass ow rate of vapour (kg/s)

N1

number of columns

N2

number of rows

Nu

Nusselt number,

h · Dh /k

NVG

net vapour generation

ONB

onset of nucleate boiling

OSV

onset of signicant void

Pe

Peclet number,

(ṁ · cp · Dh ) /k
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Pr
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NOMECLATURE

Prandtl number,

µ · cp /k

p

pressure (kPa)

pr

reduced pressure (p/pcritical )

Q

heat duty (W)

q

heat ux (W/m )

Re

Reynolds number,

rf

inner water tube radius (m)

rg

outer water tube radius (m)

Rp

surface roughness (µm)

2

G · Dh /µ

s

frontal distance between tubes (mm)

S

suppression factor of the nucleate boiling eect

St

Stanton number,

Tb

bulk temperature of water ( C)

Tc

cold-uid-side temperature ( C)

Tg

temperature of hot gases stream ( C)

Th

hot-uid-side temperature ( C)

h/G · cp

o

o

o

o

APPENDIX B.

Tl

Tsat

o

liquid temperature of water ( C)

o

saturation temperature ( C)

4Tsat

wall superheating

4Tsub

liquid subcooling

Tw
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NOMECLATURE

Tw − Tsat

Tsat − Tb

o

( C)

o

( C)

o

wall temperature ( C)

u

velocity (m/s)

U

overall heat transfer coecient (W/ m K )

W

width of the heat exchanger (m)

2



x

vapour quality (non-dimensional) or axial coordinate (m)

y

transversal coordinate (m)

z

vertical coordinate (m)
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NOMECLATURE

Greek symbols
φl,v

two-phase multipliers to calculate the frictional pressure losses

σ

free-ow to frontal area,

µ

viscosity (kg/(m s))

η

n eciency, non-dimensional

ηog

Ac /Af r

(non-dimensional) or surface tension (N/m)

extended n surface eciency, non-dimensional

3

ρ

density (kg/m )

υ

specic volume (m /kg)

3
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NOMECLATURE

Subscripts
b

bulk uid

c

cold uid

f

uid

fc

forced-convection

g

hot external gases

h

hot uid

i, in

inlet conditions

m

mean conditions

l

liquid

lo

all ow as liquid

nb

nucleate boiling

o

outlet conditions

sat

saturation

sub

subcooling

tp

two-phase
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NOMECLATURE

tt

turbulent-turbulent (Martinelli parameter)

v

vapour

w

wall

z

location

1,2

inlet and outlet sides of the exchanger
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